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Abstract

Power-to-liquid (PtL) technologies will be an integral part of the energy transition, allowing
CO2 to be reused as a resource and thus avoiding the further use of fossil fuels. Notably,
the cement industry currently employs limestone as a raw material, which in turn leads
to the emission of process-related CO2 during decarbonization in the clinker production
process. This study investigates the utilization of CO2 and its catalytic conversion into
valuable polyolefins through the identification of suitable process routes (Fischer-Tropsch and
methanol synthesis). The techo-economic assessment reveals that the PtL process utilizing
the reverse water-gas shift (rWGS) reaction for synthesis gas production, the Fischer-Tropsch
synthesis, and a steam cracker technology for producing lower olefins is the most cost-effective
and technically feasible process, yielding in costs of 14.92 € kg-1 product. A sensitivity analysis
indicates the enormous reliance, particularly on electricity and chemical process investment,
as well as significant expenses associated with future electrolysis cell manufacturing costs.

The rWGS reaction, which is still in the early stages of technological development, is necessary
for the production of synthesis gas demanded as feed gas for the Fischer-Tropsch reactor. The
present study compares the simulated and experimental results of the conversion of CO2 with
hydrogen via rWGS, utilizing a Ni/Al2O3 catalyst, two perovskite catalysts, and the support
material Al2O3 in an experimental test rig. The Ni/Al2O3 catalyst generates a considerable
amount of methane under low temperatures (< 750 °C) and ambient pressure, and this is
heightened by elevating the pressure (reaching up to 28.3 vol.-% CH4 at 550 °C and 8 bara).
The perovskite catalysts indicate low methane formation from 550 °C on, and this further
increases to a maximum of 2.7 vol.-% CH4 in the product gas at the same temperature and a
pressure of 8 bara.

In the concluding section of this work, the use of perovskite catalysts in the PtL process
chains is investigated, specifically in Fischer-Tropsch synthesis incl. product separation and
the rWGS reactor as pre-conversion unit. A comparison of the performance of perovskite
catalysts with Ni/Al2O3 catalysts is executed based on ASPEN simulations. Depending
on the technical evaluation of liquid product quantity, PtL efficiency, carbon efficiency, and
carbon deposition, the use of a perovskite catalyst is superior to the Ni/Al2O3 catalyst in
all key figures. However, an additional reforming step of the recycled gas streams from the
Fischer-Tropsch reactor and an additional CO2 and H2 separation unit is required.
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Chapter 1

Introduction

1.1 Motivation

In the course of this research study, the importance of developing and researching climate-
neutral technologies for the production of sustainable products (e.g. polyolefins, fuels)
was highlighted. Global warming is causing natural disasters scattered all over the world
with increasing frequency and intensity of floodings, droughts, wildfires or storms [1]. The
greenhouse gas emissions increased from annually emitted 22 to over 34 billion tons (CO2
equivalent) within the last 30 years, which also leads to a global temperature increase [2].
To counteract this trend and take action, 196 parties signed the Paris Agreement in 2015,
in which they committed to limit the global temperature increase to a maximum of 2 °C
compared to the pre-industrial level in the year of 1990. The parties also agreed on a more
ambitious target, to not exceed a temperature increase of 1.5 °C. Nowadays, a level of 1.1 °C is
already reached, and the appropriate reduction scenario would demand a peak of greenhouse
gas emissions in 2025 to accomplish the target of 1.5 °C [3], [4].

Austria’s national intention is to achieve climate neutrality until 2040, which is a tough
ambition as current greenhouse gas emissions measure up to about 80 million tons (CO2
equivalent). This is equal to 0.1 % of the worldwide emissions. The national emissions in 2021
can be divided into the sections energy and industry (37.0 wt.-% of ETS (emission trading
system) certified and 7.4 wt.-% of non-certified emissions), traffic (27.8 wt.-%), buildings
and construction industry (11.7 wt.-%), agriculture (10.6 wt.-%) and the rest accounted to
waste management and fluorinated gases. As it is reported in “Austria’s National Inventory
Report 2022”, the major emissions stem from the energy and industry section, with a total of
44.7 wt.-% [5]. This specific section can be further divided into the industry section, whereas
the steel (9,393 kt CO2 or 12.8 wt.-% of total emissions in 2020) and cement production
(1,821 kt CO2 or 2.5 wt.-% of total greenhouse gas emissions in 2020) count for the two
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Chapter 1 Introduction

significant emitters. As a part of emission reduction, production processes must be adapted
to achieve low emission manufacturing. This idea can be incorporated in the iron production
industry, as the traditional and conventional route with coke operated blast furnaces is
replaced by a new technology to reduce iron ore, for instance with hydrogen or by molten
oxide electrolysis. These technologies are partially available and there is a strategy to replace
these blast furnaces in Austria by innovative technology in the near future [6]. In contrast
to the steel industry, where the CO2 emissions are merely technology related, the cement
industry is faced with the problem, that around two thirds of the CO2 emissions stem from the
calcination of the limestone. These emissions are also designated as process-related emissions
[7]. Hence, new technologies must be developed and implemented in the existing process to get
rid of those unavoidable CO2 emissions. So-called carbon capture and utilization plants could
provide a solution, where, on the one hand, CO2 is extracted from an exhaust gas stream (e.g.,
from a cement plant) to reduce the CO2 emissions into the atmosphere. On the other hand,
CO2 could be concentrated and converted to valuable products in downstream processes.
Circular economy is nowadays in everybody’s mind and should play an important role in
reducing the demand for fossil resources (e.g., for chemical, fuel or polyolefin production).
The “Austrian Association of Cement Industry” revealed a roadmap for the cement industry
to reduce CO2 emissions, where the major contribution with a reduction potential of 44 % is
attributed to the “Carbon Capture and Utilization and/or Storage (CCU/S)” section [8].

Carbon capture and utilization plants are developed to produce valuable products out of
CO2 and hydrogen. There are several power-to-liquid (PtL) studies, which deal with the
production of methanol or electrified fuels (e-fuels), whereas the optimization towards high
kerosene or jet fuel yields is mainly addressed in recent publications [9]–[15]. König conducted
a study for jet fuel production, in which in a first step, synthesis gas (syngas, a mixture of
carbon monoxide and hydrogen) is produced out of CO2 and H2 in a reverse water-gas shift
(rWGS) reactor. The rWGS reactor operates at temperatures of 900 °C and 25 bara. This
process step is mandatory, as the conventional downstream Fischer-Tropsch (FT) synthesis
demands syngas as feedstock. A product separation unit contains a couple of flash drums,
to separate the Fischer-Tropsch product (syncrude) into the desired boiling cuts. The
wax fraction is subjected to a further process step, where the hydrocracking of long chain
hydrocarbons increases the desired jet fuel yield [13]. Adelung et al. also simulated a PtL
process, with the aim to produce jet fuel as the main product. They also included an rWGS
reactor and a Fischer-Tropsch synthesis, to produce the syncrude for the jet fuel carbon
range. The study reveals optimal operation conditions for the rWGS (825 °C and 5 bara) to
obtain high process efficiencies [16]. In both studies, the rWGS reactor is implemented as an
equilibrium reactor which considers all input species (e.g., CO2, H2, CH4 in case of a recycle
stream) and calculates the output composition according to the principle of minimizing the
Gibbs free enthalpy for a specified temperature and pressure. Validation is pending for this
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Chapter 1 Introduction

assumption.

Apart from the PtL processes to produce alternative fuels, there are comparatively few studies
on the production of polyolefins, with CO2 as a feedstock [17]. The process route for polyolefin
production can, on the one hand include a Fischer-Tropsch syncrude as intermediate, which
is further converted in a steam or hydrocracker to lower olefins, or on the other hand consider
a methanol production process with a downstream methanol-to-propylene (MtP) plant [18].
Here again, the Fischer-Tropsch synthesis requires the rWGS reactor for syngas production,
but the methanol synthesis can be used with or without this pre-conversion unit [19]. In
the study of Ghosh et al., the rWGS reactor is simulated as an equilibrium reactor at a
temperature of 500 °C and around 11 bara, with conversion yields according to Joo et al. [19],
[20]. The downstream processes to lower olefins or polyolefins are not conducted in their
studies.

The “Carbon to Product Austria (C2PAT)” project investigates various PtL process routes
and pursues the conversion of the CO2 emissions of an existing cement plant into polyolefins.
C2PAT is founded of Austrian’s leading companies in the field of cement production (Hol-
cim Ltd.), electricity generation (Verbund AG) and chemicals production (OMV AG and
Borealis AG). The CO2 emissions shall be captured and used for the production of polyolefins
to close the carbon circle and serve as a flagship project for the circular economy [21]. It is
worth mentioning here, that, although Austria can contribute only a small part to the global
emission reduction, the research and development of carbon capture and utilization projects
could bring national economic benefits, also in terms of knowledge advantage.

1.2 Objectives of this study

The cement industry is a sector, which emits hard to abate and process-related CO2. The
use of this emitted species as a carbon source in the chemical industry to produce valuable
products would favor greenhouse gas reduction and reduce consumption of fossil resources.
The objective of this work is divided into three sections: a theoretical work of comparing
different power-to-liquid processes to produce polyolefins out of CO2, an experimental study
of the rWGS reaction to validate the product gas composition for specific temperature,
pressure and specific gas velocity ranges, as well as the influence of various commercial
and development stage catalyst materials. The final part is the processing of the results
obtained in the overall process simulations and the proposal of the best process route from a
techno-economic point of view.
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Chapter 1 Introduction

In the first part of the study, the potential for carbon capture and utilization processes and
technologies should be identified, which are suitable for the integration in a cement factory and
which are able to deal with the exhaust gas compounds from the clinker production process.
The previously mentioned process units, such as the rWGS reactor, the Fischer-Tropsch or
methanol synthesis should be defined and considered as conversion processes. As hydrogen is
required for these PtL processes, various electrolysis’ technologies (low and high temperature
facilities) should also be taken into account. The processes should be mapped in a flow sheet
simulation using the software ASPEN Plus V12.1 [22] to obtain the respective mass and
energy balances. Key performance indicators (KPIs), such as the power-to-liquid efficiency,
carbon efficiency and economic considerations like net production costs are defined, in order
to obtain a meaningful and reasonable comparison of the process routes. The conclusion of
this chapter should consist of a definition of the most appropriate technologies used for an
optimal PtL process route, considering all techo-economic aspects.

The second part of the study includes the experimental work on the reverse water-gas shift
reaction. As the rWGS reaction is mostly implemented as an equilibrium reactor in the
flow sheet simulations, this study is intended to provide additional insight into the practical
implementation of an rWGS reactor. Therefore, the endothermic reaction should be examined
in a laboratory scale reactor and the design of the test rig should be elaborated within this
study. The impact of the operation conditions, such as variation of temperature, pressure, or
the gas hourly space velocity (GHSV) and the impact of various catalyst materials (especially
nickel and perovskite-based materials) on the product composition should be investigated
and discussed. These experimental results should validate the theoretical assumption of the
implementation of a Gibbs reactor as rWGS unit in the flow sheet simulations.

Finally, the findings from the experimental perovskite catalyst are transferred to an ASPEN
Plus simulation. In the flow sheet simulations, the impact of the implementation of the
perovskite catalyst instead of a nickel-based catalyst needs to be addressed and a comparison of
various possible process setups should be executed to obtain the advantages and disadvantage
of implementing the newly investigated perovskite catalyst. The comparison of process
indicators (product quantity, PtL, carbon efficiency and carbon decomposition) is intended
to provide an initial indication of whether the integration of perovskite catalysts is viable for
future PtL investigations and whether further development of perovskite catalysts should be
pursued.

Summarizing the previous tasks, the following essential research questions are defined:

1. How should a PtL process for the production of polyolefins from cement plant off-gas
be designed in order to obtain an optimal, efficient and cost-effective plant from a
techno-economic point of view?
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2. The hypothesis of implementing a Gibbs reactor in the flow sheet simulations must
be confirmed by experimental tests. Is this assumption validated by the experimental
investigation of nickel- and perovskite-based materials?

3. Which influence has the perovskite catalyst compared to the nickel-based catalyst on
the KPIs, in particular on the efficiencies in the overall process, and is it worthwhile to
conduct further research in the field of perovskite catalyst materials?

1.3 Structure of this thesis

The first part of the study involves a theoretical analysis and techno-economic evaluation
of power-to-liquid processes for polyolefin production, in detail described in chapter 2. The
fundamental parameters for the operation conditions (e.g., temperature, pressure) for the
main process units, especially the rWGS reactor, are elaborated and a detailed analysis
of the entire process chains is conducted in ASPEN Plus V12.1 [22]. Different rWGS and
electrolysis operation strategies, as well as various recycle combinations are considered in
the technological evaluation, to achieve high desired product yields regarding syncrude and
downstream lower olefins. The PtL, global and carbon efficiencies are defined for a reasonable
comparison, where all energy (electrical, thermal and product energy) streams are considered.
The assessment of the techno-economic analysis is summarized at the end of this chapter.

In chapter 3, the experimental tests of the reverse water-gas shift reaction are explained.
Starting with the structure and the flow sheet development of the test rig, this chapter also
deals with the design of the experiments, the execution of the tests and the evaluation and
analysis of the results. The main influencing parameters on the conversion yields in the
rWGS reaction are evaluated, based on the operating temperature, pressure and GHSV, as
well as the catalyst material used. In the summary of this chapter, the operating window
(e.g., reliance on temperature and pressure) of the rWGS reaction is given to validate the
operating conditions and the implementation of a Gibbs reactor supposed in the theoretical
study.

In chapter 4, the experimental results from chapter 3 are implemented in an ASPEN Plus
simulation, where a process route development of a Fischer-Tropsch synthesis with a rWGS
reactor is executed and the process parameters (product quantity, PtL and carbon efficiency)
with the integration of a perovskite catalyst in the rWGS reactor are compared with the
previously investigated Ni/Al2O3 catalyst in chapter 2. Finally, this chapter shows whether
the perovskite catalyst in Fischer-Tropsch PtL process chains has advantages over using a
Ni/Al2O3 catalyst.
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The cumulative thesis merges the results of the theoretical and experimental studies in the
conclusion chapter 5. An outlook on further investigation in the field of CCU flow sheet
simulations and the experimental tests of the rWGS reaction is also given in chapter 6. The
publications on which this work is based on are appended to the conclusion and outlook
chapters. The most relevant publications, including conference papers and peer-reviewed
articles, are listed in Table 1.1. The publications and dissemination additionally executed
during this work are presented in chapter 7.

Table 1.1: List of conference papers and the peer-reviewed manuscripts refereed to in this
study

Publication
number Title Journal or conference Citation

Publication 1

Evaluation of process struc-
tures and reactor technolo-
gies of an integrated power-
to-liquid plant at a cement
factory

Peer-reviewed journal
Published in Journal of

CO2 Utilization
[23]

Publication 2

Comparison and techno-
economic evaluation of
process routes for lower
olefin production via Fis-
cher–Tropsch and methanol
synthesis

Peer-reviewed journal
Published in International
Journal of Greenhouse Gas

Control

[24]

Publication 3
Impact of the Operation
Conditions on the Reverse-
Water-Gas Shift Reaction

Conference paper
EURECA Pro 2022 [25]

Publication 4
Process intensification of
the rWGS reaction by
perovskite-based catalyst

Submitted for review
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Chapter 2

Techno-economic assessment of the
power-to-liquid processes

In the first stage of each project realization, a feasibility study is conducted to get an idea
of a process structure and to define the most appropriate process design according to key
performance indicators from a technical (e.g., power-to-liquid efficiencies, product quantities)
and economical perspective (e.g., investment and operating costs or net production costs). In
this study, a carbon capture and utilization plant is designed at a pilot scale, which should
capture 10,000 tons of CO2 annually from the waste gas of a cement plant. The highly
concentrated CO2 should be further converted into a liquid intermediate product (such as
methanol or syncrude), which can then be processed downstream into chemicals serving as
feedstock for polyolefin production.

2.1 Overview of possible process routes for polyolefin
production

The possible process routes are depicted in the following Figure 2.1 [24]. Carbon dioxide is
in all process routes captured from the cement plant (1) with an amine scrubber unit (2).
Hydrogen is produced via a low (5) or high (4) temperature water electrolysis, which is fed
with purified water (3) and powered by green electricity (3) from the grid. The production of
polyolefins can be performed via the intermediate methanol synthesis, where a distinction is
made between direct hydrogenation of CO2 (8) and the conventional methanol synthesis (9),
the latter utilizes syngas. Syngas is produced by feeding an rWGS reactor (6) with hydrogen
and CO2 or directly from water and CO2 in a solid oxide electrolysis (Co-SOEC, 7). The Co-
SOEC is an electrolysis setup which combines the hydrogen production and rWGS reaction to
produce directly syngas. This technology does not follow the heterogeneous catalysis approach
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Chapter 2 Techno-economic assessment of the power-to-liquid processes

Figure 2.1: Block flow diagram of possible CO2 conversion routes to produce polyolefins

and is therefore not in the scope of this study. Methanol as intermediate product is converted
in either a methanol-to-propylene (MtP, 10) or methanol-to-olefin (MtO, 11) unit to the
desired lower olefin feedstock for polymerization process (14). The second possible technology
is the Fischer-Tropsch synthesis (12), which is also operated with syngas, supplied from (6)
and (7). The Fischer-Tropsch product, also called syncrude (consisting of liquid, mostly
paraffinic hydrocarbons at atmospheric pressure) is then converted in a steam cracker (13) to
mainly lower olefins which are again a feedstock for the polymerization unit (14).

As the plant is designed in pilot scale on the site of a cement factory and close to a refinery, all
existing facilities should be taken into account to be able to deduce whether the investment or
operating costs can be reduced, or synergy effects can be used (e.g. steam generation, cooling
facilities). Figure 2.2 shows the possible process routes which are considered in this study
[24]. The various colors describe the existing (blue) or new planned infrastructure or utilities
(green). Within the scope of this study is the CO2 separation unit, the electrolysis and the
conversion of CO2 to lower olefins. The amine scrubber unit is designed once, as the CO2
capture quantity is fixed with 10,000 tons per year. Process route 1 describes the pathway
through Fischer-Tropsch synthesis with pre-conversion of CO2 and H2 in a rWGS reactor to
syngas and a subsequent steam cracker. A distinction is made in the steam cracker utility,
as it is firstly assumed as a new facility located at the site of the cement plant, but also as
existing infrastructure in the refinery. The impact of synergies on the economic assessment
(e.g., additional investment costs) between existing and new facilities should be addressed
here.

Process route 2 involves conventional methanol synthesis operated with synthesis gas. There-
fore, synthesis gas is produced from CO2 and H2 in the first step, which is used as feed
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Figure 2.2: Block flow diagram of possible carbon capture and utilization process routes to
produce lower olefins as feedstock for the polyolefin production [24]

gas for methanol synthesis. Process route 3 differs in the execution of methanol synthesis.
There are suggestions to directly convert CO2 with hydrogen in the synthesis [17]. This
assumption is followed in this process route. The produced methanol is then fed into a
methanol-to-propylene (MtP) plant in both process routes to obtain the lower olefin fraction,
mainly consisting of propylene.

2.2 Fundamental design of the flow sheet simulation

In the following section, the design of the flow sheet simulation is described. Reference is
made to the detailed description of the process simulation in the publications 1, 2 and 3. The
simulation was improved with every publication to achieve reasonable comparisons of the
various process routes. The most important assumptions regarding operating conditions and
process operation that were made are mentioned and explained again in these sections.

For a suitable technical analysis, key performance indicators (KPIs) are defined to ob-
tain meaningful key figures for the process comparison. The power-to-liquid efficiency
(ηPtL – Equation 2.1), the global efficiency (ηglobal – Equation 2.2), the carbon efficiency
(ηcarbon – Equation 2.3) and the specific energy consumption (SEC – Equation 2.4) are de-
fined as comparable KPIs.
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Chapter 2 Techno-economic assessment of the power-to-liquid processes

The PtL efficiency (ηPtL) is defined in Equation 2.1 as the quotient of the product energy
content (multiplication of the mass flow mi in kg h-1 with the lower heating value LHVi in
kWh kg-1 of the component i) and the required electrical energy for the electrolysis (Pel in
kW) and the utilities (Pu in kW, e.g., compressors, pumps).

ηPtL =
∑︁ ṁi ∗ LHVi

Pel + Pu
(2.1)

The global efficiency (ηglobal) considers also the steam generation (Q̇heat in kW and as
negative value) and consumption (Q̇heat in kW and as positive value) beside the electricity
demand and is calculated according to Equation 2.2.

ηglobal =
∑︁ ṁi ∗ LHVi

Pel + Pu + Q̇heat
(2.2)

The carbon efficiency (ηcarbon) is given in Equation 2.3 and describes the carbon yield in
terms of the ratio of each product carbon atom stream i (Q̇i,product in kmol h-1) to the carbon
atoms in the feed stream (ṅfeed in kmol h-1).

ηcarbon =
∑︁ ṅi,product

ṅfeed
(2.3)

The specific energy consumption (SEC in kWh kg-1) is calculated by Equation 2.4 and divides
the total electrical energy input by the product mass flows.

SEC = Pel + Pu∑︁ ṁi
(2.4)

Heat integration in all described processes is carried out using ASPEN Energy Analyzer
V12.1. The process flows are specified in a pinch diagram and the demand for utility flows (e.g.
cooling water, heat demand or generation in the form of steam) is calculated. Furthermore,
reactor cooling or heating facilities (exothermic or endothermic cooling or heating quantities)
are also considered here.

2.2.1 CO2 separation unit

The exhaust gas of the cement plant consists of 14 vol.-% CO2, 64 vol.-% N2, 12 vol.-%
H2O and 10 vol.-% O2 [7]. There are several options for carbon capture technologies. In
this study, an amine scrubber unit is selected. On the one hand, the chemical absorption
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process deals well with low CO2 concentrations in the exhaust gas, which is unsuitable for
the application of a physical absorption [26]. On the other hand, the high energy demand
for solvent regeneration is a major disadvantage, as it demands additional energy in the
range between 3.8 and 5.4 MJ kg–1

CO2
for the applied monoethanolamin (MEA) solvent [27].

Nevertheless, the optimal carbon capture technology varies related to the off-gas composition
(it is also compulsory to consider impurities, e.g., H2S, SO2, NOx) and needs to be clarified
in a separate feasibility study. In general, impurities lead to an advanced degradation of
the amine solvent. Therefore, pre-condition units should be implemented to avoid these
degradation processes [28], [29]. The selected amine scrubber unit fits for the aforementioned
exhaust gas stream and is implemented in this study due to its high technological readiness
level (TRL 9) [30].

The principle of the amine scrubber unit is depicted in Figure 2.3. The exhaust gas of the
cement plant is supplied at atmospheric pressure and a temperature of about 100 °C. It is
compressed slightly higher than atmospheric pressure with a blower, to generate a gas stream
flow through the pre-conditioner unit. Herein, the gas stream is cooled to a temperature
level of about 40 °C. An aqueous NaOH solution sprinkles from the top of the column in
countercurrent flow to the gas to achieve high separation yields of undesired dust particles,
achieve the desired temperature decrease and also reduce traces of impurities such as SO2.
Behind the conditioner unit, the gas is contacted with the lean amine solution in the absorber
tower. CO2 dissolves in the solution, whereas the other components exit the column at the
top. The loaded amine solution is extracted from the bottom of the absorber column, heated
to approx. 100 °C and fed to the stripper or desorber tower. A reboiler provides the required
energy in the desorber of about 3.8 MJ kg–1

CO2
. Because of the increased temperature, CO2

is endothermically released from the amine solvent and is provided as a highly concentrated
gas at the top of the desorber column. The purity of CO2 in the dry gas stream is 99.9 wt.-%
[24].

2.2.2 Water electrolysis unit

In the process routes shown in Figure 2.2, hydrogen is the second reactant beside CO2.
The water electrolysis is the most common route for green hydrogen production nowadays.
Green energy sources demand a CO2 neutral energy mix, whereas the electricity needs to
be produced entirely by renewables (e.g., wind turbines, solar parks). The use of hydrogen
produced from fossil fuels, e.g. the electricity is generated by coal or gas, or CO2 releases
during steam reforming, would contradict the purpose of a CCU system [31]. In this study,
water electrolysis is used for the production of hydrogen and the by-product oxygen. Oxygen
is not considered in the process, but further investigations can analyze whether it can be
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Figure 2.3: Flow sheet of the amine scrubber unit to capture 10,000 tons of CO2 per year

used for the oxyfuel process in the cement plant. The reaction is strongly endothermic
(see Equation 2.5), which leads to a high energy consumption for the production of the
hydrogen.

H2O(l) −−→ H2(g) + 0.5 O2(g) ∆H298K
r = 286 kJ mol–1 (2.5)

A distinction of the technology is made into the low (alkali electrolysis - AEL and proton
exchange electrolysis - PEM) and the high temperature electrolysis (solid oxide electrolysis -
SOEC). The main differences are the feed phase, the specific energy consumption, operating
temperature and pressure. Trattner et al. summarized the main properties of each electrolysis
as shown in Table 2.1 [32].

Table 2.1: Technical specifications of the alkali electrolysis (AEL), the proton exchange
electrolysis (PEM) and solid oxide electrolysis (SOEC) [32]

Electrolysis Unit AEL PEM SOEC
System efficiency % < 65 < 65 < 82
Operating temperature °C 60 - 95 50 - 80 700 - 1,000
Operating pressure bar atm. - 32 atm. - 40 1 - 3
System size MW < 100 < 100 < 0.15
CAPEX costs € kW-1 500 - 1,200 1,000 - 1,800 1,200 - 2,000

For the low temperature technique, the PEM electrolysis is preferred against the AEL, due to
the high dynamic operation mode and ultrapure hydrogen quality. The coupling of hydrogen
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as energy storage with the unpredictably fluctuating availability of renewable energy sources
thus become feasible [32]. The cooling of the PEM electrolysis with 17 % of the electrical
energy demand represents a disadvantage and energy loss of this technology [33]. In contrast,
SOEC is used in high-temperature technology. Since this technology uses steam as the input
stream, it is particularly advantageous for endothermic downstream processes and results in
correspondingly lower specific energy consumption. The disadvantage of this technology lies
in its operation at very high temperatures of 700 - 1,000 °C, which compromises flexibility
and stack lifetime, especially at startup [9], [32]. Trattner et al. also state that the total
electrolysis capacity of 0.15 MW is very small, and the investment costs are correspondingly
high [32]. However, further development of this technology could potentially drive the cost
attractiveness of SOEC [9]. The simulation of the electrolysis is executed as a stoichiometric
reactor in ASPEN Plus with operation conditions according to Table 2.1. The water splitting
reaction (Equation 2.5) is considered with a conversion rate of H2O of 95 % [34]. The detailed
simulation of the process unit is described in the publications 1, 2 and 3.

2.2.3 Reverse water gas shift reaction

Before addressing synthesis technologies, a closer examination will be conducted on the
production of synthesis gas. This section is examined in greater detail, as these theoretical
considerations will also be applied in the experimental part of the study (chapter 3).

The reverse water-gas shift (rWGS) reaction is a technology employed to produce synthesis
gas from carbon dioxide and hydrogen, as allocated in Equation 2.6.

CO2 + H2 ←−→ CO + H2O ∆H298K
r = 41 kJ mol–1 (2.6)

Synthesis gas serves as a feedstock for subsequent syntheses, with a compulsory requirement in
Fischer-Tropsch synthesis. The rWGS reaction, as previously mentioned in the introduction,
has been sparsely explored, and many simulations have made invalidated assumptions [9],
[13], [16], [17]. This study also made initial assumptions, with a focus on considering the
thermodynamic equilibrium by minimizing the free Gibbs energy (Gibbs reactor).

In an rWGS reactor, CO2 and H2 are ideally converted into CO and H2O, however all
occurring side reactions must be accounted for. The Sabatier (Equation 2.7) and methanation
reaction (Equation 2.8) can either convert CO or CO2 and H2 into methane (CH4), which is
undesired or may lead to increased operational costs in subsequent processes.
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CO + 3 H2 ←−→ CH4 + H2O ∆H298K
r = –206 kJ mol–1 (2.7)

CO2 + 3 H2 ←−→ CH4 + 2 H2O ∆H298K
r = –165 kJ mol–1 (2.8)

Additionally, the H2:CO2 input ratio must be chosen correctly to prevent coke formation
in the system, with special consideration for decomposition of methane (Equation 2.9), the
Boudouard (Equation 2.10) and Bosch (Equation 2.11) reactions.

CH4 ←−→ C(s) + 2 H2 ∆H298K
r = 75 kJ mol–1 (2.9)

2 CO←−→ C(s) + CO2 ∆H298K
r = –172 kJ mol–1 (2.10)

CO2 + 2 H2 ←−→ C(s) + 2 H2O ∆H298K
r = –91 kJ mol–1 (2.11)

Thermodynamic equilibrium is examined in ASPEN Plus over a temperature range of 350 –
1,100 °C and pressures of between 1, 10, and 30 barg. The conventional components CO2, CO,
CH4, H2, H2O and carbon as solid conventional component are considered in the simulation.
The thermodynamic equilibrium composition is depicted for the three pressure levels in
Figure 2.4. A Gibbs reactor is implemented in the simulation, considering A Gibbs reactor
is implemented, which calculates the thermodynamic equilibrium by various species and
applying the principle of minimizing the Gibbs free energy. This results in the corresponding
product gas composition.

Since downstream processes are often operated with an H2:CO ratio of 2:1, the rWGS is
operated with an input ratio of H2:CO2 = 3:1, although the rWGS reaction would require
a H2:CO2 feed ratio of 1:1 according to Equation 2.6. This offers an additional advantage,
particularly, the suppression of coke formation due to the excess of hydrogen. The selectivity
is defined in Equation 2.12 for carbon monoxide S(CO) to provide insight into the conversion
of CO2 into CO and the formation of by-products during the reaction (mole flows in kmol h-1

of CO and CO2 into (ṅCO,in and ṅCO2,in), as well as out (ṅCO,out and ṅCO2,out) of the
system). The results of the Gibbs reactor represented as the product gas composition with a
H2:CO2 feed gas ratio of 3:1 is given in Figure 2.4. CO selectivity and its dependence on the
temperature and pressure is depicted in Figure 2.5.

S(CO) =
ṅCO,out – ṅCO,in

ṅCO2,in – ṅCO2,out
(2.12)
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(a)

(b)

Figure 2.4: Product gas composition of the reverse water gas shift reaction with a feed gas
ratio of H2:CO2 = 3:1 for temperatures between 300 and 1,100 °C and pressures
of a) 1 and b) 30 barg. Applied operating temperature of 950 °C is marked in
both diagrams.
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From the analysis of the thermodynamic equilibrium, it becomes evident that methane
formation is scarcely noticeable at 1 barg and temperatures exceeding 800 °C. As pressure
increases, methane formation also increases. To almost completely obtain 99.9 % CO selectivity
and suppress methane formation while approaching the pressure level of the synthesis process,
an operating temperature of 950 °C and a pressure level of 10 barg are selected as first
assumption for the rWGS Gibbs reactor in the simulations. The CO selectivity with these
conditions is 98 % and marked in Figure 2.5 as a cross (“X”).

Figure 2.5: Impact of the temperature (350 - 1,050 °C) and the pressure (1 - 30 barg) variation
on the CO selectivity for an inlet gas composition of H2:CO2 = 3:1. The cross (X)
indicates the chosen operation conditions for the simulation with a temperature
of 950 °C and pressure of 10 barg

The rWGS reaction can be conducted in a steam methane reformer, where energy is supplied
through the combustion of natural gas. A drawback of this approach is the generation of CO2
emissions due to heat provision, which needs to be addressed with innovative technologies [35].
In Publication 1, two rWGS technologies and their impact on key performance indicators
(KPIs, e.g. PtL or global efficiency, defined in section 2.2) are analyzed. The electrified
reactor, described by Wismann et al., and the autothermal reactor, described by Chiesa et
al., are selected for this comparison [35]–[37].
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In the electrified reactor, the required heat is generated using green electricity and resistance
heating within the reactor tubes [35]. Conversely, the autothermal reactor achieves energy
supply by combusting H2 and O2 at the reactor inlet, which leads to a basically higher
demand of hydrogen production [36]. It is essential to note that this combustion uses green,
carbon-neutral hydrogen to count to the CO2 neutral technology. These two reactor variants
are represented in violet (electrified) and blue (autothermal) in the accompanying diagram
(Figure 2.6).

Additionally, Publication 1 explores various gas pathways around the rWGS. Typically, the
rWGS reactor is simulated as a Gibbs reactor, where CO2 and H2 react to thermodynamic
equilibrium (Figure 2.5), resulting in some remaining CO2 in the product gas. As CO2 can
be considered inert in the downstream process (described in 2.2.4 Fischer-Tropsch synthesis),
the objective is to maximize CO2 conversion within the rWGS process. Different recycle
streams, as shown in red, are examined to assess potential CO2 conversions.

In process setup 1, the rWGS reactor is operated as a single pass unit, with the process
gas directed to the downstream process. In process setup 2, CO2 is separated from the
product stream through CO2 absorption and then reintroduced into the feed gas CO2 stream.
Process step 4 involves recycling 34 % of the product gas stream before the rWGS reactor,
necessitating an additional compressor. Process setup 3 is similar to setup 4 but utilizes the
existing CO2 compressor for recycling, whereby a pressure loss in the recycled gas flow is
accepted.

In Publication 1, the selection of the rWGS technology and recycle streams is investigated
while considering a downstream Fischer-Tropsch synthesis to calculate the relevant KPIs.
The comparable KPIs (e.g., power-to-liquid, carbon efficiency, global efficiency) are described
in detail in Publication 2. The results of the study show that process setup 1, without a
recycle stream around the rWGS reactor, is the optimal option with the highest PtL efficiency
(44.0 % compared to 43.9 %, 41.5 %, and 43.7 % for setups 2 to 4, respectively). Furthermore,
the comparison reveals that the additional hydrogen requirement for the autothermal reactor
reduces PtL efficiency from 44.0 % (PEM and process setup 1) and 53.9 % (SOEC and process
setup 1) to 41.7 % (PEM, process setup 1) and 53.5 % (SOEC and process Setup 1). This
implies that the direct conversion of electrical energy into heat offers a significant advantage
of the electrified rWGS reactor over the autothermal reactor.

Based on the findings in Publication 1, the electrified rWGS reactor technology is adopted
for all subsequent simulations.
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Figure 2.6: Possible process setups for the rWGS reaction in a single stage (process setup 1),
with downstream CO2 separation (process setup 2) or partial product gas recycle
(process setup 3 and 4, distinguished to an additional compressor in process
setup 4)

2.2.4 Fischer-Tropsch synthesis and steam cracker

In the illustration of the various process routes shown in Figure 2.2, the first process route is
the Fischer-Tropsch synthesis with a downstream steam cracker unit. The Fischer-Tropsch
synthesis is a highly advanced technology that produces synthetic crude oil from syngas in a
strongly exothermic reaction, given in the following Equation 2.13.

CO + 2 H2 −−→ –CH2– + H2O ∆H298K
r = –140to – 160 kJ mol–1

CO (2.13)

Other gases present in the gas stream, such as CO2, CH4, or N2, are considered inert and
merely increase the gas volume flow rate. Higher gas volume streams generally have a
negative impact on investment cost calculations. The chain growth probability is described
by the Anderson-Schulz-Flory distribution, which is also detailed in the publications 2 and 3
[38]. In this study, a fixed-bed reactor is employed as a low-temperature Fischer-Tropsch
synthesis with a cobalt catalyst, as it results in paraffins as the predominant component in the
product stream [39]. Typical operating conditions include temperatures around 220 °C and a
pressure of approximately 25 bar [16]. It is worth noting that the cobalt catalyst exhibits
high selectivity for methane, which deteriorates the overall process efficiency, especially the
carbon efficiency.
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Due to the highly exothermic nature of the reaction, the reactor must be designed with
a cooling facility to prevent runaways. This can be achieved through the integration of a
boiling water cooling system, which is also used for steam generation. Particularly when
coupled with high-temperature electrolysis (SOEC), this heat integration leads to significant
energy savings and can substantially enhance the overall process efficiency.

Long-chain hydrocarbons occur in the reactor as a liquid phase, which is directly withdrawn
from the reactor. In the product separation of the gas product stream, two flash drums
are utilized, containing fractions of middle distillate, naphtha, and a gas phase consisting
of short-chain hydrocarbon molecules and unreacted reactants. The fractions of naphtha,
middle distillate, and wax are subsequently converted into the main fraction of lower olefins
in a downstream steam cracker. These lower olefins serve as the feedstock for polyolefin
production. All other fractions are considered byproducts.

In the publication of Markowitsch et al. [21], a detailed analysis of the influence of recycle
streams on the Fischer-Tropsch synthesis was conducted. Additionally, the impact of assuming
a 40 % CO conversion in the Fischer-Tropsch reactor, as suggested by Adelung et al. and
König, is examined, along with the effect of increasing this parameter to 64 % (proposed by
Ostadi et al.) [14], [16], [40]. The comparison is based on PtL efficiency, chemical conversion,
product quantity, specific energy consumption, and carbon conversion. This investigation
also involves varying methane selectivity (from 16 % to 8 %) [16], [40]. The subsequent flow
sheet (Figure 2.7) illustrates the CO2 and H2 conversion process with two recycle streams,
one upstream to the Fischer-Tropsch reactor (recycle stream 1) and the other upstream to
the rWGS reactor (recycle stream 2).

The split ratio is defined in Equation 2.14, indicating the volume-based percentage of the
gas phase returned to recycle stream 1. A ratio of 2 % from the entire product gas stream is
constantly discharged as purge gas to eliminate any gas impurities and prevent the system for
impurity-accumulations (e.g., nitrogen). A split ratio of 0.98 indicates that 98 % by volume
belongs into recycle stream 1, while 2 % is deducted from the process as a purge gas stream.

Split ratio = gas flow in recycle stream 1 in m3 h–1

total gas flow from the FT synthesis in m3 h–1 (2.14)

The results of the variation in process variables and split ratios are presented in Figure 2.8.
The investigation shows that the split ratio in the range of 0 to 0.5 exerts no significant
influence on the KPIs. However, a higher split ratio leads to a drastic deterioration of the
efficiency parameters. Consequently, the possibility of operating with a complete recycle
stream through the Fischer-Tropsch synthesis (split ratio = 0.98) is excluded.
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Figure 2.7: Flow sheet of the synthesis with the applied recycle streams 1 (around Fischer-
Tropsch reactor) and 2 (upstream the rWGS reactor) and the constant purge gas
stream (2 %)

The pivotal factor lies in the accumulation of methane and CO2 within the recycle gas
stream, which is regarded as inert in the Fischer-Tropsch synthesis, contributing solely to gas
stream buildup. Given that the purge gas stream is limited to 2 %, the feed gas stream in
the Fischer-Tropsch synthesis increases significantly, causing potential carbon or hydrogen
species, particularly CH4 or CO2, to be directed into the purge gas stream. Recycling these
unconverted gases upstream the rWGS reactor results in the conversion of methane and CO2
into CO and H2, corresponding to the steam methane reforming (Equation 2.15) and rWGS
reaction (Equation 2.6), respectively.

CH4 + H2O←−→ CO + 3 H2 ∆H298K
r = 206 kJ mol–1 (2.15)

Markowitsch et al. [21] also underscores the advantages of applying catalyst with higher
CO conversions (XCO = 64 %) and lower methane selectivities (SCH4 = 8 %) for improved
PtL efficiencies and reduced specific energy consumptions. In the best-case scenario, a
Fischer-Tropsch process with a single recycle stream upstream of the rWGS reactor (recycle
stream 2) is implemented, yielding the highest efficiencies, the highest product quantity and
the lowest specific energy consumption. These findings are incorporated into all subsequent
simulations related to Fischer-Tropsch synthesis (in Publication 1 and 2).

The application of a steam cracker downstream of the Fischer-Tropsch process enables the
paraffinic syncrude to be converted into olefins. Usually, only naphtha and middle distillates
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Figure 2.8: Impact of the recycle split ratio, CO conversion and CH4 selectivity on the a)
PtL efficiency, b) the chemical conversion, c) the product quantity, d) the carbon
conversion without carbon capture unit (CC), e) the carbon conversion with CC
unit and f) the specific energy consumption
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are used for the conventional steam cracker technologies. The wax fraction needs to be
cracked into lower paraffins in a previous step (hydrocracking), before feeding them to the
steam cracker. Karaba et al. investigated the use of the entire Fischer-Tropsch product,
which is produced from renewable sources and contained naphtha, middle distillates and
waxes [41]. Their unit operates at 850 °C and moderate pressure of 4 barg. Karaba et al.
derived yield vectors for the production of the olefins from the input streams, divided into FT
lights (C5 - C11), FT middle distillate (C10 - C23) and vacuum residue (C18 - C43). Thus, the
steam cracker unit is not implemented as a reactor in ASPEN Plus. The product quantities
of the Fischer-Tropsch process are utilized in a theoretical calculation with the deployment of
yield vectors [41]. The lower olefin fraction contains ethylene, propylene, but-1-ene, i-butene
and butadiene. The energy demand to operate the steam cracker is assumed to be provided
electrically with a requirement of 15 MJ kg-1

FT-Product [42].

2.2.5 Methanol synthesis and methanol-to-propylene unit

The conventional methanol synthesis is a well-established technology that produces methanol
from synthesis gas. In contrast to the Fischer-Tropsch synthesis, the conventional and CO2
tolerant methanol reactions are given in Equation 2.16 and Equation 2.17, respectively.

CO + 2 H2 ←−→ CH3OH ∆H298K
r = –91 kJ mol–1 (2.16)

CO2 + 3 H2 ←−→ CH3OH + H2O ∆H298K
r = –49 kJ mol–1 (2.17)

To obtain the best operation conditions for the methanol synthesis, the thermodynamic
equilibrium is first investigated as shown in Figure 2.9, using a Gibbs reactor in ASPEN
Plus. It is important to note that CH4 must not be considered as a product of the reaction
or a side reaction. The catalysts used, such as Cu/ZnO/Al2O3, are designed to almost
completely inhibit CH4 formation. Minor byproducts like higher alcohols or methyl formate
may also be formed, but they constitute a small fraction (approximately 0.06 wt.-%) and
are therefore neglected in this study [43]. The analysis covers a temperature range of 120 to
300 °C for pressures of 20, 40, 60, and 80 bar. In Figure 2.9a, the thermodynamic equilibrium
for the conventional (Equation 2.16) and in Figure 2.9b for the CO2 tolerant (Equation 2.17)
methanol synthesis are provided. Based on the aforementioned considerations and the existing
literature, the reaction conditions of the methanol synthesis are selected with a temperature of
240 °C and pressure of 80 barg, to achieve high CO and CO2 yields for methanol production.

It is evident that the conversion of CO in conventional methanol synthesis is higher than in
the CO2-tolerant process, and the reaction prefers higher pressure and lower temperatures.
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(a)

(b)

Figure 2.9: Thermodynamic equilibrium and indicated operating temperature (240 °C) for a)
the conventional methanol synthesis and b) the CO2 tolerant methanol synthesis
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In this case, the reaction rate is limited by temperature, leading to kinetic limitations. The
kinetics of Bussche et al. are implemented in the next step of the simulation, which is also
necessary for an appropriate reactor sizing [44]. They created a kinetic model to calculate the
reaction rates for the rWGS (Equation 2.6) and CO2 based methanol reaction (Equation 2.17).
Typically, multitube fixed-bed reactors are used with a temperature of 240 °C, a pressure of
80 barg, tubes measuring 7 m in length, and an inner tube diameter of 0.04 m [43]. Since
the reaction is exothermic, suitable steam cooling methods are implemented in the fixed-bed
reactors to maintain the catalyst bed temperature in the range of the operating temperature
(max. +30 °C temperature peaks).

Process routes 2 and 3 (defined in Figure 2.2) only differ in the process design, not in the
reactor design. In process route 2 (Figure 2.10), the rWGS is used for synthesis gas production,
followed by methanol synthesis. The rWGS reactor is again implemented as a Gibbs reactor
at an operating temperature of 950 °C and a pressure of 10 barg. The advantage is the higher
CO conversion in the overall methanol synthesis process. Behind the methanol reactor, the
product gas is cooled to remove the condensed methanol-water fraction from the system.
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Figure 2.10: Process design of a conventional methanol synthesis with upstream syngas
production (rWGS)

Process route 3 (Figure 2.11) consists of three reactors in series, with intermediate cooling
and liquid withdrawal [45]. This changes the thermodynamic conditions in the subsequent
reactor (only the reactants are present in the feed stream). This three-stage in series process
aims to achieve productive methanol production. In both process routes, the unreacted gas,
mainly composed of CO2, CO, and H2, is recycled to achieve high efficiencies. Similar to
the Fischer-Tropsch synthesis, a purge gas stream of 2 % is introduced to prevent potential
accumulations (e.g., nitrogen impurities, traces of methane). The collected methanol-water
mixture is then separated into the methanol fraction of grade AA (< 0.1 wt.-% H2O) using a
two stage (high and low-pressure) distillation [46], [47].
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Figure 2.11: Process design of the three-stage CO2 tolerant methanol synthesis with interme-
diate cooling units

The methanol-to-propylene (MtP) unit is a commercially available technology and consists of
a pre-conversion of methanol to dimethyl ether (DME) with three downstream MtP reactors.
Hereby, two are simultaneous in operation and one is in regeneration mode, as coke formation
occurs in the conversion reactions (< 0.5 % carbon loss). The reaction product is rectified
in columns to obtain the main product propylene and the by-products ethylene, liquified
petroleum gas (LPG), gasoline and purge or fuel gas. The MtP unit is not simulated in
ASPEN Plus and the published yield vectors are incorporated in a theoretical calculation.
Due to methanol as feedstock, almost 50 wt.-% of the feed flow reacts to process water
[18]. The MtP plant requires energy in the form of steam, which is set at 11 MJ kg-1

MeOH
electrically supplied energy [42].

2.3 Investment, operating and net production cost
calculations

The investment and operating cost calculations allow a more precise comparison of the
two process routes (CO2 conversion via Fischer-Tropsch synthesis with steam cracker and
methanol synthesis with MtP unit). These costs are required as a basis for the calculation of
the net production costs (NPC) per kg of lower olefins. The comparison therefore takes into
account the total equipment costs and plant set-up costs, the utility costs and many other
factors that have an influence on the production costs. The estimation of the net production
costs is basically described in this chapter. A detailed description of the cost calculation is
given in Publication 2.
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2.3.1 Investment cost calculation

In this study, the investment cost calculation follows the approach of Peters et al. and is
related to the previously described ASPEN Plus flow sheet simulations [48]. The basis for
the investment cost calculation is the determination of the equipment costs (ECref). The
main equipment costs (such as for heat exchangers, flash drums, pumps and compressors) are
obtained by the software “ASPEN Process Economic Analyzer V12.1 (APEA)”. The more
specific equipment (e.g., rWGS, methanol or Fischer-Tropsch reactors) require the application
of literature-based values. APEA results rely on the most recent published data sources from
Q3/2019. It is therefore essential to adapt these values from 2019 to the current situation.
This can be done using the so-called “Chemical Engineering Plant Cost Index (CEPCI)”,
which is published monthly (for the current year) and annually. In this calculation, the
equipment costs (EC) for 2022 are adjusted using the following Equation 2.18. The CEPCIref
for 2019 is 607.5 and the current value CEPCIFeb,2022 for February 2022 is 801.3 [49].

EC = ECref ∗
CEPCIFeb,2022

CEPCIref
(2.18)

The fixed capital investment costs (FCI) are derived from the previously calculated equipment
costs (EC), but includes additional factors, which are listed in Table 2.2. The total direct
plant costs (D) include additional costs for installation, instrumentation and control, piping
and electrical facilities, buildings, yard improvements and service facilities. The indirect plant
costs (I) contain the engineering and supervision, construction and legal expenses. The exact
cost surcharges of each category are described in detail in Peters et al. [48].

The last section consists of contractor’s fees and contingency. In addition, the sum of the
FCI and the working capital (WC, which is used for commissioning or startup and usually
accounts 10 % of the FCI) gives the total capital investment (TCI).

The annual depreciation (ACC) is calculated for an assumed rate of interest (IR, 7 %) and a
specific plant lifetime (PL, 20 years) according to Equation 2.19.

ACC = (FCI + WC) ∗ IR ∗ (1 + IR)PL

(1 + IR)PL – 1
– WC

PL (2.19)

2.3.2 Operating cost calculation

The operating costs are made up of the operating labor costs, including their additional
factors in Table 2.3, and the utility costs [48].
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Table 2.2: Calculation of the fixed capital costs (FCI) on the basis of the equipment costs
(EC) and the additional factor surcharge according to Peters et al. [48]

Fixed Capital Costs (FCI) Factor number Basis Typical Value
Total direct plant costs (D)
Equipment installation 1 EC 0.47
Instrumentation and control 2 EC 0.36
Piping (installed) 3 EC 0.68
Electrical (installed) 4 EC 0.11
Buildings including services 5 EC 0.24
Yard improvements 6 EC 0.1
Service facilities (installed) 7 EC 0.55
Total indirect plant costs (I)
Engineering and supervision 8 EC 0.33
Construction expenses 9 EC 0.41
Legal expenses 10 EC 0.04
As a function of total direct
and indirect costs (AC)
Contractor’s fee 11 D+I 0.05
Contingency 12 D+I 0.1

The operating labor costs (OL) depend on the plant capacity, the number of process units
(nprocess,steps) and the operating time (hplant,operation in h) of the system and are calculated
from the product of the labor hours (hlabor in h) and the specific labor costs (clabor, 37 € h-1)
[10]. The operating time of the cement and CCU plant is estimated to be 7,884 h per year.
The calculation of the person labor hours is adopted from Albrecht et al. and given in
Equation 2.20 [10].

hlabor = 2.13 ∗ plant capacity0.242 ∗ nprocesssteps ∗
hplantoperation

24 (2.20)

Additional factors to the operating labor costs include the consideration of operating su-
pervision, maintenance labor, maintenance material, operating supplies, laboratory charges,
electrolysis stack replacement, insurance and taxes, plant overhead costs and administrative
costs. The listing of these factors is summarized in Table 2.3. The sum of all these positions
equals the fixed operation expenditures (FixOPEX).

The utility costs take the electricity costs (200 € MW h-1, [50]), the water costs (1.85 € m-3,
[51]) and the steam production costs (26.30 € t-1 [10]) into account. In this thesis, the values
are considered for Austria in February 2022. The total operating costs (OPEX) are composed
of the utility costs and the FixOPEX and are used for the net production cost calculation.
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Table 2.3: Additional factors for the calculation of the fixed operating expenditures
(FixOPEX) according to Peters et al. [48]

Fixed operating expenditures
FixOPEX

Factor number
Ri

Basis Typical value

Direct production costs
Operating labor [OL] 1 OL 1
Operating supervision 2 OL 0.15
Maintenance labor 3 FCI 0.02
Maintenance material 4 FCI 0.02
Operating supplies 5 MP1 0.15
Laboratory charges 6 OL 0.2
Electrolysis stack replacement 7 EC 0.77
Indirect production costs
Insurance and taxes 8 FCI 0.02
Plant overhead costs [PO] 9 TLC2 0.6
General expenses
Administrative costs 10 PO 0.25
1M = Total maintenance costs = R3 + R4
2TLC = Total labor costs = R1 + R2 + R3

2.3.3 Net production costs

The net production costs (NPC in € year-1) are referenced to the operating costs (OPEX in €
year-1) and annual depreciation (ACC in € year-1). The specific net production costs related to
either the product energy content (ṁchemical in kWh h-1) or product mass quantity (ṁquantity
in kg h-1) are calculated according to Equation 2.21 and Equation 2.22, respectively.

NPCch = ACC + OPEX
ṁchemical

(2.21)

NPCqu = ACC + OPEX
ṁquantity

(2.22)

In order to set a basis for the process scenario comparison, these specific net production costs
(NPCch and NPCqu) are calculated for the lower olefin product of each process. It is notable
that these specific NPC are calculated for specific assumptions (e.g., fixed electricity price,
fixed equipment costs). A sensitivity analysis varies various parameters (e.g., electricity price
and equipment costs between -50 % and +100 %) and provides information on which factors
have a high or low influence on the NPC. This allows to consider future scenarios and to
classify any processes as feasible or not realizable.
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2.4 Conclusion of the techno-economic comparison

In this chapter, the results of the simulation and the economic analysis regarding the
production of lower olefins out of annually 10,000 tons of CO2 from a cement plant’s exhaust
gas are discussed. The process routes consider either a Fischer-Tropsch route or methanol
synthesis with their downstream processes steam cracker or methanol-to-propylene unit,
respectively. With regard to the process comparison, it is very important that the technical
and economic aspects are well compared in every respect.

The technical assessment uses the power-to-liquid (PtL) or global efficiency to provide
information on how much electrical energy is required per product energy. High efficiencies
mean that the electrical energy requirement is low compared to the product energy content.
Furthermore, carbon conversion is essential when comparing these processes. It is crucial that
high efficiency is achieved, as any carbon from the point source should end up in the product
and not escape the process as purge gas or similar (e.g. coke formation in reactors). Carbon
should be converted as completely as possible into a resource for lower olefin production.

On the other hand, the economic analysis assesses the operational capability in terms of
investment and operating costs for the production of the lower olefins over a certain process
route. The calculated investment and operating costs are related to the product quantity to
obtain the specific net production costs (NPC). In terms of economic efficiency, these costs
must be minimized in order to achieve a cost-optimized process.

The description of the scenarios and the techno-economic results of the comparison are
recorded in detail in Publication 2 and the results of the efficiencies are summarized in
Figure 2.12. The summary of the comparison is presented again here. With regard to the
technical evaluation, the integration of a Fischer-Tropsch synthesis with high-temperature
electrolysis for hydrogen production proves itself. The highest global efficiency is achieved
with 38.2 % considering the Fischer-Tropsch process with a downstream steam cracker. The
global efficiency not only considers the electricity demand, but also the steam required
to operate the process units. The value of the efficiency of the Fischer-Tropsch route is
comparatively high compared to the methanol synthesis, where efficiencies between 26.1 and
29.2 % are achieved. This is due to the investigations regarding heat integration, whereby the
waste heat from the highly exothermic Fischer-Tropsch reaction is used to provide steam as
feed for the high-temperature electrolysis. At 3.6 kWh Nm–3

H2
, the specific energy demand of

the SOEC is approx. 23 % lower compared to the PEM electrolysis with 4.7 kWh Nm–3
H2

[32].
The carbon conversion is in the process route with Fischer-Tropsch synthesis with 71.5 %
higher than for the methanol synthesis (67.5 – 68.6 %). The carbon conversion must be lower
than 100 %, as approx. 10 % of CO2 is not captured in the amine scrubbing unit and is
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released back into the atmosphere within the exhaust gas stream. The rest of the efficiency
reduction is due to the downstream process requirements (purge gas) and the conversion into
by-products (e.g. higher hydrocarbons). It can therefore be concluded from this comparison
that the Fischer-Tropsch synthesis with steam crackers performs significantly better in terms
of global and carbon efficiency and is therefore the favorite in the technical evaluation.

Figure 2.12: Illustration of the PtL, global and carbon efficiency for the Fischer-Tropsch
and methanol synthesis, with a distinction of PEM and SOEC (Efficiency 1
neglects the downstream processes (e.g., steam cracker or MtP, whereby they
are considered in efficiency 2)

The specific net production costs are used in the economic assessment. In the Fischer-Tropsch
synthesis, a distinction is made between the construction of a new steam cracker and the
use of an existing unit in a refinery. The lowest NPCs are calculated for the Fischer-Tropsch
synthesis with an existing steam cracker at 14.92 € kg-1 product and the use of PEM
electrolysis. The results of methanol synthesis are in the range of 17.23 - 18.50 € kg-1 product.
The Fischer-Tropsch process has a clear advantage here with lower production costs of 14.92 -
15.47 € kg-1, which is about 13.4 - 19.4 % lower compared with the methanol process routes.
A sensitivity analysis is essential for the process evaluation and the results are depicted in
Figure 2.13. The electricity price and equipment costs have a significant influence on the
investment and operating costs of the electrolysis. In the future, decreasing equipment costs
of the high-temperature electrolysis will prove to be outstanding. A low electricity price will
also have a reducing effect on the NPC.
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The process comparison for the production of lower olefins from CO2, with respect to a shorter
lifetime of the electrolysis’ stacks for the SOEC and the currently lower equipment costs for
the PEM, reveals the optimum route with an amine scrubbing unit, a PEM electrolysis, a
Fischer-Tropsch synthesis with an upstream rWGS reactor and an existing steam cracker
(Scenario 3 in Publication 2).

The process routes with methanol synthesis (scenarios 5 to 8) have no advantage in the
production of polyolefins in this study, with an increase in NPC of between 14.4 and 22.9 %
compared to the base scenario 1. Decisive for the reduction in production costs is the
assumption that the investment costs for electrolysis will decrease in the future, which also
reduces the NPC by up to 17.5 % in scenario 4. Figure 2.13 shows, that NPCs of all scenarios
are reduced within the range of 82.5 to 88.9 %.

Figure 2.13: Sensitivity analysis and calculation of the normalized NPC (base scenario 1)
considering the carbon capture and utilization processes, including a distinction
of electrolysis (PEM and SOEC) and synthesis technologies (Fischer-Tropsch
and methanol) as well as the variation of the parameters of equipment costs,
electricity price and future electrolysis equipment costs

The calculations and simulations in this study assume that the rWGS reaction follows
thermodynamic equilibrium and can be integrated as a Gibbs reactor in the PtL processes.
In chapter 3, the rWGS reaction is experimentally investigated with a commercially available
Ni/Al2O3 and self-developed perovskite catalysts in a quartz glass tube reactor to determine
the validity of these assumptions for the process simulations.
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Chapter 3

Experimental investigation of the reverse
water gas shift reaction

Chapter 2 implements the rWGS reaction in the PtL flow sheet simulation as a Gibbs
reactor. This reaction is crucial for syngas production, particularly for the Fischer-Tropsch
synthesis in the investigated scenarios 1 to 4, and also in the process routes of the methanol
synthesis with rWGS as pre-conversion step in scenarios 5 and 6. The technology is still
very underdeveloped (technological readiness level – TRL 6 [15]) and is therefore not yet
used in industrial applications or large-scale plants. In order to confirm the assumptions
of the Gibbs reactor (calculating the thermodynamic equilibrium by minimizing Gibbs free
energy) as a rWGS reactor in chapter 2, the rWGS reaction is investigated experimentally in
this chapter. A basic explanation of the rWGS reactor setup is provided, followed by the
design of experiments in a quartz glass reactor to investigate the reaction on various catalyst
materials. These experiments are intended to provide information about the conversion of
CO2 into carbon monoxide and the investigation of other occurring species in the product
gas for a Ni/Al2O3 (commercial available nickel-based catalyst [52], [53]), two perovskite
catalysts and the support material Al2O3 to determine the optimum operating conditions.
Furthermore, the experimental results will be used to validate the assumption of a Gibbs
reactor in the simulations in chapter 2 as a real rWGS reactor or provide proposals how to
integrate the rWGS reactor, to obtain realistic product compositions.

3.1 Description of the experimental setup

The fundamentals of the rWGS reaction are already described in detail in subsection 2.2.3.
The reaction is endothermic, defined in Equation 2.6 and favors from a thermodynamic point
of view high temperatures and low pressures for a high CO selectivity (cf. Figure 2.4 and
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Figure 2.5). Figure 3.1 shows the P&ID diagram of the experimental test rig at the Chair of
Process Technology and Environmental Protection (Montanuniversität Leoben) to provide a
comprehensive study of the real reaction setup. The experimental plant is used to investigate
the product gas composition of the reaction of CO2 and H2 by varying the temperature in
the range from 550 to 950 °C and a pressure higher than ambient pressure, but limited to
8 bara for temperatures up to 650 °C. Higher temperatures are only allowed up to 6 bara,
restricted due the properties from the applied quartz glass reactor material.

High-purity CO2 and H2 gases are supplied from gas cylinders. These gases are controlled
by two mass flow controllers (Bronkhorst Deutschland Nord GmbH, up to 45 NL min-1 for
each gas) and fed separately into a mixer equipment, where they are mixed and fed into
a quartz glass tube reactor. The quartz glass reactor is operated in a tube furnace with a
desired temperature level, which is set and constantly controlled over a length of 550 mm. A
quartz glass reactor (Figure 3.2) is applied with a total length of 1,700 mm (commissioning
and preliminary tests in section 3.2) and 1,500 mm (catalyst comparison in section 3.3).
Both tubes have an inner diameter of 15 mm and a wall thickness of 2.5 mm. The stainless
steel flanges with a perfluoroelastomeric (FFKM) seal in a squeeze connection are used to
connect the gas pipes with the quartz glass reactor. These flanges are located outside of
the furnace at ambient temperature and this equipment allows an operation pressure of
maximum 8 bara. The product gas contains a considerable amount of water, which means
that the gas is cooled down, and the water is condensed out in a downstream condenser.
The pressure is regulated by a proportional valve (Buerkert Austria GmbH) downstream of
the condenser, which uses the inlet pressure of the reactor (PI-205) for control. The dry
product gas is partially probed by a gas analyzer (AO 2020, ABB AG) which measures the
corresponding species (CO2, CO, CH4 and H2). It is assumed that higher-value hydrocarbons
are consistently with thermodynamic equilibrium not formed. On the one hand, a H2:CO2
feed ratio of 3:1 is used to run the rWGS reaction (consumption of 1 mol H2 for 1 mol CO2)
and to provide a product syngas with a H2:CO ratio of 2:1 for downstream processes (e.g.,
Fischer-Tropsch synthesis). On the other hand, the formation of carbon is suppressed as
the equilibrium in the occurring carbon related reactions (Equation 2.9 to Equation 2.11)
is shifted to gaseous compounds. The remaining gas stream is then burned in a flare with
a CH4 support flame and fed into a ventilation system. Nitrogen and air are also included
as gases in the P&ID, as nitrogen is used for purging the flammable gases in emergency
shutdown, for a standby position, as dilution gas in the activation procedure or deactivation
procedure of the catalytic material in combination with air.
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Figure 3.1: P&ID scheme of the rWGS test rig including the gas supply, the quartz glass
reactor incl. furnace and product analysis via the ABB gas analysis unit

3.2 Experimental preliminary tests on a Ni/Al2O3 catalyst

The first published study describes the first experimental tests of the rWGS reaction and is
provided in Publication 3. In this study, the reaction conditions (temperature and pressure
changes) are tested on a commercially available nickel-based catalyst [52], [53] for the first
time in this experimental setup. The reactor setup is depicted in Figure 3.2 with a catalyst
bed length of 75 mm, filled with Ni/Al2O3 catalyst particles (shape of cylinders with 3.2x3.2
mm), while six thermocouples before, in and behind the catalyst bed monitor the temperature
curve in the inert ball and reactive bed zone. Temperatures are varied between 650 and
950 °C and pressures of 1, 3 and 6 bara are set as operation conditions. The feed gas volume
flow is changed to obtain the impact of various gas hourly space velocities (GHSV in h-1) on
the product composition, as this factor is not reflected in the thermodynamic examination.

The respective GHSV is calculated in Equation 3.1 by dividing the feed gas volume stream
(V̇in in NL h-1) by the catalyst bulk volume (Vcat in L) and varies in this study between 6,000
and 40,000 h-1. The entire design of experiments is described in detail in the publication.
The gas velocity determines and affects the contact time with the catalyst’s surface and the
active centers, where the reactions take place. Furthermore, elevated GHSVs require a higher
heat demand for feed gas pre-heating and for the supply of the required reaction enthalpy in
the catalytic bed.
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Figure 3.2: Setup of the quartz glass reactor in Publication 3 with the dimensions of the inert
ball and catalyst bed as well as the position of the six thermocouples (T1 - T6)

GHSV = V̇in
Vcat

(3.1)

Under atmospheric, oxygen-rich conditions, the catalyst material is present as oxidized
material. Thus, a specific catalyst activation procedure is necessary to reduce the catalyst
surface to their active sites and guarantee an optimal conversion of CO2 and H2. The
procedure of the Ni/Al2O3 catalyst activation with H2 is described in Publication 3.

3.2.1 Results of the Ni/Al2O3 catalyst investigation

The product gas composition is plotted in Figure 3.3 for the different experimental settings
against the temperature. The thermodynamic equilibrium is also represented in order to
show the deviations of the experimental results and from the equilibrium calculation. The
detailed experimental evaluation is described in the Publication 3. The test results show
that the CO content of the product gas conditionally follows the thermodynamic equilibrium
depending on temperature, pressure and GHSV. Furthermore, the results show that there is
no methane formation at temperatures higher than 850 °C and at all applied pressures of 1,
3 and 6 bara. As no other species than CO2, CO, CH4, H2O and H2 are assumed to occur,
CO2 should be completely converted to CO. Higher gas velocities have a negative effect on
the CO2 conversion, decrease the CO formation and increase the CH4 selectivity.

There is a deviation between the theoretical and experimentally determined CO concentration
in Figure 3.3. This can subsequently be caused by three effects:
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1. The thermodynamic equilibrium is not reached in the experimental tests.

2. The CO2 mass flow controller is calibrated for an input pressure range that is too low,
the inlet pressure does not match the applied pressure and the recalculation is not
carried out properly.

3. There is an error in the calibration of the gas analysis unit.

4. There is a significant temperature change detected by the six thermocouples in the
catalyst bed (temperature profile illustrated in Figure 3.4), whereby the comparison of
the experimental values with a point temperature can be assumed to be incorrect.

The recorded temperature profile of the quartz glass reactor is depicted in Figure 3.4. To
obtain a temperature of 650 or 950 °C at the catalyst bed inlet, a significantly higher tube
furnace temperature is required (680 and around 1,000 °C), which is also reflected in a
higher temperature in the inert ball zone. The quartz glass reactor is designed for maximum
operation temperature of 1,100 °C. Obviously, the temperature is higher than 1,000 °C in
the preheating zone. Internal temperature peaks cannot be detected in the reactor range
from the beginning of the tube to the location of 700 mm, but the temperature of around
1,000 °C or higher poses a risk for glass breaking under elevated pressures. In the course of
further investigation, it becomes known that the tube furnace has an insulation at both outer
ends, which hinders the heat transfer between the furnace and the quartz glass tube. This
is an indication and explains the decrease of the temperature in the catalyst bed starting
at around 900 to 1,100 mm. As expected from the endothermic rWGS reaction, a negative
temperature gradient occurs in the catalyst bed and is first detected by the thermocouple
number 4. Higher GHSV values cause an overall higher negative temperature gradients.

This first study will provide valuable information for conducting further test series. An exact
statement for the implementation of a Gibbs reactor in ASPEN plus is not yet permissible,
as the following aspects still have to be addressed:

1. The gas analyzer is calibrated with test gases (e.g., mixture of N2:CO2 equal to
70:30 vol.-%/vol.-%) to ensure an accuracy of +/- 1 vol.-% for all occurring species
(CO2, CO, CH4 and H2).

2. The mass flow controllers are adapted to the corresponding inlet pressure and the gas
mass flows are converted using the conversion factors provided by Bronkhorst AG. For
control purposes, the gas input concentration is measured before each experiment and
compared with the desired H2:CO2 ratio.
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(a)

(b)

Figure 3.3: Product gas composition and thermodynamic equilibrium of a feed gas mixture
(H2:CO2 = 3:1) over a Ni/Al2O3 catalyst in a temperature range of 650 - 950 °C,
for a variation of a) GHSV (6,000; 8,000; 10,000; 20,000; 40,000 h-1) and of b)
pressure (right figure, 1, 3 and 6 bara)
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3. The strong fluctuations in the temperature profile and the decrease in temperature at
the end of the quartz glass reactor are reduced by improved positioning of the catalyst
bed, taking into account the tube furnace insulation.

(a)

(b)

Figure 3.4: Recorded temperature profile for a) a catalyst inlet temperature of 650 °C and b)
an inlet temperature of 950 °C as a function of the position of the six thermocouples
in the quartz glass reactor tube with representation of the inert ball and catalyst
bed zones.
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3.3 Experimental tests with Ni/Al2O3, perovskite catalysts
and γ-Al2O3

In this second part of the experimental tests, a comprehensive investigation of a Ni/Al2O3
catalyst, two perovskite materials (Nd0.6Ca0.4Fe0.9Co0.1O3-δ [54]) and their support material
γ-Al2O3 is carried out. A detailed description can be found in the Publication 4. The technical
process setup of this experiment is the same as described in section 3.1 and the P&ID is
depicted in Figure 3.1. The proposed amendments of the previous study are incorporated,
and the length and position of the catalyst bed are adapted.

As shown in Figure 3.5, the quartz glass reactor has again an inner diameter of 15 mm,
but the total length is reduced to 1,500 mm (compared to 1,700 mm in the experimental
setup in section 3.2) to avoid heat loss at the positions outside of the oven (insulation is
indicated in Figure 3.5). The reactor contains again a bed of inert balls (SiO2), the catalyst
material (either Ni/Al2O3, perovskite or Al2O3) and only two thermocouples in this setup
that measure the input (T1) and output (T2) temperatures of the gas and catalyst bed. A
temperature difference of these two thermocouple temperatures should be avoided (isothermal
temperature profile is desired), but a constant temperature curve over the catalyst bed is not
measurable due to the absence of intermediate thermocouples.
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Figure 3.5: Design of the quartz glass reactor used in the experiments in Publication 4 which
contains the location of the inert ball section, the catalyst bed and the position
of the two thermocouples (T1 and T2). The effective heating zone of the furnace
is illustrated.

The catalyst materials implemented in this study are described in Publication 4 and listed
in Table 3.1. The Ni/Al2O3 catalyst is a commercially available nickel-based catalyst, with
high coke resistance and long-term stability [52], [53]. The perovskite catalysts are provided
by the Chair of Physical Chemistry at Montanuniversität Leoben (Univ.-Prof. Christoph
Rameshan, Dr. Tom Cotter, Lorenz Lindenthal and Hedda Drexler). They have already

39



Chapter 3 Experimental investigation of the reverse water gas shift reaction

investigated these perovskite catalysts on a laboratory scale under atmospheric pressure and
published the results in [54]–[56]. The activation procedure is here again required for each
catalyst, and the procedure is described in detail in the Publication 4. A main distinction is
noted, because the Ni/Al2O3 catalyst is activated with a volume flow consisting of 100 vol.-%
hydrogen, while the perovskite catalysts are activated with 5 vol.-% H2 in N2.

Table 3.1: List of catalyst materials and geometry used in the study

Catalyst num-
ber Catalyst composition Catalyst geometry

Catalyst 1 Nickel-catalyst Cylinders 3.2 mm diame-
ter, 3.2 mm height

Catalyst 2 Perovskite catalyst1, 20 wt.-% γ-Al2O3
Pellets 6.0 mm diameter,
1.4 mm height

Catalyst 3 Perovskite catalyst1, 50 wt.-% γ-Al2O3
Pellets 6.0 mm diameter,
2.2 mm height

Catalyst 4 Aluminum oxide γ-Al2O3
Pellets 5.8 mm diameter,
4.2 mm height

1Perovskite oxides Nd0.6Ca0.4Fe0.9Co0.1O3-δ

The aim of using perovskite catalysts is to operate them at the lowest possible reaction
temperatures (approx. 550 °C) and to reduce methane formation in this low temperature
range. Therefore, the experiments are designed to apply the tests in a temperature range
between 550 - 950 °C for the Ni/Al2O3 catalyst and the Al2O3 material, and 550 - 850 °C
for the perovskite catalysts. Due to the limited usability of the glass tube under high
temperatures and increasing pressures, the reaction is investigated at pressures of 1, 3, 6 and
8 bara at temperatures of 550 and 650 °C, and 1, 3 and 6 bara at temperatures higher than
650 °C. To additionally account for the impact of modified GHSV, this study utilizes gas
velocities of 8,000 and 20,000 h-1.

3.3.1 Results of all catalyst investigations

Publication 4 provides detailed information and results of the catalyst tests. It is important
to note that an undesired effect was detected during the testing process. The applied heating
pipe, which connects the gas mixer to the quartz glass reactor, is catalytically active at
350 °C due to the stainless steel material. However, there are no issues encountered when
utilizing the Ni/Al2O3 catalyst throughout the duration of the experimental tests, as the
nickel catalyst acts as steam methane reforming catalyst and reconverts the previously formed
methane into syngas. However, when using the perovskite catalyst, it was found that CH4
produced in the preheater tubes is not converted by the perovskite catalyst even at higher
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temperatures around 850 - 950 °C (although steam reforming should occur, but the catalyst
does not appear to be active for this reaction (Equation 2.15) and is passed through the
reactor system as an inert gas component.

As a solution of suppressing methane formation in the preheating pipes, the preheating of the
feed gas mixture is shifted into the quartz glass region, to prevent the production of methane
by the conversion of CO2 and H2 due to the catalytic pipe material. This investigation is a
valuable finding, as downstream processes may contain or produce methane as by-product,
requiring consideration of the use of perovskite catalyst in the entire process gas management.
To achieve high carbon efficiencies, an additional steam reforming reactor could be necessary
in case of the application of perovskite catalysts to convert the short-chain hydrocarbon
by-products (e.g. methane, ethane) into syngas.

The results of the product gas composition for each catalyst are given and discussed in detail
in Publication 4. Figure 3.6 shows the experimental results of the dry product gas composition
of the four investigated catalysts with a feed gas composition of H2:CO2 equal to 3:1. The
figure contains the subdivision into the pressures 1, 6 and 8 bara, the respective temperatures
between 550 and 850 °C as well as the GHSV of 8,000 and 20,000 h-1. Furthermore, the
thermodynamic equilibrium of the individual species (CO2, CO, CH4 and H2) is shown
as continuous lines. The dashed lines indicate the thermodynamic equilibrium without
consideration of CH4 formation. Here, only the rWGS reaction is considered as occurring
reaction.

The evaluation shows promising results for the implementation of perovskite catalysts
regarding lowest or non-measurable CH4 formation at lower temperatures around 550 -
650 °C. At ambient pressure (1 bara), no formation of methane is detectable for all
investigated temperatures (550 - 850 °C). Due to the fact that no methane is formed with the
perovskite catalyst, the comparison of the test results is carried out with the thermodynamic
equilibrium without CH4 formation. The thermodynamic equilibrium is not reached for
the temperature of 550 °C, but with increasing temperature from 650°C and higher the
CO content approaches the equilibrium very well (17.6 vol.-% of catalyst 3 compared with
19 vol.-% of equilibrium).

Higher gas velocities negatively affect the CO formation of catalysts 2 and 3. When applying
a Ni/Al2O3 catalyst, increased methane formation occurs specifically at lower temperatures.
The effect of higher GHSVs is mirrored in the case of the Ni/Al2O3 catalyst. Here, methane
formation decreases and CO formation increases with increasing gas velocity. The reason for
this is probably a kinetic limitation due to the shorter contact time with the catalyst. Above
650 °C, the Ni/Al2O3 catalyst follows the thermodynamic equilibrium with the consideration
of CH4 formation. The support material Al2O3 does not form methane at any operating
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Figure 3.6: Dry gas composition of the product stream with a feed gas composition of H2:CO2
equal 3:1 for the four catalysts, pressures of 1, 6 and 8 bara, temperatures between
550 and 950 °C and GHSV of 8,000 and 20,000 h-1
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point, and the conversion of CO2 to CO is hardly noticeable at 550 °C. However, this increases
slightly at higher temperatures, but never reaches thermodynamic equilibrium. The reason
for this could be the lack of active centers for the conversion of CO2 to CO.

The methane formation increases thermodynamically at an applied pressure of 6 bara,
especially in the low temperature range at 550 to 750 °C. A similar effect can be seen for the
catalysts 1 to 3. In the case of the use of the Ni/Al2O3 catalyst 1, the produced methane
increases to 25.5 vol.-% and the CO concentration decreased from about 10.9 vol.-% at 1 bara
to 6.2 vol.-% at 6 bara. However, the thermodynamic equilibrium is not reached, although
considering CH4 formation. With higher GHSV values and higher temperature, methane
production decreases again. At the operated pressure level of 6 bara, a low methane content
of 1 vol.-% is only reached at temperatures higher than 850 °C. In contrast, the perovskite
catalyst produces max. 1.3 vol.-% CH4 at a temperature of 550 °C and the CO content
approaches the thermodynamic equilibrium without CH4 consideration. A deviation can
be observed here due to the low, but detectable CH4 formation. In this case, a higher gas
velocity also leads to a lower CH4 concentration, but the CO formation also deteriorates.
At a temperature level of 650 °C, the CO concentration for catalysts 2 and 3 reaches the
thermodynamic equilibrium. There are no significant deviations in the CO concentration,
with increasing GHSV values recognizable. The Al2O3 material again produces no methane
at all operating points. At 550 °C, the CO concentration of 3.8 vol.-% is very low compared
with the equilibrium (15.8 vol.-%). The CO concentration never reaches the thermodynamic
equilibrium, neither at high temperatures 850 °C and GHSV of 8,000 h-1. The effect of CO
reduction with increasing GHSV occurs here too.

The composition of the product gas at a pressure level of 8 bara and temperatures of 550
and 650 °C is illustrated in Figure 3.6. An additional increase in the methane concentration
is observed for the Ni/Al2O3 catalyst (catalyst 1), which reaches a maximum of 28.3 vol.-%
at 550 °C. This reflects the low CO content of 5.7 vol.-%. Higher GHSVs significantly reduce
CH4 formation for catalyst 1 to 20 vol.-% and increase CO formation to 9.5 vol.-% at a GHSV
of 20,000 h-1. In comparison, the perovskite catalysts limit the methane formation to a
maximum of 2.7 vol.-% at 550°C. The lower methane formation also results in an increased
CO formation of up to 14.1 vol.-% for catalyst 3, followed by 13.8 vol.-% for catalyst 2.
The same effect of the increased GHSV values applies to methane formation on catalysts
2 and 3, whereby CO formation also decreases with increasing specific gas velocities. The
application of a higher temperature of 650 °C firstly reduces methane production slightly (1.6
and 2.3 vol.-% for both catalysts 2 and 3, respectively) and in this case, the thermodynamic
equilibrium (without CH4 formation) is approached for the carbon monoxide at around
18.5 vol.-%. For the Ni/Al2O3 catalyst (catalyst 1), the methane formation also decreases
with higher temperatures and GHSVs (16.0 and 12.6 vol.-% for GHSV values of 8,000 and
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20,000h-1 respectively), which results in a CO content of 11.7 and 14.0 vol.-%, which is due
to the normalization of analyzed gaseous compounds in the gas analytic slightly above the
thermodynamic equilibrium (CO concentration is 8.7 vol.-%). There is a strong deviation from
the equilibrium without CH4 consideration (CO concentration is 19.0 vol.-%). No methane
formation is reported for the support material, Al2O3, at any operating point. The CO
production increases with rising temperature and decreases with higher GHSVs. A maximum
of the CO concentration is detected at 650 °C (8 bara) and 8,000 h-1, but CO production
never reaches thermodynamic equilibrium (without CH4 production).

3.3.2 Calculation of mass and atom balances for data validation

The species CO2, CO, CH4 and H2 present in the product gas stream are analyzed via a gas
analyzer (ABB AO 2020). To ensure accuracy, a mass and atom balance can be drawn up.
This entails the input mass equating with the output mass, as well as equivalent atom balances.
The applied mass flow controllers for CO2 and H2 enable carbon, oxygen, and hydrogen atom
tracking into the system. The wet product gas flow poses a challenge in terms of calculation,
as water condensation data is currently absent. Nevertheless, discrepancies between inlet and
outlet can still be detected. To compute the wet product gas composition, Matlab 2020b
is employed to create a script which follows the workflow as depicted in Figure 3.7. In an
initialization step, the steam content in the product gas phase is assumed to be 10 vol.-%.
The steam content is limited within the lower bound (LB) of 0 vol.-% and the upper bound
(UL) of 100 vol.-%. Values outside of this range are not representative. The model considers
equations to calculate the overall mass balance of inlet and outlet streams and the atom
balances of carbon, hydrogen and oxygen. The errors in the balances (C(1) - C(4)) are
calculated by balancing the aforementioned equations and linked with the objective function.
The objective function calculates a squared error of all balances θ(xH2O,out,i) utilizing the
errors C(1) - C(4) and a weighting factor ai. The squared error is minimized by the optimizer
unit to obtain the most suitable value for the steam content in the product gas phase with
minimized weighted errors in all balances. Consequently, CO2 conversion (Equation 3.2), CO
selectivity (Equation 3.3), and CO yield (Equation 3.4) are derived (with mole flows n in
kmol h-1 and molar fractions x).

CO2 conversion =
ṅin ∗ xCO2,in – ṅout ∗ xCO2,out

ṅin ∗ xCO2,in
(3.2)

CO conversion =
ṅin ∗ xCO,in – ṅout ∗ xCO,out

ṅin ∗ xCO,in
(3.3)
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CO yield =
ṅout ∗ xCO,out – ṅin ∗ xCO,in

ṅin ∗ xCO2,in
(3.4)

Using the atom balance allows objective statements regarding carbon deposition in the
reaction system and variations in the feed gas stream (H2:CO2 ratio).

Figure 3.7: Illustration of the optimization process in the Matlab script to determine the
water content, as well as the wet product composition of the gas

The following equations indicate the relative deviation of the carbon (Equation 3.5), the
oxygen (Equation 3.6) and the hydrogen (Equation 3.7) atoms flowing into and out of the
system. The accuracy of the gas analysis (+/- 1 vol.-% for each species) is also considered in
the error calculation. To calculate the deviations in Equation 3.5 to Equation 3.7, the input
(ṅin in kmol h-1) and output mole flows (ṅout in kmol h-1) of the individual elements (C, H
and O) with the respective gas composition (xi,in and xi,out for the component i in vol.-%)
are used from the model calculation.

Deviation of C Balance in % =
(︄

1 –
ṅout ∗ (xCO,out + xCO2,out + xCH4,out)

ṅin ∗ xCO2,in

)︄
∗ 100 (3.5)

Deviation of O Balance in % =
(︄

1–
ṅout ∗ (xCO,out + 2 ∗ xCO2,out + xH2O,out)

ṅin ∗ 2 ∗ xCO2,in

)︄
∗100 (3.6)

Deviation of H Balance in % =
(︄

1 –
ṅout ∗ (xH2,out + 2 ∗ xH2O,out + 4 ∗ xCH4,out)

ṅin ∗ 2 ∗ xH2,in

)︄
∗ 100

(3.7)
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In summary, the following diagrams show the relative errors of the carbon (Figure 3.8),
oxygen (Figure 3.9), and hydrogen (Figure 3.10) atom balances for all four catalysts at
various temperatures (550 - 950 °C) and pressures (1, 3, 6, and 8 bara) for the GHSV value
of 8,000 h-1. The detailed description of the results can be found in the supplementary
material of Publication 4. The carbon atom balance (Figure 3.8) experiences a relative error
ranging between -0.7 and +1.5 % across all catalysts which indicates no carbon formation.
These deviations are constant, but also a result of calculation and optimization through
minimization. The trend of the relative error in the oxygen atom balance (Figure 3.9), similar
to the carbon atom trend, serves as further indication of correctness and is in the range
between -2.35 and +1.05 %.

In contrast, the deviation for the hydrogen atom balance (Figure 3.10) is more significant,
ranging from -9 to +12.5 %. This difference is attributed to the mass flow controller settings.
The maximum flow rate of the mass flow controllers is 45 NL min-1, but only 3.5 NL min-1

of hydrogen is used at 8,000 h-1. The controllers have an accuracy of +/- 0.5 % resulting in
a deviation for the whole operating range of +/- 0.225 NL min-1. There is the possibility
of slight changes of the H2:CO2 ratio, which account for the relative error in the atomic
balance.

3.4 Conclusion of the experimental rWGS investigation

The experimental tests carried out on the investigated catalysts, comprised of a commercially
available Ni/Al2O3, two perovskite materials, and the support material Al2O3, exhibit
encouraging outcomes for the application in a rWGS reactor. The implementation of
perovskite catalysts (catalysts 2 and 3) shows promising results of the rWGS reaction in terms
of high CO yields and low CH4 formation in all operating points, when compared with the
Ni/Al2O3 catalyst (catalyst 1). The nickel catalyst produces significant amounts of methane
as an undesired by-product at a temperature of 750 °C and ambient pressure, with methane
selectivity measurably increasing with both increasing parameters, higher temperatures and
pressure (as early as 850 °C and 6 bara). The support material γ-Al2O3 is unsuitable as a
catalyst material for the rWGS reaction, since CO2 conversion to the desired product gas CO
substantially deviates from the thermodynamic equilibrium. Perovskite catalysts enable lower
temperature usage at approx. 550 °C, converting CO2 to CO under atmospheric pressure.
However, thermodynamic equilibrium without considering CH4 formation is achieved with
increasing pressure (6 bara). At higher pressures, small amounts of methane are measured,
which differ significantly from the high value of the Ni/Al2O3 catalyst. Higher GHSVs have
a positive influence on CO production when using the Ni/Al2O3 catalyst. This is related to
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Figure 3.8: Carbon balance of all four catalysts in the temperature range of 550 - 950 °C
(catalyst 1 and 4) or 550-850 °C (catalyst 2 and 3) and at pressure levels of 1, 3,
6 and 8 bara
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Figure 3.9: Oxygen balance of all four catalysts in the temperature range of 550-950 °C
(catalyst 1 and 4) or 550-850 °C (catalyst 2 and 3) and at pressure levels of 1, 3,
6 and 8 bara
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Figure 3.10: Hydrogen balance of all four catalysts in the temperature range of 550 - 950 °C
(catalyst 1 and 4) or 550 - 850 °C (catalyst 2 and 3) and at pressure levels of 1,
3, 6 and 8 bara
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a slower methane formation reaction resulting from a shorter contact time of the gas with
the active catalyst surface. In the case of the perovskite catalysts, in addition to methane
formation, CO formation also decreases with increasing GHSV.

It is confirmed that the rWGS reaction can be successfully operated in a high-temperature
reactor based on experimental tests. In addition, the perovskite catalysts show high CO yields
at low temperatures of 550 °C, and even at higher pressures (8 bara), they significantly suppress
methane production. Therefore, selection of suitable catalysts is imperative for efficient PtL
processes. Notably, the Ni/Al2O3 catalyst generates methane at low temperatures, while the
steam reforming reaction occurs at higher temperatures. It is crucial to consider the catalysts
utilized in a PtL procedure. Depending on the process design (e.g., recycling streams of
downstream processes), for this catalyst it may be necessary to convert methane or other
hydrocarbons into CO and hydrogen whereas recent experiments with the perovskite catalysts
do not exhibit steam reforming behavior and indicate that it might require an additional
process unit for steam reforming in the downstream process.

The implementation of a Gibbs reactor for the Ni/Al2O3 catalyst is validated by the previously
discussed experiments and is therefore assumed to be viable for further flow sheet simulations.
The methane production is for the Ni/Al2O3 catalyst slightly overestimated by the Gibbs
reactor compared to the experimental results, but the behavior of steam reforming with
a CH4-containing input stream is taken into account. For the flow sheet simulations with
perovskite catalysts in the rWGS reactor, the integration of a Gibbs reactor is again allowed.
Here, methane and all higher paraffinic and olefinic hydrocarbons need to be considered as
inert components, since barely any reaction of CO2 and H2 to CH4 and no steam reforming
occurred in the experiments compared to the Ni/Al2O3 catalyst. Coke is also considered
as inert compound, since there is no indication of coke formation with regard to the atom
balance.

Based on the findings, the investigated perovskite catalyst is implemented in PtL process
simulations in ASPEN Plus, which is executed in the next chapter 4. The study compares the
use of perovskite material as a rWGS catalyst in a Fischer-Tropsch PtL process chain with
the initial PtL process route from chapter 2 and assesses additional units, such as a reforming
reactor for the catalytic conversion of CH4 with steam to synthesis gas. Additionally, the
process efficiency is investigated by implementing the separation of CO2 or H2 downstream
of the rWGS reactor. The conclusion drawn in the chapter 4 will determine whether the
perovskite catalyst is advantageous as rWGS catalyst in terms of process performance in this
PtL process chain compared to the Ni/Al2O3 catalyst.
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Chapter 4

Power-to-liquid process development with
a perovskite catalyst

The rWGS reaction on perovskite catalysts is experimentally investigated in a quartz glass
reactor as described in chapter 3. The result of that study is that the methanation reaction is
almost suppressed even at temperatures around 650 °C and pressures up to 8 bara, whereby a
synthesis gas with a high CO content and appropriate H2:CO ratio of 2.08:1 can be supplied
for a subsequent Fischer-Tropsch process. In chapter 2, the Fischer-Tropsch process route
is simulated and the conversion of syngas merely into paraffinic hydrocarbons is considered
in this chapter. The rWGS reaction for syngas production is treated as a Gibbs reactor,
assuming the conversion rates at thermodynamic equilibrium. The gaseous by-product of
the Fischer-Tropsch reactor, consisting of short-chain paraffinic hydrocarbons (mainly CH4,
but also traces of C2H6 - C6H14), is fed back upstream of the rWGS reactor in the PtL
process chain simulations. Due to the catalytic activity for steam reforming on a Ni/Al2O3
catalyst, it is assumed that the catalyst converts these hydrocarbons to synthesis gas with the
steam produced by the rWGS reaction. Based on the findings of the experimental study in
chapter 3, which indicate that the perovskite catalyst exhibits no activity for steam reforming,
the process chain must be expanded by implementing a reforming reactor. This reactor is
responsible for converting CH4 and other hydrocarbons present into the required syngas.
Otherwise, methane and higher hydrocarbons accumulate in the recycle gas stream and the
efficiency of the overall process would suffer due to subsequent higher purge gas flow rates.

This chapter examines the use of a perovskite catalyst in a PtL process chain with the focus
on process design with different process routes implemented in ASPEN Plus simulations,
including for example an intermediate CO2 or H2 separation unit. The process setups are
described in more detail in the following section 4.1. The study investigates the impact of
interconnecting recycle gas streams and adding a steam reforming reactor to convert CH4,
higher hydrocarbons and steam into synthesis gas. Relevant key performance indicators are
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the liquid product quantity consisting of naphtha, middle distillate and wax, PtL efficiency
(Equation 2.1), carbon deposition in the rWGS or reforming reactor and the carbon efficiency
(Equation 2.3) of the entire process. The study also assesses the advantages and disadvantages
of using a perovskite catalyst and draws conclusions on necessary additional research tasks.

4.1 Structure of the simulation and the process chain
comparison

The process chain described in chapter 2, investigating the Fischer-Tropsch process with a
rWGS reactor, is used as the basic process in the following simulations. The assumptions
of the operation conditions and product distribution for the Fischer-Tropsch unit as well
as the syncrude product separation unit are adopted from subsection 2.2.4. The process
chain is simplified and shown as process setup 1 in Figure 2.1. Given that CO2 capture
(carbon capture unit) is a consistent process across all process routes, involving both heat
and electrical energy demands, it is not taken into account for the comparison of the different
process routes. A pure CO2 feed gas stream of 1,268 kg h-1 is taken for this assessment and
is used as the reference flow for the following process investigations. A purge gas stream
of 2 % is extracted from the recycle gas stream to avoid accumulation of the unconverted
gases (e.g. CO, CO2 or H2) and gaseous products from the Fischer-Tropsch process (e.g.,
CH4, C2H6). This recycle gas stream is reintegrated upstream of the rWGS reactor, to
reconvert the gaseous hydrocarbons into syngas, with the aim to achieve a high process
performance. In process setup 1, the rWGS reactor is operated with a Ni/Al2O3 catalyst,
which allows the implementation of a Gibbs reactor in ASPEN Plus. This assumption is
confirmed by the results of the experimental investigations summarized in chapter 3. The
pressure of the rWGS reactor is aligned with the pressure level of the recycled gas flow of
the Fischer-Tropsch product separation and is assumed to be 12 bara. The temperature is
varied between 650 and 950 °C to obtain the influence of temperature change at constant
pressure on the aforementioned liquid product quantity, PtL and carbon efficiency, as well
as carbon decomposition. The hydrogen flow is calculated to achieve a H2:CO ratio of the
Fischer-Tropsch feed gas stream of 2.08:1 (adopted from subsection 2.2.4). In all process
setups, hydrogen is assumed to be produced in a PEM and SOEC electrolysis with a specific
system energy demand of 4.7 and 3.6 kWh Nm–3

H2
, respectively [32].

In process setup 2 (Figure 4.2), the perovskite catalyst is implemented in the simulation as a
Gibbs reactor, which treats carbon, methane and higher hydrocarbons from the syncrude
separation unit as inert compounds. This assumption is permissible, since the experimental
results with perovskite catalysts (described in section 3.3) showed no activity towards steam
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Figure 4.1: Block flow diagram of process setup 1 with an Ni/Al2O3 operated rWGS reactor
in a temperature range of 650 to 950 °C and 12 bara, a water condenser, a
downstream Fischer-Tropsch reactor and a product separation unit

reforming, the methanation reaction or coke formation. Suitable operation conditions with
negligible methane formation are identified at a temperature of 650 °C and a pressure up
to 8 bara. The product separation unit is adopted from subsection 2.2.4, where the recycle
stream is released at a pressure level of 12 bara. Pressure losses in a process chain always
result in higher electricity costs, due to the higher compression energy demand. Therefore, it
is assumed that the experimentally observed, neglectable methane formation for pressures
up to 8 bara can be extended to pressures up to 12 bara. However, this assumption cannot
be confirmed with the currently available experimental setup. The recycle gas stream is
fed to a reforming reactor to convert methane and higher hydrocarbons into syngas. The
occurring endothermic reactions are listed for methane steam reforming in Equation 4.1, for
the conversion of higher hydrocarbons with n as number of carbon atoms in Equation 4.2
and for dry reforming in Equation 4.3. Under certain circumstances, the Boudouard reaction
(Equation 2.10) occurs at low temperatures, whereby CH4 decomposition (Equation 2.9) is
a further side reaction at high temperature. Both reactions are undesired, lead to carbon
formation and must be avoided [57].

CH4 + H2O←−→ CO + 3 H2 ∆H298K
r = 206 kJ mol–1 (4.1)

CnH2n+2 + nH2O←−→ nCO + (2n + 1) H2 ∆H298K
r > 0 (4.2)

CH4 + CO2 ←−→ 2 CO + 2 H2 ∆H298K
r = 247 kJ mol–1 (4.3)

Within a sensitivity analysis, the temperature of the reactor is varied between 600 and 950 °C
(increment of 50 K) at a constant pressure of 12 bara. Additionally, the steam to carbon ratio
(S:C ratio) is defined in Equation 4.4 as the molar flow of steam (ṅsteam in kmol h-1) divided
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by the molar flow of hydrocarbons (ṅCnH2n+2 in kmol h-1 for CH4 - C6H14) and is varied
from 1 to 4 to obtain information regarding the coking regime and determine the operating
conditions with the highest efficiencies and product quantities of the whole process chain.

S : C = ṅsteam∑︁ ṅCnH2n+2
(4.4)

The carbon deposition is defined as the produced carbon in the rWGS and steam reforming
process units based on the carbon feed, which diminishes the entire carbon efficiency signifi-
cantly. Those operation conditions must be avoided, because coke formation goes along with
catalyst deactivation, which reduces the active sites of the catalyst surface and suppresses
the conversion of hydrocarbons with steam to syngas. Since hydrogen is also a product of
the reforming reaction, the H2:CO ratio of the Fischer-Tropsch feed gas needs to be adjusted
by separating a specific amount of hydrogen (modelled as a partial flow separation of H2
via an e.g., pressure swing adsorption), which is compressed in an additional compressor
and recycled in the H2 feed upstream of the rWGS reactor. The ratio of recycled H2 and
feed H2 is indicated by the H2rec:H2feed ratio. A ratio of 0 % means no separation of H2 is
required to achieve the H2:CO feed ratio of 2.08:1 for the Fischer-Tropsch synthesis, whereas
in contrast, a ratio of higher than 100 % means that more H2 is recycled than fed into the
process to either fulfill the H2:CO Fischer-Tropsch feed ratio or the H2:CO2 ratio of 3:1 for
the rWGS gas feed.

The block flow diagram of process setup 3 is given in Figure 4.3 and represents an extension
of process setup 2 by a CO2 separation unit downstream of the water condenser to provide
syngas with low concentration of CO2 for the Fischer-Tropsch reactor. The efficiency of the
CO2 separation unit is assumed to be 95 % (e.g., membrane separation) [58]. The separated
CO2 is compressed in an additional compressor and recycled upstream the rWGS reactor.

Process setup 4 (Figure 4.4) differs only slightly from process setup 3. Here, the feed point of
the recycling stream is switched upstream of the CO2 capture unit.

4.2 Simulation results and calculation of efficiencies

The results of the liquid product quantity, the PtL (for PEM and SOEC technology) and the
carbon efficiency, as well as carbon formation and the H2rec:H2feed ratio are given for each
process setup in Table 4.1 to Table 4.4.

Process setup 1 consists of the rWGS reactor with a Ni/Al2O3 catalyst (implementation
as usual by a Gibbs reactor in ASPEN Plus) and is operated at a constant pressure of
12 bara, while the temperature is varied between 650 and 950 °C. This is the simplified basic
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Figure 4.2: Block flow diagram of process setup 2 with the implementation of the perovskite
catalyst in the rWGS reactor, a water condenser, a H2 separation unit, a Fischer-
Tropsch reactor with product separation and a reformer
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a water condenser, downstream CO2 and H2 separation unit, a Fischer-Tropsch
reactor with product separation unit and a reforming unit for the recycle gas
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process from chapter 2, including the rWGS reaction, Fischer-Tropsch synthesis and product
separation. The results of the investigation of process setup 1 are summarized in Table 4.1.
Low temperatures lead to low product quantities, low PtL and carbon efficiencies (e.g.,
considering an operation temperature of 650 °C in the rWGS reactor, a product quantity of
32.6 kg h-1 with a PtL efficiency of 4.2 % (PEM) and 5.4 % (SOEC) is achieved). The carbon
efficiency of the entire process route is in this worst case 7.9 %, which corresponds to a loss
of carbon molecules of more than 90 %. In the temperature range between 650 and 850 °C,
coke deposition also occurs in the rWGS reactor with a selectivity between 85.9 and 7.3 %. It
can therefore be concluded that this temperature regime (650 - 850 °C) must be avoided due
to carbon deposition. With an rWGS reactor operating temperatures above 900 °C, a high
product quantity of 382.6 kg h-1 is achieved with high PtL efficiencies of 43.0 and 56.1 % for
PEM and SOEC, respectively. This first investigation concludes that high temperatures in
the rWGS reactor have a positive effect on all key figures and product quantity. For reason
of comparison with the upcoming process setups, the best case is used with an operating
temperature of 950 °C, resulting in a production volume of 382.6 kg h-1, PtL efficiencies of
43.0 % for PEM and 56.1 % for SOEC, and a carbon efficiency of 94.1 % for the whole process
chain.

Table 4.1: Results of the process simulation for process setup 1 by varying the rWGS reactor
temperature between 650 and 950 °C and influence on the product quantity, the
PtL efficiency for PEM and SOEC, coke deposition in the rWGS reactor and entire
carbon efficiency

The results from the simulation of process setup 2 are given in Table 4.2. Here, the rWGS
reactor is operated with the perovskite catalyst (Gibbs reactor with carbon, CH4 and higher
hydrocarbons treated as inert gases in ASPEN Plus) and a reformer is implemented in the
recycle gas stream, to convert methane and higher hydrocarbons into syngas. As shown in
the result table, a low reformer temperature of 600 °C leads due to carbon formation to a low
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product quantity (142.9 kg h-1), compared to the base scenario in Table 4.1. Higher steam
to carbon ratios (S:C ratio > 1) upstream of the reformer have a positive influence on the
product quantity for the temperature range up to 950 °C. The highest product quantity is
achieved for a reformer temperature of 950 °C and an S:C ratio equal 2 and 3 with 381.8 kg h-1

(cf. 382.6 kg h-1 in the base process route 1). High PtL efficiencies are also achieved at a
reformer temperature of 950 °C and S:C ratios between 2 and 4 with the maximum of 46.2
and 60.3 % for PEM and SOEC, respectively. The results furthermore show that higher S:C
ratios and increasing temperatures suppress the formation of carbon in the reformer. No
carbon formation is at least detected for all S:C ratios higher than 1 and temperatures higher
than 850 °C in case of an S:C ratio equal to 1. Elevated temperatures are also reflected
in the highest carbon efficiency of 93.9 %, which is not remarkably lower than the basic
process (process setup 1 with 94.1 %). There is an excess of hydrogen (H2:CO > 2.08:1) in
the feed gas stream of the Fischer-Tropsch synthesis, whereby hydrogen needs to be partially
separated. This results in a H2rec:H2feed ratio of 149.8 % at a reforming operating temperature
of 600 °C (S:C ratio is 4). The H2rec:H2feed ratio decreases with elevated temperatures but
never achieves 0 %, due to the over-stoichiometric operation mode of H2:CO2 of 3:1 in the
rWGS feed gas stream. The theoretical investigation of process setup 2 reveals, that the
implementation of the rWGS with a perovskite catalyst has no positive added value for the
overall system due to the lower product quantity and carbon efficiency compared to the
base scenario in process setup 1 with a Ni/Al2O3 catalyst applied in the rWGS reactor. To
increase the product quantity and carbon efficiency, the influence of a CO2 separation unit
downstream of the rWGS reactor and water condenser is therefore considered in the next
process setup 3.

The results of the performance indicators of process setup 3 are summarized in Table 4.3.
Same as for the process 2, higher temperatures in the reforming reactor lead to higher product
quantities and improved KPIs. A higher S:C ratio has a coke reducing effect in the range of
low temperatures, however coke formation occurs for an S:C ratio of 1 and all investigated
reforming temperatures between 600 and 950 °C (coke deposition between 3.4 and 39.2 %). In
the reforming reactor, there is no carbon formation observed at an S:C ratio higher than 1. In
this investigation, H2rec:H2feed ratios of up to 156.1 % occur for low reforming temperatures
(at 600 °C and S:C ratio equal 4), which are decreasing with elevated temperatures to 93 %
(at 950 °C and an S:C ratio of 4). The product quantity has its maximum at a reforming
operating temperature of 950 °C and an S:C ratio equal 4 with 386.6 kg h-1. Based on the
same CO2 feed gas flow in all setups, the yield in liquid products as well as the PtL efficiency
with 46.2 % (base scenario: 43.0 %) for PEM and 60.3 % (base scenario: 56.1 %) and the
carbon efficiency of 95.1 % (base scenario: 94.1 %) are remarkably higher compared to the
base scenario in process setup 1 and also to process setup 2, without the CO2 separation
unit.
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Table 4.2: Simulation results of process setup 2 with product quantity, H2rec:H2feed ratio,
PtL efficiency for PEM and SOEC, coke deposition in the reforming reactor and
entire carbon efficiency

58



Chapter 4 Power-to-liquid process development with a perovskite catalyst

Table 4.3: Simulation results of process setup 3 with product quantity, H2rec:H2feed ratio,
PtL efficiency for PEM and SOEC, coke deposition in the reforming reactor and
entire carbon efficiency
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In process setup 4, a modification is made to process route 3, wherein the recycle stream
from the reforming reactor is introduced directly upstream of the CO2 separation unit. This
reduces, on the one hand, the volume flow in the feed gas stream of the rWGS reactor since
merely the separated CO2 of the recycle stream is returned to the rWGS reactor and, on the
other hand, the design size and investment costs of the reactor itself (this evaluation is not
considered in this study). The results of the performance indicators of this simulation are
shown in Table 4.4.

Despite yielding similar product quantities as in process setup 3, it is immediately apparent
that the H2 recycle streams are notably higher, reaching H2rec:H2feed ratios up to 321.1 %.
This indicates, that more H2 is recycled in the case of an operating temperature of 600 °C
and an S:C ratio of 4, than fed from the electrolysis. In process setups 2 and 3, the hydrogen
produced from the reforming reactor is used for the rWGS reaction by feeding the recycle
gas of the reforming reactor upstream of the rWGS reactor. In contrast, in process setup 4
the reformer product gas is recycled upstream the CO2 separation, and the separated H2
is recirculated upstream the rWGS reactor. The high H2rec:H2feed ratio is a result of the
calculation of the H2:CO ratio in the simulation for the Fischer-Tropsch synthesis feed gas
stream using corresponding design specifications. The hydrogen flow present in the reforming
reactor consists on the one hand of recycled H2, and is on the other hand a product of
the reforming reactions (Equation 4.1 to Equation 4.3), which increase the H2:CO ratio
excessively. It is therefore mandatory to separate the H2 partly from the Fischer-Tropsch
feed stream. High H2 recycle flows mean higher investment costs for the H2 separation unit,
especially the compressors, which is also reflected in high electrical energy consumption and
results in higher operating costs. The higher electrical energy demand is also considered in
the PtL efficiency, where the highest values are achieved with 46.1 % for the PEM and 60.2 %
for the SOEC at the highest operating temperature of 950 °C and the highest S:C ratio of 4
applied in the reforming reactor.

Process setup 4 has a significant advantage in terms of the basic scenario, but no better
key performance indicators compared to process setup 3, as the indicators are highest at
a reforming reactor temperature of 950 °C and a S:C ratio of 4 with a product quantity of
max. 386.6 kg h-1, PtL efficiencies with 46.1 % for PEM and 60.2 % for SOEC and a carbon
efficiency of 95.0 %, which are the same or below compared to the performance indicators of
process setup 3.

60



Chapter 4 Power-to-liquid process development with a perovskite catalyst

Table 4.4: Simulation results of process setup 4 with product quantity, H2rec:H2feed ratio,
PtL efficiency for PEM and SOEC, coke deposition in the reforming reactor and
entire carbon efficiency
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4.3 Conclusion of the process simulations with a perovskite
catalyst

In this chapter, the integration of a perovskite catalyst in the PtL process chain is examined
and the performance indicators such as product quantity, PtL efficiencies for PEM and
SOEC, carbon deposition, H2 recycle ratio and the overall carbon efficiency of the process
are calculated. The four process routes are defined, which differ mainly in the design of the
recycling streams, catalyst material, and additional CO2 and H2 separation units.

The process flow sheet simulation shows that the perovskite catalyst has a positive impact in
the production of syngas and its integration into PtL process chains with regard to increasing
efficiency. The comparison of the process routes clearly indicates that the use of the perovskite
material (process setup 2 to 4) as an rWGS catalyst is particularly useful in process setup 3.
A recycle stream of the gaseous Fischer-Tropsch products via a reformer upstream of the
rWGS reactor, with integrated CO2 capture downstream of the rWGS reactor, demonstrates
the best efficiencies. Decisive for high efficiencies is the reforming temperature and the steam
to carbon ratio (S:C ratio) in the reforming reactor. High temperatures and low S:C ratios
show an improvement in product quantity and efficiencies, resulting in operating conditions
for the reforming reactor with a temperature of 950 °C and an S:C ratio of 4 as optimum.
The comparison with the base scenario (Ni/Al2O3 catalyst in process setup 1) shows that
in process setup 3 the product quantity is increased from max. 382.6 kg h-1 in setup 1 to
386.6 kg h-1, which is also reflected in increased PtL efficiencies of 46.2 % for PEM (cf. 43.0 %
in setup 1) and 60.3 % for the SOEC (cf. 56.1 % in setup 1). It is worth noting that, despite
the use of an additional reforming reactor and a CO2 separation unit, process setup 3 with a
perovskite catalyst exhibits overall better efficiencies than process setup 1 with a Ni/Al2O3
catalyst.

In process setup 2, CO2 is not separated behind the rWGS reactor and the water condenser.
As a result, CO2 is passed through the Fischer-Tropsch reactor as an inert gas, which increases
the volume flow in the reactor. Additionally, due to the 2 % purge gas flow, the loss of
carbon is slightly increased. This leads to a decrease in both the product quantity (maximum
of 381.6 kg h-1) and carbon efficiency (93.9 %) compared to process setup 3 (maximum of
386.6 kg h-1 and 95.1 %).

The routing of the recycle stream from the reforming reactor upstream of the CO2 separation
unit in process setup 4 is problematic, since hydrogen produced in the reformer cannot be
directly used in contrast when it is recycled back upstream the rWGS reactor. To achieve
a H2:CO2 ratio of 3:1 in the rWGS feed gas stream, a higher hydrogen stream must be
separated, compressed, and fed back upstream of the rWGS reactor to avoid operation
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conditions in the coking regime. For a reforming temperature of 600 °C and a S:C ratio of
4, the H2rec:H2feed ratio is in process setup 4 with up to 321.1 % comparably much higher
than 156.1 % in process setup 3. However, both process routes are similar in case of high
reforming operating temperatures and S:C ratio of 4 (93.0 % in process setup 3 compared to
99.6 % in process setup 4).

In summary, this investigation demonstrates that integrating a perovskite catalyst in PtL
process chains has a positive effect on key performance indicators, which allows and forces
further research in this topic. On a theoretical basis, the process simulation could be
extended with heat integration systems (calculation of global efficiency in Equation 2.2)
and the economic assessment (calculation of investment, operating and net production costs
as described in chapter 2). Furthermore, a focus should be on the experimental work to
execute further experiments with the aim to investigate the effect of the additional recycle
gas stream from the steam reformer regarding coke formation in the rWGS reactor. Beside
of coke formation, it is necessary to observe the long-term stability of the catalyst (e.g.,
more than 100 hours of continuous operation) and, if necessary, execute an improvement in
stability through further development of the catalytic material (e.g., geometry and shape of
the catalyst particles).
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Summary and conclusion

The present study focuses on the development of power-to-liquid processes from a theoretical
and experimental point of view. The goal is to use carbon-rich exhaust gas streams from
the cement industry as a resource for producing valuable products like polyolefins or e-fuels.
The production of polyolefins is advantageous, as carbon remains bound in the product for
several decades when used as, for example, high-voltage cable sheathing. However, this is not
the case with e-fuels, as the carbon is released into the atmosphere once it is burned in an
internal combustion engine (for instance, as gasoline in cars or kerosene in airplanes).

The objective of the first part of the study is to investigate various process routes to capture
CO2 from the cement plant exhaust gas employing carbon capture technologies (in this
study particularly amine scrubber unit) and convert the concentrated CO2 in a catalytically,
multi-stage reactor setup into polyolefins by the use of green hydrogen. The Fischer-Tropsch
and methanol synthesis are considered as main conversion processes, but the rWGS reaction
needs to be occasionally considered as pre-reaction, when applying a conversion technology
which requires syngas as feedstock like the Fischer-Tropsch synthesis. The CO2-tolerant
methanol synthesis, in which the CO2 and H2 gas mixture is directly converted to methanol,
is an innovative technology which is included in the process comparison.

An assessment of these process routes based on the degree of technical maturity, process
design, product production costs, and economic cost calculation is performed, to obtain the
optimal PtL process chain from a techno-economic perspective. ASPEN Plus simulations
are the fundamentals for the technical analysis, where an amine-based carbon capture unit
for the separation of 10,000 tons of CO2 per year is assumed with a downstream rWGS and
Fischer-Tropsch synthesis. The carbon capture unit provides a highly concentrated dry CO2
gas stream with a CO2 purity of 99.9 wt.-%. The production of hydrogen is incorporated into
the simulation by means of water electrolysis. CO2 and H2 are fed into the rWGS reactor,
which is conceived as a Gibbs reactor and is operated at 950 °C and 10 barg to attain a high
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CO selectivity and almost completely suppress methane formation. The synthesis gas is fed
to a low-temperature Fischer-Tropsch synthesis, which is optimized by varying operating
parameters such as methane selectivity and CO conversion, as well as investigating recycle
streams around the Fischer-Tropsch reactor itself and upstream of the rWGS reactor. The
recycle stream directly around the Fischer-Tropsch synthesis leads to an accumulation of
unreacted gases (syngas, but also CH4 or higher gaseous hydrocarbons), which results in
low product quantity, PtL and carbon efficiency (Figure 2.8, 226 – 251 kg h-1, 33.6 – 38.9 %,
50.4 – 56.0 % for a purge gas split ratio of 0.98 compared to 381 – 393 kg h-1, 44.0 – 47.2 %
and 85.1 – 87.9 % for a split ratio of 0, respectively for product quantity, PtL and carbon
conversion). One recycle stream behind the Fischer-Tropsch product separation unit upstream
of the rWGS reactor and the serial arrangement of rWGS and Fischer-Tropsch reactor without
any intermediate recycle streams proves to be the most sufficient process, with which the
highest efficiencies and product yields are also achieved. These key figures are also heightened
if high CO conversions and low CH4 selectivities are realized by selecting suitable catalysts
in the Fischer-Tropsch reactor itself.

The setup of the investigated Fischer-Tropsch process is adopted in the techno-economic
study, where eight scenarios with individual electrolysis (PEM and SOEC) and synthesis
technologies (Fischer-Tropsch and methanol) are examined. Scenarios 1 to 4 consist of the
Fischer-Tropsch synthesis with rWGS reactor and product separation, with the distinction
in the downstream process. Here, a newly constructed (scenarios 1 and 2) and an existing
(scenarios 3 and 4) steam cracker for the Fischer-Tropsch route is compared with a methanol
synthesis in combination with an rWGS reactor (scenarios 5 and 6) and a three-stage CO2-
tolerant methanol synthesis with intermediate product separation (scenarios 7 and 8). The
assessment reveals that the PtL process, consisting of a PEM electrolysis, a Fischer-Tropsch
reactor together with a preceding rWGS reaction, and a subsequent existing steam cracker
is the most cost-effective solution with NPC for lower olefins of 14.92 € kg-1. Nevertheless,
the production costs are strongly dependent on the electricity costs required for hydrogen
production and the electrolysis cell manufacturing costs. These effects are identified in the
sensitivity analysis of NPC comparisons. The NPCs for the SOEC are the most economical
one, if the future investment costs for high-temperature electrolysis and current electricity
prices are considered in the assessment.

The techno-economic analysis in chapter 2 favors a process chain in which the rWGS
reaction pre-converts CO2 and H2 into syngas. Given the low TRL of this reaction (TRL 6),
experimental tests are conducted to verify the feasibility of an rWGS reactor. The hypothesis
of handling the rWGS reaction in the simulation as a Gibbs reactor must be validated by
executing appropriate experiments. The experimental setup comprises solely the analysis of
a feed gas mixture of H2 and CO2 in a 3:1 ratio, as the feed composition for the downstream
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Fischer-Tropsch synthesis approaches H2:CO equal to 2.08:1. These experiments exclude
the admixture of the recycle stream compounds produced in the PtL process for the first
tests. The catalyst materials utilized are composed of a commercially available Ni/Al2O3
catalyst, two perovskite catalysts (perovskite oxides Nd0.6Ca0.4Fe0.9Co0.1O3-δ, developed by
the Chair of Physical Chemistry at Montanuniversität Leoben), and the support material
γ-Al2O3.

The Ni/Al2O3 catalyst follows almost the Gibbs reaction utilized in the ASPEN Plus flow sheet
simulation, as CO2 methanation occurs at low temperatures (550 to 750 °C and atmospheric
pressure). With increasing pressure, methane formation experimentally increases and is
detectable at 6 bara and up to 850 °C. Nevertheless, the production of methane is measured
marginally less than predicted by the thermodynamic equilibrium. Higher GHSV values
significantly impact the product composition with lower methane formation and higher CO
proportion by applying the Ni/Al2O3 catalyst. This clearly indicated that CO formation is
kinetically favored against methane formation. In addition to catalyzing the rWGS reaction
in the higher temperature range of 750 - 950 °C, the Ni/Al2O3 catalyst also acts as a steam
reforming catalyst in the experimental tests. This results in the conversion of methane in
the feed gas stream into synthesis gas. The ability of the nickel catalyst to convert CH4 is
significant for the process design of a PtL plant, since recycle flows of downstream conversion
(for example Fischer-Tropsch) may contain CH4 which is reacted back to syngas in the
rWGS. Consequently, the implementation of the Gibbs reactor anticipates the least efficient
methane production scenario for the nickel-based catalyst in the PtL process. In contrast to
the Ni/Al2O3 catalyst, the perovskite catalysts are active only for the rWGS reaction and
suppress methane formation at atmospheric pressure and temperatures starting at 550 °C.
Equilibrium is almost reached from 650 °C onward. With increasing pressure (higher than
3 bara), CO formation approaches equilibrium at 650 °C, with a low concentration of methane
measurable in the product gas stream (< 2 vol.-% for 8 bara). However, the perovskite
catalyst exhibits a negative effect on CO production when the GHSV increases. Within the
experimental tests, the inactivity of the perovskite catalysts regarding steam reforming was
identified. Consequently, additional process units with appropriate catalysts active for steam
reforming are required to achieve a high process performance. Finally, the integration of a
Gibbs reactor is for all catalysts permissible, with the distinction of no carbon and methane
formation for the perovskite catalyst (treatment of carbon, CH4 and any higher hydrocarbons
as inert gases in the Gibbs reactor).

The results of the experimental investigation with the perovskite catalysts (section 3.3) are
adopted in ASPEN Plus flow sheet simulations to investigate numerous performance indicators
(product quantity, H2rec:H2feed ratio, carbon decomposition, PtL and carbon efficiency) of
the entire PtL process chain. The objective is to get an indication, whether a Ni/Al2O3 or
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perovskite catalyst is favorable in this PtL processes. The process setup consists of a rWGS
reactor, a Fischer-Tropsch synthesis and the product separation. Since the perovskite catalyst
suppresses methane formation in the experimental investigation even at low temperatures
around 550 °C and increased pressure of around 8 bara, it is simulated as a Gibbs reactor, in
which carbon and hydrocarbons (CH4 and higher) are regarded as inert and are not converted
or produced in the rWGS reactor. A detailed sensitivity analysis in chapter 4 shows that
the utilization of the perovskite catalyst in the rWGS reactor in PtL process chain with
Fischer-Tropsch synthesis result in higher efficiencies compared with the basic scenario, which
uses a nickel-based catalyst. In the case of applying perovskite catalysts in the rWGS reactor,
an additional steam reformer is mandatory to reconvert gaseous hydrocarbons produced in
the Fischer-Tropsch synthesis to syngas. Furthermore, a CO2 separation unit behind the
rWGS reactor is required to supply purified syngas for the downstream Fischer-Tropsch
reactor and there is also a necessity of an additional hydrogen separation unit downstream of
the rWGS reactor to adjust the H2:CO ratio in the Fischer-Tropsch feed gas. Both separated
gases (CO2 and H2) are compressed and recycled upstream of the rWGS reactor.

In conclusion, the use of perovskite catalysts offers theoretical advantages. When comparing
the Ni/Al2O3 and perovskite process routes 1 and 3 in case of an operating temperature of
950 °C and an S:C ratio of 4 in the reforming reactor, the PtL efficiency increased from 43.0 to
46.2 % for the PEM, and from 56.1 to 60.3 % for the SOEC technology. From the experimental
assessment, the results demonstrate that the perovskite catalyst enables the rWGS reaction
to occur at low temperatures (observed at 550 °C) and moderate pressures (studied up to
8 bara) without excessive methane production (< 2 vol.-%). This provides a significant benefit
over commercially available Ni/Al2O3 catalysts, as lower reactor temperatures positively
impact the engineering and design properties of the reactor equipment. Lower temperatures
allow a higher opportunity of material selection, making it a decisive advantage. Reduced
temperatures also result in lowered heat losses in the reactor system, consequently decreasing
operating expenses and net production costs.
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Finally, the research study is concluded by answering the research questions stated in the
introduction.

1. How should a PtL process for the production of polyolefins from cement plant off-gas
be designed in order to obtain an optimal, efficient and cost-effective plant from a
techno-economic point of view?

The techno-economic study in chapter 2 has shown that the process route
consisting of an amine scrubbing for CO2 separation, the production of hydro-
gen with a PEM electrolysis, a Fischer-Tropsch synthesis including product
separation with an upstream rWGS reactor and the embedding of an existing
steam cracker is the cost-optimized solution for polyolefin production and thus
advantageous compared to the methanol synthesis with methanol-to-propylene
unit.

2. The hypothesis of implementing a Gibbs reactor in the flow sheet simulations must
be confirmed by experimental tests. Is this assumption validated by the experimental
investigation of nickel- and perovskite-based materials?

The use of a Gibbs reactor in the Aspen Plus flow sheet simulations is permissi-
ble and was confirmed by the experimental results. When using a nickel-based
catalyst, the product gas composition is described very well by the Gibbs
reactor. In the case of methane formation in the lower temperature range
(< 750 °C), the experimental results are marginally overestimated by the Gibbs
reactor. The use of this reactor type therefore considers the worst-case sce-
nario, namely that thermodynamic equilibrium is reached. In contrast to
the nickel-based catalyst, methane formation is largely overestimated by the
Gibbs reactor when applying the perovskite catalysts. At temperatures around
650 °C and a pressure of 8 bara, a methane content of less than 2 vol.% is
determined in the experimental tests. A valuable finding was the inactivity
of the perovskite catalyst with regard to steam reforming reactions during
the experiments. Therefore, the implementation of the Gibbs reactor is per-
missible here, but with the restriction of carbon and methane formation and
conversion (carbon, methane and higher hydrocarbons must be treated as inert
components).
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3. Which influence has the perovskite catalyst compared to the nickel-based catalyst on the
KPIs, in particular on the efficiencies in the overall process, and is it worthwhile to
conduct further research in the field of perovskite catalyst materials?

The implementation of the behavior of a perovskite catalyst as a Gibbs
reactor with restrictions in methane formation and conversion has shown
that an additional process unit (steam reformer) needs to be incorporated
into the process chain. This is caused by the limited activity with regard
to steam reforming. Despite this additional unit, the efficiencies (PtL and
carbon efficiency) and also the product quantity are higher compared to nickel-
based catalyst. The employment of the perovskite catalyst favors the process
performance, which shows PtL efficiency increases of up to 4.2 percentage-
points and carbon efficiencies up to 1 percentage-points. Due to the lower
operating temperature in the rWGS reactor, further development of these
catalyst materials and the scale-up of the reactor design could cause far more
efficient PtL process chains.
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Outlook on further investigations

The comparison of various PtL process chains with a Fischer-Tropsch synthesis reveals,
that the implementation of a perovskite catalyst shows promising results for industrial and
large-scale applications. The initial tests of the perovskite catalyst yielded in suppression
of the methanation reaction at low temperatures and pressures up to 8 bara, limited to less
than 2 vol.-% CH4 (at 650 °C and 8 bara) in the product gas. In the operating scenario with
perovskite catalysts, the reintegration of the recycled gas stream from the steam reformer and
the behaviour of carbon formation in the rWGS reactor should be part of future investigation.
A method needs to be developed to quantify carbon formation after each experiment to
obtain a more accurate mass balance of the experiments.

Efforts to enhance the catalyst’s properties, primarily its specific surface area, could handle
the occurring problem with a decreasing CO formation with elevated GHSVs. Further
research on augmenting the specific surface could be executed by the Chair of Physical
Chemistry at Montanuniversität Leoben to achieve the highest possible CO concentration
and thermodynamic equilibrium for all operation points and increased GHSVs. The research
could on the one hand be extended by adding experimental tests with gas mixtures, adopted
by the combination of feed and recycle gas compositions. On the other hand, there could be
an increase of the reaction pressure up to 20 bara to obtain the product composition for these
operating conditions and expand the range of applications. The influence of higher pressure
on further side-reactions (e.g., formation of higher hydrocarbons such as C2H6, C2H4, C3H8,
or C3H6) is still unclear in the experimental setup and requires further research.

Within the first experimental tests, methanation was detected as an undesired reaction when
the feed gas mixture (CO2 and H2) was preheated using a heating pipe, where the material
was catalytically active for the methanation reaction. To address this issue, an optimization
of the experimental setup needs to be implemented to guarantee a separate heating zone
and non-catalytic mixing of the gases prior to feeding them into the reactor. The change
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of gas supply in separate lines and mixing shortly before entering the quartz glass reactor
aims to enable improved preheating without pre-reactions and facilitates higher GHSV values
in the system. Further adjustments in reactor design are necessary, if operating pressures
of 20 bara should be reachable at elevated temperatures up to 650 °C for perovskite and
up to 750 or 850 °C for nickel-based catalysts. At higher pressures, the reactor needs to
be modified, as the quartz glass tube cannot handle a pressure difference (outer-inner tube
side) of 20 bara anymore. Commercial stainless steel consisting of nickel-based materials,
promotes methane formation and increases the methane content in the reactor. Catalysts
such as the investigated perovskite material require unreactive reactor materials, otherwise,
undesired side-reactions (e.g. methanation) could occur and distort the actual results. Thus,
the focus should be on designing a reactor tube with a non-catalytic material or wall coating
to suppress those side-reactions.

Considering the mentioned modifications in the experimental system and the continued
advancement of the perovskite catalyst, the operating range could be expanded to 20 bara
with the benefit of supplementary experiments. These findings can be reintegrated into
ASPEN Plus simulations, with valuable knowledge for further process developments and
comparisons. Higher operating pressures in the rWGS reactor could eliminate the need
for intermediate compression between the rWGS and Fischer-Tropsch units, reducing the
need for compressors to only compensate for pressure losses. The reduction of pressure
levels could result in lower investment and operating costs, particularly in electricity costs.
After conducting the technical evaluation with the newly developed process chain in ASPEN
Plus, the net production costs could be recalculated using the investment and operating
cost calculation. These results may reveal further performance improvements and raise more
research questions, as well as offering initial decision-making options for scaling up to a pilot
plant.
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Publications and dissemination

7.1 List of publications relevant for this thesis

Table 7.1: List of conference papers and the peer-reviewed manuscripts referred to in this
study

Publication
number Title Journal or conference Citation

Publication 1

Evaluation of process struc-
tures and reactor technolo-
gies of an integrated power-
to-liquid plant at a cement
factory

Peer-reviewed journal
Published in Journal of

CO2 Utilization
[23]

Publication 2

Comparison and techno-
economic evaluation of
process routes for lower
olefin production via Fis-
cher–Tropsch and methanol
synthesis

Peer-reviewed journal
Published in International
Journal of Greenhouse Gas

Control

[24]

Publication 3
Impact of the Operation
Conditions on the Reverse-
Water-Gas Shift Reaction

Conference paper
EURECA Pro 2022 [25]

Publication 4
Process intensification of
the rWGS reaction by
perovskite-based catalyst

Submitted for review
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7.2 List of further publications

Table 7.2: List of further manuscripts published at conferences or in preparation for submission
in a journal

Publication
type Title Journal or conference Citation

Article 1 C2PAT - Carbon to Product
Austria

Conference paper
17. Symposium

Energieinnovation 2022
[21]

Article 2

Evaluation and Comparison
of the Conventional and
Renewable-based Polyolefin
Production based on Green-
house Gas Reduction

Conference paper
17th Minisymposium

Verfahrenstechnik, BOKU
Wien, Vienna (2023)

[59]

Article 3 Kinetic model of the Guer-
bet coupling reaction In progress

7.3 Conference attendances and presentations

• 26.01.2022 – Energieforschungsgespräche Disentis 2022, Disentis, Swiss

• 16.02.2022 – 17. Symposium Energieinnovation, Graz, Austria

• 31.03.2022 – Fachgruppentreffen Energieverfahrenstechnik, Bamberg, Germany

• 20.04.2022 – 22. Österreichischer Klimatag, Poster presentation, Vienna, Austria

• 22.08.2022 – ACHEMA 2022, Frankfurt/Main, Germany

• 19.09.2022 – Chemietage 2022, TU Wien, Austria

• 11.04.2022 – 23. Österreichischer Klimatag, Poster presentation, Vienna, Austria

• 13.04.2023 – 17. Minisymposium und 8. Partikelforum, BOKU Wien, Austria

• 30.05.2023 – 15th Mediterranean Congress of Chemical Engineering, Barcelona, Spain
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7.4 Co-supervised bachelor and master theses

• David Laimer. Simulation and evaluation of different methanol synthesis routes. Master
thesis. Montanuniversität Leoben, 2021.

• Alexander Pichler. Entwicklungen und Einsatz der Hochtemperatur-Fischer-Tropsch-
Synthese zur direkten Hydrierung von CO2. Bachelor thesis. Montanuniversität Leoben,
2023.

• Willy Duan. Literature review of the sustainable alcohol-to-jet fuel process. Bachelor
thesis. Montanuniversität Leoben, 2023.

• Marie Christin Böhm. Kinetik der Reverse-Water-Gas-Shift Reaktion. Bachelor thesis.
Montanuniversität Leoben, 2023.

• Stefan Hinterberger. Direct-Air-Capture-Verfahren - Ist-Erhebung zum Stand der Tech-
nik und Techno-Economic-Analyse. Bachelor thesis. Montanuniversität Leoben,(2024).

• Dominik Schrotter. Experimentelle Untersuchung der reversen Wasser-Gas Shift Reak-
tion im Labormaßstab. Master thesis. Montanuniversität Leoben, in progress (2024).
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A B S T R A C T   

A novel carbon capture and utilization (CCU) process is described in which process-related carbon dioxide is 
captured from cement plant exhaust gas (10,000 tons/year) and converted with green hydrogen in a Fischer 
Tropsch synthesis to liquid, mainly paraffinic hydrocarbons (syncrude, approx. 3000 tons/year) which is finally 
processed to polyolefins. This CCU process chain is simulated with the software package ASPEN Plus V12.1®. In 
a first step, the influence of hydrogen production technology, such as PEM and SOEC, and reverse water-gas shift 
reactor (rWGS) technology (electrified and autothermal design) on plant specific efficiencies (Power-to-Liquid 
PtL, carbon conversion), product volumes, and investment, operating and net production costs (NPC) is inves
tigated. Furthermore, process routes reducing the CO2 content in the Fischer Tropsch feed gas are elaborated, 
implementing a CO2 separation unit, or recycle streams back to the rWGS reactor. Unexpectedly, CO2 capture 
and recycle streams back to the rWGS show no significant impact on the performance of each process scenario, 
particularly in terms of the product quantity. However, lower PtL efficiencies and higher NPC are noticeable for 
these cases. The techno-economic assessment reveals that the use of a SOEC and an electrified rWGS reactor 
offers the technologically best and economically most optimized process chain with NPC of 8.40 EUR/kgsyncrude, 
a PtL efficiency of 54% and a carbon conversion of 85%.   

1. Introduction 

1.1. Motivation 

Triggered by the Paris Agreement, a step-by-step plan must be ful
filled in the European Union in order not to exceed the maximum pre
scribed increase in global warming of 1.5 ◦C. In the case of Austria, 
tightened climate targets envisage a reduction in greenhouse gas emis
sions of 40% by 2030 compared to the reference year 1990. Austria 
should reach climate-neutrality by 2040 [1]. The Austrian cement 

industry emitted about 9% of the country’s ETS-certified carbon dioxide 
emissions and almost 3.3% of total national greenhouse gas emissions in 
2019. Total CO2 emissions from Austria’s cement plants reached nearly 
3 million tons of CO2 in 2020. Potential savings in CO2 emissions from 
cement production can be achieved by further optimizing processes in 
clinker production, covering fuel demand with low carbon sources, 
using green electricity in the entire production process and switching to 
carbon-neutral transportation routes [2]. However, about two-thirds of 
the carbon dioxide emitted originates from the calcination of calcium 
carbonate, and only one-third from fuel combustion [3]. The increase in 
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Polyethylene; PEM, Proton Exchange Membrane Electrolysis; PP, Polypropylene; PtL, Power to Liquid; R, Chilton Factor; ROI, Return On Investment; rWGS, reverse 
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CO2 prices (ramped up from 26 EUR/tCO2 at the beginning of 2020–80 
EUR/tCO2 by start of 2022) and the recent decision to introduce a CO2 
tax (30 EUR/tCO2 in 2022, as envisaged in Austrian law “ÖkoStRefG 
2022 Teil I”) have raised the economic pressure further [4]. The use of 
carbon capture and utilization plants in cement production could reduce 
1771 kt of clinker production-related CO2 emissions [5]. One possible 
utilization option is the conversion of the emitted CO2 into plastics. 
Globally, plastic consumption increased from 1.5 billion tons in 
1950–359 billion tons in 2018 [6], of which polypropylene (PP) 
comprised 17 wt.-%, and polyethylene (PE) 28 wt.-%. These polyolefins 
are mainly used in the packaging and bottle-production industries [7]. 
Currently, fossil feedstock such as crude oil are partially converted into 
naphtha and further processed into PP and PE. The use of carbon dioxide 
as a renewable based feedstock for polyolefins production is unique in 
combination with a cement plant and is addressed in detail in this study. 
A pilot plant for syncrude production should be planned for a cement 
plant in order to obtain practical experience with the process of pro
ducing renewable plastics from CO2. Since the synergies of an existing 
refinery are to be utilized, the polyolefin production via FTS is consid
ered in this study, since the post-processing of the syncrude can be 
performed in the existing steam crackers. The potential process route to 
methanol and further to olefins is not feasible in this case, since a 
methanol-to-olefin plant is not available and is also not appropriate in 
pilot plant size. 

Many studies deal with the simulation and economical assessment of 
a PtL plant producing electrified fuels (e-fuels) from CO2 and hydrogen 
[8–12]. All these studies include a reverse water-gas shift reactor 
(rWGS), producing in a first step synthesis gas (a mixture of H2 and CO), 
which is downstream converted in a Fischer Tropsch synthesis to syn
crude and upgraded to jet fuel or diesel. Adelung et al. simplifies the 
carbon capture process by implementing a pseudo amine-based carbon 
capture unit with a thermal energy demand of 3.8 MJ/kg CO2 and an 
electrical energy demand of 0.14 MJel/kg CO2. Hydrogen production is 
based on one technology, namely the low temperature PEM electrolysis 
with an efficiency variation from 60% to 70%, as well as only one rWGS 
reactor technology (combustion of recycle gas) is simulated in their 
study [11]. Albrecht et al. considers different CO2 sources from biomass 
and fossil origin, but also included only the low temperature PEM 
electrolysis for hydrogen production in the simulation and economic 
evaluation [10]. In a preliminary study by Markowitsch et al. [13], the 
recycle streams of the Fischer-Tropsch synthesis (FTS) purge gas and 
factors affecting catalyst selection were investigated systematically. It 
was shown that the variation of the gas recycle streams, one back to the 
rWGS-, and the second back to the FTS reactor, has an impact on process 
efficiencies. The best performance is achieved with a complete gas 
recycle stream back to the rWGS reactor. In addition, CO conversion and 
CH4 selectivity play important roles in achieving high efficiencies. 

Beyond these previous studies, in this work the impact of different 
process configurations which vary the CO2 content in the feed gas to the 
Fischer Tropsch synthesis, as well as various technological options for 
the rWGS reactor and the electrolysis are systematically investigated for 
the first time. A reference Process Setup is defined in chapter 2 and 
therefrom, four fully heat integrated PtL process chains are defined as 
independent simulation cases to capture 10,000 tons of CO2 annually. In 
each of these four PtL process chains, two different types of electrolysis 
(low- and high-temperature, with an electrical demand of 10.7 and 7.0 
MW, respectively) and two different rWGS reactor technologies (elec
trified and autothermal design), respectively, are integrated, and the 
effect on the overall performance is examined. For this purpose, key 
performance indicators (KPIs, defined in chapter 3), such as the PtL ef
ficiency and carbon conversion, the specific energy consumption as well 
as the total product quantity and investment, operation and net pro
duction costs are calculated. Finally, a comparison of the different 
Process Setups and reactor/electrolysis technologies is done, and an 
optimum PtL process chain is determined based on technological and 
economical considerations. 

In conclusion, this study aims to compare the investigated process 
routes to form the basis for a decision on the overall process design and 
proper selection of operation conditions as well as available techno
logical options. 

2. Detailed process description 

A basic process concept for a pilot plant is created with the aim of 
providing an experimental platform for further research on a complete 
PtL process chain. The data obtained and general experience shall be 
used for the preparation of the basic engineering for a full-scale, in
dustrial plant. Fig. 1 shows a block-flow diagram of the PtL process. 
Captured carbon dioxide from cement plant flue gases is used as feed
stock for a multi-step catalytic conversion to renewable polyolefins. 

In a first step, CO2 is separated from the cement plant exhaust gas 
with an amine scrubber unit. In order to catalytically convert CO2, green 
hydrogen is produced as reaction partner in an electrolysis unit powered 
by renewable electricity from the grid. The green hydrogen and CO2 are 
converted in a reverse water-gas shift reactor to synthesis gas (syngas). 
Syngas is used as feedstock in the subsequent Fischer-Tropsch synthesis. 
In a low temperature FTS reactor, the syngas usually reacts to pre
dominantly long chain paraffinic hydrocarbons. The FTS product, also 
called syncrude, is separated downstream into three fractions: naphtha, 
middle distillate, and wax. These products are transported separately to 
a nearby refinery, where these fractions are further treated in appro
priate steam crackers, and the produced ethylene and propylene are 
integrated into the existing polyolefin production process. 

The simulation starts with the separation of CO2 from cement 
exhaust gas and ends with the synthesis product separation downstream 
of the Fischer-Tropsch reactor, since the downstream process units 
steam cracker and polymerization are already existing installations in 
the refinery. In this chapter, the main equipment used for the compar
ison is described and the simulation assumptions are explained. In 
general, four different structures of such a PtL plant are used for com
parison purposes (Fig. 2). The basic process consists of an amine 
scrubber, an electrolysis for hydrogen production, a Fischer-Tropsch 
synthesis with upstream reverse water-gas shift reactor, and the prod
uct separation unit (Process Setup 1). According to the findings of 
Markowitsch et al., the gas stream from the product separation unit is 
recycled upstream of the rWGS reactor. There is no recycle stream 
around the Fischer-Tropsch reactor [13]. The basic process (Process 
Setup 1) is shown in Fig. 2 and Fig. 4. Due to the fact that CO2 is treated 
as inert gas in the FTS, the influence of CO2 separation downstream of 
the rWGS reactor is investigated in Process Setup 2. A generic carbon 
capture unit is implemented behind the water condensation flash drum 
with an assumed capture efficiency of 95%. In the third Process Setup an 
internal recycle stream for part of the rWGS product gas (34 mol-%) 
back to the CO2 feed gas stream is realized, as first proposed by Else
rnagawy et al. [14]. For saving an additional compressor, the rWGS 
recycle gas is expanded, mixed with the concentrated CO2 from the 
carbon capture unit and compressed again to operating pressure by the 
existing CO2-compressor. (Process Setup 3). Finally, the fourth option is 
an internal recycle stream (34 mol-%) around the rWGS reactor, 
whereby an additional compressor compensates the pressure difference 
(Process Setup 4) [14]. 

In addition to the modification of the process structure in the four 
scenarios as shown in Fig. 2, the second part of the study investigates the 
impact of different rWGS reactor and electrolysis technologies. The heat 
demand of the rWGS reactor can be covered by electricity (electrified 
rWGS, colored violet) or by the combustion of hydrogen (autothermal 
rWGS reactor, colored blue in Fig. 2) [15,16]. The autothermal reactor is 
designed as an in-situ combustion to supply heat for the rWGS reaction. 
The burner is fed with additional hydrogen and oxygen, which is fired in 
a combustion chamber and the reaction takes place in the catalyst sec
tion. The reaction gas is fed into the reactor via a side inlet and reacts in 
the catalyst bed to synthesis gas [17]. Wismann et al. describe an 
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electrically heated steam methane reforming reactor. It is assumed that 
this technology can also be applied to the rWGS reactor [15]. Chiesa 
et al. reported on the other option the use of an autothermal reactor in 
which additionally generated green hydrogen is fired to cover the heat 
demand [16]. In terms of hydrogen production by electrolysis, an 
additional technology comparison is carried out between a low tem
perature electrolysis (PEM, colored orange) and high temperature 
electrolysis (SOEC, colored green in Fig. 2) [18]. All combinations of 
process chains and equipment options result in 16 individual cases, 
which are compared in this study. 

2.1. Amine scrubber unit 

The exhaust gas from the cement plant has a composition of 14 vol.- 
% CO2, 64 vol.-% N2, 12 vol.-% H2O and 10 vol.-% O2 and a total vol
ume flow of 1.41 Nm3 /s. Impurities such as SOx, NOx, Hg can also be 
present in small concentrations due to the cement production process, 
depending on the raw material and fuel used, as well as the operating 
conditions [3]. A pre-treatment unit has to be installed to reduce the 
concentrations of these components in order to protect the amine sol
vent from degradation. However, the pretreatment unit is not integrated 
into the simulation as it does not influence the product yields of this 
study. Taking the equipment costs of bed guards of Albrecht et al. into 
consideration, these units have no significant impact on the total 

investment costs [10]. The hot exhaust gas is extracted from the stack at 
atmospheric pressure and compressed by a blower. The gas outlet 
temperature is close to 110 ◦C, and in the pre-wash system, cooling and 
dust removal takes place. Only water is used in the prewasher tower due 
to the assumption of pretreated and SOx free off gas. The carbon capture 
unit is simulated as an amine scrubber, using a 30 wt.-% mono
ethanolamin (MEA) solution as solvent. The entrance to the packed 
absorber tower is at the bottom, where the gas stream enters at a tem
perature of 40 ◦C and pressure of 0.4 barg. The solvent is injected at the 
top and trickles down countercurrently to the gas stream. The CO2 dis
solves in the solvent and the lean gas leaves the absorber tower at the 
top. At the bottom, the rich solvent is removed, heated, and fed to the 
desorber tower. In the desorber tower, a reboiler is installed to balance 
the required heat for CO2 release of about 3.8 MJ/kgCO2 (e.g., using 
steam from the cooling system of the Fischer-Tropsch reactor) [19]. By 
rising the temperature, CO2 and water (steam) desorb from the loaded 
MEA solvent. The steam is condensed to achieve a purity of more than 
95 wt.-% CO2 in the product stream. To maintain a closed loop, the lean 
absorbent is fed back into the absorber tower. Possible degradation of 
the amine solvent is not considered in the simulation. Degradation 
would lead to additional amine consumption and subsequently to higher 
operational costs. The complete range of contaminants in cement plant 
off-gas are unknown. However, previous cleaning units protect the 
sorbent from sulfur (CuO and NiO guard beds) and guarantee a long life 

Fig. 1. Block-flow diagram to produce polypropylene and polyethylene from a cement plant off-gas.  

Fig. 2. Process Setup 1: Basic structure of the PtL process; Process Setup 2: Implementation of a CO2-separation unit downstream of the rWGS reactor; Process Setup 
3: Recycle stream around the rWGS reactor with pressure reduction; Process Setup 4: compressed recycle around the rWGS reactor. 
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time [20,21]. Therefore, this simplification is justified. 

2.2. Hydrogen production 

Green hydrogen is used as reaction partner to produce synthesis gas 
and the associated activation of CO2. Green hydrogen production tech
nology can be divided in two main categories – low- and high- 
temperature electrolysis. Both types require very pure water as feed. 
However, a water treatment plant is not included in the simulation 
because it would be the same for both technologies. In an electrolysis, 
the fed water is split into its main components, hydrogen and oxygen, by 
a strongly endothermic reaction (Eq. 1). 

H2O(aq)→H2,(g) +
1
2

O2,(g) ΔH298K
r = +286kJ

/

mol (1) 

A major advantage of high temperature electrolysis, which operates 
at temperatures between 700 and 1000 ◦C and atmospheric pressure, is 
that part of the reaction enthalpy required is covered by the heat supply 
(in the form of steam). Consequently, the electrical energy demand is 
lower, while the PtL efficiency is significantly improved [18]. To in
crease the pressure of the hydrogen stream to the operating conditions of 
the rWGS reactor (10 bar (g)), an additional compressor must be applied 
downstream the SOEC unit, in contrast to PEM electrolysis. However, 
PEM electrolysis requires cooling facilities, which is unfavorable in 
terms of energy efficiency, as these may require up to 17% of total 
electrical energy demand [22]. In the simulation, the specific energy 
demand for the production of green hydrogen is assumed to 4.7 
kWh/Nm3 H2 for PEM electrolysis, and 3.6 kWh/Nm3 H2 for SOEC [18, 
23]. Green hydrogen forces the use of renewable energy by definition. 
The simulation of the electrolysis is performed as a stoichiometric 
reactor with an assumed total conversion efficiency of 95% of the water 
feed [24]. Water is pre-heated to 75 ◦C in case of PEM and steam is 
produced in case of SOEC (according to the feed specifications of tech
nology provider “Sunfire” [23]). It is assumed that the SOEC has an 
internal heat integration for high temperature heat, and only the elec
trical system energy consumption (3.6 kWh/Nm3 H2) needs to be pro
vided externally. The output flows of the SOEC (H2 and O2-air mixture) 
are estimated at a temperature of 160 ◦C (same as input temperature). 

2.3. Syngas production 

As mentioned earlier, some authors have discussed the simulation 
and operation conditions of the rWGS reaction. Whereas Adelung et al. 
and König aimed to design a PtL process with high efficiencies and 
product yields in kerosene production, the operation conditions of 
Markowitsch et al. have been chosen in order to maximize syncrude 
product quantity [8,11,13]. The rWGS reaction (Eq. 2) is due to the high 
operating temperatures not kinetically, but thermodynamically limited 
[25,26]. 

CO2 +H2 ↔ CO+H2O ΔH298K
r = + 41kJ

/
mol (2) 

Therefore, it is a reasonable assumption to treat the rWGS reaction in 
the simulation as Gibbs reactor, whereas CO, CO2, CH4, H2, H2O, C(S) 
and higher hydrocarbons (C2 – C30) are defined as occurring species. The 
Gibbs reactor calculates the product composition by minimizing the 
level of Gibbs-free energy for an H2:CO2 ratio of 3:1 (Fig. 3) [27]. This 
thermodynamic analysis was carried out without taking into account 
possible recycle streams (e.g. FT recycle). When considering the ther
modynamic equilibrium of the rWGS reaction (Eq. 2), steam reforming 
(Eq. 3), dry reforming (Eq. 4), the Bosch reaction (Eq. 5) and Boudouard 
equilibrium (Eq. 6) are potential side reactions within the rWGS reactor. 
The operating conditions of the rWGS reactor are optimized to reach 
high CO selectivity (Eq. 7) and high CO2 conversion (Eq. 8). 

CH4 + H2O ↔ CO + 3H2 ΔH298K
r = +206kJ

/
mol (3)  

CH4 + CO2 ↔ 2CO + 2H2 ΔH298K
r = +247kJ

/
mol (4)  

CO2 + 2H2 ↔ C(s) + 2H2O ΔH298K
r = − 91kJ

/
mol (5)  

2CO ↔ CO2 + C(s) ΔH298K
r = − 172kJ

/
mol (6) 

The selectivity is defined in Eq. 7 as the ratio of carbon monoxide 
produced (ṅCO in kmol/h) to converted carbon dioxide (ṅCO2 in kmol/h). 

S(CO) =
ṅCO,out − ṅCO,in

ṅCO2 ,in − ṅCO2 ,out
(7) 

Fig. 3. Thermodynamic equilibrium and CO selectivity of the rWGS reaction for an inlet ratio of H2:CO2 = 3:1 as a function of temperature (300–1100 ◦C) and 
pressure (1, 10 and 30 barg). 
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CO2 conversion is defined in Eq. 8 as the ratio of converted CO2 
(ṅCO2 ,in-ṅCO2 ,out in kmol/h) to the inlet CO2 mole stream (ṅCO2 ,in in kmol/ 
h). 

X(CO2) =
ṅCO2 ,in − ṅCO2 ,out

ṅCO2 ,in
(8) 

The chosen operating temperature is 950 ◦C, and the pressure is set 
as low as possible at 10 barg to achieve high CO selectivity and CO2 
conversion. These conditions suppress also undesired side reactions such 
as methanation, the Bosch reaction and Boudouard equilibrium (Eq. 3 to 
Eq. 6) [13,28]. Since coke formation leads to catalyst deactivation, the 
rWGS reactor is operated with an over-stochiometric H2:CO2 input ratio. 
Furthermore, the hydrogen flow is adjusted to achieve the desired 
output ratio of H2:CO = 2.08 (specification of FT feed gas composition 
explained in chapter 2.4). The over-stochiometric feed gas composition 
suppresses these deactivation reactions [13]. 

The gaseous components emerging from the product separation unit 
downstream of the FTS consist of methane and higher order hydrocar
bons, and are therefore recycled back to the rWGS reactor. Feeding 
methane into the rWGS reactor results in a higher heat demand 
compared to the rWGS reaction (Eq. 2) alone, due to the high reaction 
enthalpy of reforming reactions (Eq. 3 and Eq. 4). However, methane 
and higher hydrocarbons are converted back to syngas in the rWGS 
reactor, which is operated under conditions favorable for reforming, and 
thus the overall process efficiency is influenced positively. 

2.4. Fischer-Tropsch synthesis 

Low-temperature Fischer-Tropsch (LTFT) synthesis is used in the 
simulation, which enables changes in the final products depending on 
market demand. The production of normal paraffinic hydrocarbons is 
assumed, which can be further processed into a wide spectrum, e.g., 
chemicals, fuels and plastics, such as polypropylene or polyethylene, 
and other products. The main reaction (Eq. 10) is highly exothermic. 
Side reactions converting syngas into oxygenates, aromatics and naph
thene are ignored in the simulation. This assumption is acceptable 
because syncrude mainly consists of paraffins. The product separation 
does not contain a distillation unit, but the Fischer-Tropsch product is 
only separated with flash drums [13,29]. Exact boiling cuts of each 
fraction are not necessary, since further processing of the produced 
fractions in the steam cracker of the refinery is considered [29]. The 
impact of various CO conversions (40% and 60%) and CH4 selectivities 
(8% and 16%) have been already investigated in a preliminary study 
[13]. The FTS is considered to be a conversion reactor in which the CO 
conversion is set to XCO = 40% [9,11,13]. Product formation follows the 
Anderson-Schulz-Flory (ASF) distribution model. In the standardized 
ASF distribution, the formation of CH4 is underestimated, and the for
mation of C2H6 is overestimated [30]. For an approach to real hydro
carbon distributions with higher methane selectivity, the methanation 
reaction (Eq. 9) also proceeds in the FTS with an CH4 selectivity of SCH4 
= 16% [9,11,13]. The overestimation of C2H6 formation is neglected in 
the FTS (same strategy as Adelung et al. and König et al.) [9,11]. The 
product distribution strongly depends on temperature, pressure, H2:CO 
ratio, and catalyst properties. The chain growth probability α needs to 
reach a high value between 0.9 and 0.95 to achieve high conversion 
rates and good efficiencies [31]. 

CO2 + 4H2 ↔ CH4 + 2H2O ΔH298K
r = − 165kJ

/
mol (9)  

CO + 2H2→ − CH2 − +H2O ΔH298K
r = − 140to − 160kJ

/
molCO (10) 

For a chain growth probability of 0.92, according to Ostadi et al., a 
feed-gas ratio of H2:CO = 2.08:1 is necessary [32]. A temperature of 
220 ◦C and pressure of 25 barg are selected as operating conditions [11, 
32]. The product separation into three fractions (naphtha, middle 
distillate, and wax) is achieved by extracting the wax (>C22) directly 

from the Fischer-Tropsch reactor as a liquid due to its high boiling point 
(>220 ◦C). In the downstream two-stage flash unit, the gaseous stream is 
cooled to 100 ◦C at the same pressure level. At this stage, the middle 
distillate (C11-C22) and water liquifies partially and are separated. The 
remaining gas stream is depressurized to 11 barg and further cooled to 
20 ◦C to obtain the naphtha (C5-C10) and water fractions. The water is 
removed from the products in a three-phase separator. The remaining 
gaseous stream contains unconverted gases (CO, H2), hydrocarbons 
(C1-C4) and inert gases such as nitrogen or CO2. Therefore, a purge gas 
stream (2 mol-%) is introduced which avoids the accumulation of 
unreactive gases. The remainder is recycled upstream of the rWGS 
reactor. This recycle design delivered the best simulation results and 
KPIs in a previous study [13]. 

3. Simulation procedure 

The PtL plant is simulated in ASPEN Plus V12.1® to capture 10.000 
tons CO2 annually (stream C-5 in Fig. 4). The flow sheet consists of two 
main sections: the carbon capture unit which is simulated with the 
ELECNRTL property method, taking into consideration the amine and 
CO2 absorption and desorption reactions [33]. The second part, 
including the electrolysis and synthesis, is implemented using the 
PENG-ROB method. Fig. 4 shows the basic flow sheet (for Process Setup 
1) of the process chain. 

Since the simulations consist of different equipment and process 
structures, the main settings are summarized in Table 1. The mass and 
energy balances, as well as the following key performance indicators, 
Power-to-Liquid efficiency (Eq. 11), carbon efficiency (Eq. 12), specific 
energy consumption (Eq. 13), product fraction and total product quan
tity, are calculated as results of the performed simulations. The energy 
balance of each scenario is performed using the software ASPEN Energy 
Analyzer V12. This allows a comparison of the heat integration for each 
scenario with a pinch analysis (standard temperature difference of 
10 ◦C), and reveals whether energy is used or generated (e.g. steam) in 
the different process setups. For this purpose, the supplied and dissi
pated heat flows at the corresponding temperatures are plotted in an H-T 
diagram (enthalpy over temperature). The carbon capture unit, elec
trolysis and FTS inclusive product separation unit are included. The final 
products (naphtha, middle distillate and wax) are cooled to 40 ◦C, but 
the oxygen stream from the electrolysis does not require cooling, as it 
can be used directly in the cement plant. The energy balance is strongly 
influenced by the different technology options (i.e. high temperature 
electrolysis (SOEC) versus PEM electrolysis). 

The PtL efficiency ηPtL is calculated as the quotient of the heating 
value of the individual product fraction i (LHVi in kWh/kg) multiplied 
by the associated product quantity (ṁi in kg/h) to the electrical energy 
used by the electrolysis (Pel in kW) and the utilities (Pu in kW). 

ηPtL =

∑
(ṁi*LHVi)

Pel + Pu
(11) 

The carbon efficiency ηcarbon is the ratio of carbon atoms present in the 
liquid product fractions (

∑
ṅc,prod,i) to carbon atoms fed to the PtL plant 

including the carbon capture unit (ṅc,feed). 

ηcarbon =

∑
ṅc,prod,i

ṅc,feed
(12) 

The specific energy consumption (SEC, Eq. 13) is defined as the ratio 
of required total energy to the total Fischer-Tropsch product quantity. 

SEC =
Pel + Pu

ṁtotal
(13)  

4. Investment and operating cost calculations 

Economic considerations also play an important role in the deter
mination of the optimum process for syncrude production, in addition to 
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technical issues. For a valid comparison, it is necessary to calculate in
vestment and operating costs for each process configuration considered, 
which are in line with Table 1. The use of different equipment and 
process setups in the PtL value chain results in significant changes in cost 
structures. 

Investment cost calculations are executed with additional software 
by AspenTech, namely Aspen Process Economic Analyzer V12® (APEA), 
which has implemented an investment cost database from Q1/2019. 
This PtL plant is in the design stage, therefore an investment cost de
viation of − 50/+ 100% of the total inside battery limit (ISBL) cost must 
be considered [34]. ISBL costs include the main pieces of equipment 
such as heat exchangers, compressors, heaters and coolers. The outside 
battery limit (OSBL) costs (contributed of auxiliary facilities such as 
cooling towers, substations for electricity grids, etc.) are not exactly 
known due to uncertainties in local infrastructure. They are considered 
in the investment calculation as surcharge factors (factors R6 and R7 in  
Table 2). The simulation built up in Aspen Plus is imported into APEA 
and the investment cost of the simulated equipment is calculated. For 
the Fischer-Tropsch reactor, a tube bundle heat exchanger is used ac
cording to Markowitsch et al. [13], for which purchase costs of 180,000 
EUR are considered in all Process Setups since the gas volume flow 
through the Fischer-Tropsch reactor is nearly the same for all scenarios. 
The investment costs for the two electrolysis technologies are taken from 
Trattner et al. with an average of 1400 EUR/kW for PEM technology. 
Since the plant size of the manufactured SOEC is according to Trattner 
et al. still very low (<0.15 MW), the investment costs of 1900 EUR/kW 
are assumed from the upper cost range for this technology [18]. 

The technology readiness level (TRL) for a rWGS reactor is relatively 
low with TRL 6 compared to the Fischer-Tropsch synthesis (TRL 9) [35]. 
Therefore, the investment costs cannot be derived from projects using 
this type of reactor. A simplification can be made by using figures from 
the literature for reactors operated with the same or more advanced 
requirements, e.g., the steam methane reforming (SMR) reactor. The 
investment costs for a small-scale SMR reactor (0.15–15 MW) are re
ported in the range of 3000–5000 USD/kW [36]. The exchange rate 
between EUR and USD is not decisive for this comparison. As two types of rWGS reactors, the electrified and autothermal versions, are 

Fig. 4. Simplified flow sheet of the ASPEN Plus simulation consisting of the carbon capture unit, the PEM electrolysis and the synthesis with product separation.  

Table 1 
Compilation of the different PtL scenarios with variations in main equipment and process structure.  

SCENARIO 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15 16 

PEM X X X X X X X X         
SOEC         X X X X X X X X 
e-rWGS X X X X     X X X X     
Autothermal reactor     X X X X     X X X X 
CO2 separation  X    X    X    X   
rWGS recycle   X    X    X    X  
rWGS rec. incl. compression    X    X    X    X  

Table 2 
Definition of used Chilton factors for total investment calculation [37].  

Factor Markup category Factor range Factors used 
for carbon 
capture & 
FTS 

Factors used 
for 
electrolysis 

EC Equipment costs      
R1 Equipment 

installation   
1.15  0.00 

R2,1 Process piping – 
Process Setup 1 

liquid 
(30–60%)  

0.35  0.15 

R2,2 Process piping – 
Process Setup 2 

liquid 
(30–60%)  

0.40  0.15 

R2,3 Process piping – 
Process Setup 3 

liquid 
(30–60%)  

0.40  0.15 

R2,4 Process piping – 
Process Setup 4 

liquid 
(30–60%)  

0.40  0.15 

R3,1 Electrified rWGS 
reactor 

addition to 
pipeline factor  

0.00  0.00 

R3,2 Autothermal rWGS 
reactor 

addition to 
pipeline factor  

0.05  0.05 

R4 Instrumentation 
and automatic 
control 

largely 
(12–20%)  

0.15  0.00 

R5 Building and 
construction 

outdoor 
(10–30%)  

0.20  0.20 

R6 Auxiliary systems strong addition 
(5–25%)  

0.15  0.10 

R7 Outside lines medium 
(5–15%)  

0.15  0.00 

IT Intermediate Total      
R8 Engineering and 

construction 
difficult 
(35–60%)  

0.40  0.00 

R9 Risk and unforeseen possible 
adjustments 
(20–30%)  

0.20  0.00 

R10 Size factor pilot plant  0.50  0.00 
TIC Total investment 

costs       
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considered, a differentiation must be made. According to Wismann 
et al., the implementation of an electrified rWGS reactor (e-RWGS) leads 
to lower sizing due to improved thermal management [15]. Therefore, 
the literature assumption for the specific costs of a SMR reactor can be 
reduced by one third to 2000 EUR/kW [36]. In comparison, an auto
thermal reactor with H2 combustion is assumed to have the same in
vestment costs as an SMR reactor with 3000 EUR/kW [36]. 

In Process Setup 2, the investment costs for the additional CO2 sep
aration unit downstream of the rWGS reactor is calculated with the same 
specific investment costs of 530 EUR/(tCO2/year) as for the carbon 
capture unit at the cement plant. The specific costs are derived from the 
investment costs calculated of 5.3 MEUR (Table 10) of the amine 
scrubber unit capturing 10,000 tons of CO2 per year (100,000 tons of 
CO2 for 10 years). 

The total investment costs of each scenario are determined by using 
the Chilton factor method, whereas i indicates the scenario number [37]. 
First, the intermediate total (ITi, Eq. 14) is calculated using the equip
ment costs (ECi) calculated by APEA and additional factors (R) listed for 
each category as markup costs in Table 2. By applying the supplement 
factors, it is distinguished between carbon capture, FTS and electrolysis 
unit, because electrolysis is a modular design, and thus some factors do 
not apply. Index j indicates the considered Process Setup 1–4 and is 
applied in factor R2 (e.g., j = 1 – R2,1 – Process Piping for Process Setup 
1). Index k describes the implemented rWGS reactor technology in factor 
R3 (k = 1 – R3,1 – electrified, k = 2 – R3,2 – autothermal reactor design). 

ITi = ECi*R1*(1+R2,j +R3,k +R4 +R5 +R6 +R7) (14) 

The total investment costs (TICi, Eq. 15) consider the engineering 
and construction (R8), the risks and unforeseen events (R9) as well as the 
size (R10) of the designed plant. 

TICi = ITi*(1+R8 +R9 +R10) (15) 

Beside the investment costs, also the operation needs to be consid
ered. The operation time of the PtL plant is assumed to match the typical 
annual operation hours of a cement plant of 7880 h/a. The main driver 
in the category of operating costs is the electricity price covering the 
demand of electrical energy for hydrogen production in the electrolysis. 
Electricity prices are rising nowadays and are at an average value of 200 
EUR/MWh (rounded average value of Q4/2021 and Q1/2022) [38]. 
Water prices are assumed to be at 1.85 EUR/m3 [39]. Furthermore, 
operation and maintenance (O&M) costs, as well as personnel costs, are 
considered in the form of additional costs amounting to 4% (average of 
3% for electrolysis and 5% for reformer unit, adopted from Keipi et al. 
[40]) and 1.5% of total capital investment costs, respectively [13]. In 
order to amortize the investment costs in 10 years, the depreciation rate 
(DR) corresponds to 10%. An interest rate (ROI) of 8% should also be 
included. The tax introduced in Austria in line with “ÖkoStRefG 2022 
Teil I” (30 EUR/tCO2) and additional carbon dioxide emission costs (80 
EUR/tCO2) have a positive impact on the product price calculation, but 
not on net production costs. Therefore, these costs are not included in 
this study [41]. The net production costs of syncrude are related, on the 
one hand, to the product quantity (NPC in EUR/kgsyncrude in Eq. 16), and 
on the other hand to the product (chemical) energy content expressed by 
the Lower Heating Value (LHV, 44 MJ/kg) calculated by ASPEN Plus 
(NPCch in EUR/kgch in Eq. 17). 

NPC =
OPEX incl.ROI

ṁsyncrude
(16)  

NPCch =
OPEX incl.ROI
LHV*ṁsyncrude

(17) 

Recent turbulence in market prices of electricity, water and rising 
investment and personnel costs require the creation of a sensitivity study 
for operational and net production cost calculations exemplarily for 
scenario 1 and 9, including the effect of electrolysis technology on these 

expenditures. Therefore, the prices used and ratios for the main cate
gories (electricity, water, O&M, personnel and also investment costs) are 
differentiated using an optimistic (− 50%) and a pessimistic (+100%) 
case for base prices or factors. The considered sensitivity cases are given 
in Table 3. 

5. Results and discussion 

For each of the aforementioned 16 scenarios the product flows, as 
well as heat and energy balances are simulated, and financial figures, i. 
e., investment costs and operating costs, are calculated. The most 
important technical key performance indicators are the power-to-liquid 
efficiency and the product quantity, while the investment, operating and 
net production costs involved have a major influence on the economic 
assessment and decision on the optimum process chain [8]. 

5.1. Mass and energy balance, efficiency calculation 

The mass balance is divided into two sections, namely the carbon 
capture unit and the synthesis including the electrolysis unit. The carbon 
capture section is balanced only once, as the capture quantity of 10,000 
tons of CO2 annually is the same for each scenario. 

The mass balance for the carbon capture unit is given in Table 4. The 
separation efficiency of the amine scrubber unit is calculated with 90%. 
High amounts of water escape in the clean gas of the absorber tower, 
whereas also MEA is released into the atmosphere. To obtain constant 
liquid volume flows, an amine make-up is necessary, which balances the 
water and amine losses. The purity of concentrated CO2 equals to 96 wt.- 
% wet or 99.9 wt.-% dry. 

Table 5 and Table 6 quantify the inlet and the outlet streams of the 
water electrolysis and the downstream Fischer-Tropsch synthesis unit, 
respectively. The locations of the balanced media in the process are 
indicated in the flow sheet (Fig. 4). The water demand for the electrol
ysis feed varies for each scenario, depending on the applied rWGS 
reactor and hydrogen production technologies. Comparing the Process 
Setups in terms of the implementation of previously defined process 
facilities (CO2 separation and recycle stream around rWGS reactor), the 
mass balance shows that an additional recycle stream with and without 
compression (Process Setup 3 and 4) has no impact on the total product 
quantity compared with the standard process route (Process Setup 1). In 
all scenarios, about 60 wt.-% contributes wax, 29 wt.-% middle distillate 
and 11 wt.-% naphtha. Only the inclusion of an additional CO2 capture 
unit downstream of the rWGS reactor produces a small amount of 2 kg/h 
additional product, as the CO2 capture from the rWGS product gas 
stream and recycle upstream of the rWGS reactor increases the CO2 
concentration of the gas fed into the rWGS reactor. A capture efficiency 
of 95% was selected for this calculation. In order to maintain the H2:CO 
ratio, more H2 must be supplied correspondingly in Process Setup 2. In 
these simulation results, this leads to an additional hydrogen demand of 
1 kg/h. The four scenarios 2, 6, 10 and 14 with additional CO2 separa
tion (Process Setup 2) differ from the mass balances of Process Setups 1, 
3 and 4 and are therefore shown individually in Table 5 and Table 6. It 
can be concluded that a capture of the CO2 downstream of the rWGS 
reactor has no significant impact on the product yield, and CO2 behaves 
like an inert gas in the Fischer-Tropsch synthesis. Whether CO2 is 

Table 3 
Assumptions for sensitivity analysis on net production costs.  

Utility or ratio Optimistic case 
(- 50%) 

Base case 
(+/- 0%) 

Pessimistic case 
(+ 100%) 

Electricity price 100 EUR/MWh 200 EUR/MWh 400 EUR/MWh 
Water price 0.93 EUR/m3 1.85 EUR/m3 3.90 EUR/m3 

O&M 2% 4% 8% 
Personnel 0.75% 1.5% 3% 
Investment costs 50% 100% 200%  

C. Markowitsch et al.                                                                                                                                                                                                                          

88



Journal of CO2 Utilization 70 (2023) 102449

8

recycled in front of or behind the FTS has no significant impact on the 
product yield, as stated before. This is also confirmed by the fact that 
unreacted gases behind the FTS (including CO2) are anyway recycled 
back upstream of the rWGS reactor. It even leads to the disadvantage 
that due to the recycling flow via the rWGS reactor larger volume flows 
are available and the reactor size has to be scaled up accordingly. 

The comparison between the two rWGS reactor technologies leads to 
the conclusion that the technology selection creates a significant dif
ference in the mass balance, specifically in the amount of hydrogen 
required and, as a result, in hydrogen production itself. The autothermal 
reactor design (scenarios 5–8 and 13–16) is based on combustion of 
hydrogen for the supply of the high temperature heat required for the 
endothermic rWGS reaction. Therefore, an additional hydrogen demand 
of approximately 16% is required compared to the electrified reactor. 
Additionally, water is produced which must be separated and treated in 
the condenser downstream [17]. This additional hydrogen is not 
required in the electrified technology (scenarios 1–4 and 9–12) since the 

energy is supplied into the system electrically. However, the two tech
nologies differ only in the method of providing high temperature heat 
for the rWGS reactor, because the total product quantity (syncrude) 
remains unchanged. 

The energy balance is divided into electrical (Table 7) and thermal 
energy demand (Table 8). The amount of consumed electrical energy is 
crucial for the PtL efficiency calculation and is composed of electrolysis, 
e-rWGS and utilities. A combination of the individual scenarios is no 
longer possible because the electrical energy requirement, in particular, 
mainly depends on the level of hydrogen demand and electrolysis 
technology. The use of PEM electrolysis, which has a higher specific 
electricity demand, leads to higher energy consumption in scenarios 
1–8, compared with the high temperature electrolysis used in scenarios 
9–16. The higher hydrogen demand in scenarios 5–8 and 13–16, 
deriving from the autothermal rWGS reactor technology, also leads to 
higher electrical energy consumption compared with the scenarios in 
which the e-rWGS technology is integrated (scenarios 1–4 and 9–13). 

Table 4 
Mass balance of the carbon capture unit for all scenarios.  

Mass balance Inlet Outlet 

Carbon capture unit C-1 
Flue gas 

C-2 
Makeup 
water 

C-3 
Prewasher 
waste water 

C-4 
Clean gas 

C-5 
Concentrated 
CO2 

Total kg/h 6686 785.03 243 5926 1302 
H2O kg/h 504 785 243 1006 41 
CO2 kg/h 1391   130 1260 
N2 kg/h 4049   4048 1 
O2 kg/h 742   742  
MEA kg/h  0.03  0.03   

Table 5 
Mass balance of all scenarios for the electrolysis unit.  

Mass balance - Electrolysis Scenario number 

1, 3, 4 and 9, 11, 12 5, 7, 8 and 13, 15, 16 2 and 10 6 and 14 

Inlet     
E-1 Water H2O kg/h 1652 1915 1661 1925 
Outlet     
E-2 Hydrogen H2 kg/h 176 204 177 205 
E-3 Oxygen O2 kg/h 1394 1615 1401 1624 
E-4 Unconverted water H2O kg/h 83 96 83 96  

Table 6 
Mass balance of all scenarios for the synthesis unit.  

Mass balance - Synthesis Scenario number 

1, 3, 4 and 9, 11, 12 5, 7, 8 and 13, 15, 16 2 and 10 6 and 14 

Inlet     
C-5 concentrated CO2 Total kg/h 1302  

H2O kg/h 41  
CO2 kg/h 1260  
N2 kg/h 1 

E-2 Hydrogen H2 kg/h 176 204 177 205 
Outlet     
S-1 rWGS waste water H2O kg/h 376 626 378 629 
S-2 FT waste water H2O kg/h 670 1615 673 1615 
S-3 FT purge gas Total kg/h 48 42  

CO kg/h 31 31  
H2 kg/h 4 4  
CO2 kg/h 6 0  
N2 kg/h 1 1  
CH4 kg/h 5 5  
>C1 kg/h 1 1 

S-4 FT product Total kg/h 383 385  
H2O kg/h 2 2  
Naphtha kg/h 41 41  
Middle Distillate kg/h 110 112  
Wax kg/h 230 230  
Total C5-C22+ kg/h 381 383  
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However, the total amount of energy input has to be considered in the 
comparison of the rWGS reactor technologies. In the scenarios with 
electrified rWGS reactor, the total energy required (hydrogen produc
tion and electrical energy for the rWGS reactor) is lower than for the 
autothermal reactor in which only hydrogen production energy and 
neglectable thermal energy for rWGS reactor preheating is required. The 
power demand for scenarios 1–4 is 10.07–10.12 MW, while the imple
mentation of the autothermal reactor results in a power demand of 
10.64–10.70 MW for scenarios 5–8. The difference between e-rWGS and 
autothermal reactor is substantial with about 0.6 MW. This is a result of 
the implementation of a SOEC, where the power demand with e-rWGS is 
between 7.92 and 7.96 MW for scenarios 9–12, and between 8.11 and 
8.15 MW for scenarios 13–16 with an autothermal reactor. The differ
ence which results from the choice of the rWGS reactor technology is 
only 0.2 MW. This reduction is solely caused by H2 production, which is 
determined by the technology-defined system efficiencies. Therefore, 
the process variants with integrated SOEC are more efficient. 

The higher energy demands of Process Setup 3 in scenarios 3, 7, 11, 
15 are due to the pressure drops of the rWGS recycle stream relaxation 
and its recompression from low pressure levels (approx. 1 barg, as it is 
released from the carbon capture unit). In contrast to Process Setup 2, in 
which only CO2 is recycled back upstream the rWGS reactor, in Process 

Setup 3 a partial recycle of all the components is implemented. 
Accordingly, electricity demand is higher for the recycle gas compressor. 

The thermal energy balance was prepared using ASPEN Energy 
Analyzer V12 software and allows the calculation of the required and 
generated heat for each scenario. ASPEN Energy Analyzer performs a 
pinch analysis (standard temperature difference of 10 ◦C) with supplied 
and dissipated heat flows, with which the heat integration of the process 
is optimized. The necessary input and output energy demand is deliv
ered for each scenario. In the pinch analysis in Fig. 5, the heat and 
cooling requirements for scenarios 1 and 9 are shown as examples to 
provide an overview of the influence of an SOEC on heat integration. 
The gaps indicate the heat (Qin on the right side) and cooling demand 
(Qout on the left side) for scenarios 1 and 9. Scenarios 1–8 with the 
implementation of a low temperature electrolysis require more cooling 
duty, for example, scenario 1 has a cooling requirement of 3.48 MW. On 
the other hand, if low temperature heat is integrated properly, steam for 
the SOEC feed is generated by waste heat, as shown in scenarios 9–16. In 
the scenarios 1–4 and 9–12 with an installed e-rWGS, the required high 
temperature heat (Qin) needs to be supplied with an overall duty be
tween 0.89 and 0.92 MW. In the cases of the application of an auto
thermal reactor (scenarios 5–8 and 13–16), hydrogen firing is already 
considered as an additional heat source in the simulation and therefore 

Table 7 
Electricity demand and product energy content for each scenario.  

Electricity Scenario number 

1 2 3 4 5 6 7 8 9 10 11 12 13 14 15 16 

Power-electrolysis [MW]  9.18  9.22  9.20  9.20  10.63  10.69  10.65  10.65  7.03  7.06  7.05  7.05  8.10  8.14  8.12  8.12 
Power-e-rWGS [MW]  0.89  0.89  0.92  0.91  0.01  0.01  0.02  0.02  0.89  0.89  0.92  0.91  0.01  0.01  0.02  0.02 
Power consumption 

Electrolysis + e-rWGS 
[MW]  10.07  10.12  10.11  10.11  10.64  10.70  10.68  10.68  7.92  7.96  7.96  7.96  8.11  8.15  8.14  8.14 

Power-utilities 
(compressor, pump) 

[MW]  0.55  0.57  1.11  0.57  0.55  0.57  1.11  0.57  0.74  0.76  1.30  0.76  0.77  0.79  1.18  0.79 

Total electric power 
demand 

[MW]  10.62  10.69  11.23  10.68  11.19  11.27  11.79  11.25  8.66  8.72  9.27  8.72  8.88  8.94  9.33  8.93 

Product energy content [MW]  4.66  4.69  4.66  4.66  4.66  4.69  4.66  4.66  4.66  4.69  4.66  4.66  4.66  4.69  4.66  4.66  

Table 8 
Heat and cooling demand/steam generation of all scenarios.  

Heat and cooling demand Scenario number 

1 2 3 4 5 6 7 8 9 10 11 12 13 14 15 16 

Total heat demand [MW]  0.89  0.89  0.92  0.91  0.01  0.01  0.02  0.02  0.89  0.89  0.92  0.91  0.01  0.01  0.02  0.02 
Total cooling demand [MW]  4.12  4.16  4.73  4.16  4.66  4.70  5.26  4.69  1.44  1.47  2.05  1.48  1.53  1.56  1.67  1.56 
Steam generation [MW]  0.64  0.66  0.64  0.64  0.92  0.94  0.92  0.91  0.18  0.23  0.20  0.11  0.38  0.43  0.40  0.29 
Cooling water demand [MW]  3.48  3.50  3.66  3.52  3.73  3.76  3.91  3.78  1.26  1.24  1.38  1.37  1.15  1.13  1.27  1.27  

Fig. 5. Pinch analysis of Scenario 1 and 9 performed with ASPEN Energy Analyzer V12.  
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also integrated in the pinch analysis. As a result, for the operation of the 
autothermal reactor no additional heat is required, except for a small 
electrical heating unit to preheat the feed gas to rWGS reactor operation 
temperature (heat demand is between 0.01 and 0.02 MW). 

The results in Table 8 show that excess heat in the form of steam is 
generated in each scenario. The use of PEM electrolysis is accompanied 
by an increased cooling demand, because low temperature heat (approx. 
70 ◦C) has to be removed. However, more steam is produced compared 
to the scenarios with a SOEC. This is due to the fact that excess steam can 
be used as an input stream for the SOEC in scenarios 9–16. Furthermore, 
the high-temperature heat behind the SOEC can be used optimally for 
heat integration, as high temperature heat flows (> 700 ◦C) are more 
efficient in energy exchange than low temperature heat. Low tempera
ture heat has to be dissipated with cooling water, which contributes to a 
reduction in efficiency. The cooling requirements drop by almost half 
when high temperature electrolysis is implemented. The effects of 
additional CO2 capture and a recycle with an additional compressor are 
not significant, as the steam and cooling demand remains almost un
changed. The deviations stem from the different operation units 
included into the system (CO2 separation, additional compressors and 
relief of pressure). For the scenarios 5–8 and 13–16 with an imple
mented autothermal reactor, more steam is produced due to a higher gas 
volume flow in the condenser behind the rWGS reactor. High tempera
ture heat is used for rWGS reactor operation and is provided electrically, 
which is also considered in Table 7 as e-rWGS. 

Table 9 lists the PtL efficiency, carbon conversion and specific energy 
consumption (per kg syncrude) for all scenarios. Obviously, variations in 
reactor and electrolysis technology does not change the carbon con
version level, as can be seen for scenarios 1, 5, 9, 13, or 2, 6, 10, 14 and 
so on, which all have different equipment combinations. In regard to PtL 
efficiency, the main difference lies in the implementation of the elec
trolysis technology. Whereas in scenario 1–8, the PtL efficiency ranges 
between 39.5% and 44.0% with a share of electrolysis power con
sumption of about 86%, the PtL efficiency ranges between 50.0% and 
53.9% for scenarios 9–16 with a share of about 81% of the total elec
tricity demand for the SOEC. The higher efficiency of the SOEC results in 
almost 10% points higher PtL efficiency and lower specific energy 
consumption for scenarios 9–16. The scenarios with the implementation 
of an autothermal reactor (5− 8, 13− 16) also have lower efficiencies, 
because electrical energy is needed for additional hydrogen production. 
This deviation is not as relevant as the electrolysis technology used, as it 
results only in slightly lower efficiencies. (− 3.3% comparing scenario 1 
and 5, and − 1.3% for scenario 9 and 13). In a preliminary conclusion, 
scenario 9 and scenario 10 show the best key performance indicators 
with a product quantity of 381 kg/h, a PtL efficiency of almost 54% and 
a specific energy consumption of 22.7 kWh/kgSyncrude. The imple
mentation of a recycle stream around the rWGS reactor without a 
compressor leads to low PtL efficiencies due to energy losses caused by 
pressure reduction. This is also evident in the operating cost calculation, 
see chapter 5.3. The second parameter for the assessment of the PtL 
process is the overall carbon conversion (Eq. 12), which is 85% in sce
nario 9% and 86% in scenario 10, thus higher than the 73.7% reported 
by König et al., but slightly lower than the 88% in Adelung et al. [8,11]. 

5.2. Total investment cost comparison 

The calculation of investment costs also has to be taken into account 
for the determination of the most suitable PtL process design and 
equipment selection. In Table 10, the total calculated investment costs 
are reported for each scenario. Scenario 1 is used as base case against all 
other scenarios are normalized. For scenario 1, the contributions of the 
individual process units (amine scrubber, synthesis, electrolysis, addi
tional CO2 capture) to total investment costs are given. Scenarios 2–16 
refer to the calculated costs of scenario 1, and their deviations to this 
baseline scenario are calculated. Table 10 also summarizes the costs for 
the process units for all scenarios. Scenario 1 has the lowest investment 
volume with 46.4 MEUR2019 (price basis year 2019), the investment 
costs for scenarios 2–16 differ from the base case from + 4.4 up to 
+ 30.3%. Since the same amount of CO2 is captured in each scenario, the 
amine scrubbing costs remain unchanged. A significant deviation can be 
recognized in the synthesis section, where the impact of piping and the 
size and type of rWGS reactor plays an important role. The autothermal 
reactor has about 15% higher investment costs (scenario 5) than the e- 
rWGS reactor in the base scenario 1, which is due to higher specific 
investment costs (3000 EUR/kW) and additional hydrogen and oxygen 
piping for heat supplies. In addition, the higher investment costs of the 
SOEC electrolysis with 1900 EUR/kW compared to 1400 EUR/kW for 
PEM electrolysis are responsible for the increased investment costs of 
scenarios 9–16 compared to the electrolysis costs in scenarios 1–8 [18, 
23]. 

The calculation of the specific investment costs based on Herz et al. 
[42] results in 15.9 and 6.5 MEUR/(kt/a) for PEM and SOEC, respec
tively. The calculation of this study yields 15.5 MEUR/(kt/a) for PEM 
electrolysis in scenario 1 and 16.4 MEUR/(kt/a) for SOEC in scenario 9. 
The difference of the specific investment costs with the PEM technology 
and calculations of Herz et al. is almost negligible. For SOEC, however, 
Herz et al. assumed the specific SOEC investment costs to be about 12% 
cheaper than the PEM costs. In this study, the opposite is the case, our 
SOEC costs are about 36% higher than those of PEM, which justifies the 
difference in specific investment costs for scenario 9 with SOEC 
technology. 

5.3. Operating and net production cost calculation 

Finally, annual operating costs are calculated with a PtL plant 
operating time of 7884 h/a (see chapter 4), which corresponds to the 
usual operating time of a cement plant. Table 11 shows the results of the 
operating cost calculations for each scenario divided into the main 
categories electricity costs, water costs, operation and maintenance 
(O&M) costs, personnel costs and ROI. In this comparison, scenario 1 is 
again the baseline scenario, and all other scenarios are normalized to 
scenario 1. The main driver of operating costs is electricity with a share 
of 60.4% (16.7 MEUR/year) in scenario 1. The lower energy demand of 
the SOEC with 3.6 kWh/Nm3 H2 compared to the PEM electrolysis with 
4.7 kWh/Nm3 H2 is responsible for the significant difference between 
scenarios 1–8 and 9–16 [18,23]. As higher electricity prices are pre
dicted for the future, the gap between SOEC and PEM electrolysis will 
widen further. In general, the overall operating costs will continuously 
increase for both technologies. Furthermore, 16.8% (4.6 MEUR/year) of 
the costs are related to depreciation, 13.4% (3.7 MEUR/year) to ROI, 

Table 9 
PtL efficiency, carbon conversion and specific energy consumption for all scenarios.  

Key performance indicators (KPIs) Scenario number 

1 2 3 4 5 6 7 8 9 10 11 12 13 14 15 16 

PtL efficiency [%]  44.0  43.9  41.5  43.7  41.7  41.6  39.5  41.5  53.9  53.8  50.3  53.5  52.6  52.5  50.0  52.2 
Carbon conversion [%]  85.1  85.5  85.0  85.0  85.1  85.5  85.0  85.0  85.1  85.5  85.0  85.0  85.1  85.5  85.0  85.0 
Specific energy consumption 

(SEC) 
[kWh/ 
kg]  

27.9  27.9  29.5  28.0  29.4  29.4  31.0  29.5  22.7  22.7  24.3  22.9  23.3  23.3  24.5  23.5  
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6.7% (1.9 MEUR/year) to O&M costs and 2.5% (0.7 MEUR/year) to 
personnel costs in scenario 1, which sums up to almost one quarter of the 
total operating costs. The higher hydrogen demand in scenarios 5–8 and 
13–16 with an autothermal rWGS reactor is also reflected in higher 
electricity costs (owed to higher hydrogen production). The use of the 
additional equipment in Process Setups 2–4 (CO2 separation unit, 
recycle stream with and without compression behind and around the 
rWGS reactor) has also a negative impact on operating costs, as the 
electricity, O&M, personnel costs, depreciation and ROI all increase with 
these additional facilities. Higher operating costs lead to higher net 
production costs, for constant product flows. The net production costs 
are calculated for scenario 1 with 9.22 EUR/kgsyncrude. However, NPC 
vary from 8.40 EUR/kgsyncrude (− 8.8%) for scenario 9 to maximum costs 
of 10.60 EUR/kgsyncrude (+15.0%) for scenario 7. In terms of calculated 
operating costs inclusive ROI and net production costs, scenario 9 proves 
to be the best case with a deviation of − 8.8% compared to the base 
scenario 1. 

In this study, the lowest NPC are achieved in scenario 9 and are high 
(8.40 EUR/kgsyncrude or 0.69 EUR/kWhch) at a first glance compared to 
other works. Herz et al. [42] calculated the NPCch for a PtL process, 
using a PEM and Co-SOEC with a downstream Fischer Tropsch synthesis, 
which results in chemical NPCch of 0.434 and 0.460 EUR/kWhch, 
respectively. The lower operating costs is the main reason for the dif
ference to our calculation, as an electricity price of 76.8 EUR/MWhel was 
assumed. Recalculating the NPC of this study for the aforementioned 
electricity price results in 0.47 and 0.46 EUR/kWhch for PEM and SOEC, 
respectively, which underlines the importance of the electricity costs for 
NPC. 

The comparison of the NPC with results published by other authors 
requires some caution, as the process setups, desired products and 
calculation bases are defined differently (e.g., main product varies be
tween syncrude, gasoline, kerosene, etc.). König [8] simulates a PtL 
plant to produce kerosene out of CO2 and hydrogen, whereas a rWGS 
reactor, a PEM electrolysis and a Fischer Tropsch synthesis with a hy
drocracker unit (to increase the yield of low chain hydrocarbons) is 
considered. König assumed an electricity price with 117 EUR/MWhel 
which results in calculated NPC with 0.46 EUR/kWhch. A recalculation 
in our study with the electricity price of König et al. results in NPC of 

0.56 EUR/kWhch. The deviation can be explained, as the costs of the 
carbon capture unit were not taken into account in its calculation. 

Adelung et al. [12] also calculated NPC for kerosene production 
(C5+) via a rWGS and Fischer Tropsch reactor with a variation of 
hydrogen production costs between 2.3 and 7.6 EUR/kgH2. Recalcula
tion is difficult to implement because these figures were assumed from 
forecasts for the year 2030 and past year 2012, respectively, without 
precise electricity price information. An average hydrogen production 
cost of 4.1 EUR/kgH2 was used in their study, assumed by Bertuccioli 
et al. with an electricity price of 51 EUR/MWh [43]. Therefrom, NPC 
were calculated within the range between 1.81 and 5.47 EUR/kgC5+, 
respectively [12]. Recalculating the NPC for our study with the elec
tricity price of 51 EUR/MWh, the NPC results in 5.07 EUR/kgsyncrude for 
scenario 1. Scenario 1 utilizes a PEM electrolysis like in the study of 
Adelung et al., and the NPC calculation yields costs in a comparable 
range. 

The comparison of the three studies shows that the range of the 
calculated NPC depends mainly on the assumed electricity prices. In case 
of a recalculation with the electricity prices used in literature, the NPC of 
this study are in a comparable range with other literature results which 
supports the validity of the own calculations. The influence of the 
electricity price in the NPC is examined in more detail in the sensitivity 
analysis (chapter 5.4). 

5.4. Sensitivity analysis of net production costs 

In the previous chapter, the net production costs were calculated 
with fixed utility costs, O&M personnel costs and investment volume. A 
sensitivity analysis has been performed to investigate the impact of each 
cost factor. The results are shown in Fig. 6, based on the net production 
costs for scenario 1 and 9. 

As mentioned above, electricity costs are the main driver of oper
ating costs. Therefore, a decrease to 100 EUR/MWh or an increase to 
400 EUR/MWh has the largest impact on the net production costs with a 
range of − 30 to + 60% for scenario 1 and − 33 to + 40% for scenario 9. 
As expected, the high temperature electrolysis achieves better net pro
duction costs even at higher electricity prices due to the greater effi
ciency of the SOEC compared to PEM electrolysis. The second most 

Fig. 6. Results of the sensitivity study on net production costs for an optimistic (− 50%) and pessimistic (+100%) case for scenario 1 and scenario 9 (related to base 
scenario 1). 
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important factor is investment costs, which vary in the analysis between 
− 15 and + 30% for scenario 1 and − 25 to + 23% for scenario 9. Future 
learning curves (especially for electrolysis) can reduce the NPC 
accordingly, whereas e.g. increasing material prices can also signifi
cantly increase the NPC. Changes in the water price, O&M, personnel 
factors and investment costs result in a maximum variation of − 4 to 
+ 8% for scenario 1 and − 12 to − 2% for scenario 9. Therefore, all these 
operating and investment costs have a much lower impact on net pro
duction costs than electricity prices and investment costs. The decision 
for the most appropriate process setup and process scenario is strongly 
influenced by the electricity demand of the different options. Thus, 
scenario 9, which uses SOEC electrolysis and an e-rWGS reactor, rep
resents the best possible configuration of the PtL plant in this study. 

6. Conclusion and outlook 

In order to compare the different process scenarios of a PtL pilot 
plant, an assessment of KPIs and product yield, as well as investment and 
operating costs has been performed. Unexpectedly, the process struc
ture, i.e. the separation of CO2, or an additional recycling stream via the 
rWGS with and without compression, has no significant influence in the 
product yield. Process Setups 1, 3 and 4 achieve a product quantity of 
381 kg/h, whereby the choice of rWGS reactor technology or electrol
ysis technology shows no influence on the product quantity in all process 
routes. Process Setup 2, with CO2 separation behind the rWGS reactor, 
reaches 383 kg/h and is not significantly better than the others, with a 
deviation of + 0.5% only. The main differences for the process routes 
with additional equipment are higher investment and operating costs 
compared to Process Setup 1, as well as a higher power demand for 
Process Setup 3, using a recycle stream without compression. However, 
the PtL efficiency increases by 10% points by using a SOEC unit instead 
of PEM electrolysis for hydrogen production. It must be mentioned here 
that this increase can only be achieved by interconnecting the systems 
and integrating heat coupling (e.g. steam generation from exothermic 
FT reaction to provide steam for SOEC). However, the SOEC negatively 
influence NPC due to its higher investment costs compared to PEM 
electrolysis. However, the PtL efficiency increase (of 10%) has a posi
tively influence the NPC calculation, as electricity costs are reduced, 
which has a more significant impact on the NPC compared to the in
vestment costs. The carbon efficiency remains almost constant (85% and 
86%) for both electrolysis technologies. 

The investment costs mainly depend on the technology readiness 
level (TRL) of the individual equipment (PEM and SOEC electrolysis, 
rWGS and FT reactor). The use of PEM electrolysis in scenarios 1–8 has 
the advantage of a high TRL level, which would simplify the construc
tion and operation of the electrolysis with approximately 10 MW power. 
The investment costs for such equipment are still high due to the low 
TRL for the rWGS reactor concepts, as well as the SOEC, and their 
missing integration in industrial scale plants. Moreover, there is no 
validation for conversion factors in the rWGS reaction, neither at labo
ratory scale nor under real industrial boundary conditions. So, further 
investigations on this catalytic conversion, particularly regarding cata
lysts, reactor design and operating conditions, need to be carried out. 
However, it has become evident in this study that the integration of an 
electrified rWGS instead of an autothermal rWGS results in lower overall 
costs. Additional hydrogen demand leads to higher electricity and in
vestment costs. As long as the produced hydrogen is dependent on the 
local electricity price, the electrified reactor design can be evaluated as 
the more efficient technology. This also applies to the SOEC, where the 
stack size of 0.15 MW is still very small and the whole hydrogen pro
duction system, including heat integration, can be further developed 
through installation in larger plants [18]. Further development of SOEC 
technology also brings the advantage of decreasing equipment costs, 
which could simply improve the business case [44]. 

The lower PtL efficiency originates from a higher specific energy 
consumption in PEM electrolysis compared to SOEC (4.7 compared to 

3.6 kWh/Nm3 H2) [18]. These increased energy demands impact the 
costs to be borne for electricity significantly, as shown in the operating 
cost calculation in Table 11. For the PEM electrolysis, these costs de
mand 60.4% (16.7 MEUR/year) of the total operating costs for scenario 
1, whereas for the SOEC technology used in scenario 9, the share of 
electricity costs is only 54.1% (13.7 MEUR/year). The sensitivity anal
ysis also reveals that the electricity price has the largest impact on 
operating costs. Rising electricity prices could increase operating costs 
by approximately 60%. This influences the final net production costs 
considerably. However, other operating costs such as for water, O&M 
and personnel, as well as the investment costs must be taken into ac
count in the comparison but are not that decisive compared with the 
calculated electricity costs. 

When comparing all the investigated scenarios and considering ef
ficiencies, product quantity and cost profitability, scenario 9 emerges as 
the best option for a PtL plant, in which hydrogen, produced by the 
SOEC, and CO2 are fed into an electrified rWGS reactor for syngas pro
duction and further processed using a Fischer-Tropsch synthesis to 
highly paraffinic syncrude. In scenario 9, the PtL efficiency is 54%, the 
carbon conversion is 85%, and the specific energy consumption is 22.7 
kWh/kgSyncrude. From an economic perspective, the total investment is 
5.9% (49.1 MEUR2019) higher than calculated for the base scenario 1 
(46.4 MEUR2019), with 8.8% lower net production costs resulting in 8.40 
EUR/kgsyncrude for scenario 9. Given the low technical maturity of the 
rWGS and SOEC, the 10,000 tons per year CO2 capture and utilization 
project needs to be turned into reality so that process unit integration, 
heat integration, as well as operating conditions and dynamic modes, 
can be investigated and further developed. Such a pilot plant would 
verify the simulated results, which would allow a scale up of the process 
to apply it for different CO2 point sources. A scale up is permissible, since 
all assumptions are not based on absolute but on relative mass. The mass 
flows in the reactors as well as the flashes result from scaling up with the 
same input-output ratio. It also leads to a reduction of the investment 
costs of the implemented equipment in the long-term due to learning 
effects and thus to a reduction of the NPC. 
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Supplementary Material 

This supplementary material includes detailed ASPEN flow sheets, the heat integration (inclusive 
pinch analysis) and the detailed cost calculation of scenarios 1 and 9. Since 10,000 tons of CO2 are 
processed in all scenarios, one carbon capture flow sheet inclusive mass balance for the carbon 
capture plant can be created for all scenarios. 

 

1. Carbon Capture Unit 

The carbon capture unit is simulated in ASPEN Plus V12.1® for an annual CO2 capture of 
10,000 tons. The operation conditions of the carbon capture unit are given in the manuscript in 
section “2.1 Amine scrubber unit”. The flow sheet is given in Figure 1 with the associated mass 
balance in Table 1. 

 

Figure 1: Flow sheet of the amine scrubber unit to capture 10,000 tons CO2 per year 

Table 1: Mass balance of the amine scrubber unit 

 
  

Stream number Units A-101 A-102 A-103 A-104 A-105 A-106 A-107 A-108 A-109 A-110 A-111 A-112 A-113 A-114 A-115 A-116 A-117 A-118 A-119 A-120

Manuscript Stream C-1 C-3 C-4 C-5

Temperature °C 110,0 169,0 40,0 60,3 20,0 20,0 20,0 20,0 46,1 45,4 85,0 64,6 40,0 40,0 40,3 104,3 40,0 20,0 20,0 39,2
Pressure bar 1,0 1,5 1,1 1,1 1,1 1,5 1,5 1,5 1,1 1,1 1,1 1,0 1,0 1,0 1,1 1,1 1,1 1,1 1,1 1,1
Mole Flows kmol/hr 227,3 227,3 213,9 501,8 501,8 501,8 488,3 13,5 853,0 852,9 854,7 226,5 31,0 10,6 10,6 839,9 839,9 43,6 0,0 883,5
Mass Flows kg/hr 6686,0 6686,0 6443,4 9040,9 9040,9 9040,9 8798,3 242,6 22098,2 22098,2 22098,2 5926,0 1302,2 192,0 192,0 20604,0 20604,0 784,7 0,0 21388,7
CO kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0
H2 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0
H2O kg/hr 504,1 504,1 262,5 9039,9 9039,9 9039,9 8797,3 242,5 13416,9 13353,9 13320,3 1005,7 41,6 191,5 191,4 13238,1 13261,3 784,7 0,0 14045,3
CO2 kg/hr 1390,5 1390,5 1389,7 0,9 0,9 0,9 0,9 0,0 2,2 0,7 77,2 130,3 1259,4 0,2 0,0 0,0 0,0 0,0 0,0 0,0
N2 kg/hr 4049,3 4049,3 4049,2 0,1 0,1 0,1 0,1 0,0 0,9 0,9 0,9 4048,3 0,9 0,0 0,0 0,0 0,0 0,0 0,0 0,0
O2 kg/hr 742,1 742,1 742,0 0,0 0,0 0,0 0,0 0,0 0,3 0,3 0,3 741,7 0,3 0,0 0,0 0,0 0,0 0,0 0,0 0,0
MEA kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 225,7 385,9 760,0 0,0 0,0 0,3 0,1 3551,0 3455,8 0,0 0,0 3456,7
MEA+ kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 3257,0 3309,4 3152,6 0,0 0,0 0,0 0,3 1463,1 1479,9 0,0 0,0 1481,4
MEACOO- kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 4890,9 4529,9 4155,4 0,0 0,0 0,0 0,0 2231,2 2365,1 0,0 0,0 2361,2
HCO3- kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 276,0 440,2 601,9 0,0 0,0 0,0 0,2 111,8 16,7 0,0 0,0 17,6
CO3-2 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 28,3 76,9 29,6 0,0 0,0 0,0 0,0 8,7 25,0 0,0 0,0 26,5
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2. Scenario 1 
 
In this section, the flow sheet (Figure 2) includes the PEM electrolysis, the rWGS reactor and the 
Fischer Tropsch synthesis for scenario 1. 
The feed (water) for the PEM electrolysis (modelled as stoichiometric reactor) is preheated by a heat 
exchanger (3-HX-1) and an electric heater (E-HEAT-1) to 75 °C (for a detailed description refer to 
manuscript chapter 2.2). 
The rWGS reactor is modeled as a GIBBS reactor (950 °C, 10 barg). Waste heat of the rWGS reactor 
is used in the heat exchanger (1-HX-1) for feed-gas preheating (for a detailed description refer to 
manuscript chapter 2.3).  
The Fischer Tropsch reactor is modelled as a stoichiometric reactor. The product follows the 
Anderson-Schulz-Flory (ASF) distribution with a chain growth probability of 0.92. CH4 is excluded; 
here a selectivity of 16 % is assumed (for a detailed description refer to manuscript chapter 2.4). 
The main reactions in the Fischer Tropsch synthesis are the methanation (equation 9 in manuscript) 
and Fischer-Tropsch reaction (equation 10 in manuscript) with an overall CO conversion of 40 %. 
The input data of the ASPEN model is given for the methanation reaction and FT reaction in Table 2. 
 

 

Figure 2: Flow sheet of scenario 1 (includes PEM electrolysis, rWGS reactor, Fischer Tropsch 
synthesis) 

Table 2: Input data for the FTS in ASPEN Plus (methanation and FTS reaction) 

 

Component Coefficient Component Coefficient Component Coefficient Component Coefficient Component Coefficient
CO -1 H2O 1 C16H34 0,0018 CO -1 CH4 1
H2 -2,08 CH4 0,0064 C17H36 0,0017 H2 -3 H2O 1

C2H6 0,0059 C18H38 0,0016 Fractional conversion of 0.062 of component CO
C3H8 0,0054 C19H40 0,0014
C4H10 0,0050 C20H42 0,0013
C5H12 0,0046 C21H44 0,0012
C6H14 0,0042 C22H46 0,0011
C7H16 0,0039 C23H48 0,0010
C8H18 0,0036 C24H50 0,0009
C9H20 0,0033 C25H52 0,0009
C10H22 0,0030 C26H54 0,0008
C11H24 0,0028 C27H56 0,0007
C12H26 0,0026 C28H58 0,0007
C13H28 0,0024 C29H60 0,0006
C14H30 0,0022 C30H62 0,0006
C15H32 0,0020 C30+ 0,0066

Fractional conversion of 0.338 of component CO

Fischer Tropsch reaction (Equation 10 in manuscript) Methanation reaction (Equation 9 in manuscript)
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The mass balance for flow sheet 2 is given in Table 3. 

Table 3: Mass balance of Scenario 1 (excl. carbon capture unit) 

 
 

 
  

Stream number 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15
Mass balance Units CO2 E-1 E-4 E-5 E-H2-1 E-H2O E-O2 E-WASTE2 FT-FEED FT-OUT H2 H2O-OUT INT-1 INT-3 MIX-1

Temperature °C 40,0 10,1 75,0 75,0 75,0 10,0 75,0 75,0 220,0 220,0 70,0 30,0 30,0 30,0 83,9
Pressure bar 1,0 33,0 33,0 33,0 33,0 1,0 33,0 33,0 26,0 26,0 11,0 10,0 10,0 10,0 11,0
Mole Flows kmol/hr 31,0 96,8 96,8 140,4 87,1 193,6 43,6 9,7 303,7 229,2 87,1 20,4 324,1 303,7 304,9
Mass Flows kg/hr 1302,2 1744,1 1744,1 1744,1 175,7 3488,3 1394,1 174,4 3503,1 3272,2 175,7 367,1 3870,2 3503,1 3870,2
CO kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 2587,5 1552,3 0,0 0,0 2587,5 2587,5 1520,9
H2 kg/hr 0,0 0,0 0,0 175,7 175,7 0,0 0,0 0,0 387,3 221,8 175,7 0,0 387,4 387,4 393,0
H2O kg/hr 41,6 1744,1 1744,1 174,4 0,0 3488,3 0,0 174,4 20,1 684,8 0,0 367,0 387,1 20,1 47,2
CO2 kg/hr 1259,4 0,0 0,0 0,0 0,0 0,0 0,0 0,0 313,3 313,2 0,0 0,0 313,3 313,3 1565,9
N2 kg/hr 0,9 0,0 0,0 0,0 0,0 0,0 0,0 0,0 45,8 45,8 0,0 0,0 45,8 45,8 45,8
O2 kg/hr 0,3 0,0 0,0 1394,1 0,0 0,0 1394,1 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,3
CH4 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 149,1 244,1 0,0 0,0 149,1 149,1 239,1
C2H6 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 5,5 0,0 0,0 0,0 0,0 5,4
C3H8 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 7,5 0,0 0,0 0,0 0,0 7,3
C4H10 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 9,0 0,0 0,0 0,0 0,0 8,7
C5H12 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 10,3 0,0 0,0 0,0 0,0 9,7
C6H14 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 11,3 0,0 0,0 0,0 0,0 9,8
C7H16 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 12,1 0,0 0,0 0,0 0,0 8,4
C8H18 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 12,6 0,0 0,0 0,0 0,0 5,3
C9H20 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 13,0 0,0 0,0 0,0 0,0 2,3
C10H22 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 13,1 0,0 0,0 0,0 0,0 0,7
C11H24 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 13,1 0,0 0,0 0,0 0,0 0,2
C12H26 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 13,0 0,0 0,0 0,0 0,0 0,0
C13H28 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 12,6 0,0 0,0 0,0 0,0 0,0
C14H30 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 12,0 0,0 0,0 0,0 0,0 0,0
C15H32 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 11,3 0,0 0,0 0,0 0,0 0,0
C16H34 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 10,3 0,0 0,0 0,0 0,0 0,0
C17H36 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 9,1 0,0 0,0 0,0 0,0 0,0
C18H38 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 7,9 0,0 0,0 0,0 0,0 0,0
C19H40 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 6,6 0,0 0,0 0,0 0,0 0,0
C20H42 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 5,3 0,0 0,0 0,0 0,0 0,0
C21H44 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 4,1 0,0 0,0 0,0 0,0 0,0
C22H46 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 3,2 0,0 0,0 0,0 0,0 0,0
C23H48 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 2,3 0,0 0,0 0,0 0,0 0,0
C24H50 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 1,6 0,0 0,0 0,0 0,0 0,0
C25H52 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 1,2 0,0 0,0 0,0 0,0 0,0
C26H54 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,8 0,0 0,0 0,0 0,0 0,0
C27H56 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,5 0,0 0,0 0,0 0,0 0,0
C28H58 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,4 0,0 0,0 0,0 0,0 0,0
C29H60 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,3 0,0 0,0 0,0 0,0 0,0
C30H62 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,2 0,0 0,0 0,0 0,0 0,0
C30+ kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,1 0,0 0,0 0,0 0,0 0,0

Stream number 16 17 18 19 20 21 22 23 24 25 26 27 28 29 30

Mass balance Units P-MIDDI P-NAPHTA P-WA1-2 P-WA2-2 P-WA-4 P-WAX PURGE1 R-1 R-2 R-3 R-4 R-5 REC-1 RWGS-INRWGS-OUT

Temperature °C 40,0 20,3 100,4 20,1 60,0 40,0 20,0 100,0 100,0 99,1 20,0 20,0 20,0 950,0 950,0
Pressure bar 5,0 5,0 5,0 5,0 5,0 1,0 12,0 26,0 26,0 12,0 12,0 12,0 12,0 11,0 11,0
Mole Flows kmol/hr 0,6 0,3 30,2 7,4 37,7 0,6 3,8 229,2 198,3 198,3 198,3 190,6 186,8 304,9 324,1
Mass Flows kg/hr 112,0 40,5 544,6 134,0 678,6 230,8 48,8 3272,2 2615,6 2615,6 2615,6 2441,1 2392,3 3870,2 3870,2
CO kg/hr 0,2 0,1 0,0 0,0 0,0 0,2 31,0 1552,3 1552,0 1552,0 1552,0 1552,0 1520,9 1520,9 2587,5
H2 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 4,4 221,8 221,8 221,8 221,8 221,7 217,3 393,0 387,4
H2O kg/hr 0,5 0,0 544,6 133,9 678,5 0,9 0,1 684,8 139,7 139,7 139,7 5,7 5,6 47,2 387,1
CO2 kg/hr 0,2 0,1 0,0 0,0 0,0 0,1 6,3 313,2 312,9 312,9 312,9 312,8 306,5 1565,9 313,3
N2 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,9 45,8 45,8 45,8 45,8 45,8 44,9 45,8 45,8
O2 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,3 0,0
CH4 kg/hr 0,1 0,0 0,0 0,0 0,0 0,1 4,9 244,1 244,0 244,0 244,0 244,0 239,1 239,1 149,1
C2H6 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,1 5,5 5,5 5,5 5,5 5,5 5,4 5,4 0,0
C3H8 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,1 7,5 7,4 7,4 7,4 7,4 7,3 7,3 0,0
C4H10 kg/hr 0,0 0,1 0,0 0,0 0,0 0,0 0,2 9,0 9,0 9,0 9,0 8,9 8,7 8,7 0,0
C5H12 kg/hr 0,1 0,3 0,0 0,0 0,0 0,0 0,2 10,3 10,2 10,2 10,2 9,9 9,7 9,7 0,0
C6H14 kg/hr 0,3 1,0 0,0 0,0 0,0 0,0 0,2 11,3 11,0 11,0 11,0 10,0 9,8 9,8 0,0
C7H16 kg/hr 0,7 2,8 0,0 0,0 0,0 0,1 0,2 12,1 11,4 11,4 11,4 8,6 8,4 8,4 0,0
C8H18 kg/hr 1,4 5,8 0,0 0,0 0,0 0,1 0,1 12,6 11,2 11,2 11,2 5,4 5,3 5,3 0,0
C9H20 kg/hr 2,7 7,9 0,0 0,0 0,0 0,2 0,0 13,0 10,3 10,3 10,3 2,4 2,3 2,3 0,0
C10H22 kg/hr 4,6 7,8 0,0 0,0 0,0 0,3 0,0 13,1 8,5 8,5 8,5 0,8 0,7 0,7 0,0
C11H24 kg/hr 6,7 6,2 0,0 0,0 0,0 0,4 0,0 13,1 6,4 6,4 6,4 0,2 0,2 0,2 0,0
C12H26 kg/hr 8,8 4,1 0,0 0,0 0,0 0,6 0,0 13,0 4,1 4,1 4,1 0,1 0,0 0,0 0,0
C13H28 kg/hr 10,5 2,1 0,0 0,0 0,0 1,0 0,0 12,6 2,1 2,1 2,1 0,0 0,0 0,0 0,0
C14H30 kg/hr 10,9 1,1 0,0 0,0 0,0 1,4 0,0 12,0 1,1 1,1 1,1 0,0 0,0 0,0 0,0
C15H32 kg/hr 10,7 0,6 0,0 0,0 0,0 1,9 0,0 11,3 0,6 0,6 0,6 0,0 0,0 0,0 0,0
C16H34 kg/hr 10,0 0,3 0,0 0,0 0,0 2,6 0,0 10,3 0,3 0,3 0,3 0,0 0,0 0,0 0,0
C17H36 kg/hr 9,0 0,1 0,0 0,0 0,0 3,5 0,0 9,1 0,1 0,1 0,1 0,0 0,0 0,0 0,0
C18H38 kg/hr 7,9 0,1 0,0 0,0 0,0 4,4 0,0 7,9 0,1 0,1 0,1 0,0 0,0 0,0 0,0
C19H40 kg/hr 6,6 0,0 0,0 0,0 0,0 5,4 0,0 6,6 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C20H42 kg/hr 5,2 0,0 0,0 0,0 0,0 6,3 0,0 5,3 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C21H44 kg/hr 4,1 0,0 0,0 0,0 0,0 7,1 0,0 4,1 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C22H46 kg/hr 3,2 0,0 0,0 0,0 0,0 7,6 0,0 3,2 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C23H48 kg/hr 2,3 0,0 0,0 0,0 0,0 8,1 0,0 2,3 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C24H50 kg/hr 1,6 0,0 0,0 0,0 0,0 8,3 0,0 1,6 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C25H52 kg/hr 1,2 0,0 0,0 0,0 0,0 8,4 0,0 1,2 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C26H54 kg/hr 0,8 0,0 0,0 0,0 0,0 8,3 0,0 0,8 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C27H56 kg/hr 0,5 0,0 0,0 0,0 0,0 8,2 0,0 0,5 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C28H58 kg/hr 0,4 0,0 0,0 0,0 0,0 7,9 0,0 0,4 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C29H60 kg/hr 0,3 0,0 0,0 0,0 0,0 7,6 0,0 0,3 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C30H62 kg/hr 0,2 0,0 0,0 0,0 0,0 7,3 0,0 0,2 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C30+ kg/hr 0,1 0,0 0,0 0,0 0,0 122,4 0,0 0,1 0,0 0,0 0,0 0,0 0,0 0,0 0,0
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The cold and hot streams (includes carbon capture unit, PEM electrolysis, rWGS and FTS) are 
summarized in Table 4. Negative enthalpy defines cooling demand, positive enthalpy needs energy 
supply.  

Table 4: Compilation of cold and hot streams of scenario 1 

 
 
The pinch analysis is performed for heat integration. For scenario 1, additional heat in form of steam 
can be produced according to Figure 3 (balanced composite curves), the remainder must be cooled by 
cooling water. 
 

 

Figure 3: Balanced composite curves of scenario 1 with differentiation between cooling water 
and steam generation 

 
  

Input stream Output stream Inlet Temperature Outlet Temperature Enthalpy
[°C] [°C] [kW]

FT-OUT R-1 220,0 100,0 -150,5
R-3 R-4 100,0 20,0 -731,7
A-116 A-117 104,3 40,0 -1311,2
INT-5 FT-FEED 160,4 220,0 150,5
RWGS-OUT INT-1 950,0 30,0 -2904,0
MIX-1 RWGS-IN 95,6 950,0 2524,0
A-110 A-111 45,4 85,0 860,7
P-MD-2 P-MIDDI 100,0 40,0 -4,1
A-104 A-105 60,3 20,0 -423,6
E-1 E-4 11,7 75,0 139,7
P-WA-3 P-WA-4 20,1 60,0 33,6
P-WAX-2 P-WAX 220,4 40,0 -27,2
Reboiler Stripper heat 102,6 104,3 1500,0
Condenser Stripp cooling 87,2 40,0 -435,7
Flash cooling 20,0 19,5 -9,2
RWGS heat 950,0 950,5 777,5
FT-CONV cooling 220,0 219,5 -1738,0
Electrolysis cooling 75,0 74,9 -1560,0
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The calculated equipment costs (EC), as well as the calculation of the intermediate costs (IT) and 
total investment costs (TIC) are given for scenario 1 in Table 5. Furthermore, a comparison with the 
Lang Factor for liquids (TIC = ECx4.84) is applied.  
 

Table 5: Cost calculation and listing of EC, IT and TIC for scenario 1 

 
  

CARBON CAPTURE 
UNIT

Equipment Simulation

Equipment 
Description

EC
Equipment 

Cost
[EUR]

R1
Equipment 
installation

[EUR]

R2+R3
Process 
Piping
[EUR]

R4
Instrument-

ation
[EUR]

R5
Builing and 

construction
[EUR]

R6
Auxiliary 
systems

[EUR]

R7
Outside lines

[EUR]

IT
[EUR]

R8
Engineering

[EUR]

R9
Risk and 

unforseen
[EUR]

R10
Size factor

[EUR]

TIC
[EUR]

1,15 0,35 0,15 0,2 0,15 0,15 0,4 0,2 0,5

HX-A1 Heat Exchanger 51 600           59 340           20 769           8 901             11 868           8 901             8 901             118 680        47 472           23 736           59 340           249 228        
HX-A2 Heat Exchanger 21 800           25 070           8 775             3 761             5 014             3 761             3 761             50 140           20 056           10 028           25 070           105 294        
HX-A3 Heat Exchanger 83 900           96 485           33 770           14 473           19 297           14 473           14 473           192 970        77 188           38 594           96 485           405 237        
PREWASH-tower Column 60 500           69 575           24 351           10 436           13 915           10 436           10 436           139 150        55 660           27 830           69 575           292 215        
PUMP-C-1 Pump 7 400             8 510             2 979             1 277             1 702             1 277             1 277             17 020           6 808             3 404             8 510             35 742           
PUMP-C-2 Pump 8 400             9 660             3 381             1 449             1 932             1 449             1 449             19 320           7 728             3 864             9 660             40 572           
PUMP-C-3 Pump 5 700             6 555             2 294             983                1 311             983                983                13 110           5 244             2 622             6 555             27 531           
PW-COOL Heat Exchanger 18 400           21 160           7 406             3 174             4 232             3 174             3 174             42 320           16 928           8 464             21 160           88 872           
PW-PUMP Pump 6 600             7 590             2 657             1 139             1 518             1 139             1 139             15 180           6 072             3 036             7 590             31 878           
STRIPPER-cond Heat Exchanger 12 900           14 835           5 192             2 225             2 967             2 225             2 225             29 670           11 868           5 934             14 835           62 307           
STRIPPER-cond acc Drum 21 200           24 380           8 533             3 657             4 876             3 657             3 657             48 760           19 504           9 752             24 380           102 396        
STRIPPER-reb Reboiler 20 500           23 575           8 251             3 536             4 715             3 536             3 536             47 150           18 860           9 430             23 575           99 015           
STRIPPER-reflux pump Pump 5 700             6 555             2 294             983                1 311             983                983                13 110           5 244             2 622             6 555             27 531           
STRIPPER-tower Tower 199 200        229 080        80 178           34 362           45 816           34 362           34 362           458 160        183 264        91 632           229 080        962 136        
ABSORBER-tower Tower 423 900        487 485        170 620        73 123           97 497           73 123           73 123           974 970        389 988        194 994        487 485        2 047 437     
COMP-STA Blower 155 100        178 365        62 428           26 755           35 673           26 755           26 755           356 730        142 692        71 346           178 365        749 133        
Total Carbon Capture Unit 1 102 800     2 536 440     5 326 524     

5 337 552     

SYNTHESIS UNIT
Equipment Simulation

Equipment 
Description

EC
Equipment 

Cost
[EUR]

R1
Equipment 
installation

[EUR]

R2+R3
Process 
Piping
[EUR]

R4
Instrument-

ation
[EUR]

R5
Builing and 

construction
[EUR]

R6
Auxiliary 
systems

[EUR]

R7
Outside lines

[EUR]

IT
[EUR]

R8
Engineering

[EUR]

R9
Risk and 

unforseen
[EUR]

R10
Size factor

[EUR]

TIC
[EUR]

1,15 0,35 0,15 0,2 0,15 0,15 0,4 0,2 0,5

1-HX-1 Heat Exchanger 97 900           112 585        39 405           16 888           22 517           16 888           16 888           225 170        90 068           45 034           112 585        472 857        
1-HX-2 Heat Exchanger 23 800           27 370           9 580             4 106             5 474             4 106             4 106             54 740           21 896           10 948           27 370           114 954        
1-HX-3 Heat Exchanger 18 300           21 045           7 366             3 157             4 209             3 157             3 157             42 090           16 836           8 418             21 045           88 389           
2-HX-1 Heat Exchanger 18 700           21 505           7 527             3 226             4 301             3 226             3 226             43 010           17 204           8 602             21 505           90 321           
2-HX-3 Heat Exchanger 9 700             11 155           3 904             1 673             2 231             1 673             1 673             22 310           8 924             4 462             11 155           46 851           
2-HX-2 Heat Exchanger 12 400           14 260           4 991             2 139             2 852             2 139             2 139             28 520           11 408           5 704             14 260           59 892           
3-HX-1 Heat Exchanger 13 800           15 870           5 555             2 381             3 174             2 381             2 381             31 740           12 696           6 348             15 870           66 654           
3-HX-2 Heat Exchanger 10 700           12 305           4 307             1 846             2 461             1 846             1 846             24 610           9 844             4 922             12 305           51 681           
3-HX-3 Heat Exchanger 14 900           17 135           5 997             2 570             3 427             2 570             2 570             34 270           13 708           6 854             17 135           71 967           
COMP-FT Compressor 1 361 500     1 565 725     548 004        234 859        313 145        234 859        234 859        3 131 450     1 252 580     626 290        1 565 725     6 576 045     
COND-RWG-flash vessel Drum 21 900           25 185           8 815             3 778             5 037             3 778             3 778             50 370           20 148           10 074           25 185           105 777        
HP-FLASH-flash vessel Drum 27 000           31 050           10 868           4 658             6 210             4 658             4 658             62 100           24 840           12 420           31 050           130 410        
P-WAX-HX Heat Exchanger 9 600             11 040           3 864             1 656             2 208             1 656             1 656             22 080           8 832             4 416             11 040           46 368           
PUMP-E-1 Pump 96 300           110 745        38 761           16 612           22 149           16 612           16 612           221 490        88 596           44 298           110 745        465 129        
B11-flash vessel Drum 21 900           25 185           8 815             3 778             5 037             3 778             3 778             50 370           20 148           10 074           25 185           105 777        
COMP-CO2 Compressor 1 090 600     1 254 190     438 967        188 129        250 838        188 129        188 129        2 508 380     1 003 352     501 676        1 254 190     5 267 598     
Fischer-Tropsch-Reactor Reactor 180 000        207 000        72 450           31 050           41 400           31 050           31 050           414 000        165 600        82 800           207 000        869 400        
rWGS-Reactor Reactor 1 616 898     1 859 433     650 801        278 915        371 887        278 915        278 915        3 718 865     1 487 546     743 773        1 859 433     7 809 617     
Total Synthesis Unit 4 645 898     10 685 565   22 439 687   

22 486 146   

ELECTROLYSER UNIT
Equipment Simulation

Power demand 
[kW]

Specific 
Costs

[EUR/kW]

R1
Equipment 
installation

[EUR]

R2+R3
Process 
Piping
[EUR]

R4
Instrumentat

ion
[EUR]

R5
Builing and 

construction
[EUR]

R6
Auxiliary 
systems

[EUR]

R7
Outside lines

[EUR]

IT
[EUR]

R8
Engineering

[EUR]

R9
Risk and 

unforseen
[EUR]

R10
Size factor

[EUR]

TIC
[EUR]

0,15 0,00 0,20 0,10 0,00 0,00 0,00 0,00

Electrolysis 9177 1 400             12 847 800   1 927 170     -                 2 569 560     1 284 780     -                 18 629 310   -                 -                 -                 18 629 310   
Total Electrolysis Unit 18 629 310   18 629 310   

Total Investment Costs [EUR]
Carbon capture unit 5 326 524          
Synthesis unit 22 439 687        
Electrolysis unit 18 629 310        
Total 46 395 521        

Calculation with Lang Factor (ECx4.84):

Calculation with Lang Factor (ECx4.84):
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3. Scenario 9 
 
In this section, the flow sheet (Figure 4) for scenario 9 includes the SOEC electrolysis, the rWGS 
reactor and the Fischer Tropsch synthesis. 
 

 

Figure 4: Flow sheet of scenario 9 (includes SOEC, rWGS reactor, Fischer Tropsch synthesis) 

The mass balance for scenario 9 is given in Table 9. The carbon capture unit has the same mass 
balance as stated in Table 1. 
 

Table 6: Mass balance of scenario 9 (excl. carbon capture unit) 

 

Stream number 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15

Mass Balance Units CO2 E-2 E-4 E-5 E-H2-2 E-H2O E-O2 E-WASTE2 FT-FEED FT-OUT H2 H2O-OUT INT-1 INT-3 MIX-1

Temperature C 40,0 10,1 159,8 160,0 241,6 10,0 160,0 160,0 220,0 220,0 241,6 30,0 30,0 30,0 129,6
Pressure bar 1,0 2,5 6,0 2,0 11,0 1,0 2,0 2,0 26,0 26,0 11,0 10,0 10,0 10,0 11,0
Mole Flows kmol/hr 31,0 96,7 96,7 140,2 87,0 193,3 43,5 9,7 302,8 228,3 87,0 20,4 323,1 302,7 303,9
Mass Flows kg/hr 1302,2 1741,4 1741,4 1741,4 175,4 3482,8 1391,9 174,1 3501,3 3270,4 175,4 367,0 3868,3 3501,3 3868,3
CO kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 2587,3 1552,1 0,0 0,0 2587,3 2587,3 1520,8
H2 kg/hr 0,0 0,0 0,0 175,4 175,4 0,0 0,0 0,0 385,6 220,1 175,4 0,0 385,5 385,5 391,0
H2O kg/hr 41,6 1741,4 1741,4 174,1 0,0 3482,8 0,0 174,1 20,0 684,7 0,0 367,0 387,0 20,0 47,2
CO2 kg/hr 1259,4 0,0 0,0 0,0 0,0 0,0 0,0 0,0 314,6 314,5 0,0 0,0 314,7 314,7 1567,2
N2 kg/hr 0,9 0,0 0,0 0,0 0,0 0,0 0,0 0,0 45,9 45,9 0,0 0,0 45,9 45,9 45,9
O2 kg/hr 0,3 0,0 0,0 1391,9 0,0 0,0 1391,9 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,3
CH4 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 147,9 243,0 0,0 0,0 147,9 147,9 238,0
C2H6 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 5,5 0,0 0,0 0,0 0,0 5,4
C3H8 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 7,5 0,0 0,0 0,0 0,0 7,3
C4H10 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 9,0 0,0 0,0 0,0 0,0 8,7
C5H12 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 10,3 0,0 0,0 0,0 0,0 9,7
C6H14 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 11,3 0,0 0,0 0,0 0,0 9,8
C7H16 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 12,1 0,0 0,0 0,0 0,0 8,4
C8H18 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 12,6 0,0 0,0 0,0 0,0 5,3
C9H20 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 13,0 0,0 0,0 0,0 0,0 2,3
C10H22 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 13,1 0,0 0,0 0,0 0,0 0,7
C11H24 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 13,1 0,0 0,0 0,0 0,0 0,2
C12H26 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 13,0 0,0 0,0 0,0 0,0 0,0
C13H28 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 12,6 0,0 0,0 0,0 0,0 0,0
C14H30 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 12,0 0,0 0,0 0,0 0,0 0,0
C15H32 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 11,3 0,0 0,0 0,0 0,0 0,0
C16H34 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 10,3 0,0 0,0 0,0 0,0 0,0
C17H36 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 9,1 0,0 0,0 0,0 0,0 0,0
C18H38 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 7,9 0,0 0,0 0,0 0,0 0,0
C19H40 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 6,6 0,0 0,0 0,0 0,0 0,0
C20H42 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 5,2 0,0 0,0 0,0 0,0 0,0
C21H44 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 4,1 0,0 0,0 0,0 0,0 0,0
C22H46 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 3,2 0,0 0,0 0,0 0,0 0,0
C23H48 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 2,3 0,0 0,0 0,0 0,0 0,0
C24H50 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 1,6 0,0 0,0 0,0 0,0 0,0
C25H52 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 1,2 0,0 0,0 0,0 0,0 0,0
C26H54 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,8 0,0 0,0 0,0 0,0 0,0
C27H56 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,5 0,0 0,0 0,0 0,0 0,0
C28H58 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,4 0,0 0,0 0,0 0,0 0,0
C29H60 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,3 0,0 0,0 0,0 0,0 0,0
C30H62 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,2 0,0 0,0 0,0 0,0 0,0
C30+ kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,1 0,0 0,0 0,0 0,0 0,0
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The cold and hot streams (includes carbon capture unit, SOEC electrolysis, rWGS and FTS) are 
summarized in Table 7. Negative enthalpy defines cooling demand, positive enthalpy needs energy 
supply. A main difference to scenario 1 is the omission of the entry “Electrolysis cooling”. 
Furthermore, the heat demand for electrolysis’ feed pre-heating is significantly increased (steam @ 
5 barg, 160 °C). 

Table 7: Compilation of cold and hot streams of scenario 9 

 
 
 

Stream number 16 17 18 19 20 21 22 23 24 25 26 27 28 29 30

Mass Balance Units P-MIDDI P-NAPHTA P-WA1-2 P-WA2-2 P-WA-4 P-WAX PURGE1 R-1 R-2 R-3 R-4 R-5 REC-2 RWGS-IN RWGS-OUT

Temperature C 40,0 20,3 100,4 20,1 60,0 40,0 20,0 100,0 100,0 99,1 20,0 20,0 20,0 950,0 950,0
Pressure bar 5,0 5,0 5,0 5,0 5,0 1,0 12,0 26,0 26,0 12,0 12,0 12,0 12,0 11,0 11,0
Mole Flows kmol/hr 0,6 0,3 30,3 7,4 37,7 0,6 3,8 228,3 197,4 197,4 197,4 189,7 185,9 303,9 323,1
Mass Flows kg/hr 111,9 40,5 545,2 133,3 678,5 230,9 48,8 3270,4 2613,3 2613,3 2613,3 2439,5 2390,7 3868,3 3868,3
CO kg/hr 0,2 0,1 0,0 0,0 0,0 0,2 31,0 1552,1 1551,9 1551,9 1551,9 1551,8 1520,8 1520,8 2587,3
H2 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 4,4 220,1 220,1 220,1 220,1 220,0 215,6 391,0 385,5
H2O kg/hr 0,5 0,0 545,1 133,3 678,5 0,9 0,1 684,7 139,1 139,1 139,1 5,7 5,6 47,2 387,0
CO2 kg/hr 0,2 0,1 0,0 0,0 0,0 0,1 6,3 314,5 314,2 314,2 314,2 314,1 307,8 1567,2 314,7
N2 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,9 45,9 45,8 45,8 45,8 45,8 44,9 45,9 45,9
O2 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,0 0,3 0,0
CH4 kg/hr 0,1 0,0 0,0 0,0 0,0 0,1 4,9 243,0 242,9 242,9 242,9 242,8 238,0 238,0 147,9
C2H6 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,1 5,5 5,5 5,5 5,5 5,5 5,4 5,4 0,0
C3H8 kg/hr 0,0 0,0 0,0 0,0 0,0 0,0 0,1 7,5 7,4 7,4 7,4 7,4 7,3 7,3 0,0
C4H10 kg/hr 0,0 0,1 0,0 0,0 0,0 0,0 0,2 9,0 9,0 9,0 9,0 8,9 8,7 8,7 0,0
C5H12 kg/hr 0,1 0,3 0,0 0,0 0,0 0,0 0,2 10,3 10,2 10,2 10,2 9,9 9,7 9,7 0,0
C6H14 kg/hr 0,3 1,0 0,0 0,0 0,0 0,0 0,2 11,3 11,0 11,0 11,0 10,0 9,8 9,8 0,0
C7H16 kg/hr 0,7 2,8 0,0 0,0 0,0 0,1 0,2 12,1 11,4 11,4 11,4 8,6 8,4 8,4 0,0
C8H18 kg/hr 1,4 5,8 0,0 0,0 0,0 0,1 0,1 12,6 11,2 11,2 11,2 5,4 5,3 5,3 0,0
C9H20 kg/hr 2,7 7,9 0,0 0,0 0,0 0,2 0,0 13,0 10,3 10,3 10,3 2,4 2,3 2,3 0,0
C10H22 kg/hr 4,6 7,7 0,0 0,0 0,0 0,3 0,0 13,1 8,5 8,5 8,5 0,8 0,7 0,7 0,0
C11H24 kg/hr 6,7 6,2 0,0 0,0 0,0 0,4 0,0 13,1 6,4 6,4 6,4 0,2 0,2 0,2 0,0
C12H26 kg/hr 8,8 4,1 0,0 0,0 0,0 0,6 0,0 13,0 4,1 4,1 4,1 0,1 0,0 0,0 0,0
C13H28 kg/hr 10,5 2,1 0,0 0,0 0,0 1,0 0,0 12,6 2,1 2,1 2,1 0,0 0,0 0,0 0,0
C14H30 kg/hr 10,9 1,1 0,0 0,0 0,0 1,4 0,0 12,0 1,1 1,1 1,1 0,0 0,0 0,0 0,0
C15H32 kg/hr 10,7 0,6 0,0 0,0 0,0 2,0 0,0 11,3 0,6 0,6 0,6 0,0 0,0 0,0 0,0
C16H34 kg/hr 10,0 0,3 0,0 0,0 0,0 2,6 0,0 10,3 0,3 0,3 0,3 0,0 0,0 0,0 0,0
C17H36 kg/hr 9,0 0,1 0,0 0,0 0,0 3,5 0,0 9,1 0,1 0,1 0,1 0,0 0,0 0,0 0,0
C18H38 kg/hr 7,8 0,1 0,0 0,0 0,0 4,4 0,0 7,9 0,1 0,1 0,1 0,0 0,0 0,0 0,0
C19H40 kg/hr 6,6 0,0 0,0 0,0 0,0 5,4 0,0 6,6 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C20H42 kg/hr 5,2 0,0 0,0 0,0 0,0 6,3 0,0 5,2 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C21H44 kg/hr 4,1 0,0 0,0 0,0 0,0 7,1 0,0 4,1 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C22H46 kg/hr 3,2 0,0 0,0 0,0 0,0 7,6 0,0 3,2 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C23H48 kg/hr 2,3 0,0 0,0 0,0 0,0 8,1 0,0 2,3 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C24H50 kg/hr 1,6 0,0 0,0 0,0 0,0 8,3 0,0 1,6 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C25H52 kg/hr 1,2 0,0 0,0 0,0 0,0 8,4 0,0 1,2 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C26H54 kg/hr 0,8 0,0 0,0 0,0 0,0 8,3 0,0 0,8 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C27H56 kg/hr 0,5 0,0 0,0 0,0 0,0 8,2 0,0 0,5 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C28H58 kg/hr 0,4 0,0 0,0 0,0 0,0 7,9 0,0 0,4 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C29H60 kg/hr 0,3 0,0 0,0 0,0 0,0 7,6 0,0 0,3 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C30H62 kg/hr 0,2 0,0 0,0 0,0 0,0 7,3 0,0 0,2 0,0 0,0 0,0 0,0 0,0 0,0 0,0
C30+ kg/hr 0,1 0,0 0,0 0,0 0,0 122,3 0,0 0,1 0,0 0,0 0,0 0,0 0,0 0,0 0,0

Input stream Output stream Inlet Temperature Outlet Temperature Enthalpy
[°C] [°C] [kW]

A-116 A-117 104,3 40,0 -1311,2
P-WAX-2 P-WAX 220,4 40,0 -27,2
RWGS-OUT INT-1 950,0 30,0 -2903,9
P-MD-2 P-MIDDI 100,0 40,0 -4,1
MIX-1 RWGS-IN 130,3 950,0 2402,8
FT-OUT R-1 220,0 100,0 -154,8
R-3 R-4 100,0 20,0 -732,0
A-110 A-111 45,4 85,0 860,7
INT-5 FT-FEED 159,2 220,0 153,8
A-104 A-105 60,3 20,0 -423,6
E-1 E-4 10,3 159,8 1380,4
P-WA-3 P-WA-4 20,1 60,0 33,6
Reboiler Stripper heat 102,6 104,3 1500,0
Condenser Stripper cooling 87,2 40,0 -435,7
B11 heat 20,0 19,5 -9,2
RWGS heat 950,0 950,5 777,9
FT-CONV cooling 220,0 219,5 -1738,9
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The Balance Composite Curves of the pinch analysis (Figure 5) shows exactly, where steam 
generation is possible, as well as, where cooling water is reqired in scenario 9. The pinch analysis 
includes the carbon capture unit, electrolysis, rWGS and Fischer Tropsch synthesis inclusive product 
separation. 
 

 

Figure 5: Balanced composite curves of scenario 9 with differentiation between cooling water 
and steam generation 

The calculated equipment costs (EC), as well as the calculation of the intermediate costs (IT) and 
total investment costs (TIC) are given in Table 8 for scenario 9. Once again, a comparison with the 
Lang Factor for Liquids (TIC = ECx4.84) is applied.  
 

Table 8: Cost calculation and listing of EC, IT and TIC for scenario 9 

 
 
 
  

CARBON CAPTURE 
UNIT

Equipment Simulation

Equipment 
Description

EC
Equipment 

Cost
[EUR]

R1
Equipment 
installation

[EUR]

R2+R3
Process 
Piping
[EUR]

R4
Instrument-

ation
[EUR]

R5
Builing and 

construction
[EUR]

R6
Auxiliary 
systems

[EUR]

R7
Outside lines

[EUR]

IT
[EUR]

R8
Engineering

[EUR]

R9
Risk and 

unforseen
[EUR]

R10
Size factor

[EUR]

TIC
[EUR]

1,15 0,35 0,15 0,2 0,15 0,15 0,4 0,2 0,5

HX-A1 Heat Exchanger 51 600           59 340           20 769           8 901             11 868           8 901             8 901             118 680        47 472           23 736           59 340           249 228        
HX-A2 Heat Exchanger 21 800           25 070           8 775             3 761             5 014             3 761             3 761             50 140           20 056           10 028           25 070           105 294        
HX-A3 Heat Exchanger 83 900           96 485           33 770           14 473           19 297           14 473           14 473           192 970        77 188           38 594           96 485           405 237        
PREWASH-tower Column 60 500           69 575           24 351           10 436           13 915           10 436           10 436           139 150        55 660           27 830           69 575           292 215        
PUMP-C-1 Pump 7 400             8 510             2 979             1 277             1 702             1 277             1 277             17 020           6 808             3 404             8 510             35 742           
PUMP-C-2 Pump 8 400             9 660             3 381             1 449             1 932             1 449             1 449             19 320           7 728             3 864             9 660             40 572           
PUMP-C-3 Pump 5 700             6 555             2 294             983                1 311             983                983                13 110           5 244             2 622             6 555             27 531           
PW-COOL Heat Exchanger 18 400           21 160           7 406             3 174             4 232             3 174             3 174             42 320           16 928           8 464             21 160           88 872           
PW-PUMP Pump 6 600             7 590             2 657             1 139             1 518             1 139             1 139             15 180           6 072             3 036             7 590             31 878           
STRIPPER-cond Heat Exchanger 12 900           14 835           5 192             2 225             2 967             2 225             2 225             29 670           11 868           5 934             14 835           62 307           
STRIPPER-cond acc Drum 21 200           24 380           8 533             3 657             4 876             3 657             3 657             48 760           19 504           9 752             24 380           102 396        
STRIPPER-reb Reboiler 20 500           23 575           8 251             3 536             4 715             3 536             3 536             47 150           18 860           9 430             23 575           99 015           
STRIPPER-reflux pump Pump 5 700             6 555             2 294             983                1 311             983                983                13 110           5 244             2 622             6 555             27 531           
STRIPPER-tower Tower 199 200        229 080        80 178           34 362           45 816           34 362           34 362           458 160        183 264        91 632           229 080        962 136        
ABSORBER-tower Tower 423 900        487 485        170 620        73 123           97 497           73 123           73 123           974 970        389 988        194 994        487 485        2 047 437     
COMP-STA Blower 155 100        178 365        62 428           26 755           35 673           26 755           26 755           356 730        142 692        71 346           178 365        749 133        
Total Carbon Capture Unit 1 102 800     2 536 440     5 326 524     

5 337 552     Calculation with Lang Factor (ECx4.84):
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Continuation of Table 8: Cost calculation and listing of EC, IT and TIC for scenario 9 

 

SYNTHESIS UNIT
Equipment Simulation

Equipment 
Description

EC
Equipment 

Cost
[EUR]

R1
Equipment 
installation

[EUR]

R2+R3
Process 
Piping
[EUR]

R4
Instrument-

ation
[EUR]

R5
Builing and 

construction
[EUR]

R6
Auxiliary 
systems

[EUR]

R7
Outside lines

[EUR]

IT
[EUR]

R8
Engineering

[EUR]

R9
Risk and 

unforseen
[EUR]

R10
Size factor

[EUR]

TIC
[EUR]

1,15 0,35 0,15 0,2 0,15 0,15 0,4 0,2 0,5

1-HX-1 Heat Exchanger 83 900           96 485           33 770           14 473           19 297           14 473           14 473           192 970        77 188           38 594           96 485           405 237        
1-HX-2 Heat Exchanger 22 800           26 220           9 177             3 933             5 244             3 933             3 933             52 440           20 976           10 488           26 220           110 124        
1-HX-3 Heat Exchanger 15 300           17 595           6 158             2 639             3 519             2 639             2 639             35 190           14 076           7 038             17 595           73 899           
2-HX-1 Heat Exchanger 18 200           20 930           7 326             3 140             4 186             3 140             3 140             41 860           16 744           8 372             20 930           87 906           
2-HX-3 Heat Exchanger 12 300           14 145           4 951             2 122             2 829             2 122             2 122             28 290           11 316           5 658             14 145           59 409           
2-HX-2 Heat Exchanger 9 700             11 155           3 904             1 673             2 231             1 673             1 673             22 310           8 924             4 462             11 155           46 851           
3-HX-1 Heat Exchanger 12 700           14 605           5 112             2 191             2 921             2 191             2 191             29 210           11 684           5 842             14 605           61 341           
3-HX-2 Heat Exchanger 14 500           16 675           5 836             2 501             3 335             2 501             2 501             33 350           13 340           6 670             16 675           70 035           
3-HX-3 Heat Exchanger 16 300           18 745           6 561             2 812             3 749             2 812             2 812             37 490           14 996           7 498             18 745           78 729           
COMP-FT Compressor 1 324 600     1 523 290     533 152        228 494        304 658        228 494        228 494        3 046 580     1 218 632     609 316        1 523 290     6 397 818     
COND-RWG-flash vessel Drum 21 900           25 185           8 815             3 778             5 037             3 778             3 778             50 370           20 148           10 074           25 185           105 777        
HP-FLASH-flash vessel Drum 27 000           31 050           10 868           4 658             6 210             4 658             4 658             62 100           24 840           12 420           31 050           130 410        
P-WAX-HX Heat Exchanger 9 600             11 040           3 864             1 656             2 208             1 656             1 656             22 080           8 832             4 416             11 040           46 368           
PUMP-E-1 Pump 14 000           16 100           5 635             2 415             3 220             2 415             2 415             32 200           12 880           6 440             16 100           67 620           
B11-flash vessel Drum 21 900           25 185           8 815             3 778             5 037             3 778             3 778             50 370           20 148           10 074           25 185           105 777        
COMP-CO2 Compressor 1 090 600     1 254 190     438 967        188 129        250 838        188 129        188 129        2 508 380     1 003 352     501 676        1 254 190     5 267 598     
Fischer-Tropsch-Reactor Reactor 180 000        207 000        72 450           31 050           41 400           31 050           31 050           414 000        165 600        82 800           207 000        869 400        
rWGS-Reactor Reactor 1 617 240     1 859 826     650 939        278 974        371 965        278 974        278 974        3 719 652     1 487 861     743 930        1 859 826     7 811 269     
Total Synthesis Unit 4 512 540     10 378 842   21 795 568   

21 840 694   

ELECTROLYSER UNIT
Equipment Simulation

Power demand 
[kW]

Specific 
Costs

[EUR/kW]

R1
Equipment 
installation

[EUR]

R2+R3
Process 
Piping
[EUR]

R4
Instrumentat

ion
[EUR]

R5
Builing and 

construction
[EUR]

R6
Auxiliary 
systems

[EUR]

R7
Outside lines

[EUR]

IT
[EUR]

R8
Engineering

[EUR]

R9
Risk and 

unforseen
[EUR]

R10
Size factor

[EUR]

TIC
[EUR]

0,15 0,00 0,20 0,10 0,00 0,00 0,00 0,00

Electrolysis 7030 1 900             13 357 000   2 003 550     -                 2 671 400     1 335 700     -                 19 367 650   -                 -                 -                 19 367 650   
E-COMP (Hydrogen compressor) 1 823 300     273 495        -                 364 660        182 330        -                 2 643 785     -                 -                 -                 2 643 785     
Total Electrolysis Unit 22 011 435   22 011 435   

Total Investment Costs [EUR]
Carbon capture unit 5 326 524          
Synthesis unit 21 795 568        
Electrolysis unit 22 011 435        
Total 49 133 527        

Calculation with Lang Factor (ECx4.84):
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A B S T R A C T   

This paper describes the simulation and techno-economic evaluation of a carbon dioxide capture and utilization 
unit integrated in a cement plant with a capacity of 10,000 tons of CO2 per year. The aim is to utilize CO2 along 
with hydrogen to produce lower olefins (C2–C4), the feedstock for polyolefin production. In a first step, three 
process routes, namely a Fischer–Tropsch synthesis with steam cracker, a methanol synthesis with rWGS syngas 
production and a methanol synthesis with direct hydrogenation of CO2, latter two followed by a methanol-to- 
propylene unit, are simulated in ASPEN Plus V12.1®. Furthermore, the effect of a high- and a low- 
temperature electrolysis on key performance indicators are also considered in the evaluation. Additionally, an 
estimation of investment, operating and specific net production costs (NPCPR) of the different process routes is 
made. The evaluation is based on the comparison of calculated global efficiencies, specific energy consumption 
(SEC), NPCPr and yields of the lower olefine products (C2–C4). The power-to-lower olefin plant, consisting of an 
amine scrubber unit, a PEM electrolysis and a Fischer–Tropsch synthesis with downstream steam cracker proves 
to be the most efficient process route for polyolefin production, resulting in a global efficiency of 38.2 %, an SEC 
of 34.4 kWh/kg and an NPCPr of 14.92 EUR/kg of lower olefine product.   

1. Introduction 

1.1. Motivation 

A maximum temperature increase of 2 ◦C was agreed in the Paris 
Agreement in 2015, with an ambition to achieve a lower level of 1.5 ◦C 
compared to pre-industrial levels. The European Commission has set a 
step-by-step plan to decarbonize CO2-emitting sectors to achieve climate 
neutrality by 2050. In Austria, a more stringent plan has been developed 
to reduce 55 % of emissions by 2030 compared to the reference year 
1990 and to achieve climate neutrality by 2040 (Bundesministerium 
Austria, 2022). The cement industry emitted 9.0 % of EU ETS (European 
Emission Trading System) certified carbon dioxide emissions and was 
responsible for 3.3 % of total national greenhouse gas emissions in 
Austria in 2019, resulting in about 2.9 million tons of emitted CO2 in 
2020 (Mauschitz, 2021). Two thirds of the released CO2 are accounted 
for process-related CO2 from limestone calcination (calcium carbonate) 
which is hardly to reduce, and therefore counts as unavoidable carbon 
emissions. The other third is generated by the provision of energy 

through the combustion of conventional fuels such as coal, waste oil or 
substitute fuels (Mauschitz, 2021). In a report of the ’VÖZ-Verein 
österreichischer Zementwerke (Austrian Cement Works Association)’ a 
roadmap for CO2 neutral cement production is published. To decar
bonize the cement production sector, 44 % of CO2 emitted today must be 
reduced through carbon capture and utilization or storage (CCUS) 
(Spaun et al., 2022). The increase in the cost of ETS allowances from 26 
EUR/t CO2 at the beginning of 2020 to more than 90 EUR/tCO2 at the 
beginning of 2022 and the newly introduced tax (30 EUR/tCO2 in 2022, 
Austrian environmental law ’ÖkoStRefG 2022 Teil I’) on emitted CO2 in 
Austria represent a major challenge for companies to manage their 
business plans (Economics, 2022; Parlament Österreich, 2022). Carbon 
capture and storage (CCS) is currently still prohibited in Austria (Aus
trian law – ’BGBl. I Nr. 144/2011’). Nevertheless, the industries must 
reduce their CO2 emissions. On the one hand, CO2 can be transported 
over many kilometers to CO2 storage facilities (e.g. Norway). On the 
other hand, the prohibition of CCS is another incentive to implement 
carbon capture and utilization (CCU) plants regionally. CCU allows on 
the one hand the possibility of CO2 reduction, on the other hand it can be 
used as a resource to produce new products like chemicals, electrified 
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fuels (e-fuels) or plastics. The latter one has the advantage to use carbon 
dioxide for long life applications and CO2 is bound in the product, which 
contributes to a long-term CO2 reduction (e.g., as coating in high voltage 
cables). 

The plastics production has increased from 1.5 billion tons in 1950 to 
359 billion tons in 2018 (Europäisches Parlament, 2022). This amount is 
allocated to the main plastic categories polyethylene (PE, 28 wt.- %), 
polypropylene (PP, 17 wt.- %), polyvinyl chloride (PVC, 13 wt.- %), and 
polyethylene terephthalate (PET, 6 wt.- %) (GLOBAL 2000, 2022). 
Today, European plastics production is based on fossil sources, as 
dominantly crude oil is distilled, and the naphtha fraction is used in 
steam crackers for the conversion into ethylene and propylene. These 
chemicals are further processed in a downstream polymerization step to 
produce the desired polyolefins, mainly polypropylene and 
polyethylene. 

In several studies, CO2 is utilized via the implementation of a 
Fischer–Tropsch synthesis (FTS) and synthesized to e-fuels. In those 
studies simulations and techno-economic comparisons are performed. 
Also pilot projects are planned for power-to-liquid (PtL) plants, using 
CO2 and H2 as feedstock for the catalytic conversion to the main product 
kerosene (Adelung et al., 2021; König, 2016; Boudier, 2021; SAF+
Consortium, 2022; Adelung et al., 2021). König et al. and Adelung et al. 
built up on the same process structure, using a PEM electrolysis, an 
externally fired reverse water gas shift (rWGS) reactor for syngas pro
duction and an FTS with hydrocracker. Carbon capture (CC) was only 
included as generic process without any simulation (Adelung et al., 
2021; König et al., 2015). König et al. did also not include CC in the 
economic considerations (König, 2016). Herz et al. performed a 
techno-economic analysis of an FTS and summarized studies for C5+

production (Herz et al., 2021). Pratschner et al. investigated a PtL route 
to produce the fractions naphtha, middle distallate and waxes via 
Fischer Tropsch synthesis and Co-SOEC (Pratschner et al., 2023). 
However, studies for utilizing CO2 to fuels are mostly elaborated. The 
process route to achieve lower olefins as main product is not yet 
considered in any study. 

As an alternative to FTS, CO2 and H2 can be converted to methanol, 
with a methanol-to-propylene (MtP) unit downstream to produce 
mainly propylene. A distinction and evaluation between a direct and a 
two-step methanol synthesis is done by Anicic et al., who only considers 
pure methanol production (Anicic et al., 2014). Ghosh et al. also studied 
the difference of methanol production between direct hydrogenation of 
CO2 and pre-conversion via an rWGS reactor (Ghosh et al., 2019). Both 
authors do not consider the post-conversion to the end-product lower 
olefins and do not compare economics of the processes. 

During this research, no literature was found, where process-related 
CO2 from a cement plant is used as a resource for lower olefins pro
duction, especially for further use as feedstock for renewable based 
polyolefins. Therefore, the process analysis and techno-economic eval
uation performed during this work is novel. 

Regarding a future climate neutral polyolefin production and the 
associated change from fossil to renewable raw materials, this work 
compares available technologies of Power-to-Lower olefin routes. The 
comparison includes the different synthesis units (Fischer Tropsch and 
methanol) with the downstream upgrade processes to lower olefins 
(steam cracker or methanol to propylene (MtP) unit). Since the poly
merization step is the same for both technology pathways, and these are 
existing technologies, this step is not considered further in the simula
tion, i.e. the comparison ends with the lower chain olefins. In a first step, 

Abbreviations and nomenclature 

AC additional costs [EUR] 
ACC annualized capital costs [EUR] 
APEA ASPEN process economic analyzer V12.1 
ARC annual replacement costs of electrolysis stack [EUR/year] 
CAPEX capital expenditures 
CCU carbon capture and utilization 
CCS carbon capture and storage 
CCUS carbon capture utilization and storage 
CEPCI chemical engineering plant cost index [-] 
clabor labor costs [EUR/h] 
D direct plant costs [EUR] 
DME dimethyl ether 
EC equipment costs [EUR] 
ECref reference equipment costs [EUR] 
ETS EU emissions trading system 
FCI fixed capital costs [EUR] 
FixOPEX fixed operational expenditures [EUR/year] 
FTS Fischer–Tropsch synthesis 
GHSV gas houly space velocity [1/h] 
hlabor labor hours [h/year] 
hplant,operation operation hours [h/year] 
HTFT high temperature Fischer–Tropsch synthesis 
I indirect plant costs [EUR] 
ISBL inside battery limit 
IR rate of interest [%] 
LHV lower heating value [kWh/kg] 
LTFT low temperature Fischer–Tropsch synthesis 
ṁi mass flow of product fraction i [kg/h] 
ṁproduct mass flow of total product [kg/h] 
MeOH methanol synthesis 
MtP methanol to propylene 

ṅc,feed carbon atoms in feedstock [atoms] 
ṅc,prod, i carbon atoms in product i [atoms] 
ṅCO2 mole flow CO2 [kmol/h] 
ṅCO mole flow CO [kmol/h] 
NPC net production costs [EUR/kg, EUR/kWh] 
nprocess,step number of units [-] 
OPEX operational expenditures 
OL operating labor costs [EUR/year] 
OSBL outside battery limit 
Pel electricity demand of electrolysis [kW] 
Pu electricity demand of utilities [kW] 
PE polyethylene 
PEM proton exchange membrane electrolysis 
PET polyethylene terephthalate 
PL plant lifetime [a] 
PP polypropylene 
PtL power to Liquid 
PVC polyvinyl chloride 
Q̇heat excess steam generation [kW] 
R ratio factor [-] 
rWGS reverse water-gas shift 
S simulated mole flow [kmol/s] 
SEC specific energy consumption 
SOEC solid oxide electrolysis 
SR electrolysis stack replacement cycles [-] 
Sref reference mole flow [kmol/s] 
TCI total capital investment [EUR] 
WC working capital [EUR] 
ηcarbon carbon efficiency [-] 
ηglobal global efficiency [-] 
ηPtL power-to-liquid efficiency [-]  
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available and existing process routes of CO2 conversion via methanol 
synthesis and FTS for the intermediate production (syncrude or meth
anol) are simulated in ASPEN Plus® to obtain mass and energy balances. 
This includes the carbon capture unit, the electrolysis for hydrogen 
production and the synthesis part. As the steam cracker and MtP units 
are commercially available, the mass and energy balance data and 
conversion yields are taken from literature for these process steps. For a 
more detailed comparison, the calculation of key performance in
dicators (KPIs), such as the PtL global efficiency and carbon conversion, 
the total product yield for lower olefins (C2–C4) and the consideration of 
side products is carried out in a second step. Furthermore, the impact of 
an existing steam cracker in a nearby located refinery is also considered 
in the process analysis. In order to design a cost-efficient and process 
optimized PtL plant, the advantages and disadvantages of the individual 
process routes and technologies are discussed with regard to the calcu
lated key figures, cost aspects and the implementation of the existing 
infrastructure. Finally, a recommendation for the process design to 
convert CO2 and H2 into lower olefins is made. The results deliver the 
basis for a potential large-scale implementation. The chosen process 
should utilize 10,000 tons of CO2 annually. It is determined which 
process route performs best in case of lower olefin production and how 
the process should be realized in terms of the interconnection of the 
necessary units (CC, electrolysis, synthesis, …). 

2. Detailed process description 

The general process route for a power-to-lower olefin plant consists 
of the catalytic conversion of CO2 with green hydrogen into hydrocar
bons (low chain olefins) and, in a downstream polymerization step, into 
polypropylene and polyethylene. The main process steps are structured 
into categories, namely CO2 capture, electrolysis, synthesis, downstream 
processing, and polymerization as depicted in Fig. 1. 

In the first step, carbon dioxide is captured from the exhaust gas of 
the cement plant using a solvent-based scrubber unit. Chemical ab
sorption technologies range from conventionally available and proven 
amine-based solvents to advanced solvents, and hot potassium 

carbonate as absorbent. In this study, an amine scrubbing unit is used as 
carbon capture step due to its generally higher technical maturity 
(Kearns et al., 2021). 

Two different feedstocks, methanol and syncrude, are considered for 
lower olefine production. Therefore, two main conversion technologies, 
the methanol synthesis and the FTS, are analyzed for comparison. The 
feedstock for both technologies is captured CO2, which is catalytically 
converted with green hydrogen to intermediate products methanol or 
syncrude. In the simulation, the main hydrogen production technologies 
are implemented with heat-integrated low and high temperature elec
trolysis in both process chains. 

On the one hand, methanol is used with a post-processing MtP unit 
achieving high conversion rates to propylene. On the other hand, syn
crude is further processed in a steam cracker, yielding mainly ethylene 
and propylene. Finally, these intermediates should be polymerized to 
polypropylene and polyethylene in a last step, but this polymerization 
step is out of this scope. A block flow diagram of the investigated process 
chains is shown in Fig. 1. 

In this paper, an FTS for syncrude production (process route 1), a pre- 
conversion via an rWGS reactor with downstream methanol synthesis 
(process route 2) and a direct hydrogenation of CO2 to methanol (pro
cess route 3) are compared, in which either a low or a high temperature 
electrolysis is used for green hydrogen production, and post-processing 
units, such as a steam cracker and MtP unit, respectively. 

2.1. Carbon capture unit – amine scrubber unit 

The composition of the exhaust gas from the cement plant is 14 vol.- 
% CO2, 64 vol.- % N2, 12 vol.- % H2O and 10 vol.- % O2 (Mauschitz, 
2021). In this work, an annual carbon dioxide capture capacity of 10, 
000 tons should be achieved by an amine scrubber unit. Impurities 
contained in the exhaust gas (e.g., sulfur oxides, nitrogen oxides or 
mercury) are not considered in this work, thus pre-cleaning systems are 
not included in the simulation. The gas stream exits from the cement 
plant’s stack at atmospheric pressure and a temperature of about 100 ◦C. 
It is withdrawn, compressed to 0.5 bar(g) and fed to a pre-washer tower 

Fig. 1. Block flow diagram for the production of polypropylene and polyethylene from a cement plant off-gas.  
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where it is cooled to an absorber inlet temperature of 40 ◦C. In the 
pre-washer tower, NaOH solution is used for dedusting, cooling and 
reducing SOx traces that would lead to amine degradation (Zhou et al., 
2013). The cleaned and cooled gas is further fed to the lower part of the 
absorber tower. The amine solution consists of 30 wt.- % mono
ethanolamin (MEA) and water. The solvent flows into the tower from the 
top in counter-current flow to the gas, and the CO2 dissolves in the 
amine solution. The carbon capture efficiency is assumed to be 90 %. 
The CO2 reduced waste gas exits the absorber tower at the top and is 
discharged to the environment. The CO2 rich amine solvent is preheated 
in a heat exchanger and fed to the desorber tower, which operates at 
atmospheric pressure. Due to the high feed temperature and the addi
tional heat input from a reboiler of approximately 3.8 MJ/kgCO2, CO2 
releases and water is evaporated from the amine solvent (Sakwattana
pong et al., 2005). The gaseous product is withdrawn at the column head 
and cooled downstream to 50 ◦C. The water condenses in a flash and is 
recycled to the desorber tower. The gas fraction, which consists of >95 
wt.- % CO2 (99 wt.- % dry), is processed for further use. The lean amine 
solution is collected at the bottom of the column and is returned to the 
absorber tower, which maintains an amine solvent cycle. Amine 
degradation is not considered in the simulation (Zhou et al., 2013; 
Rochelle, 2012). 

2.2. Electrolysis 

The technologies for hydrogen production from water can be cate
gorized in low- and high-temperature electrolysis. The main differences, 
apart from the system design, are the feed phase, specific energy con
sumption, operating temperature, and operating pressure of the 
respective technology. Both electrolysis technologies must be fed with 
ultrapure water, which requires a water treatment plant, which is not in 
the scope of this simulation. Hydrogen production follows the overall 
reaction Eq. (1). The reaction is highly endothermic, and energy must be 
supplied in the form of electrical energy and heat. 

2H2O→2H2,(g) + O2,(g) ΔH298K
r = +286 kJ

/
mol (1) 

Proton exchange membrane (PEM) electrolysis belongs to the low- 
temperature electrolysis technologies. The operating temperature is 
typically between 50 and 80 ◦C with an operating pressure of up to 40 
bar(a) and a specific system energy consumption of 4.7 kWh/Nm3

H2 
(Trattner et al., 2021). In the simulation, feed water is heated to 75 ◦C 
and the electrolysis is operated at the same temperature. A disadvantage 
of the PEM electrolysis, resulting in lower energy efficiency, is the need 
for cooling water, which accounts for about 17 % of total electrical 
energy supplied (Tiktak, 2019). In contrast to PEM electrolysis, the solid 
oxide electrolysis (SOEC) belongs to the high temperature electrolysis 
processes. Typical operating temperatures range from 700 to 1000 ◦C 
and outlet pressures from 1 to 3 bar(a) (Trattner et al., 2021). This 
technology is fed with low pressure (LP) steam, which introduces heat 
into the system, and lowers the electrical power demand according to 
the Gibbs free enthalpy (Sunfire GmbH, 2022). This advantage results in 
a specific electricity system energy consumption of 3.6 kWh/Nm3

H2 
(Trattner et al., 2021; Sunfire GmbH, 2022). Heat integration of the 
whole process is included in the simulation by using waste heat (e.g., 
heat release from the exothermic Fischer–Tropsch reaction) instead of 
electrical preheating. For green hydrogen production, it is inevitable to 
run the electrolysis with renewable energy. Both electrolysers are 
implemented as stoichiometric reactor in ASPEN Plus®, considering a 
total water conversion of 95 % (Allen et al., 2021). 

2.3. Synthesis gas production 

The implementation of an FTS and methanol synthesis in the process 
chain usually requires the supply of synthesis gas. Newly explored 
technologies also allow direct hydrogenation of CO2 for methanol 

synthesis, but this is still in the laboratory phase for FTS (Brübach et al., 
2022; Schemme et al., 2020). The performance of the rWGS reaction has 
been investigated on nickel catalysts by different authors (Unde, Ade
lung et al., König et al. and Markowitsch et al.), leading to different 
operation conditions (Adelung et al., 2021; König, 2016; Markowitsch 
et al., 2022; Unde, 2012; Markowitsch and Lehner, 2023). Adelung et al. 
and König et al. simulated a PtL plant with kerosene as main product, 
and the optimization process and operation conditions were completely 
different from syncrude or methanol production (Adelung et al., 2021; 
König, 2016). Markowitsch et al. implemented an electrified rWGS 
reactor and considered main and side reactions, optimizing for high 
selectivity of carbon monoxide in the product gas and high operating 
pressure (Markowitsch et al., 2022). The endothermic main reaction is 
given in Eq. (2). 

CO2 + H2 ↔ CO + H2O ΔH298K
r = +41 kJ/mol (2) 

For suitable operation conditions, the thermodynamic consideration 
must consider all occurring side reactions, as some are mentioned in Eq. 
(3) to Eq. (6). In the Fischer–Tropsch process, the tail-gas stream from 
the product separation unit is recycled upstream of the rWGS reactor. 
Methane and higher gaseous components are reconverted to syngas in 
the rWGS reactor according to the endothermic steam and dry reforming 
reactions (Eq. (3) and Eq. (4)). 

CH4 + H2O ↔ CO + 3H2 ΔH298K
r = +206 kJ

/
mol (3)  

CH4 + CO2 ↔ 2CO + 2H2 ΔH298K
r = +247 kJ

/
mol (4)  

CO2 + 2H2 ↔ C(s) + 2H2O ΔH298K
r = − 91 kJ

/
mol (5)  

2CO ↔ CO2 + C(s) ΔH298K
r = − 172 kJ

/
mol (6) 

In order to reach high conversion rates and high carbon monoxide 
selectivity, appropriate operation temperature and pressure must be 
chosen. Selectivity is defined in Eq. (7) as the number of CO2 molecules 
(ṅCO2 in kmol/h) converted to carbon monoxide molecules (ṅCO in kmol/ 
h). 

S(CO) =
ṅCO,out − ṅCO,in

ṅCO2 ,in − ṅCO2 ,out
(7) 

Fig. 2 illustrates the thermodynamic equilibrium calculated with the 
software HSC 7 (Outotech). CO selectivities yield in 99.9, 98 and 88 % 
for investigated pressures of 1, 10 and 30 bar(g), respectively, and a 
temperature of 950 ◦C. Conversion to carbon monoxide favors high 
temperatures and low pressures, whereby the rWGS reactor is intro
duced as a Gibbs reactor in ASPEN Plus® with operation conditions set 
at 950 ◦C and 10 bar(g) (Markowitsch et al., 2022; Markowitsch et al., 
2023). These operating conditions and the over-stoichiometric use of 
hydrogen (H2:CO2 at 3.1:1) suppress the carbon formation via Bosch 
reaction (Eq. (5)) or Boudouard equilibrium (Eq. (6)) to prevent catalyst 
deactivation. The assumed operating temperatures and pressures were 
previously determined and validated experimentally in a test rig on a 
nickel based catalyst (Markowitsch and Lehner, 2023). 

2.4. Fischer–Tropsch synthesis – process route 1 

A low temperature FTS (LTFT) is assumed for this simulation and the 
flow sheet for process route 1 is depicted in Fig. 3. Normal paraffinic 
hydrocarbons constitute the main component of the product. A 
remarkable advantage is the change of operating conditions (tempera
ture and/or pressure), to achieve the best yields of the desired product 
(syncrude, kerosene, diesel, …) and the adaptability to market demand. 
This is possible, as the product composition follows the extended 
Anderson-Schulz-Flory distribution with a chain growth probability α 
(Markowitsch et al., 2022). A cobalt-based catalyst is applied in the 
LTFT and the operating conditions are set to a temperature of 220 ◦C and 
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a pressure of 25 bar (g) (Adelung et al., 2021; Markowitsch et al., 2023). 
In addition, the input ratio of H2:CO should be constant at 2.08 to 
achieve an α-value of 0.92, which favors the production of higher 
normal paraffinic hydrocarbons (high wax content). Consequently, the 
syncrude can be fed into the existing refinery infrastructure and directly 
replace fossil crude oil for plastics production (Klerk, 2011). The single 
pass CO conversion is set at 40 % and the selectivity of methane is set to 
16.1 % (Adelung et al., 2021). The main reaction (Eq. (8)) of the con
version of syngas to paraffins is highly exothermic. Therefore, the 
Fischer–Tropsch reactor is simulated as stoichiometric reactor in ASPEN 
Plus® and designed as a multitube reactor with boiling water as a 
coolant. Since by-products (olefins, oxygenates, aromatics and naph
thene) account only for approximately 10 wt.- % of the total product 
mixture, the simulation is simplified, and it is assumed that only 
n-paraffins are produced from the feed gas. (Adelung et al., 2021; 
Markowitsch et al., 2023; Klerk, 2011). In the FTS itself, methane, CO2 
and nitrogen are treated as inert gasses (Klerk, 2011). 

CO + 2H2→ − CH2 − +H2O
ΔH298K

r = − 140 to − 160 kJ
/

molCO
(8) 

The liquid reaction product phase consists of waxes and is directly 
taken from the reactor. A sharp cut is not necessary as the product is fed 
to the steam cracker, covering the complete syncrude product (Karaba 
et al., 2021). The gaseous compounds are separated in a two-stage flash 

separation unit. In the first stage, the pressure remains unchanged and 
the temperature is reduced to 100 ◦C to obtain the middle distillate 
fraction and water. In the second stage, the pressure is reduced to 11 bar 
(g) and the gas is cooled to 20 ◦C to remove the naphtha and water 
fraction in liquid form. Most of the unconverted gasses and methane are 
contained in the product processing unit outlet stream and are recycled 
upstream of the rWGS reactor. To avoid accumulation of inert gasses, 2 
mol- % of the recycled gas is purged (Markowitsch et al., 2022). The 
assumed operating conditions of the model fall within the ranges of 
196.85–256.85 ◦C, 12–36 bar and a H2:CO ratio of 1–3 validated by 
Vervloet et al. (Vervloet et al., 2012). 

2.5. Methanol synthesis – process route 2 and 3 

Methanol synthesis is a commercially available technology that 
usually uses syngas as a feed gas stream to convert CO and H2 in an 
exothermic catalytic reaction to methanol (Eq. (9)). 

CO + 2H2 ↔ CH3OH
ΔH298K

r = − 91 kJ
/

mol
(9) 

The reactors for direct hydrogenation of CO2 and syngas conversion 
to methanol are similar. Boiling water cooled multitube reactors with a 
gas hourly space velocity (GHSV) of 10,000 hP− 1P are used in this 
simulation (Oelmann et al., 2020). Due to principle of Le Chatelier, the 

Fig. 2. Thermodynamic equilibrium of the rWGS reaction and CO selectivity in a temperature range of 300–1100 ◦C and at pressures of 1, 10 and 30 bar(g).  

Fig. 3. Flow sheet of the implemented FTS with rWGS, two-stage flash product separation and PEM/SOEC hydrogen production.  
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reaction is pressure dependent and favors higher pressure and lower 
temperature. Fig. 4 shows the thermodynamic analysis of the methanol 
reaction and depicts the conversion rates for temperatures between 120 
and 300 ◦C and pressures of 20, 40, 60 and 80 bar. 

In this paper, the methanol synthesis is implemented as a plug flow 
reactor with a Cu/ZnO/Al2O3 catalyst, which operates at a temperature 
of 240 ◦C and pressure of 80 bar (g). The tubes of the plug flow reactor 
are assumed with an inner diameter of 0.04 m and a length of 7 m 
(Bisotti et al., 2022). The methanol reaction (Eq. (9)) is thermodynam
ically limited, but for a proper design and cost estimation of the meth
anol reactor, kinetics need to be considered. The kinetic data is taken 
from Bussche et al. (Bussche and Froment, 1996). Possible side products, 
consisting of higher alcohols or methyl formate, account for about 0.06 
wt.- % and are not considered in the kinetic model (Bisotti et al., 2022). 
A validation of the model assumptions (190–255 ◦C, 50–150 bar) with 
commercial methanol technologies is performed by Bisotti et al. (Bisotti 
et al., 2022). The product stream must be cooled to liquify and separate 
the products. The unconverted gas is split into a recycle gas stream and a 
purge gas stream (2 mol- %), again avoiding the accumulation of inert 
gasses such as nitrogen or methane (Bisotti et al., 2022). Behind the 
synthesis, the gas stream is cooled to 30 ◦C to obtain the liquid phases 
water and methanol. The product consists of a methanol-water mixture, 
the ratio depends on the process variant used. The product separation 
step consists of two distillation columns, the first one operates at a 
higher pressure of 10 bar(g). Dissolved gaseous compounds such as CO2 
are released from the liquid and exit the distillation at the top. The gas 
stream is compressed to the operating pressure of the methanol synthesis 
and fed upwards the methanol unit. Methanol and water are separated in 
the second distillation column at atmospheric pressure to achieve 
methanol specification grade AA (<0.1 wt.- % H2O) (Adams et al., 2018; 
International Methanol Producers & Consumers Association, 2015). 

In process route 2 (flow sheet in Fig. 5), the input streams CO2 and H2 
are not directly fed to the methanol reactor, as they are first converted to 
syngas in an rWGS reactor, again treated as Gibbs reactor at 950 ◦C and 
10 bar(g). Downstream of the rWGS reactor, the process water is 
condensed and extracted, and only CO, H2, unconverted CO2 and 
byproducts of the rWGS reaction such as methane are fed to the meth
anol reactor. This pre-conversion unit allows higher yield in single pass 
when syngas is used for methanol synthesis, as shown in Fig. 3. 

The direct hydrogenation of CO2 to methanol (Eq. (10)) combines the 
methanol reaction (Eq. (9)) and the rWGS reaction (Eq. (1)) (Bussche 
and Froment, 1996). 

CO2 + 3H2 ↔ CH3OH + H2O
ΔH298K

r = − 49 kJ
/

mol
(10) 

In process route 3, the methanol synthesis is carried out under the 
same operating conditions and under assumption of the same kinetic 
model as before. For methanol production, carbon dioxide and hydrogen 
are used in a ratio of 1:3.08. The aim is to achieve high conversion rates 
in three single pass reactors in series. This concept follows the design of 
Air Liquide and is shown in Fig. 6 (Oelmann et al., 2020). In this case, 
additional reaction water is generated as steam, resulting in higher 
volume flow through the reactor. This affects the total size and number 
of reactor tubes. As discussed earlier and shown in Fig. 4, Eq. (10) is also 
favored by high pressure and low temperature for high conversion rates 
to methanol. Behind the methanol reactor, the liquid product is again 
separated in a two stage distillation, whereas a high- and low pressure 
unit are implemented to achieve the specification of methanol grade AA 
(International Methanol Producers & Consumers Association, 2015). A 
recycle stream with a 2 mol- % purge gas stream is implemented to avoid 
inert gas accumulation. 

2.6. Methanol-to-propylene unit 

The methanol-to-propylene (MtP) technology is available in indus
trial scale and commercialized by Air Liquide. Therefore, a simulation in 
ASPEN Plus can be omitted here and the literature figures of a stand
alone MtP plant are used. The process preconverts methanol into a 
Dimethylether (DME), which is subsequently transformed together with 
recycled olefins catalytically in three MtP reactors (two operating and 
one regenerating reactor) to ethylene (1.2 wt.- %) and propylene (28.4 
wt.- %). The remainder is converted to the by-products fuel gas (1.4 wt.- 
%), LPG (2.2 wt.- %), gasoline (10.8 wt.- %), and water (56 wt.- %). The 
purity of propylene is reported to be 99.6 wt.- % (Rothaemel et al., 
2016). Liquified Petrolum Gas (LPG) is considered in the butene product 
fraction. However, gasoline consists mainly of hydrocarbons in a range 
of C5 to C9 and is therefore considered as by-products (Henley et al., 
2014). The MtP conversion energy demand is taken into account with 
11 MJ/kgMeOH as electrical energy demand (IEA, 2017). 

2.7. Steam cracker unit 

For olefine production, the Fischer–Tropsch product can be pro
cessed in a steam cracker and has proven to be an excellent feedstock. 
Karaba et al. investigated the conversion of the syncrude from renew
able feedstock into chemicals (preferably high yields of ethylene and 

Fig. 4. Thermodynamic equilibrium of conventional methanol reaction via syngas (left) and CO2 tolerant methanol synthesis (right).  
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propylene) in a steam cracker. Again, the conversion yields and energy 
consumptions are taken from the literature, since these steam crackers 
are commercially available and standalone units (Karaba et al., 2021). 
The steam cracker operates at moderate pressures of 4 bar (g) and 
maximum temperatures of 815 ◦C. In Karaba et al. the feed fractions are 
divided into FT lights (FT L; C5–C11), FT middle distillate (FT MD; 
C10–C23) and vacuum residue (FT VR; C18–C43), the overall product is 
described as FT crude (FT Cr). The conversion yields are given for each 
fraction. The lower C2–C4 olefins consist of ethylene, propylene, 
but‑1-ene, i-butene and butadiene (Karaba et al., 2021). In this elabo
ration, all other products are treated as by-products. The electrical en
ergy demand for the steam cracker is assumed to be 15 MJ/kgFT-Product 
(IEA, 2017). 

3. Simulation 

The power to lower olefin plant is simulated in ASPEN Plus® V12.1. 
The ASPEN Plus simulation consists of the amine scrubber unit, the 
electrolysis and the Fischer–Tropsch or methanol synthesis. The amine 
scrubber unit is implemented in an electrolyte non-random two-liquid 
(ELECNRTL) section considering Henry coefficients for carbon dioxide, 
nitrogen and oxygen. The electrolysis and synthesis are simulated in a 
Peng-Robinson (PENG-ROB) section, and the distillation units of the 
methanol synthesis are furthermore run in a non-random-two-liquid 

(NRTL) model. Fig. 7 shows the flow sheet of the Fischer–Tropsch pro
cess chain with low temperature PEM electrolysis. The amine scrubber 
unit and electrolysis do not differ in each scenario. The consideration of 
heat integration is essential. Therefore, ASPEN Energy Analyzer® is 
used for the generation of a pinch analysis, which allows the calculation 
of required steam and cooling demand for a heat integrated process. The 
post-processing equipment (steam cracker and MtP unit) is not modeled 
in ASPEN Plus®, as its process setup is commercially available and a 
fully developed, standalone technology with available literature data for 
mass, energy and product yield figures. However, in order to take into 
account the influences of these facilities on the total performance of the 
different process chains, they were included as a black box in the mass 
and energy balance, but are considered in the cost calculation. The 
operation conditions for the main equipment are summarized in Table 1. 

The scenarios are defined in Table 2 for each process route (Fig. 1), as 
the comparison of the Fischer–Tropsch and methanol synthesis, the 
electrolysis technology PEM and SOEC, as well as newly erected and 
existing steam cracker and MtP equipment should be considered. 

For a technological comparison, key performance indicators (PtL, 
global efficiency and carbon conversion (Eq. (12) to Eq. (17)), and the 
specific energy consumption (Eq. (18) and Eq. (19))) as well as product 
quantities are calculated for each investigated scenario. The total 
operating time is assumed to be equal with the cement plant (7884 h per 
year). 

Fig. 5. Methanol production using a PEM/SOEC for hydrogen production, an rWGS reactor and a single stage methanol synthesis.  

Fig. 6. Three-step methanol synthesis with PEM/SOEC for hydrogen production and intercooling for gas/liquid separation.  

C. Markowitsch et al.                                                                                                                                                                                                                          

112



International Journal of Greenhouse Gas Control 129 (2023) 103985

8

The PtL efficiency ηPtL (Eq. (12) and Eq. (13)) is calculated by 
multiplying the lower heating value (LHVi in kWh/kg) of the product 
fractions i with the associated product quantity (ṁi in kg/h) divided by 
the total electrical energy demand, which is composed of the electrolysis 
energy (Pel in kW), the utilities electricity demand (PU in kW) and in case 
of ηPtL,2 also the post-processing electrical demand (Ppost in kW). 
Equipment such as pumps and compressors are considered in the utility 
category, therefore, PU is the sum of the power demand of each equip
ment k (Eq. (11)). In this elaboration, ηPtL,1 is assigned to the interme
diate product syncrude and methanol, whereas ηPtL,2 defines the PtL 
efficiency refered to the low chain hydrocarbon (C2–C4) product. 

PU =
∑

k
PUk (11)  

ηPtL,1 =

∑
(ṁi∗LHVi)

Pel + Pu
(12)  

ηPtL,2 =

∑
(ṁi∗LHVi)

Pel + Pu + Ppost
(13) 

The global efficiency ηglobal (Eq. (14) and Eq. (15)) includes not only 
the electrical power demand, but also the excess steam generation (Q̇heat 

in kW) from the FTS reactor, or steam demand in case of methanol 
synthesis. If the possibility of steam export exists, the global efficiency is 
positively influenced. Steam generation lowers the global efficiency. 
Once again, the indices 1 and 2 define the intermediate or low chain 
hydrocarbon product, respectively. 

ηglobal,1 =

∑
(ṁi∗LHVi)

Pel + Pu + Q̇heat
(14)  

ηglobal,2 =

∑
(ṁi∗LHVi)

Pel + Pu + Ppost + Q̇heat
(15) 

The carbon efficiency ηcarbon (Eq. (16) and Eq. (17)) describes the 
carbon yield in all products in relation to the carbon feed. It is defined as 
the ratio of carbon atoms present in the syncrude product fractions 
(
∑

ṅc,prod, i) or low carbon chain product behind the post-processing 
units (ṅc,prod,C2 − C4 ) to the carbon atoms fed to the PtL plant involving 
the carbon capture unit (ṅc,feed). Index 1 indicates the intermediate 
product syncrude or methanol, index 2 includes the post processing 
units and considers the products C2 to C4. 

ηcarbon,1 =

∑
ṅc,prod, i

ṅc,feed
(16)  

ηcarbon,2 =
ṅc,prod, C2 − C4

ṅc,feed
(17) 

The specific energy consumption (SEC, Eq. (18) and Eq. (19)) devides 
the total electrical energy input (Pel in kW) by the product quantity 
(ṁproduct in kg/h). Index 1 considers only the intermediate product pro
duction, index 2 considers the complete process chain. However, caution 
must be paid for the intermediate product, as the entire electricity de
mand is also used in this calculation. 

SEC1 =
Pel + Pu

ṁproduct,FT or MeOH
(18)  

Fig. 7. Flow sheet of the Fischer–Tropsch process chain in a cement plant to capture 10,000 tons of CO2 per year.  

Table 1 
Operation conditions of the modeled operation units.  

Equipment Operating temperature [ 
◦C] 

Operating pressure [bar 
(g)] 

Pre-washer 40 0.4 
Absorber column 40 0.4 
Desorber column 110 0.1 
PEM electrolysis 75 30 
SOEC electrolysis 700–900 0.1 
rWGS reactor 950 10 
Methanol reactor 240 80 
Fischer–Tropsch 

reactor 
220 25  

Table 2 
Definition of synthesis, electrolysis and post-processing equipment for scenarios 
1 to 8.  

Scenario Synthesis Electrolysis Post-processing 
equipment 

1 Fischer–Tropsch with rWGS 
reactor 

PEM new steam cracker 

2 Fischer–Tropsch with rWGS 
reactor 

SOEC new steam cracker 

3 Fischer–Tropsch with rWGS 
reactor 

PEM existing steam 
cracker 

4 Fischer–Tropsch with rWGS 
reactor 

SOEC existing steam 
cracker 

5 Methanol synthesis with rWGS 
reactor 

PEM new MtP 

6 Methanol synthesis with rWGS 
reactor 

SOEC new MtP 

7 CO2 tolerant methanol 
synthesis 

PEM new MtP 

8 CO2 tolerant methanol 
synthesis 

SOEC new MtP  
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SEC2 =
Pel + Pu + Ppost

ṁproduct,C2− C4
(19)  

4. Economic calculation 

Apart from the technological evaluation, the economics need to be 
considered when determining the most appropriate process route. Due 
to the stage of planning and several uncertainties in on-site utilities, the 
capital expenditures (CAPEX) estimation class 5 is selected, allowing for 
variations of +100/− 50 % (AACE International Recommended Prac
tices, 2020). Capital costs are calculated for inside battery limit (ISBL) 
equipment, which includes e.g., heat exchangers, compressors and 
multitube reactors (Fischer–Tropsch or methanol). Outside battery limit 
(OSBL) equipment, including cooling facilities or steam generation, is 
not considered in the investment cost calculation, however they are 
reflected in the operating costs. The operational expenditures (OPEX) 
include the main utility costs, such as electricity, operation and main
tenance as well as labor costs. In the following subchapters, the CAPEX 
and OPEX calculation is carried out to calculate and compare the net 
production costs of the lower olefin product. 

4.1. Capital cost calculation 

ASPEN Process Economic Analyzer® V12.1 (APEA) calculates the 
major equipment costs (EC in EUR, base year 2019) according to the 
simulation performed, including e.g., heat exchangers, compressors, 
pumps, columns, etc. The investment costs and stack lifetime for the 
SOEC and PEM electrolysis are given in Table 3 (Herz et al., 2021). 

The rWGS reactor is not a proven technology that is being integrated 
in such systems on large scale, therefore other literature data are 
considered. The design of the rWGS reactor is similar to a steam 
reforming reactor (high temperature level of 800–900 ◦C). For small 
steam reformers (0.15–15 MW), the investment costs are reported to be 
3000 to 5000 USD2016/kW (IEA, 2021). Since the electrified rWGS 
reactor has the advantage of smaller dimensions due to improved ther
mal management, the investment costs are reduced by approximately 
one third to 2000 EUR2016/kW (IEA, 2021; Wismann et al., 2019). 

The equipment costs (ECFT in EUR) for the Fischer–Tropsch reactor 
are calculated by downscaling of available literature data from Herz 
et al. according to Eq. (20), whereas the base costs (ECref in EUR) are 
18.93 MEURR2019R, the base molar flow (Sref in kmol/s) is 2.7 kmol/s 
and the scaling factor (d) is 0.85 (Herz et al., 2018). The occurring mole 
flow (S in kmol/s) is taken from the simulation results performed in this 
work. 

ECFT = ECFT,ref ∗

(
S

Sref

)d

(20) 

The equipment costs for the steam cracker and MtP unit are taken 
with 2050 USD2018 and 1000 USD2018 per ton high value chemicals 
(syncrude or methanol), respectively, as a specific value from an IEA 
report (IEA, 2017). A distinction between US Dollar and Euro is not 
required in this investigation, due to the negligible difference in the 
current exchange rate (Finanzen.net, 2022). 

The aforementioned prices differ in the year of publication, e.g., 
APEA databank uses the base year 2019. Therefore, it is necessary to 
align the equipment costs to actual market prices. The application of the 

“Chemical Engineering Plant Cost Index (CEPCI)” enables the calcula
tion (Eq. (21)) of each equipment’s actual market price (ECreal) based on 
February 2022 (e.g., the CEPCI figure is 801.3 for February 2022, for the 
APEA database it is 607.5 for the year 2019) (Towering Skills, 2022). 

EC = ECref ∗
CEPCIFeb,2022

CEPCIref
(21) 

The fixed capital investment costs (FCI) are composed of direct plant 
costs (D), indirect plant costs (I) and additional costs (AC). In Table 4, 
typical values for additional factors (ratio factor R) are listed, consid
ering the impact purposes. The FCI calculation is applied by factor 
multiplication according to Eq. (19) (Herz et al., 2021). The ratio factor 
method is not fully used for electrolysis calculation, whereas only the 
factors 1, 6, 10, 11 and 12 are applied (Albrecht et al., 2017). For 
electrolysis, only factors R1, R6, R10, R11, and R12 are considered 
because the plant is installed in a modular design and the remaining 
factors are already considered in the CAPEX. 

FCI = EC ∗
∑

Rj (22) 

The working capital (WC) is assumed to be 10 % of total capital in
vestment (TCI), since capital is needed for commissioning and startup. 

TCI = FCI + WC (23) 

For an assumed rate of interest (IR) of 7 % and a pilot plant lifetime 
(PL) of 20 years, the annual depreciation ACC is calculated according to 
(Herz et al., 2021): 

ACC = (FCI+WC) ∗
IR ∗ (1 + IR)PL

(1 + IR)PL
− 1

−
WC
PL

(24)  

4.2. Operational expenditures 

The operational expenditures (OPEX) include the costs for operating 
labor (OL) as well as the ones for direct and indirect production. 

The operating labor (OL) costs are calculated by multiplying the 
amount of labor hours (hlabor) with the specific labor costs (clabor). The 
latter ones are taken from Albrecht et al. (Albrecht et al., 2017; Peters 
et al., 2004). According to Peters et al. the person hours can be estimated 
on the basis of the capacity of the plant and the number of units applied 
(Peters et al., 2004). The plant capacity is the total product quantity, 
syncrude or methanol quantity in kg/h, respectively. The plant oper
ating time (hplant,operation) is estimated to be 7884 h per year, according 
to the yearly operating time of the cement plant. 

hlabor = 2.13∗ plant capacity0.242∗ nprocesssteps ∗
hplantoperation

24
(25)  

OL = hlabor ∗ clabor (26) 

Table 3 
Investment costs and lifetime prediction of SOEC and PEM electrolysis for 2020 
and 2050 (Herz et al., 2021).  

Electrolysis type SOEC PEM 

Reference year 2020 2050 2020 2050 

Specific investment cost [EUR2020/kW] 1906 257 1287 296 
Lifetime [h] 45,473 88,700 66,709 89,509  

Table 4 
Additional factors for fixed capital investment cost (FCI) calculation of fluid 
chemical plants (Herz et al., 2021).  

Fixed capital costs (FCI) j Basis Typical Value R 

Total direct plant costs (D)    
Equipment installation 1 EC 0.47 
Instrumentation and control 2 EC 0.36 
Piping (installed) 3 EC 0.68 
Electrical (installed) 4 EC 0.11 
Buildings including services 5 EC 0.24 
Yard improvements 6 EC 0.1 
Service facilities (installed) 7 EC 0.55 
Total indirect plant costs (I)    
Engineering and supervision 8 EC 0.33 
Construction expenses 9 EC 0.41 
Legal expenses 10 EC 0.04 
As a function of total direct and indirect costs (AC) 
Contractor’s fee 11 D + I 0.05 
Contingency 12 D + I 0.1  
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The number of units (nprocess,steps) is defined as any unit, unit process 
or combination, where thermodynamic or chemical changes occur 
(Albrecht et al., 2017). In this work, the numbers of process steps for 
each scenario are listed in Table 5. “Balance of plant” is also included as 
a process step, as it should include the interconnection of all process 
units. 

The OL are taken as basis for additional fixed operating costs (Fix
OPEX) by applying the ratio factor method as performed for FCI. The 
used ratio factors for direct and indirect production costs and general 
expenses are taken from Albrecht et al. and are listed in Table 4 (Herz 
et al., 2021; Albrecht et al., 2017). The number of electrolysis stack 
replacement cycles (SR) is calculated by Eq. (27) and depends on the 
stack lifetime (SL in h, Table 3) and plant lifetime (PL). 

SR = rounddown
(

PL ∗ hplant,operation

SL
− 1

)

(27) 

It is assumed, stacks are replaced after lifetime, the costs are 
distributed over the entire life cycle. The depreciation is included in the 
calculation as sawtooth depreciation. Derived from this, annual 
replacement costs (Eq. (28), ARC in EUR/year) account for operating 
costs and are calculated with the ratio factor (R7 of Table 6) as followed: 

ARC =
SR ∗ EC ∗ R7

LT
(28) 

The main cost drivers are electricity costs for electrolysis and 
compressor, which are assumed to be 200 EUR/MWh (average of Q1 and 
Q2/2022) (E-Control Austria für die Regulierung der Elektrizitäts- und 
Erdgaswirtschaft, 2022). Water as a feedstock must also be considered, 
with a local cost of 1.85 EUR/m3 (Hof am Leithaberge, 2022). Medium 
pressure steam is purchased for 26.3 EUR/t, the revenue in case of steam 
export is assumed as the same value (Albrecht et al., 2017). Since the 
export of oxygen is not economical to this extent, it is assumed that it is 
released into the atmosphere or fed to the cement plant’s rotary kiln. 
Therefore, revenues from oxygen are not considered in the calculation. 

The total OPEX are composed of FixOPEX, the variable OPEX 
including utility costs and revenues from by-products or export 
products. 

4.3. Net production costs (NPC) 

The net production costs (NPC in EUR/year) are composed of 
annualized capital costs (ACC in EUR/year) and operational expendi
tures (OPEX in EUR/year). For the calculation of NPC, the methodology 
of Peters et al. is applied (Peters et al., 2004). The specific NPCpr (Eq. 
(29), in EUR/kg) is calculated for the liquid intermediate product syn
crude and methanol as well as for the lower olefine product (C2–C4) to 
set a basis for the scenario comparison. 

NPCpr =
ACC + OPEX

ṁchemical
(29)  

4.4. Sensitivity analysis of assumed market prices 

A sensitivity study of assumed market prices is crucial now, as 
equipment and electricity costs are coupled to a turbulence market sit
uation. Therefore, an optimistic and pessimistic case are defined in 
Table 7 for these categories, as they include changes in the process 
design (equipment costs) and also the major utility costs (electricity). 
Beside the market assumptions, the investment costs of the electrolysis 
technology will decrease as stated in Table 3 (Herz et al., 2021). For all 
these assumptions, the net productions costs are recalculated, and the 
deviation to the base cases of each scenario are elaborated. 

5. Results 

The simulation and calculation results of the defined scenarios with 
intermediate products syncrude and methanol and subsequent steam 
cracker or MtP unit are divided into the sections mass (chapter 5.1) and 
energy balance (chapter 5.2), investment, operating and net production 
costs (chapter 5.3) and sensitivity analysis (chapter 5.4). The compari
son is generally based on the final product lower olefins (C2–C4) to 
achieve high product yields and low specific net production costs, and 
guarantee an unobstructed process selection too. The ASPEN Flowsheets 
incl. mass balance are available in the supplementary material. 

5.1. Investigation of the mass balance 

The mass balance for the carbon capture unit is given in Table 8. 
Because the same quantity of annual 10,000 tons of CO2 (C-5) is 
captured, the mass balance of the amine scrubbing unit is the same for 
all scenarios. The CO2 separation efficiency is calculated with 90.5 % 
which corresponds to the findings of Madeddu et al., who specified a 
value of 90 % (Madeddu et al., 2019). The separated CO2 is concentrated 
at 96.8 wt.- % (wet) or 99.9 wt.- % (dry) and therefore suitable for 
utilization. A minor MEA stream is discharged in the absorber tower by 
the clean gas stream C-4. This is fed by an additional makeup stream C-2 
(0.03 kg/h) to keep the concentration of MEA solution at 30 wt.- %. The 

Table 5 
Process step definition for each scenario for labor hour calculation.  

Number of unit 
nprocess,steps 

Scenario number 

1–4 
Fischer–Tropsch 

5–6 
MeOH with rWGS 

7–8 
CO2tolerant MeOH 

1 Carbon capture unit Carbon capture 
unit 

Carbon capture 
unit 

2 Electrolysis unit Electrolysis unit Electrolysis unit 
3 rWGS reactor rWGS reactor MeOH synthesis 

reactor 1 
4 Fischer–Tropsch 

reactor 
MeOH synthesis MeOH synthesis 

reactor 2 
5 Product separation Product 

Separation 
MeOH synthesis 
reactor 3 

6 Steam cracker unit Methanol-to- 
propylene unit 

Product 
separation 

7 Balance of plant Balance of plant Methanol-to- 
propylene unit 

8   Balance of plant  

Table 6 
Ratio factors for fixed operational expenditures (OPEX) calculation.  

Fixed operational expenditures FixOPEX j Basis Typical value R 

Direct production costs    
Operating labor [OL] 1 OL 1 
Operating supervision 2 OL 0.15 
Maintenance labor 3 FCI 0.02 
Maintenance material 4 FCI 0.02 
Operating supplies 5 M1 0.15 
Laboratory charges 6 OL 0.2 
Electrolysis stack replacement 7 EC 0.77 
Indirect production costs    
Insurance and taxes 8 FCI 0.02 
Plant overhead costs [PO] 9 TLC2 0.6 
General expenses    
Administrative costs 10 PO 0.25 

1M = Maintenance labor (R3) + maintenance material (R4). 
2PLC = Total labor costs = operating labor (R1) + operating supervision (R2) +
maintenance labor (R3). 

Table 7 
Assumptions for the sensitivity analysis.  

Utility or ratio Optimistic case Base case Pessimistic case 

Equipment costs 50 % 100 % 200 % 
Electricity price 100 EUR/MWh 200 EUR/MWh 400 EUR/MWh 
PEM/SOEC 296 / 257 EUR/kW 1906 / 1209 EUR/kW –  

C. Markowitsch et al.                                                                                                                                                                                                                          

115



International Journal of Greenhouse Gas Control 129 (2023) 103985

11

lean amine solvent has a composition of 0.29 molCO2/molMEA and cor
responds to the validated values with a range of 0.28–0.35 molCO2/
molMEA from Sakwattanapong et al. (Sakwattanapong et al., 2005). 

The mass balance for the electrolysis unit is given in Table 9. The 
type of electrolysis for scenario 1 to 8 has no affect in the mass balance, 
as operation conditions are decisive in these comparisons. Depending on 
the considered synthesis in the downstream process, the hydrogen de
mand is 2 and 3 kg/h higher for the FTS (176 kgH2/h) compared to the 
methanol synthesis (173 kg/h in scenario 5 and 6, 174 kg/h in scenario 7 
and 8). The deviations stem from the H2:CO ratio downstream of the 
rWGS reactor, as the recycle stream composition differs for methanol 
and FTS. 

The mass balance for the PtL process route from CO2 and hydrogen as 
input streams to the intermediate products syncrude and methanol is 
given in Table 10. The main product in Fischer–Tropsch processes 
(scenarios 1 to 4) are hydrocarbons, which are divided into lights 
(C1–C4), naphtha (C5–C10), middle distillate (C11–C22) and waxes 
(>C22), resulting from the ASF distribution, whereas methanol is the 
product in scenarios 5 to 8. Scenarios 1 to 6 are operated with a rWGS 
reactor, whereas an intermediate water condensing step is indispensable 
in the process to shift the thermodynamics for the downstream synthesis 
part. The main product consists of 381 kgsyncrude/h for the FTS (scenarios 
1 to 4), 881 kg/h (scenarios 5 and 6) and 894 kg/h (scenarios 7 and 8), 
respectively, for methanol synthesis. Scenarios 5 and 6 with an imple
mented rWGS reactor produce 13 kg/h less methanol compared to the 
CO2 tolerant methanol synthesis in scenarios 7 and 8. This is a result of 
the combination of two different synthesis technologies (rWGS and 
MeOH synthesis), as the rWGS reaction produces methane within a side 
reaction (Eq. (3)). Even small quantities lead to lower product, as 
methane is treated inert in the methanol synthesis, which lowers the 
product output. A comparison of product quantities is not appropriate, 
as the composition and lower heating value (LHV) of syncrude and 
methanol is not comparable. For methanol, an LHV of 5.53 kWh/kgMeOH 
is assumed, the LHV for the Fischer–Tropsch product is calculated for 
each fraction according to Boie and averages at 44.1 MJ/kgFT-Product 
(McAllister, 2011). In the methanol synthesis scenarios 5 to 8, the purge 

gas stream consists only of methane and unconverted gasses. In contrast, 
the purge gas of the Fischer–Tropsch process (scenarios 1 to 4) consists 
of additional higher order, gaseous hydrocarbons which are linked up
stream to the rWGS reactor. In scenarios 1 to 4, possible side reactions 
occur in the rWGS reactor (see chapter 2.3), whereas the H2:CO = 2.08:1 
ratio is maintained by adjusting the hydrogen feed for both syntheses. If 
downstream processing units (steam cracker or MtP) would not be 
available on site of syncrude or methanol production, the up to 2.3 times 
higher amount of methanol compared to the Fischer–Tropsch product 
would lead to the disadvantage of larger required storage volumes and 
higher transportation costs. 

Lower olefins (ethylene, propylene and butene) are considered as 
desired main products in this study, as they are the basis for further 
conversion into polyolefins. The product yields achieved with post- 
processing units via a steam cracker for the Fischer–Tropsch product 
and MtP for methanol are given in Table 11. The LPG fraction of the MtP 
process is accounted for the butene fraction (raw C4), and the remainder 
(gasoline) counts for higher hydrocarbons and is attributed to others. 
Methanol consists of carbon and hydrogen plus oxygen. The latter one is 
not converted into olefins, whereas water is produced in the MtP plant, 
which leads to the requirement of higher wastewater treatment capac
ities. The lower olefin product yield (C2–C4) of the steam cracker is 
higher compared to the MtP process (4 and 6 wt.- %, respectively, dif
ference to the product yield of the MtP process). Scenarios 1 to 4 are the 
best-case scenarios with an achieved product quantity of 297 kg/h. The 

Table 8 
Mass balance of the carbon capture unit for all scenarios.  

Mass balance Inlet Outlet 

Carbon 
capture unit 

C-1 
Flue 
gas 

C-2 
Makeup 
amine 

C-3 Pre- 
washer 
wastewater 

C-4 
Clean 
gas 

C-5 
Concentrated 
CO2 

Total kg/ 
h 

6686 785.03 243 5926 1302 

H2O kg/ 
h 

504 785 243 1006 41 

CO2 kg/ 
h 

1391   130 1260 

N2 kg/ 
h 

4049   4048 1 

O2 kg/ 
h 

742   742  

MEA kg/ 
h  

0.03  0.03   

Table 9 
Mass balance of the electrolysis unit for all scenarios.  

Mass balance - electrolysis Scenario number 

1–4 5–6 7–8 

Inlet    
E-1 Water H2O kg/h 1652 1641 1631 
Outlet    
E-2 Hydrogen H2 kg/h 176 174 173 
E-3 Oxygen O2 kg/h 1394 1385 1376 
E-4 Unconverted water H2O kg/h 83 82 82  

Table 10 
Mass balance of the synthesis unit for all scenarios.  

Mass balance - synthesis Scenario number 

1–4 5–6 7–8 

Inlet    
C-5 Concentrated CO2 Total kg/h 1302  

H2O kg/h 41  
CO2 kg/h 1260  
N2 kg/h 1 

E-2 Hydrogen H2 kg/h 176 174 173 
Outlet    
S-1 rWGS wastewater H2O kg/h 376 456 0 
S-2 Synthesis wastewater H2O kg/h 670 104 548 
S-3 Purge gas Total kg/h 48 35 32  

CO kg/h 31 3 2  
H2 kg/h 4 3 4  
CO2 kg/h 6 19 25  
N2 kg/h 1 1 1  
CH4 kg/h 5 9 0  
>C1 kg/h 1 0 0 

S-4 Product Total kg/h 383 881 894  
CH3OH kg/h 0 881 894  
H2O kg/h 2 0 0  
C5–C10 kg/h 41 0 0  
C11–C22 kg/h 149 0 0  
>C22 kg/h 191 0 0  
Total C5–C22þ kg/h 381 0 0  

Table 11 
Product yield of post-processing steam cracker (syncrude) and MtP units 
(methanol).  

Mass balance – post-processing unit Scenario number 

1–4 5–6 7–8 

Inlet    
Product Syncrude/MeOH Total kg/h 383 881 894 
Outlet    
Products C2–C4 Total kg/h 297 280 284 
Ethylene C2H4 kg/h 166 11 11 
Propylene C3H6 kg/h 70 250 254 
Butene C4H8 kg/h 61 19 19 
Byproducts Total kg/h 86 0 0 
Water H2O kg/h 2 493 501 
Other hydrocarbons/by-products  kg/h 84 107 109  
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main focus in scenarios 5 to 8 is in the propylene production, whereas 
total lower olefins of 280 kg/h and 284 kg/h are achieved for scenarios 5 
and 6, as well as 7 and 8, respectively. Concluding the mass balance, the 
analysis shows the best lower olefin yields for scenarios 1 to 4, consisting 
of an rWGS reactor, and an FTS with downstream steam cracker unit. 
The scenarios 5 and 6, consisting of a rWGS reactor for pre-conversion 
perform worst. 

5.2. Investigation of energy balance 

The energy balances for the whole process routes are given in 
Table 12, whereas the main utility used in all process routes is elec
tricity. The main consumer is the electrolysis, followed by the electrified 
rWGS reactor (if applicable), the gas compression, and pumps. Heat 
integration is also carried out for each process route using ASPEN En
ergy Analyzer® V12.1. In the Fischer–Tropsch process, the highly 
exothermic reaction enables the generation of middle pressure steam, 
which is used to operate the desorber reboiler and preheat the SOEC 
input stream in scenarios 2, 4, 6 and 8 (water evaporation at 5 bar(g) 
from 10 ◦C to 165 ◦C). Methanol synthesis is exothermic; however, 
additional steam must be generated for the desorber and SOEC units due 
to the lower energy release in the methanol synthesis compared with 
FTS. If steam is required, it is imported and considered in the operational 
cost calculation as utility. The electrolysis has the highest electricity 
demand, which strongly depends on the specific energy consumption of 
the applied electrolysis technology (3.6 and 4.7 kWh/Nm3

H2 for SOEC 
and PEM, respectively). 

For an appropriate technical comparison of each defined scenario, 
the evaluation basis must be defined. In this work, the key performance 
indicators (KPI) PtL efficiency (Eq. (12) and Eq. (13)), the global effi
ciency (Eq. (14) and Eq. (15)), the carbon efficiency (Eq. (16) and Eq. 
(17)) and the SEC (Eq. (18) and Eq. (19)) are calculated and listed in 
Table A.8 (supplementary material) and shown in Fig. 8. Whereas PtL 
efficiency only includes electrical energy, global efficiency emphasizes 
the importance of heat integration, since it also considers steam use or 
generation, which is an important factor for process decision. The PtL 
efficiency is best for methanol synthesis, however, regarding to global 
efficiencies as well as SEC, the best process scenarios consist of the FTS 
with hydrogen production via an SOEC (scenarios 2 and 4) with a PtL 
efficiency of 37.5 %, a global efficiency of 38.2 %, a carbon efficiency of 
85.1 % and an SEC of 34.4 kWh/kgC2–C4. A disadvantage is the 2–3 % 
lower carbon efficiency compared to the methanol routes which achieve 
best KPIs in scenario 8, with a PtL efficiency of 64.3 % and global effi
ciency of 51.1 %. Since the supply of renewable electricity remains as a 

bottleneck in the upcoming years, high PtL efficiencies of the processes 
are particularly important for a production with low energy input. The 
steam demand is expected to be produced electrically, which would 
decrease the PtL efficiency of the methanol syntheses. Therefore, global 
efficiency is considered in this case specifically. The comparison is based 
on the SEC2 on the lower olefin product because the total product 
composition of Fischer–Tropsch and methanol routes is different, and 
thus the values would not be representative. In conclusion it can be 
summarized, that from a mass and energy perspective, scenario 2 and 4 
seems to be the best option for a power-to-lower olefin plant with 34.4 
kWh/kgC2–C4, compared to the best methanol scenario 6 with 44.2 kWh/ 
kgC2–C4. 

5.3. Economic study 

To determine the most suitable process route, the investment and 
operational costs must be considered in addition to the technical 
assessment. Table 13 shows the estimated costs for the individual sce
narios. The use of ASPEN Process Economic Analyzer® V12.1 allows the 
determination of the equipment costs for the amine scrubbing and 
synthesis including the product separation unit. The equipment and 
investment costs for the amine scrubber unit are the same for each 
process route, based on the same annual capture volume of 10,000 tons 
of CO2. The TCI differs for each process and is strongly dependent on the 
used electrolysis type. The SOEC requires an additional hydrogen 
compressor for scenario 2, 4, 6 and 8, which results in much higher TCI 
as well as of ACC. The integration of an existing steam cracker unit re
duces the investment costs radically, which is shown as a result for 
scenario 3. It has the lowest TCI with 77.4 MEUR. 

Beside the investment costs, the operating costs are continuously 
ongoing, and therefore have to be considered in the economic evalua
tion. The utility costs are listed in Table 14, whereas the main cost driver 
is composed by the electricity costs, which accounts for more than 95 % 
of total utility costs in each scenario. Steam export has a positive in
fluence on utility costs for Fischer–Tropsch processes (scenarios 1 to 4), 
however, steam use leads to additional costs for the methanol processes 
(scenarios 5 to 8). 

The calculation results of the operational expenditures are shown in 
Table 15. As for the utility cost breakdown (Table 14), a more efficient 
electrolysis technology (SOEC instead of PEM) has a significant impact 
on the electricity demand and costs. Table 15 also shows the specific net 
production costs (NPCPr) for the Fischer–Tropsch and methanol syn
thesis, whereas scenario 3 has the lowest NPCPr. Analyzing scenario 3, 
the specific NPCPr of syncrude are 0.95 EUR/kWh, which equals to 

Table 12 
Summarized utility demand (electricity, steam and product energy content) of the scenarios.  

Energy balance Scenario number 

1,3 2,4 5 6 7 8 

Total electricity demand Ptotal kW 13,074 11,112 12,776 10,807 12,249 10,458 
Utilities – Total electricity demand Pu kW 1415 1605 697 866 423 757 
Compressors Pu1 kW 519 714 425 599 519 714 
Blower flue gas Pu1–1 kW 118 118 118 
Compressor CO2 Pu1–2 kW 80 80 120 0 
Compressor H2 Pu1–3 kW 0 194 0 0 0 0 
Compressor synthesis Pu1–4 kW 321 218 138 598 
Compressor recycle 1 Pu1–5 kW 0 4 9 9 9 
Compressor recycle 2 Pu1–6 kW 0 5 2 2 2 
Pumps Pu2 kW 6 6 6 1 6 1 
Preheater+eRWGS Pu3 kW 889 266 29 
Electrolysis Pel kW 9177 7030 9117 6983 9060 6939 
Steam cracker/MtP Ppost kW 1587 2691 2732 
Steam generation (-)/use (þ) Qheat kWth ¡639 ¡182 1165 1682 787 1992 
Product energy content 1 Total C5-C22þ, Methanol kW 4665 4872 4946 
Product energy content 2 Total C2-C4 kW 3831 3566 3621 
Product Energy Content - ethylene C2H4 kW 2174 139 141 
Product energy content - propylene C3H6 kW 893 3186 3235 
Product energy content - butene C4H8 kW 764 242 245  
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specific NPCPr 1.16 EUR/kgC2–C4 or 15.03 EUR/kgC2–C4 for the product 
lower olefins. The production of lower olefins via the methanol route 
(scenarios 5 to 8) results in higher NPCPr (up to 1.45 EUR/kWhC2–C4 or 
18.5 EUR/kgC2–C4) compared to the Fischer–Tropsch routes (scenarios 1 

to 4). The higher investment costs of SOEC compared to PEM turn out to 
be not as critical as first assumed, as the high electricity price has a 
strong impact on the operating costs. As a conclusion, the FTS in sce
narios 3 and 4 turns out to be the best-case scenario in terms of economic 

Fig. 8. Calculated efficiencies and indication of maximum values for each scenario.  

Table 13 
Capital investment calculation for fluid chemical production according to Peters et al. (Peters et al., 2004).  

CAPEX – Investment costs Scenario number 

1 2 3 4 5 6 7 8 

Direct capital costs [D] MEUR 53.1 70.7 53.1 64.5 54.6 65.6 54.6 54.1 
Indirect capital costs [I] MEUR 7.5 9.5 7.5 9.5 7.9 9.8 7.9 7.2 
Total direct and indirect costs [D þ I] MEUR 60.6 74.0 60.6 74.0 62.5 75.4 62.5 61.3 
Additional costs [AC] MEUR 9.1 11.1 9.1 11.1 9.4 11.3 9.4 9.2 
Post processing investment costs MEUR 6.2 6.2 0.0 0.0 6.9 6.9 7.0 7.0 
Fixed capital investment [FCI] MEUR 75.8 91.2 69.7 85.1 78.8 93.6 78.9 77.5 
Working capital [WC] MEUR 8.4 10.1 7.7 9.5 8.8 10.4 8.8 8.6 
Total capital investment [TCI] MEUR 84.3 101.4 77.4 94.5 87.6 104.0 87.7 86.1 
Annualized capital cost [ACC] MEUR/year 7.5 9.1 6.9 8.4 7.8 9.3 7.8 7.7  

Table 14 
Raw materials and utility costs of the process routes.  

Raw materials and utilities (R&U) Scenario number 

1 2 3 4 5 6 7 8 

Electricity MEUR/year 19.24 16.15 19.24 16.15 21.91 19.79 20.74 20.20 
Water MEUR/year 0.05 0.05 0.05 0.05 0.05 0.05 0.05 0.05 
Steam MEUR/year − 0.17 − 0.05 − 0.17 − 0.05 0.31 0.45 0.21 0.53 
Cooling water MEUR/year 0.10 0.04 0.10 0.04 0.11 0.04 0.10 0.05 
Cooling water treatment MEUR/year 0.01 0.00 0.01 0.00 0.01 0.00 0.01 0.00 
Total raw materials and utility costs MEUR/year 19.23 16.20 19.23 16.20 22.39 20.34 21.10 20.83  

C. Markowitsch et al.                                                                                                                                                                                                                          

118



International Journal of Greenhouse Gas Control 129 (2023) 103985

14

evaluation. However, also the calculation with a newly erected steam 
cracker (scenarios 1 and 2) would have better specific NPCPr compared 
to all methanol process routes. Furthermore, the implementation of a 
PEM electrolysis has a slight advantage in specific NPCPr (0.02 EUR/ 
kWhC2–C4). 

As a validation of the process models, usually the specific NPCPr can 
be compared with other studies. As already stated in the introduction 
(chapter 1), several authors studied the conversion of CO2 and H2 to the 
final product kerosene or methanol, and not to lower olefins. However, 
they are not involving any post-processing steam cracker or MtP unit 
(Adelung et al., 2021; König et al., 2015; Herz et al., 2021; Ghosh et al., 
2019). 

Ghosh et al. compared two methanol synthesis processes, once with 
an rWGS reactor for pre-conversion and downstream methanol reactor, 
and a second one with a two-stage methanol synthesis (Ghosh et al., 
2019). The process route with implemented rWGS reactor as 
pre-converter performs poor compared to the two-step reactor. This is 
also the result of this study, as the methanol product yield (881 and 894 
kg/h) and global efficiency are lower for scenarios 5 and 6 with rWGS 
reactor. From an economic perspective, the representative specific 
NPCPr are about 0.06 and 0.10 EUR2022/kWhC2–C4 higher in scenarios 5 
and 6, compared to scenarios 7 and 8, implementing a three-step 
methanol synthesis. This is also the case for the comparison of NPCPr 
of the intermediate product methanol. Ghosh et al. did not calculate 
NPC, which does not allow the comparison of costs. 

König et al. simulated and evaluated a PtL process, converting CO2 
and H2 in an rWGS reactor to syngas und furthermore in a downstream 
FTS and hydrocracker, to achieve high kerosene yields. Hydrogen is 
produced via a PEM electrolysis and a carbon capture unit is not 
included in investment costs. A main difference is the assumption of the 
electricity price, as it is assumed with 116 EUR/MWh. The calculated net 
production costs result in 0.46 EUR2015/MWh (König, 2016). A recal
culation of the NPCPr is done for this study with the electricity price from 
König et al. and without the investment costs of the amine scrubber unit. 
The NPCPr results for scenario 3 (including a PEM electrolysis and no 
steam cracker investment costs) in 0.51 EUR2015/kWhmethanol (König, 
2016). This deviation is acceptable, because there may be the impact of 
the plant size, since a pilot plant is planned in this study and König et al. 
uses a process with 1.512 GW electrolysis, which could also reduce NPC. 

Herz et al. also simulated a PtL process with a PEM (72.2 MW) and 
SOEC (67.8 MW) electrolysis, which converts CO2 and H2 to syncrude. A 
carbon capture unit is not included in their study. The electricity price is 
assumed with 54 EUR/MWh, which leads to NPCPr of 0.26PEM and 
0.20SOEC EUR2020/kWhsyncrude. A recalculation of this work’s study with 

the electricity price of Herz et al. results in values of 0.49PEM and 
0.51SOEC EUR2020/kWhsyncrude. In this case, also a deviation is recog
nizable, as the FCI with 313.9 and 148.7 MEUR2020 for the process route 
with PEM and SOEC, respectively, seems to be quite low compared to 
this work, as only main components (e.g., reactor, compressor) were 
considered, without performing a detailed equipment calculation. 

Adelung et al. used the same process setup as König et al. for kero
sene production (52–82 ktC5+/year) (Adelung and Dietrich, 2022). In 
the economic comparison hydrogen costs are implemented between 2.3 
to 7.6 EUR/kgH2, which results in NPCPr varying between 1.81 and 5.47 
EUR2021/kgC5+. Hydrogen is produced with a PEM electrolysis and an 
electricity price of 51 EUR/MWh. Updating this study with the elec
tricity price of Adelung et al., the NPCPr are calculated to 5.62 
EUR2021/kgsyncrude, whereas the deviation is quite acceptable. The gap is 
comprehensible, when comparing the MEA absorption process, as it is 
assumed in their study with 31.8 MEUR2005 investment costs for a 
134.81 tCO2/h carbon capture unit. The calculation of the carbon cap
ture unit with the reference of Adelung et al. and a degression factor of 
0.8 leads to 0.77 MEUR2005, quite low compared to approximately 7 
MEUR2022 calculated in this study. 

5.4. Sensitivity analysis of economic assumptions 

Fluctuating market prices, especially rising equipment costs and high 
electricity prices, change the NPC calculation quickly, and makes it hard 
to give forecasts and predictions for the most suitable process route. 
Therefore, the deviation of recalculated NPCPr for the equipment costs, 
electricity price and future PEM/SOEC costs are given in Fig. 9 and 
Table A.9 (supplementary material). With the main driver being the 
electricity price, the NPCPr can change up to +55.6 % in scenario 3. 
However, the equipment cost variation results in only +40 % for sce
nario 2. Future PEM and SOEC equipment costs also have a major impact 
on total NPC, as they can reduce the costs up to − 17.4 % in scenario 2. 
For the previous selected best-case scenario 4, rising equipment costs 
have an impact of +36.3 %, the rising electricity price +48.6 % and the 
lower PEM/SOEC future costs − 14.6 % of NPC. 

6. Conclusion 

This study reveals a comparison of different process routes to convert 
10,000 tons/year of CO2 rich cement plant off-gas and H2 catalytically to 
lower olefins. Fischer–Tropsch syncrude and methanol are considered as 
intermediate products, which are further converted in a downstream 
steam cracker or MtP unit to lower olefins. The technological evaluation 

Table 15 
Operational expenditures calculation for liquid chemical production according to Peters et al. (Peters et al., 2004).  

OPEX – Operating costs Scenario number 

1 2 3 4 5 6 7 8 

Direct production costs          
Operating labor [OL] MEUR/year 0.77 0.77 0.77 0.77 0.94 0.94 1.08 1.08 
Operating supervision MEUR/year 0.12 0.12 0.12 0.12 0.14 0.14 0.16 0.16 
Maintenance labor MEUR/year 1.52 1.82 1.52 1.82 1.58 1.87 1.58 1.55 
Maintenance material MEUR/year 1.52 1.82 1.52 1.82 1.58 1.87 1.58 1.55 
Operating supplies MEUR/year 0.46 0.55 0.46 0.55 0.47 0.56 0.47 0.47 
Laboratory charges MEUR/year 0.15 0.15 0.15 0.15 0.19 0.19 0.22 0.22 
Raw materials and utilities MEUR/year 19.23 16.20 19.23 16.20 22.39 20.34 21.10 20.83 
Electrolysis stack replacement [ARC] MEUR/year 1.07 1.82 1.02 1.53 0.90 1.54 0.90 1.53 
Indirect production costs          
Insurance and taxes MEUR/year 1.52 1.82 1.39 1.70 1.58 1.87 1.58 1.55 
Plant overhead costs [PO] MEUR/year 1.44 1.63 1.44 1.63 1.60 1.77 1.69 1.68 
Administrative costs MEUR/year 0.36 0.41 0.36 0.41 0.40 0.44 0.42 0.42 
Annuity [ACC] MEUR/year 7.53 9.06 6.92 8.45 7.83 9.30 7.84 7.70 
Net production costs [NPC] MEUR/year 35.67 36.17 34.89 35.14 39.59 40.85 38.62 38.73 
Specific NPCpr – syncrude/MeOH EUR/kg 11.88 12.04 11.61 11.70 5.71 5.89 5.48 5.50 
Specific NPCpr - syncrude/MeOH EUR/kWh 0.97 0.98 0.95 0.96 1.03 1.06 0.99 0.99 
Specific NPCpr–C2–C4 EUR/kg 15.26 15.47 14.92 15.03 17.93 18.50 17.23 17.28 
Specific NPCpr–C2–C4 EUR/kWh 1.18 1.20 1.16 1.16 1.41 1.45 1.35 1.36  
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indicates the importance of heat integration of the entire process chain, 
as the scenarios 1–4 which include a highly exothermic Fischer–Tropsch 
synthesis yield to overall higher global efficiencies. Lower steam pro
duction in the scenarios 5–8 with methanol synthesis require additional 
steam generation, which significantly decreases the global efficiency 
(33.2–38.2 % for FTS compared to 26.1–29.2 % for MeOH synthesis). 

A high temperature electrolysis is only advantageous if excess steam 
is available on site. The lower SEC of the SOEC with 3.6 kWh/Nm3

H2 
compared to PEM electrolysis leads to higher efficiencies (+5 % in 
scenarios 1–4, up to 3.1 % in scenarios 5–8) and lower electricity costs. 
Contrary to expectations, the rWGS reactor achieves due to its high 
temperature heat demand in combination with a PEM electrolysis a 
lower global efficiency compared to the CO2 tolerant methanol synthesis 
(1.7 %). The yield of lower olefins is 5.7 % higher for the Fischer–
Tropsch and steam cracker route, compared to both methanol routes. 
Furthermore, if the synthesis location is separated from the downstream 
processing of the intermediates, the both mass and volume-related 
transportation quantity for methanol is approximately twice compared 
to syncrude. The outcome of the technological evaluation rates scenario 
2 and 4 as preferred process routes. From an economic point of view and 
the consideration of various cost factors (electricity price, operating and 
maintenance, depreciation, …), the net production costs for scenario 3 
and 4 (Fischer–Tropsch synthesis) are the lowest in the entire assess
ment. The NPC increases for the methanol routes up to 14.4–22.9 %. 
While the investment costs for the methanol route are quite similar to 
the Fischer–Tropsch route, a main distinction lies in the electricity de
mand. Despite a proper heat integration, there is a significant require
ment of additional, electrically provided steam, due to the lower 
exothermicity of the methanol reaction. Furthermore, the amine 
scrubber unit has a major impact on the NPCPr, an important impact 
often omitted in other literature. The Fischer–Tropsch process route 
with PEM electrolysis and existing steam cracker (scenario 3) is evalu
ated as the best power-to-lower olefin route with specific NPCPr of 14.92 
EUR/kgC2–C4, directly followed by the same synthesis with SOEC (sce
nario 4) and NPCPr of 15.03 EUR/kgC2–C4. Furthermore, the integration 

of a new steam cracker (scenarios 1 and 2) has also high potential 
(15.26–15.47 EUR/kgC2–C4), compared to the methanol synthesis with 
MtP unit (scenarios 5 to 8, 17.23–18.50 EUR/kgC2–C4). 

As a conclusion, the assessment of the different polyolefin production 
routes shows the best efficiencies and cost calculation for the FTS with 
PEM electrolysis for this scale of plant. As shown in the sensitivity 
analysis, higher electricity prices will shift the choice of electrolysis 
technology to SOEC, as the NPCPr are getting lower. However, the lower 
equipment costs and longer stack lifetime currently favor the PEM 
electrolysis, but future development of electrolysis stacks resulting in 
longer lifetime and lower stack replacement costs may favor the SOEC 
technology. Summarizing all advantages and disadvantages, the FTS 
with PEM electrolysis and the implementation of an existing steam 
cracker (scenario 3) is selected as the best scenario due to lower net 
production costs in this context. 
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österreichische Klimaschutzstrategie/Politik. (January 18, 2022) Available from: 
https://www.oesterreich.gv.at/themen/bauen_wohnen_und_umwelt/klimaschutz/1 
/Seite.1000310.html. 

Bussche, K., Froment, G.F., 1996. A steady-state kinetic model for methanol synthesis 
and the water gas shift reaction on a commercial Cu/ZnO/Al2O3 Catalyst. J. Catal. 
161 (1), 1–10. https://doi.org/10.1006/jcat.1996.0156. 

E-Control Austria für die Regulierung der Elektrizitäts- und Erdgaswirtschaft, 2022. 
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Comparison and techno-economic evaluation of process routes for 
lower olefin production via Fischer-Tropsch and methanol synthesis 

Christoph Markowitsch, Markus Lehner, Markus Maly 

 

Supplementary Material 

This supplementary material includes detailed ASPEN flow sheets inclusive their stream description. 
The results of the detailed efficiency calculation and sensitivity study of the net production costs are 
listed in Tables A.8 and A.9. Since 10,000 tons/year of CO2 are captured in all scenarios, one carbon 
capture flow sheet inclusive mass balance for the carbon capture plant can be created for all 
scenarios.  

 

1. Simulation of the carbon capture unit 

The carbon capture unit is designed to separate CO2 from the cement-plant exhaust gas with a 
capacity of 10,000 tons per year and an annual plant operation time of 7,880 hours. The simulation is 
carried out with ASPEN Plus 12.1 ®. In Figure A.1 the ASPEN flowsheet is depicted with associated 
mass balance in Table A.1. 

 

Figure A.1: Flow sheet of the amine scrubber unit to capture 10,000 tons CO2 per year 

Table A.1: Mass balance of the amine scrubber unit 
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2. Simulation of the Fischer-Tropsch unit 
 
The Fischer Tropsch process routes includes scenarios 1 to 4 with a rWGS reactor and the Fischer 
Tropsch synthesis incl. product separation into the fractions naphtha, middle distallte, waxes and 
unconverted gases. The main distinction is the electrolysis technology, whereas scenarios 1 and 3 
(Figure A.2) uses a PEM electrolysis, scenarios 2 and 4 (Figure A.3) have implemented a SOEC. The 
mass balance for scenario 1/3 and 2/4 is given in Table A.2 and Table A.3, respectively. 
The feed water for the PEM electorlysis is compressed, preheated and converted in a stoichiometric 
reactor (0.5 H2O  H2 + 0.5 O2) to hydrogen and oxygen. In case of a SOEC, the reactor cooling 
system of the Fischer-Tropsch unit is also used for feed water heating. Furthermore, an additional 
compressor for hydrogen compression is implemented in scenarios 2&4. 
CO2 and H2 is mixed and fed to the rWGS reactor. The rWGS reactor is modeled as GIBBS reactor, 
reaching thermodynamic equilibrium at 950 °C and 10 barg. The waste heat is used to preheat the 
feedgas mixture. The Fischer Tropsch reactor is modeled as stoichiometric reactor, whereas the 
product composition follows the Anderson-Schulz-Flory distribution with a chain growth probabiltiy 
of 0.92 and a single CO conversion of 40 %. Heat integration is performed with ASPEN Energy 
Analyzer. 
 

 

Figure A.2: Flow sheet of scenario 1 and 3 (includes PEM electrolysis, rWGS reactor, Fischer 
Tropsch synthesis) 

 

Figure A.3: Flow sheet of scenario 2 and 4 (includes SOEC electrolysis, rWGS reactor, Fischer 
Tropsch synthesis) 
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Table A.2: Mass balance of Scenario 1 and 3 (PEM-rWGS-FTS) 

 
 

 
 

Units C-101 C-102 E-101 E-102 E-103 E-104 E-105 E-106 E-107 E-108 E-109 R-101 R-102 R-103 R-104 R-105 R-106 R-107 R-108 R-109 R-110 R-111 R-112 R-113
Temperature C 43 379 10 12 89 75 75 75 76 75 75 84 930 950 950 98 30 30 159 210 240 220 162 150
Pressure barg 0 10 1,5 32 32 32 32 32 10 32 32 10 10 10 10 10 10 9 25 25 25 25 25 25
Molar Vapor Fraction 1,00 1,00 0,00 0,00 0,00 0,00 1,00 1,00 1,00 0,00 1,00 1,00 1,00 1,00 1,00 0,94 1,00 1,00 1,00 1,00 1,00 1,00 1,00
Enthalpy Flow kW -3279 -3153 -7767 -7762 -7592 -7623 36 36 15 -762 -5924 -3436 -3372 -2570 -5058 -5498 -3871 -3545 -3415 -3338 -5051 -5181 -5204
Mass Flows kg/h 1302,2 1302,2 1743,2 1743,2 1743,2 1743,2 1743,2 175,6 175,6 1393,3 174,3 3870,4 3870,4 3870,4 3870,4 3870,4 3870,4 3503,4 3503,4 3503,4 3503,4 3272,7 3272,7 3272,7
CO kg/h 0 0 0 0 0 0 0 0 0 0 0 1521 1521 1521 2588 2588 2588 2588 2588 2588 2588 1552 1552 1552
H2 kg/h 0 0 0 0 0 0 176 176 176 0 0 393 393 393 387 387 387 387 387 387 387 222 222 222
H2O kg/h 42 42 1743 1743 1743 1743 174 0 0 0 174 47 47 47 387 387 387 20 20 20 20 685 685 685
CO2 kg/h 1259 1259 0 0 0 0 0 0 0 0 0 1566 1566 1566 313 313 313 313 313 313 313 313 313 313
N2 kg/h 1 1 0 0 0 0 0 0 0 0 0 46 46 46 46 46 46 46 46 46 46 46 46 46
O2 kg/h 0 0 0 0 0 0 1393 0 0 1393 0 0 0 0 0 0 0 0 0 0 0 0 0 0
CH4 kg/h 0 0 0 0 0 0 0 0 0 0 0 239 239 239 149 149 149 149 149 149 149 244 244 244
C2H6 kg/h 0 0 0 0 0 0 0 0 0 0 0 5 5 5 0 0 0 0 0 0 0 6 6 6
C3H8 kg/h 0 0 0 0 0 0 0 0 0 0 0 7 7 7 0 0 0 0 0 0 0 7 7 7
C4H10 kg/h 0 0 0 0 0 0 0 0 0 0 0 9 9 9 0 0 0 0 0 0 0 9 9 9
C5H12 kg/h 0 0 0 0 0 0 0 0 0 0 0 10 10 10 0 0 0 0 0 0 0 10 10 10
C6H14 kg/h 0 0 0 0 0 0 0 0 0 0 0 10 10 10 0 0 0 0 0 0 0 11 11 11
C7H16 kg/h 0 0 0 0 0 0 0 0 0 0 0 8 8 8 0 0 0 0 0 0 0 12 12 12
C8H18 kg/h 0 0 0 0 0 0 0 0 0 0 0 5 5 5 0 0 0 0 0 0 0 13 13 13
C9H20 kg/h 0 0 0 0 0 0 0 0 0 0 0 2 2 2 0 0 0 0 0 0 0 13 13 13
C10H22 kg/h 0 0 0 0 0 0 0 0 0 0 0 1 1 1 0 0 0 0 0 0 0 13 13 13
C11H24 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 13 13 13
C12H26 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 13 13 13
C13H28 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 13 13 13
C14H30 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 12 12 12
C15H32 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 11 11 11
C16H34 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 10 10 10
C17H36 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 9 9 9
C18H38 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 8 8 8
C19H40 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 7 7 7
C20H42 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 5 5 5
C21H44 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 4 4 4
C22H46 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 3 3 3
C23H48 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 2 2 2
C24H50 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 2 2 2
C25H52 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 1 1
C26H54 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 1 1
C27H56 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 1 1
C29H60 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
C30H62 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
C30+ kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0

R-114 R-115 R-116 R-117 R-118 R-119 FT-101 FT-102 FT-103 FT-104 FT-105 FT-106 FT-107 FT-108 FT-109 FT-110 P-101 P-102 P-103 P-104 P-105 P-106
Temperature 100 99 46 20 20 20 220 220 100 101 100 100 20 20 20 85 30 20 40 40 20 60
Pressure 25 11 11 11 11 11 25 4 25 4 25 4 11 11 4 4 9 11 0 4 4 4
Molar Vapor Fra 1,00 1,00 0,97 0,96 1,00 1,00 0,00 0,07 0,00 0,04 0,00 0,00 0,00 0,00 0,00 0,00 0,00 1,00 0,05 0,03 0,01 0,00
Enthalpy Flow -3244 -3244 -3414 -3475 -2859 -2802 -100 -100 -59 -59 -2365 -2365 -24 -595 -595 -2960 -1626 -57 -127 -64 -24 -2981
Mass Flows 2616,0 2616,0 2616,0 2616,0 2441,5 2392,7 230,9 230,9 112,0 112,0 544,7 544,7 40,5 134,0 134,0 678,7 367,0 48,8 230,9 112,0 40,5 678,7
CO 1552 1552 1552 1552 1552 1521 0 0 0 0 0 0 0 0 0 0 0 31 0 0 0 0
H2 222 222 222 222 222 217 0 0 0 0 0 0 0 0 0 0 0 4 0 0 0 0
H2O 140 140 140 140 6 6 1 1 1 1 545 545 0 134 134 679 367 0 1 1 0 679
CO2 313 313 313 313 313 307 0 0 0 0 0 0 0 0 0 0 0 6 0 0 0 0
N2 46 46 46 46 46 45 0 0 0 0 0 0 0 0 0 0 0 1 0 0 0 0
O2 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
CH4 244 244 244 244 244 239 0 0 0 0 0 0 0 0 0 0 0 5 0 0 0 0
C2H6 6 6 6 6 6 5 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
C3H8 7 7 7 7 7 7 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
C4H10 9 9 9 9 9 9 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
C5H12 10 10 10 10 10 10 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
C6H14 11 11 11 11 10 10 0 0 0 0 0 0 1 0 0 0 0 0 0 0 1 0
C7H16 11 11 11 11 9 8 0 0 1 1 0 0 3 0 0 0 0 0 0 1 3 0
C8H18 11 11 11 11 5 5 0 0 1 1 0 0 6 0 0 0 0 0 0 1 6 0
C9H20 10 10 10 10 2 2 0 0 3 3 0 0 8 0 0 0 0 0 0 3 8 0
C10H22 9 9 9 9 1 1 0 0 5 5 0 0 8 0 0 0 0 0 0 5 8 0
C11H24 6 6 6 6 0 0 0 0 7 7 0 0 6 0 0 0 0 0 0 7 6 0
C12H26 4 4 4 4 0 0 1 1 9 9 0 0 4 0 0 0 0 0 1 9 4 0
C13H28 2 2 2 2 0 0 1 1 10 10 0 0 2 0 0 0 0 0 1 10 2 0
C14H30 1 1 1 1 0 0 1 1 11 11 0 0 1 0 0 0 0 0 1 11 1 0
C15H32 1 1 1 1 0 0 2 2 11 11 0 0 1 0 0 0 0 0 2 11 1 0
C16H34 0 0 0 0 0 0 3 3 10 10 0 0 0 0 0 0 0 0 3 10 0 0
C17H36 0 0 0 0 0 0 4 4 9 9 0 0 0 0 0 0 0 0 4 9 0 0
C18H38 0 0 0 0 0 0 4 4 8 8 0 0 0 0 0 0 0 0 4 8 0 0
C19H40 0 0 0 0 0 0 5 5 7 7 0 0 0 0 0 0 0 0 5 7 0 0
C20H42 0 0 0 0 0 0 6 6 5 5 0 0 0 0 0 0 0 0 6 5 0 0
C21H44 0 0 0 0 0 0 7 7 4 4 0 0 0 0 0 0 0 0 7 4 0 0
C22H46 0 0 0 0 0 0 8 8 3 3 0 0 0 0 0 0 0 0 8 3 0 0
C23H48 0 0 0 0 0 0 8 8 2 2 0 0 0 0 0 0 0 0 8 2 0 0
C24H50 0 0 0 0 0 0 8 8 2 2 0 0 0 0 0 0 0 0 8 2 0 0
C25H52 0 0 0 0 0 0 8 8 1 1 0 0 0 0 0 0 0 0 8 1 0 0
C26H54 0 0 0 0 0 0 8 8 1 1 0 0 0 0 0 0 0 0 8 1 0 0
C27H56 0 0 0 0 0 0 8 8 1 1 0 0 0 0 0 0 0 0 8 1 0 0
C29H60 0 0 0 0 0 0 8 8 0 0 0 0 0 0 0 0 0 0 8 0 0 0
C30H62 0 0 0 0 0 0 7 7 0 0 0 0 0 0 0 0 0 0 7 0 0 0
C30+ 0 0 0 0 0 0 122 122 0 0 0 0 0 0 0 0 0 0 122 0 0 0
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Table A.3: Mass balance of Scenario 2 and 4 (SOEC-rWGS-FTS) 

 
 

 
 
 
  

Units C-101 C-102 E-101 E-102 E-103 E-104 E-105 E-106 E-107 E-108 E-109 R-101 R-102 R-103 R-104 R-105 R-106 R-107 R-108 R-109 R-110 R-111 R-112 R-113
Temperature C 43 379 10 12 89 160 75 75 242 75 75 84 930 950 950 98 30 30 159 210 240 220 162 150
Pressure barg 0 10 1,5 5 5 5 1 1 10 1 1 10 10 10 10 10 10 9 25 25 25 25 25 25
Molar Vapor Fraction 1,00 1,00 0,00 0,00 0,00 1,00 1,00 1,00 1,00 0,00 1,00 1,00 1,00 1,00 1,00 0,94 1,00 1,00 1,00 1,00 1,00 1,00 1,00
Enthalpy Flow kW -3279 -3153 -7767 -7762 -7592 -6365 35 153 18 -760 -5924 -3436 -3372 -2570 -5058 -5498 -3871 -3545 -3415 -3338 -5051 -5181 -5204
Mass Flows kg/h 1302,2 1302,2 1743,2 1743,2 1743,2 1743,2 1743,2 175,6 175,6 1393,3 173,8 3870,4 3870,4 3870,4 3870,4 3870,4 3870,4 3503,4 3503,4 3503,4 3503,4 3272,7 3272,7 3272,7
CO kg/h 0 0 0 0 0 0 0 0 0 0 0 1521 1521 1521 2588 2588 2588 2588 2588 2588 2588 1552 1552 1552
H2 kg/h 0 0 0 0 0 0 176 176 176 0 0 393 393 393 387 387 387 387 387 387 387 222 222 222
H2O kg/h 42 42 1743 1743 1743 1743 174 0 0 0 174 47 47 47 387 387 387 20 20 20 20 685 685 685
CO2 kg/h 1259 1259 0 0 0 0 0 0 0 0 0 1566 1566 1566 313 313 313 313 313 313 313 313 313 313
N2 kg/h 1 1 0 0 0 0 0 0 0 0 0 46 46 46 46 46 46 46 46 46 46 46 46 46
O2 kg/h 0 0 0 0 0 0 1393 0 0 1393 0 0 0 0 0 0 0 0 0 0 0 0 0 0
CH4 kg/h 0 0 0 0 0 0 0 0 0 0 0 239 239 239 149 149 149 149 149 149 149 244 244 244
C2H6 kg/h 0 0 0 0 0 0 0 0 0 0 0 5 5 5 0 0 0 0 0 0 0 6 6 6
C3H8 kg/h 0 0 0 0 0 0 0 0 0 0 0 7 7 7 0 0 0 0 0 0 0 7 7 7
C4H10 kg/h 0 0 0 0 0 0 0 0 0 0 0 9 9 9 0 0 0 0 0 0 0 9 9 9
C5H12 kg/h 0 0 0 0 0 0 0 0 0 0 0 10 10 10 0 0 0 0 0 0 0 10 10 10
C6H14 kg/h 0 0 0 0 0 0 0 0 0 0 0 10 10 10 0 0 0 0 0 0 0 11 11 11
C7H16 kg/h 0 0 0 0 0 0 0 0 0 0 0 8 8 8 0 0 0 0 0 0 0 12 12 12
C8H18 kg/h 0 0 0 0 0 0 0 0 0 0 0 5 5 5 0 0 0 0 0 0 0 13 13 13
C9H20 kg/h 0 0 0 0 0 0 0 0 0 0 0 2 2 2 0 0 0 0 0 0 0 13 13 13
C10H22 kg/h 0 0 0 0 0 0 0 0 0 0 0 1 1 1 0 0 0 0 0 0 0 13 13 13
C11H24 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 13 13 13
C12H26 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 13 13 13
C13H28 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 13 13 13
C14H30 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 12 12 12
C15H32 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 11 11 11
C16H34 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 10 10 10
C17H36 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 9 9 9
C18H38 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 8 8 8
C19H40 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 7 7 7
C20H42 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 5 5 5
C21H44 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 4 4 4
C22H46 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 3 3 3
C23H48 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 2 2 2
C24H50 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 2 2 2
C25H52 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 1 1
C26H54 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 1 1
C27H56 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 1 1
C29H60 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
C30H62 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
C30+ kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0

R-114 R-115 R-116 R-117 R-118 R-119 FT-101 FT-102 FT-103 FT-104 FT-105 FT-106 FT-107 FT-108 FT-109 FT-110 P-101 P-102 P-103 P-104 P-105 P-106
Temperature 100 99 46 20 20 20 220 220 100 101 100 100 20 20 20 85 30 20 40 40 20 60
Pressure 25 11 11 11 11 11 25 4 25 4 25 4 11 11 4 4 9 11 0 4 4 4
Molar Vapor Fra 1,00 1,00 0,97 0,96 1,00 1,00 0,00 0,07 0,00 0,04 0,00 0,00 0,00 0,00 0,00 0,00 0,00 1,00 0,05 0,03 0,01 0,00
Enthalpy Flow -3244 -3244 -3414 -3475 -2859 -2802 -100 -100 -59 -59 -2365 -2365 -24 -595 -595 -2960 -1626 -57 -127 -64 -24 -2981
Mass Flows 2616,0 2616,0 2616,0 2616,0 2441,5 2392,7 230,9 230,9 112,0 112,0 544,7 544,7 40,5 134,0 134,0 678,7 367,0 48,8 230,9 112,0 40,5 678,7
CO 1552 1552 1552 1552 1552 1521 0 0 0 0 0 0 0 0 0 0 0 31 0 0 0 0
H2 222 222 222 222 222 217 0 0 0 0 0 0 0 0 0 0 0 4 0 0 0 0
H2O 140 140 140 140 6 6 1 1 1 1 545 545 0 134 134 679 367 0 1 1 0 679
CO2 313 313 313 313 313 307 0 0 0 0 0 0 0 0 0 0 0 6 0 0 0 0
N2 46 46 46 46 46 45 0 0 0 0 0 0 0 0 0 0 0 1 0 0 0 0
O2 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
CH4 244 244 244 244 244 239 0 0 0 0 0 0 0 0 0 0 0 5 0 0 0 0
C2H6 6 6 6 6 6 5 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
C3H8 7 7 7 7 7 7 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
C4H10 9 9 9 9 9 9 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
C5H12 10 10 10 10 10 10 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
C6H14 11 11 11 11 10 10 0 0 0 0 0 0 1 0 0 0 0 0 0 0 1 0
C7H16 11 11 11 11 9 8 0 0 1 1 0 0 3 0 0 0 0 0 0 1 3 0
C8H18 11 11 11 11 5 5 0 0 1 1 0 0 6 0 0 0 0 0 0 1 6 0
C9H20 10 10 10 10 2 2 0 0 3 3 0 0 8 0 0 0 0 0 0 3 8 0
C10H22 9 9 9 9 1 1 0 0 5 5 0 0 8 0 0 0 0 0 0 5 8 0
C11H24 6 6 6 6 0 0 0 0 7 7 0 0 6 0 0 0 0 0 0 7 6 0
C12H26 4 4 4 4 0 0 1 1 9 9 0 0 4 0 0 0 0 0 1 9 4 0
C13H28 2 2 2 2 0 0 1 1 10 10 0 0 2 0 0 0 0 0 1 10 2 0
C14H30 1 1 1 1 0 0 1 1 11 11 0 0 1 0 0 0 0 0 1 11 1 0
C15H32 1 1 1 1 0 0 2 2 11 11 0 0 1 0 0 0 0 0 2 11 1 0
C16H34 0 0 0 0 0 0 3 3 10 10 0 0 0 0 0 0 0 0 3 10 0 0
C17H36 0 0 0 0 0 0 4 4 9 9 0 0 0 0 0 0 0 0 4 9 0 0
C18H38 0 0 0 0 0 0 4 4 8 8 0 0 0 0 0 0 0 0 4 8 0 0
C19H40 0 0 0 0 0 0 5 5 7 7 0 0 0 0 0 0 0 0 5 7 0 0
C20H42 0 0 0 0 0 0 6 6 5 5 0 0 0 0 0 0 0 0 6 5 0 0
C21H44 0 0 0 0 0 0 7 7 4 4 0 0 0 0 0 0 0 0 7 4 0 0
C22H46 0 0 0 0 0 0 8 8 3 3 0 0 0 0 0 0 0 0 8 3 0 0
C23H48 0 0 0 0 0 0 8 8 2 2 0 0 0 0 0 0 0 0 8 2 0 0
C24H50 0 0 0 0 0 0 8 8 2 2 0 0 0 0 0 0 0 0 8 2 0 0
C25H52 0 0 0 0 0 0 8 8 1 1 0 0 0 0 0 0 0 0 8 1 0 0
C26H54 0 0 0 0 0 0 8 8 1 1 0 0 0 0 0 0 0 0 8 1 0 0
C27H56 0 0 0 0 0 0 8 8 1 1 0 0 0 0 0 0 0 0 8 1 0 0
C29H60 0 0 0 0 0 0 8 8 0 0 0 0 0 0 0 0 0 0 8 0 0 0
C30H62 0 0 0 0 0 0 7 7 0 0 0 0 0 0 0 0 0 0 7 0 0 0
C30+ 0 0 0 0 0 0 122 122 0 0 0 0 0 0 0 0 0 0 122 0 0 0
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3. Simulation of the conventional methanol synthesis unit 
 
Scenarios 5 and 6 include a conventional methanol synthesis, which converts syngas (a gas mixture 
mainly consisting of H2 and CO) in a single step reactor setup to methanol. In case of CO2 as 
feedgas, a pre-conversion in a rWGS reactor is mandatory to produce syngas. The distinction 
between scenario 5 and 6 is the production of hydrogen, using the PEM (scenario 5) and SOEC 
(scenario 6) techniques, which are described in section 2 (Fischer Tropsch simulation). 
The methanol synthesis is implemented as a kinetic, plug flow reactor, operating at 240 °C and 
80 barg. The pressure drop is calculated by ASPEN Plus, using the “Ergun” equation. The tubes are 
assumed to have a length of 7 m and a diameter of 0.04 m. The distillation unit consists of a high 
(10 barg) and atmospheric pressure unit to achieve high and pure methanol yields. Heat integration is 
performed with ASPEN Energy Analyzer. 
Figure A.4/Table A.4 and Figure A.5/Table A.5 show the flowsheets and mass balances of scenarios 
5 and 6, respectively.  
 

 

Figure A.4: Flow sheet of scenario 5 (includes PEM electrolysis, rWGS reactor, methanol 
synthesis) 

 

Figure A.5: Flow sheet of scenario 6 (includes SOEC electrolysis, rWGS reactor, methanol 
synthesis) 
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Table A.4: Mass balance of Scenario 5 (PEM-rWGS-methanol synthesis) 

 
 

 
 
 

Table A.5: Mass balance of Scenario 6 (SOEC-rWGS-methanol synthesis) 

 
 

 
 
  

Units C-101 C-102 C-103 E-101 E-102 E-103 E-104 E-105 E-106 E-107 E-108 R-201 R-202 R-203 R-204 R-205 R-206 R-207 R-208 R-209 R-301 R-302 R-303
Temperature C 43 151 30 10 10 160 75 75 146 75 75 146 900 950 950 155 30 30 30 30 34 170 240
Pressure barg 0 10 2 2 5 5 1 1 10 1 1 10 10 10 10 10 10 9 9 80 80 80 80
Molar Vapor Fraction 1,00 1,00 0,00 0,00 0,00 1,00 1,00 1,00 1,00 0,00 1,00 1,00 1,00 1,00 1,00 0,80 0,00 1,00 1,00 1,00 1,00 1,00
Enthalpy Flow kW -3278 -3111 -159 -7718 -7717 -6345 35 85 18 -758 -3026 -2179 -2119 -1949 -2796 -3213 -1862 -1351 -1353 -6483 -6082 -5872
Mass Flows kg/h 1302,1 1266,3 35,8 1732,2 1732,2 1732,2 1732,2 174,4 174,4 1384,5 173,2 1440,7 1440,7 1440,7 1440,7 1440,7 1440,7 420,3 1020,4 1020,4 3893,3 3893,3 3892,8
CO kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 623 623 623 0 623 623 860 860 860
H2 kg/h 0 0 0 0 0 0 174 174 174 0 0 174 174 174 125 125 125 0 125 125 387 387 387
H2O kg/h 42 6 36 1732 1732 1732 173 0 0 0 173 6 6 6 426 426 426 420 6 6 7 7 7
CO2 kg/h 1259 1259 0 0 0 0 0 0 0 0 0 1259 1259 1259 257 257 257 0 257 257 1834 1834 1833
N2 kg/h 1 1 0 0 0 0 0 0 0 0 0 1 1 1 1 1 1 0 1 1 74 74 74
O2 kg/h 0 0 0 0 0 0 1385 0 0 1385 0 0 0 0 0 0 0 0 0 0 0 0 0
CH4 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 9 9 9 0 9 9 702 702 701
CH3OH kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 29 29 29

Units R-304 R-305 R-306 R-401 R-402 R-403 M-101 M-102 M-103 M-104 M-105 M-106 M-107 M-108 M-109 M-110 P-101 P-102 P-103 P-104
Temperature C 240 123 30 30 30 32 30 31 110 30 30 30 246 143 120 120 30 100 62 62
Pressure barg 79 79 79 79 79 80 79 11 10 10 10 10 80 10 5 5 79 0 0 0
Molar Vapor Fraction 1,00 0,97 0,86 1,00 1,00 1,00 0,00 0,02 1,00 0,51 0,00 1,00 1,00 0,00 0,09 0,09 1,00 0,00 0,00 1,00
Enthalpy Flow kW -6582 -6983 -7498 -5005 -4943 -4940 -2492 -2492 -305 -329 -135 -194 -190 -2175 -2175 -2175 -62 -445 -1794 -2
Mass Flows kg/h 3892,8 3892,8 3893,1 2827,7 2792,7 2792,7 1065,4 1065,4 142,2 142,2 62,0 80,3 80,3 985,1 985,1 985,1 35,0 103,1 881,0 1,0
CO kg/h 241 241 241 240 237 237 0 0 0 0 0 0 0 0 0 0 3 0 0 0
H2 kg/h 266 266 266 265 262 262 0 0 0 0 0 0 0 0 0 0 3 0 0 0
H2O kg/h 104 104 104 1 1 1 103 103 1 1 1 0 0 103 103 103 0 103 0 0
CO2 kg/h 1596 1596 1596 1520 1501 1501 76 76 82 82 6 76 76 0 0 0 19 0 0 0
N2 kg/h 74 74 74 74 73 73 0 0 0 0 0 0 0 0 0 0 1 0 0 0
O2 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
CH4 kg/h 701 701 702 699 690 690 3 3 3 3 0 3 3 0 0 0 9 0 0 0
CH3OH kg/h 911 911 911 28 28 28 883 883 56 56 55 1 1 882 882 882 0 0 881 1

Units C-101 C-102 C-103 E-101 E-102 E-103 E-104 E-105 E-106 E-107 E-108 R-201 R-202 R-203 R-204 R-205 R-206 R-207 R-208 R-209 R-301 R-302 R-303
Temperature C 43 151 30 10 12 75 75 75 76 75 75 146 900 950 950 155 30 30 30 30 34 170 240
Pressure barg 0 10 2 2 32 32 32 32 9 32 32 10 10 10 10 10 10 9 9 80 80 80 80
Molar Vapor Fraction 1,00 1,00 0,00 0,00 0,00 0,00 1,00 1,00 1,00 0,00 1,00 1,00 1,00 1,00 1,00 0,80 0,00 1,00 1,00 1,00 1,00 1,00
Enthalpy Flow kW -3278 -3111 -159 -7718 -7713 -7575 35 35 15 -758 -3026 -2179 -2119 -1949 -2796 -3213 -1862 -1351 -1353 -6483 -6082 -5872
Mass Flows kg/h 1302,1 1266,3 35,8 1732,3 1732,3 1732,3 1732,3 174,5 174,5 1384,6 173,2 1440,7 1440,7 1440,7 1440,7 1440,7 1440,7 420,3 1020,4 1020,4 3893,3 3893,3 3892,8
CO kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 623 623 623 0 623 623 860 860 860
H2 kg/h 0 0 0 0 0 0 174 174 174 0 0 174 174 174 125 125 125 0 125 125 387 387 387
H2O kg/h 42 6 36 1732 1732 1732 173 0 0 0 173 6 6 6 426 426 426 420 6 6 7 7 7
CO2 kg/h 1259 1259 0 0 0 0 0 0 0 0 0 1259 1259 1259 257 257 257 0 257 257 1834 1834 1833
N2 kg/h 1 1 0 0 0 0 0 0 0 0 0 1 1 1 1 1 1 0 1 1 74 74 74
O2 kg/h 0 0 0 0 0 0 1385 0 0 1385 0 0 0 0 0 0 0 0 0 0 0 0 0
CH4 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 9 9 9 0 9 9 702 702 701
CH3OH kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 29 29 29

Units R-304 R-305 R-306 R-401 R-402 R-403 M-101 M-102 M-103 M-104 M-105 M-106 M-107 M-108 M-109 M-110 P-101 P-102 P-103 P-104
Temperature C 240 123 30 30 30 32 30 31 110 30 30 30 246 143 120 120 30 100 62 62
Pressure barg 79 79 79 79 79 80 79 11 10 10 10 10 80 10 5 5 79 0 0 0
Molar Vapor Fraction 1,00 0,97 0,86 1,00 1,00 1,00 0,00 0,02 1,00 0,51 0,00 1,00 1,00 0,00 0,09 0,09 1,00 0,00 0,00 1,00
Enthalpy Flow kW -6582 -6983 -7498 -5005 -4943 -4940 -2492 -2492 -305 -329 -135 -194 -190 -2175 -2175 -2175 -62 -445 -1794 -2
Mass Flows kg/h 3892,8 3892,8 3893,1 2827,7 2792,7 2792,7 1065,4 1065,4 142,2 142,2 62,0 80,3 80,3 985,1 985,1 985,1 35,0 103,1 881,0 1,0
CO kg/h 241 241 241 240 237 237 0 0 0 0 0 0 0 0 0 0 3 0 0 0
H2 kg/h 266 266 266 265 262 262 0 0 0 0 0 0 0 0 0 0 3 0 0 0
H2O kg/h 104 104 104 1 1 1 103 103 1 1 1 0 0 103 103 103 0 103 0 0
CO2 kg/h 1596 1596 1596 1520 1501 1501 76 76 82 82 6 76 76 0 0 0 19 0 0 0
N2 kg/h 74 74 74 74 73 73 0 0 0 0 0 0 0 0 0 0 1 0 0 0
O2 kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
CH4 kg/h 701 701 702 699 690 690 3 3 3 3 0 3 3 0 0 0 9 0 0 0
CH3OH kg/h 911 911 911 28 28 28 883 883 56 56 55 1 1 882 882 882 0 0 881 1
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4. Simulation of the CO2 tolerant methanol synthesis unit 
 
Scenarios 7 and 8 include a CO2 tolerant methanol synthesis, which converts CO2 and H2 directly in a 
series of three reactors to methanol. The assumptions of the reactor properties are the same as for the 
conventional methanol synthesis (section 4). The intermedate methanol-water mixture is separated 
between each methanol reactor and fed to the distillation unit. The main distinction between scenario 
7 and 8 is the production of hydrogen, using the PEM (scenario 7) and SOEC (scenario 8) 
techniques, which are described in section 2 (Fischer Tropsch simulation). Heat integration is 
performed with ASPEN Energy Analyzer. 
Figure A.6/Table A.6 and Figure A.7/Table A.7 show the flowsheets and mass balances of scenarios 
7 and 8, respectively.  
 

 

Figure A.6: Flow sheet of scenario 7 (includes PEM electrolysis, 3-stage methanol synthesis) 

 

Figure A.7: Flow sheet of scenario 8 (includes SOEC electrolysis, 3-stage methanol synthesis) 

Table A.6: Mass balance of Scenario 7 (PEM – three-stage methanol synthesis) 

 
 

 
 
 

Units C-101 C-102 C-103 M-106 M-107 M-108 E-101 E-102 E-103 E-104 E-105 E-106 E-107 E-108 M-109 M-110 M-111 M-113 M-112 M-101 M-102 M-103 M-105 M-104 P-104 P-103 P-102
Temperature °C 43 30 30 126 30 30 10 12 75 75 75 75 75 75 30 246 152 129 129 30 30 30 32 30 64 64 100
Pressure barg 0 30 5 10 10 10 2 32 32 32 32 30 32 32 10 80 10 5 5 78 77 75 11 75 0 0 0

1,0 1,0 0,0 1,0 0,3 0,0 0,0 0,0 0,0 1,0 1,0 1,0 0,0 1,0 1,0 0,0 0,1 0,1 0,0 0,0 0,0 0,0 0,0 1,0 0,0 0,0
Enthalpy Flow kW -3278 -3153 -169 -234 -260 -152 -7669 -7665 -7527 35 35 15 -753 -109 -106 -3919 -3919 -3919 -1674 -1410 -1140 -4224 -4224 -2 -1818 -2200
Mass Flows kg/h 1302 1264 38 111 111 67 1721 1721 1721 1721 173 173 1376 172 44 44 1405 1405 1405 556 492 401 1449 1449 1 894 510
CO kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
H2 kg/h 0 0 0 0 0 0 0 0 0 173 173 173 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
H2O kg/h 42 3 38 4 4 4 1721 1721 1721 172 0 0 0 172 0 0 509 509 509 218 163 128 509 509 0 0 509
CO2 kg/h 1259 1259 0 49 49 6 0 0 0 0 0 0 0 0 43 43 0 0 0 14 16 13 43 43 0 0 0
N2 kg/h 1 1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
O2 kg/h 0 0 0 0 0 0 0 0 0 1376 0 0 1376 0 0 0 0 0 0 0 0 0 0 0 0 0 0
CH3OH kg/h 0 0 0 57 57 57 0 0 0 0 0 0 0 0 1 1 896 896 896 324 313 259 897 897 1 894 1

Molar Vapor Fraction

Units P-101 R-101 R-102 R-201 R-202 R-203 R-204 R-205 R-206 R-301 R-302 R-303 R-304 R-305 R-306 R-401 R-402 R-403 R-404 R-405 R-406 R-407 R-408 R-409
Temperature °C 30 52 186 108 180 240 240 166 30 30 180 240 240 121 30 30 180 240 240 120 30 30 30 38
Pressure barg 75 30 83 80 80 80 78 78 78 78 78 78 77 77 77 77 77 77 75 75 75 75 75 80

1,0 1,0 1,0 1,0 1,0 1,0 1,0 1,0 0,9 1,0 1,0 1,0 1,0 1,0 0,9 1,0 1,0 1,0 1,0 1,0 0,9 1,0 1,0 1,0
Enthalpy Flow kW -65 -3117 -2979 -6245 -6078 -5939 -6094 -6261 -6802 -5128 -4845 -4730 -4903 -5186 -5487 -4077 -3847 -3754 -3900 -4130 -4373 -3233 -3168 -3159
Mass Flows kg/h 33 1437 1437 3083 3083 3083 3083 3083 3083 2527 2527 2527 2527 2527 2527 2036 2036 2036 2036 2036 2036 1635 1602 1602
CO kg/h 2 0 0 116 116 116 164 164 164 164 164 164 144 144 144 144 144 144 118 118 118 118 116 116
H2 kg/h 4 173 173 372 372 372 307 307 307 307 307 307 250 250 250 250 250 250 203 203 203 203 199 199
H2O kg/h 0 3 3 5 5 5 220 220 220 2 2 2 164 164 164 1 1 1 129 129 129 1 1 1
CO2 kg/h 25 1259 1259 2516 2516 2516 1990 1990 1990 1977 1977 1977 1581 1581 1581 1565 1565 1565 1252 1252 1252 1239 1214 1214
N2 kg/h 1 1 1 47 47 47 47 47 47 47 47 47 47 47 47 47 47 47 47 47 47 47 46 46
O2 kg/h 0 0 0 16 16 16 16 16 16 16 16 16 16 16 16 16 16 16 16 16 16 16 16 16
CH3OH kg/h 0 0 0 12 12 12 339 339 339 15 15 15 326 326 326 14 14 14 271 271 271 11 11 11

Molar Vapor Fraction
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Table A.7: Mass balance of Scenario 6 (SOEC – three-stage methanol synthesis) 

 
 

 
 
 
 
5. Additional tables 
 
A list of the calculated efficiencies for all sections are given in Table A.8. 
 

Table A.8: Calculated efficiencies and specific energy consumption for lower olefine production 

Efficiencies 

Scenario number 

1 2 3 4 5 6 7 8 

PtL efficiency 1 ηPtL,1 [%] 44.0 54.0 44.0 54.0 49.6 62.1 52.2 64.3 

PtL efficiency 2 ηPtL,2 [%] 31.5 37.5 31.5 37.5 28.5 33.8 29.6 34.7 

Global efficiency 1 ηglobal,1 [%] 46.9 55.2 46.9 55.2 44.4 51.1 48.2 51.1 

Global efficiency 2 ηglobal,2 [%] 33.2 38.2 33.2 38.2 26.1 29.2 27.8 29.2 

Carbon efficiency 1 ηcarbon,1 [%] 85.1 85.1 85.1 85.1 87.0 87.0 88.3 88.3 

Carbon efficiency 2 ηcarbon,2 [%] 71.5 71.5 71.5 71.5 67.5 67.5 68.6 68.6 

SEC (based on intermediate product) SECଵ [kWh/kg] 31.8 26.7 31.8 26.7 15.6 14.1 14.6 14.1 

SEC (based on C2-C4 product fraction) SECଶ [kWh/kg] 41.0 34.4 41.0 34.4 49.2 44.2 46.0 44.4 

 
  

Units C-101 C-102 C-103 C-104 C-105 M-106 M-107 M-108 E-101 E-102 E-103 E-104 E-105 E-106 E-107 M-109 M-110 M-111 M-113 M-112 M-101 M-102 M-103 M-105 M-104 P-104 P-103
Temperature °C 43 30 30 30 30 126 30 30 10 10 160 75 75 75 75 30 246 152 129 129 30 30 30 32 30 64 64
Pressure barg 0 30 2 8 27 10 10 10 2 5 5 1 1 1 1 10 80 10 5 5 78 77 75 11 75 0 0

1,0 1,0 0,0 0,0 0,0 1,0 0,3 0,0 0,0 0,0 1,0 1,0 1,0 0,0 1,0 1,0 0,0 0,1 0,1 0,0 0,0 0,0 0,0 0,0 1,0 0,0
Enthalpy Flow kW -3278 -3153 -75 -72 -24 -234 -260 -152 -7670 -7669 -6306 35 17 -753 -109 -106 -3919 -3919 -3919 -1674 -1410 -1140 -4224 -4224 -2 -1818
Mass Flows kg/h 1302 1264 17 16 5 111 111 67 1721 1721 1721 1721 173 1376 172 44 44 1405 1405 1405 556 492 401 1449 1449 1 894
CO kg/h 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
H2 kg/h 0 0 0 0 0 0 0 0 0 0 0 173 173 0 0 0 0 0 0 0 0 0 0 0 0 0 0
H2O kg/h 42 3 17 16 5 4 4 4 1721 1721 1721 172 0 0 172 0 0 509 509 509 218 163 128 509 509 0 0
CO2 kg/h 1259 1259 0 0 0 49 49 6 0 0 0 0 0 0 0 43 43 0 0 0 14 16 13 43 43 0 0
N2 kg/h 1 1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
O2 kg/h 0 0 0 0 0 0 0 0 0 0 0 1376 0 1376 0 0 0 0 0 0 0 0 0 0 0 0 0
CH3OH kg/h 0 0 0 0 0 57 57 57 0 0 0 0 0 0 0 1 1 896 896 896 324 313 259 897 897 1 894

Molar Vapor Fraction

Units P-102 P-101 R-101 R-102 R-201 R-202 R-203 R-204 R-205 R-206 R-301 R-302 R-303 R-304 R-305 R-306 R-401 R-402 R-403 R-404 R-405 R-406 R-407 R-408 R-409
Temperature °C 100 30 64 186 108 180 240 240 166 30 30 180 240 240 121 30 30 180 240 240 120 30 30 30 38
Pressure barg 0 75 0 83 80 80 80 78 78 78 78 78 78 77 77 77 77 77 77 75 75 75 75 75 80

0,0 1,0 1,0 1,0 1,0 1,0 1,0 1,0 1,0 0,9 1,0 1,0 1,0 1,0 1,0 0,9 1,0 1,0 1,0 1,0 1,0 0,9 1,0 1,0 1,0
Enthalpy Flow kW -2200 -65 -3244 -2979 -6245 -6078 -5939 -6094 -6261 -6802 -5128 -4845 -4730 -4903 -5186 -5487 -4077 -3847 -3754 -3900 -4130 -4373 -3233 -3168 -3159
Mass Flows kg/h 510 33 1475 1437 3083 3083 3083 3083 3083 3083 2527 2527 2527 2527 2527 2527 2036 2036 2036 2036 2036 2036 1635 1602 1602
CO kg/h 0 2 0 0 116 116 116 164 164 164 164 164 164 144 144 144 144 144 144 118 118 118 118 116 116
H2 kg/h 0 4 173 173 372 372 372 307 307 307 307 307 307 250 250 250 250 250 250 203 203 203 203 199 199
H2O kg/h 509 0 42 3 5 5 5 220 220 220 2 2 2 164 164 164 1 1 1 129 129 129 1 1 1
CO2 kg/h 0 25 1259 1259 2516 2516 2516 1990 1990 1990 1977 1977 1977 1581 1581 1581 1565 1565 1565 1252 1252 1252 1239 1214 1214
N2 kg/h 0 1 1 1 47 47 47 47 47 47 47 47 47 47 47 47 47 47 47 47 47 47 47 46 46
O2 kg/h 0 0 0 0 16 16 16 16 16 16 16 16 16 16 16 16 16 16 16 16 16 16 16 16 16
CH3OH kg/h 1 0 0 0 12 12 12 339 339 339 15 15 15 326 326 326 14 14 14 271 271 271 11 11 11

Molar Vapor Fraction
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The effect of the variation of the utility costs and the impact of the equipment costs on the net 
production costs is given in Table A.9. 
 

Table A.9: Sensitivity study considering deviations from actual market prices related on equipment and 

utility costs 

Sensitivity study – specific NPCC2-C4 

Scenario number 

1 2 3 4 5 6 7 8 

Base scenario – lower olefins C2 – C4 EUR/kWh 1.18 1.20 1.16 1.16 1.41 1.45 1.35 1.36 

Equipment costs +100 % EUR/kWh 1.58 1.68 1.53 1.62 1.85 1.98 1.79 1.79 

Equipment costs -50 % EUR/kWh 0.98 0.96 0.97 0.94 1.19 1.19 1.13 1.14 

Electricity price +100 % (400 EUR/MWh) EUR/kWh 1.82 1.73 1.80 1.70 2.19 2.16 2.08 2.07 

Electricity price -50 % (100 EUR/MWh) EUR/kWh 0.86 0.93 0.83 0.90 1.02 1.10 0.99 1.00 

PEM/SOEC future costs Fehler! 

Verweisquelle konnte nicht gefunden 

werden. 

EUR/kWh 1.03 0.99 1.01 0.96 1.25 1.24 1.20 1.15 
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Abstract. The reverse water gas shift (rWGS) reaction represents a key technol-
ogy to realize an end-to-end power-to-liquid process chain. In this work, exper-
imental tests of a nickel catalyst are reported. The influence of operating tem-
perature (650–950 °C), pressure (ambient pressure up to 6 bara) and gas hourly
space velocity (6000–40 000 h−1) on the conversion of CO2 and hydrogen is
investigated. The results of this experimental evaluation show that the rWGS reac-
tion favors high temperatures and low pressures. Thermodynamic equilibrium is
approached with the used catalyst. Higher gas hourly space velocities favor the
rWGS reaction and inhibit methane formation.

Keywords: Carbon capture and utilization · Catalyst performance ·
Power-to-liquid · Reverse water gas shift

1 Introduction

The cement industry emitted 9 % of Austria’s ETS (EU Emission Trading System) cer-
tified emissions, which corresponds to 3.3 % of Austria’s carbon dioxide emissions in
2019 [1]. Austria’s target is to reduce 40 % of greenhouse gas emissions by 2030 and
achieve climate neutrality by 2040 [2]. In cement production process-related CO2 emis-
sions are unavoidable, which are generated by the decarbonization process of limestone
and account for two-thirds of the total greenhouse gas emissions. [3]. One option for the
reduction of CO2 emissions is the implementation of a carbon capture and utilization
(CCU) plant. A possible Power-to-Liquid route is a Fischer–Tropsch synthesis. The pro-
duced synthetic oil can be further converted in steam- and hydrocrackers to propylene or
ethylene, which is the feedstock for polypropylene and polyethylene production [4]. The
Fischer Tropsch synthesis requires syngas (a mixture of carbon monoxide and hydro-
gen) as feedstock, the direct hydrogenation of CO2 is currently not yet commercially
available [5].

Therefore, a pre-conversion of CO2 to CO is required which can be achieved with
the reverse water gas shift reaction. Basically, the rWGS reaction (Eq. 1) is endothermic
and catalytically converts carbon dioxide with hydrogen to carbon monoxide and water
(steam) [6, 7].

CO2 + H2 ↔ CO + H2O �H298K
r = +41kJ/mol (1)

© The Author(s), under exclusive license to Springer Nature Switzerland AG 2023
J. A. Benítez-Andrades et al. (eds.), Global Challenges for a Sustainable Society,
Springer Proceedings in Earth and Environmental Sciences, https://doi.org/10.1007/978-3-031-25840-4_10
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The CO2 conversion (XCO2) is defined as the ratio between the difference of inlet
(ṅCO2,in in kmol/h) and outlet (ṅCO2,out in kmol/h) mole flow, and the CO2 inlet mole
flow as given in Eq. 2. Furthermore, Eq. 3 defines the CO selectivity (SCO) as the ratio
of the obtained COmole flow (ṅCO in kmol/h) in the product and the converted CO2 [8].

XCO2 = ṅCO2,in − ṅCO2,out

ṅCO2,in
(2)

SCO = ṅCO,out − ṅCO,in
ṅCO2,in − ṅCO2,out

(3)

Considering the thermodynamics of the reaction, a complete conversion of CO2
is not feasible. Side reactions that occur, such as methanation, Bosch reaction or the
Boudouard equilibrium, must also be taken into account in the catalytic conversion pro-
cess. The last two lead to coke formation and deactivation of the catalyst. To counteract
this and improve the CO2 conversion, the equilibrium can be shifted by running the
rWGS reaction with an over-stoichiometric ratio of H2:CO2 of 3:1 [9]. Thus, a syngas
composition with a desired H2:CO ratio of 2:1 is obtained. Figure 1 shows the thermo-
dynamic equilibrium in a temperature range of 300–1100 °C and pressures of 1, 5 and
30 barg [10].

Fig. 1 Thermodynamic equilibrium considering an inlet ratio of H2:CO2 of 3:1 in a temperature
range of 300–1100 °C and pressures of 1, 5, and 30 barg
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In this work, an experimental investigation of the rWGS reaction is carried out. The
experiments provide insights into temperature, pressure, and gas-hour-space-velocity
(GHSV) dependence of the reaction. A comparison of the experimentally obtained
product compositions with the thermodynamic equilibrium is performed.

2 Methods

2.1 Experimental setup

The experimental setup is constructed as shown in the P&ID diagram (Fig. 2), starting
with a gas mixing station (X1, mass controller of hydrogen/0–12 Nl/min, carbon diox-
ide/0–10 Nl/min, and nitrogen/0–20 Nl/min), a quartz-glass reactor in a tube furnace,
a cooling and water condenser unit, followed by the gas analysis and flare. The quartz
glass is designed for an operating pressure of 10 bara and temperatures up to 1100 °C.
The plant settings and the registration of the measured values are handled by the “Look-
out” software. The pressure is controlled by adjusting the automatic valve (V038) at the
reactor outlet.

The glass reactor has a length of 1700 mm and an inner diameter of 15 mm. The
connections from the glass tube to the piping aremade via crimp connectors, which allow
a maximal operating inlet pressure of 6 bara. The gas mixture is fed directly to the crimp
connectors without heating. To achieve high temperatures, the catalyst is located at the
end of the reactor, while the furnace is also used as gas preheating unit. The nickel-based
catalyst used has a cylindrical shape (3.2 mm × 3.2 mm). The catalyst bed has a length
of 75 mm and a total bulk volume of 12.37 cm3. The remaining volume of the glass tube
is filled with inert balls, ensuring sufficient heat exchange in the preheating zone. Six
thermocouples are implemented in the reactor to obtain the axial temperature profile.
The position of the thermocouples is depicted in Fig. 3.

2.2 Catalyst tests

Activation of the catalyst started with heating the fixed bed to temperatures of 500 °C
(thermocouple T3) in the furnace. Nitrogen at 10 Nl/min was used to purge the system.
When the temperature was reached, the ratio of nitrogen to hydrogen was gradually
changed and after 30 min, pure hydrogen was fed into the system for catalyst activation.
After one hour, the temperature was increased to 950 °C and the catalyst was ready for
catalyst testing.

In the initial experimental tests, the operation pressure was gradually increased from
atmospheric pressure to 6 bara with a starting temperature of 950 °C (measured at
thermocouple T3) and a constant GHSV of 20 000 h−1. Temperature variation continued
for 850, 750 and 650 °C according to the experimental design (Table 1). In the second
series of catalyst tests, the effect of temperature and GHSV on the rWGS reaction
was investigated. The experiments started with temperatures of 650 °C measured at the
beginning of the catalyst bed (thermocouple T3), and the GHSV was varied between
6000 and 40 000 h−1. The design for the second experimental test series is detailed in
Table 2.
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Fig. 3 Experimental setup and position of the thermocouples in the glass reactor

2.3 Evaluation of the experimental data and calculation of the thermodynamic
equilibrium

The inlet flow of the feed gas is measured by mass flow meters, and the molar flow is
subsequently calculated. The gas analyzer is implemented behind the water condenser
(Fig. 2). It measures CO2, CO, CH4 and the ratio of H2:N2. The figures are registered in
the “Lookout” software. The equilibrium conversions are calculated in ASPEN HYSYS
V12,which implements aGibbs reactor thatminimizes theGibbs-free energy. The values
of the gas analysis are recalculated for the dry gas flow, and are directly compared with
the equilibrium calculation from ASPEN.

3 Results

According to Fig. 1, the rWGS reaction generally favors high temperatures (900 °C)
and low pressures for achieving the thermodynamic equilibrium. At pressures of 10 and
30 barg, even elevated temperatures of 950 °C and higher are necessary.

In the first experimental test series the influence of pressure on the rWGS reaction is
investigated. Figure 4 compares the thermodynamic equilibrium with the experimental
results for pressures of 1.4, 3 and 6 bara. The full lines describe the development of the
molar fractions in thermodynamic equilibrium for the components CO, CO2, CH4 and
H2 calculated from ASPEN HYSYS. Here, steam is not included in the evaluation due
to the separation upstream of the gas-analyzer. The comparison of the pressure influence
is also shown in Fig. 4.

In the second experimental tests, the influence of the gas-hourly-space-velocity
(GHSV) and temperature at ambient pressure is investigated. The deviation of exper-
imental results from the thermodynamic calculation is shown in Fig. 5 for the GHSV
values of 6000, 10 000, 20 000 and 40 000 h−1. Again, the full lines describe the devel-
opment of the molar fractions of CO, CO2, CH4 and H2 in thermodynamic equilibrium.
The absolute deviation of each GHSV value is shown in the last plot of Fig. 5.
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Table 1 Design of experiments with variation of temperature and pressure at constant GHSV

Exp. number Temperature Pressure GHSV CO2 H2

# (°C) (bara) (h−1) (Nl/min) (Nl/min)

1.1 950 1 20 000 1.1781 3.5343

1.2 950 2 20 000 1.1781 3.5343

1.3 950 3 20 000 1.1781 3.5343

1.4 950 4 20 000 1.1781 3.5343

1.5 950 5 20 000 1.1781 3.5343

1.6 950 6 20 000 1.1781 3.5343

1.7 850 1 20 000 1.1781 3.5343

1.8 850 2 20 000 1.1781 3.5343

1.9 850 3 20 000 1.1781 3.5343

1.10 850 4 20 000 1.1781 3.5343

1.11 850 5 20 000 1.1781 3.5343

1.12 850 6 20 000 1.1781 3.5343

1.13 750 1 20 000 1.1781 3.5343

1.14 750 2 20 000 1.1781 3.5343

1.15 750 3 20 000 1.1781 3.5343

1.16 750 4 20 000 1.1781 3.5343

1.17 750 5 20 000 1.1781 3.5343

1.18 750 6 20 000 1.1781 3.5343

1.19 650 1 20 000 1.1781 3.5343

1.20 650 2 20 000 1.1781 3.5343

1.21 650 3 20 000 1.1781 3.5343

1.22 650 4 20 000 1.1781 3.5343

1.23 650 5 20 000 1.1781 3.5343

1.24 650 6 20 000 1.1781 3.5343

The measured temperatures of thermocouples are shown in Fig. 6. The reactor tem-
perature profile is shown for a catalyst bed inlet temperature of 650 °C and 950 °C as
well as for gas hourly space velocities of 6000, 10 000, 20 000 and 40 000 h−1.

4 Discussion

The operating conditions, temperature, pressure and GHSV, influence conversion and
yield of the rWGS reaction on a nickel catalyst significantly. The unwanted methanation
reaction is suppressed by high temperatures and low pressure levels, as it can be seen in
Fig. 4. The experimentally obtained product compositions approximate fairly good to
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Table 2 Design of experiments with variation of temperature and GHSV at constant pressure

Exp. number Temperature Pressure GHSV CO2 H2

# (°C) (bara) (h−1) (Nl/min) (Nl/min)

2.1 650 1 6000 0.3534 1.0603

2.2 650 1 8000 0.4712 1.4137

2.3 650 1 10 000 0.5890 1.7671

2.4 650 1 20 000 1.1781 3.5343

2.5 650 1 40 000 2.3562 7.0686

2.6 750 1 6000 0.3534 1.0603

2.7 750 1 8000 0.4712 1.4137

2.8 750 1 10 000 0.5890 1.7671

2.9 750 1 20 000 1.1781 3.5343

2.10 750 1 40 000 2.3562 7.0686

2.11 850 1 6000 0.3534 1.0603

2.12 850 1 8000 0.4712 1.4137

2.13 850 1 10 000 0.5890 1.7671

2.14 850 1 20 000 1.1781 3.5343

2.15 850 1 40 000 2.3562 7.0686

2.16 950 1 6000 0.3534 1.0603

2.17 950 1 8000 0.4712 1.4137

2.18 950 1 10 000 0.5890 1.7671

2.19 950 1 20 000 1.1781 3.5343

2.20 950 1 40 000 2.3562 7.0686

the thermodynamic equilibrium for each pressure level. Only at temperatures higher than
650 °C a larger deviation ca be observed for carbonmonoxide, particularly in comparison
toCO2,CH4, andH2.Methane formation is below thermodynamic equilibriumat 650 °C.
This may be caused by the exothermic nature of the methanation reaction which heats
up the catalyst bed locally, and thus suppress methane formation. Nevertheless, the
experimental investigation confirms that temperature and pressure have a corresponding
influence on the conversion of CO2 to the desired synthesis gas. Low pressure and
high temperature favor the rWGS reaction, while high pressure and lower temperatures
promote methane formation.

The influence of the GHSV value is not so decisive as temperature and pressure.
The comparison of the experimental results of the five different GHSV values (Fig. 6,
6000, 10 000, 20 000, 40 000 h−1) reveals that the methane content in the product gas
decreaseswith increasing gas velocity. The temperature drops at a specific gas velocity of
40 000 h−1 to 900 °C (measured at thermocouple T4) what changes the thermodynamic
equilibrium significantly in the direction of methanation. However, even at 900 °C,
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Fig. 4 Experimental results and thermodynamic equilibrium for constant GHSV values and
variation of pressure levels (1.4, 3, 6 bara)

methane formation is very low. On the other hand, the higher gas velocity makes the
flow in the reactor more turbulent, allowing better heat and mass transfer between the
catalyst surface and the gas particles.

A similar trend can be observed at 650 °C, however due to the increased heat release
by the exothermic methanation, the temperature deviations are less pronounced. As
shown in Fig. 6, the higher gas velocity leads to higher heat generation in the catalyst and
this also results in the shift of the thermodynamic equilibrium towards the endothermic
rWGS reaction, which can also be seen by a small temperature drop at thermocouple
T4. With higher pressure and increased methane formation, the temperature continues
to increase. In order to maintain constant temperatures of 650 °C, the reactor would have
to be cooled instead of heated in this case. Additionally, the higher GHSV value allows
a higher exit temperature from the catalyst and thus a lower selectivity to CH4. The CO
content increases accordingly.

The second series of tests was carried out completely independently of the first series
of tests. This allows validation of the product composition at temperatures 650, 750, 850
and 950 °C and ambient pressure for a GHSV value of 20 000 h−1.
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Fig. 5 Experimental results and thermodynamic equilibrium for ambient pressure and GHSV
variation (6000, 8000, 10 000, 20 000, 40 000 h−1)

5 Conclusions

The reverse water gas shift reaction enables the conversion of CO2 and hydrogen into
synthesis gas, which is used as a feedstock for a wide variety of syntheses. The exper-
imental results in this work show that the rWGS reaction can be performs on nickel
catalysts. The conversion of CO2 and hydrogen into synthesis gas is favored at higher
temperatures and lower pressures, since methane formation is inhibited. Therefore, the
rWGS reaction should be operated at temperatures higher than 900 °C and pressures
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Fig. 6 Reactor temperature profile for 650 and 950 °C (measured at thermocouple T3) and GHSV
values of 6000, 10 000, 20 000, 40 000 h−1

lower than 6 bara to suppress undesired methane formation. However, the selection of
the operating pressure level is also influenced by the pressure requirements of further
downstream catalytic conversions.

The gas hourly space velocity in the fixed-bed reactor has only a minor effect on
the CO2 conversion. In this experimental study, higher gas velocities favor the rWGS
reaction and inhibit methane formation. A general recommendation for an optimum gas
hourly space velocity cannot be given, since the simplified experimental set-up does not
allow for a transformation to industrial reactor systems.

Further studies should deal in particular with a more detailed analysis of the prod-
uct gas stream for other by-products, as only CH4 and no longer chain hydrocarbons
were measured in these initial series of experiments. Furthermore, the influence of the
over-stoichiometric hydrogen feed on coke formation, conversion, selectivity and the
turbulence in the catalyst bulk should be investigated.
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Abstract 

The reverse water gas shift (rWGS) reaction represents a key technology for the utilization of CO2. This 

study presents experimental results which compare the performance of a commercially available 

nickel catalyst, two novel perovskite catalysts and Al2O3. In addition to the variations of the input gas 

composition, the operating conditions have been adjusted between 550 and 950 °C and 1 to 8 bara. 

The results reveal, on the one hand, that the nickel catalyst achieves thermodynamic equilibrium, 

resulting in high selectivity toward CO formation at elevated temperatures (950 °C) and ambient 

pressure. Higher catalyst loads suppress methane formation. On the other hand, the perovskite 

catalyst prevents methane formation even at low temperature (550 °C) and higher pressures favor the 

CO formation. In consequence, methane formation is limited to less than 2 vol.-% at 650 °C and 8 bara 

and the CO content in the product gas is significantly higher compared with the nickel catalyst. Al2O3 

also shows catalytic activity and achieves thermodynamic equilibrium at higher temperature (950 °C). 

The investigated novel perovskite catalysts have the potential to intensify the rWGS reaction towards 

a simpler reactor design and a highly efficient operation, also on a large-scale basis.  

1. Introduction 

The latest IPCC Synthesis Report 2023 shows that the earth has already warmed by 1.1 °C in average, 

compared to pre-industrial levels [1]. The goal of the Paris Agreement is to limit global warming to a 

maximum of 2 °C, with the ambition of not exceeding the 1.5 °C target [2]. An approach that could 

reduce industrial emissions as well as those of the transport sector, is to use emitted CO2 as a resource 

to produce base-chemicals such as methanol or synthetic crude oil (syncrude) using a Fischer-Tropsch 

synthesis (FTS). These intermediates can be further used in upgrading processes (methanol-to-

propylene or steam-/hydrocracker for syncrude) to produce polyolefins or fuels in a CO2-neutral way. 

In this context, the rWGS reaction plays a crucial role, as CO2 is catalytically converted with green 

hydrogen into the more reactive carbon monoxide. In a study of a power-to-liquid (PtL) plant different 

rWGS reactor and electrolysis technologies were evaluated [3]. The best process route was found to 

be an electrified rWGS reactor design in combination with a high-temperature electrolysis. The highest 

PtL efficiency was achieved with one recycling stream of the gaseous products upstream of the rWGS 

reactor. Several publications are focused on the production of renewable fuels (kerosene, diesel, etc.) 
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from CO2 and green H2 [4–6] in which a rWGS reactor is used to convert CO2 and H2 to synthesis gas, 

and finally via FTS to syncrude.   

All these studies assume the rWGS reaction as a Gibbs reactor, which calculates the product output 

composition applying the minimum Gibbs energy methodology for a defined feed stream. With this 

approach, it is assumed that thermodynamic equilibrium is achieved, which is questionable in 

industrial processes. One motivation of our study was to verify this hypothesis by experiments. 

Furthermore, methane (CH4) is an undesired by-product in rWGS reactors, which is preferably formed 

at low temperatures (< 700 °C). Its formation thermodynamically increases with elevated pressure. In 

downstream processes, such as FTS, methane is treated as inert gas [7]. Therefore, the share of CH4 

should be kept as low as possible, otherwise high recycle rates around the Fischer-Tropsch synthesis 

are necessary, reducing efficiencies, and increasing net production costs [8]. Adelung et al. simulated 

a complete PtL process route and performed a sensitivity analysis to obtain the optimized rWGS 

operation conditions at a temperature of 825 °C and pressure of 5 bar [6]. König et al. designed the 

rWGS reactor in the simulation as Gibbs-reactor as well, using an operating temperature of 900 °C, but 

they considered an elevated operation pressure (25 bar) to avoid the compression step between the 

rWGS and FTS units [9]. Applying these assumptions, methane formation is occurring. Markowitsch et 

al. selected a temperature of 950 °C and a pressure of 10 barg to achieve very high CO selectivity 

(98 %), which results in a low methane content in the product gas [10].  

Some authors have already studied the rWGS reaction on laboratory scale. Wolf et al. and Unde 

operated the rWGS reaction in a glass tube reactor with an inner diameter of 20 mm [11,12]. They 

used a commercial Ni/Al2O3 catalyst (cylinders with 3 mm diameter) and performed a temperature 

variation between 600 and 1000 °C, at ambient pressure only. In their experimental setup, a CO2 

conversion of 80 % (compared to CO2 content at thermodynamic equilibrium) was achieved at an 

operating temperature of 900 °C, atmospheric pressure and a residence time of less than 100 ms.  

In comparison, Vázquez et al. operated the rWGS reaction in a thinner glass reactor with an inner 

diameter of 6 mm and 0.5 g of a Ni/Al2O3 catalyst (two different types with 15 and 2 wt.-% active metal) 

and Rh/CeO2/Al2O3. The operating temperature was chosen between 500 and 850 °C, as well as 

pressures between 1 and 30 bara [13]. Vázquez et al. have already shown that the rWGS reaction 

follows the thermodynamic equilibrium for their comparatively small reactor. The applied geometry 

allows a homogeneous radial and axial temperature profile in the catalyst bed. In operation, the flow 

rate was limited to 2.087 NL/min with a nitrogen content of 42.5 vol.-%. The catalyst bed was blended 

with SiC balls (1:4), to avoid temperature peaks caused by the endothermic reaction throughout the 

reactor and the catalyst bed section. The SiC balls act as a heat reservoir.  

Escobar published a study of the rWGS reaction on a Rh/γ-Al2O3 catalyst, operating at temperatures 

up to 1000 °C and at atmospheric pressure. The reactor was made of stainless steel and had a length 

of 330 mm and an inner diameter of 8 mm. Additionally, five output measurement zones were 

installed, to monitor the gas composition throughout the reactor bed. The feed gas stream was merged 

with N2 (80 vol.-%), since the range of the gas analyzer was limited to 33 vol.-% CO2. The CO2 conversion 

was calculated for 850 and 1050 °C, resulting in conversions close to the equilibrium for both operating 

points. A conversion of CO2 was already detected in the pre-heating zone. For the study of the catalyst 

performance, the issues with CO2 conversion in the preheating tubes was solved by installing two 

separate heating tubes for CO2 and H2. The impact of the reactor material itself on the CO2 conversion 

was not investigated in the study [14]. 

Although the previously described studies showed promising results, they were all carried out on small-

scale constructions of rWGS testing facilities or, if an inner reactor diameter of 20 mm was used, the 

operation has been demonstrated only under atmospheric pressure [11,12]. Higher pressures of up to 

146



30 bar were achieved with smaller reactor designs with an inner diameter of 6 mm [13]. In all studies, 

the use of a nickel catalyst indicates that thermodynamic equilibrium is reached at high temperatures, 

which has an important impact on the process and reactor design for large-scale realization. Due to 

the high operation temperatures of 1000 °C, the choice of an appropriate material of construction, the 

catalyst stability as well as the heat transfer must be evaluated [15,16]. Conversely, according to the 

state of the art, an operation below 700 °C leads to an increase in methane formation, which is 

additionally intensified by an increase in operating pressure [15]. Therefore, research is being 

conducted on catalyst materials that can be used at lower temperatures such as 300 – 700 °C without 

any formation of CH4 but high CO selectivity. Bahmanpour et al. summarized tested mono- and 

bimetallic catalysts applied at various operating conditions [17]. Noble metals (such as Pt, Pd, Ru, Ir 

and Au) or Fe, Co, and Ni are the most used in metal-based catalysts for the rWGS reaction. The catalyst 

performance is also affected by promoters, the catalytic supports and particle size distribution [18–

20].   

A promising candidate for a catalyst at low temperature was identified by Lindenthal et al. [21]. They 

described a perovskite catalyst testing in a tubular flow reactor at ambient pressure utilizing different 

catalyst powders with a mass ranging from 20 to 75 mg [21]. The overall flow of gases (Ar, CO2 and H2) 

was limited to 12 mL/min and the tests were operated from 300 – 700 °C. It is noticeable that no CH4 

was detected in the product gas stream at these temperatures and CO formation already started at 

400 °C. Nd0.6Ca0.4Fe0.9Co0.1O3-δ was found to be the catalytically most active material [20,21]. 

The present study focuses on a comparison of different catalysts for the rWGS reaction within a quartz-

glass reactor. An experimental test campaign with a commercially available nickel catalyst, two novel 

perovskite catalysts with differing loadings of active material, and the support material Al2O3 as a 

fourth catalyst is executed. In this study, the microreactor experiments performed by Lindenthal et al. 

are scaled up to laboratory size to analyze the influence of industry-relevant conditions, i.e. the use of 

shaped pellets (instead of powder) [21]. This work compares these four catalysts, based on the 

resulting product composition, with a variation of operation temperature (550 – 950 °C), pressure (1 – 

8 bara) and gas hourly space velocity (GHSV, 8000 and 20 000 h-1). Additionally, as the impact of 

pressure on the product composition was not investigated by Lindenthal et al., a more comprehensive 

understanding of the perovskite catalysts performance in the rWGS reaction is conducted [21]. The 

feed ratio of H2:CO2 is equal to 3:1 (without additional nitrogen dilution), which is adopted from the 

PtL simulations and a first experimental study described by Markowitsch [3,22,23]. The objective is to 

operate the rWGS reactor at low temperature, which positively affects the operating and investment 

costs due to less energy demand and lower requirements on the reactor design [24]. The application 

of perovskite catalysts is expected to suppress methane formation even at lower temperatures, and 

thereby facilitate their incorporation into reactors utilizing established technology. The experimentally 

determined product gas compositions are compared for each catalyst with the thermodynamic 

equilibrium to conclude whether a catalyst is suitable for the rWGS reaction or not. 

 

2. Methodology 

2.1. Thermodynamic considerations 

The catalytic conversion of CO2 and H2 has been investigated theoretically in several studies [3,6,11–

13]. The rWGS reaction is endothermic and is given in Equation 1 [10].  

COଶ ൅ Hଶ ↔ CO ൅ HଶO   ΔH୰
ଶଽ଼୏ ൌ ൅41 kJ/mol    Equation 1 

147



Since the rWGS reaction (Equation 1) takes place under constant volume conditions, pressure is not 

expected to have an impact on the equilibrium conversion. However, all possible side reactions must 

be addressed, such as the methanation of CO (Equation 2) and CO2 (Equation 3), dry reforming 

(Equation 4), the Bosch reaction (Equation 5), and the Boudouard reaction (Equation 6). Considering 

all these reactions, both temperature and pressure have an impact on the thermodynamic 

equilibrium [25]. The suppression of those side reactions can be achieved by either a high CO2 

concentration, a high H2 concentration or the in-situ removal of water (reactor design) [26]. 

Additionally, undesired production of solid carbon (Equation 5, Equation 6 and Equation 7) needs to 

be suppressed to avoid catalyst deactivation [27]. To address all side reactions, the use of an over-

stoichiometric feed of H2 with a H2:CO2 ratio of 3:1 is favorable for the operation of the rWGS 

reaction, and additionally to provide a reasonable syngas quality for downstream processes which 

usually convert CO and H2 in a ratio of 2:1 (e.g. Fischer-Tropsch synthesis [3]). Other oxygenates, such 

as dimethyl ether, alcohols, larger alkanes, which could also be produced as undesired side products, 

are not analyzed in this experimental investigation, since these compounds are produced in trace 

amounts, if any [28]. 

CO ൅ 3Hଶ ↔ CHସ ൅ HଶO  ΔH୰
ଶଽ଼୏ ൌ െ206 kJ/mol   Equation 2 

COଶ ൅ 4Hଶ ↔ CHସ ൅ 2HଶO  ΔH୰
ଶଽ଼୏ ൌ െ165 kJ/mol   Equation 3 

CHସ ൅ COଶ ↔ 2CO ൅ 2Hଶ  ΔH୰
ଶଽ଼୏ ൌ ൅247 kJ/mol   Equation 4 

COଶ ൅ 2Hଶ ↔ Cሺୱሻ  ൅ 2HଶO  ΔH୰
ଶଽ଼୏ ൌ െ91 kJ/mol    Equation 5 

2CO ↔ COଶ ൅ Cሺୱሻ   ΔH୰
ଶଽ଼୏ ൌ െ172 kJ/mol   Equation 6 

CHସ ↔ Cሺୱሻ ൅ 2Hଶ   ΔH୰
ଶଽ଼୏ ൌ ൅75 kJ/mol    Equation 7 

The selectivity S(CO) is defined in Equation 8 as the ratio of produced molar stream of CO to the 

converted molar stream of CO2.   

SሺCOሻ ൌ
୬ሶ ిో,౥౫౪ି୬ሶ ిో,౟౤

୬ሶ ిోమ,౟౤ି୬ሶ ిోమ,౥౫౪
         Equation 8 

The thermodynamic equilibrium is calculated using ASPEN Plus V12.1® [29], by minimizing the Gibbs 

free energy. In the simulation, all possible reactions are implemented in a Gibbs Reactor considering 

the species CO, CO2, H2, H2O, CH4 and solid carbon (C(s)). The feed consists of the aforementioned 

binary mixture of H2 and CO2 with a H2:CO2 ratio of 3:1. In Figure 1, the simulated equilibrium is given 

for a temperature range between 300 and 1100 °C and pressures of 1, 10 and 30 bara. As depicted, 

CO selectivity is affected by the operating temperature and pressure. Temperatures below 800 °C 

lead to reduced CO production, but promote methane formation. This is further increased by 

elevated pressure (e.g., 30 bara), where methane formation also occurs at 950 °C and diminishes the 

CO selectivity significantly. Solid carbon formation is suppressed due to the over-stoichiometric feed 

gas composition.  
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Figure 1: Thermodynamic equilibrium for a H2:CO2 feed ratio of 3:1, calculated for a temperature 

range from 300 - 1100 °C and pressures of 1, 10 and 30 bara 

 

2.2. Experimental setup  

The experimental setup used throughout this study consists of three sections, the quartz glass tube 

reactor, the furnace for the heat supply and the required auxiliary infrastructure. The P&ID scheme 

of the reactor setup is shown in Figure 2. 

 

Figure 2: P&ID of the experimental reactor setup including the gas supply station, the furnace with 

integrated fix-bed-tube-reactor, gas analyzer and flare 
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The laboratory plant is supplied with highly purified gases from external gas bottles (CO2, H2, N2) and 

a compressed air supply. Methane (CH4) serves as the fuel source for the operation of the flare. 

Compressed air and nitrogen are used to dilute the input stream for catalyst activation procedures 

and to purge the reactor for stand-by mode. The mass flow controllers (Bronkhorst Deutschland 

Nord GmbH) installed for all gases allow a flow rate between 0.5 and 45 NL/min (FIC301 to FIC304). 

The gases are blended in a mixing station (X1). Normally, in the pre-heating tube the mixed gases are 

heated up to a maximum temperature of 350 °C prior to the quartz glass reactor inlet. During first 

test runs with a catalyst, already in the preheating zone at 350 °C (stainless steel tubes) methanation 

reaction (Equation 3) has been observed. Consequently, preheating was not used in the rWGS 

experiments described in this study and the feed gas was fed directly to the quartz glass reactor. 

Since the preheating step is omitted, the feed gas volume flow is also limited (GHSV < 20 000 h-

1).  Blank tests were carried out and no methane formation could be detected in the blank set-up. 

The quartz glass tube reactor has a total length of 1500 mm, an inner diameter of 15 mm and a wall 

thickness of 2.5 mm. The tube is crimp-connected through a perfluoroelastomeric (FFKM) seal with 

stainless-steel flanges that connect the gas inlet and outlet via 6 mm stainless steel tubing. The glass 

is fixed and has been tested up to an operating pressure of 8 bara for temperatures between 550 and 

650 °C, and at 6 bara for 750, 850 and 950 °C. The quartz glass tube is positioned on ceramic supports 

of the tube furnace, which is temperature controlled by TI3 and guarantees a constant temperature 

over a defined heating zone of 550 mm. The catalyst fixed bed has a total length of 200 mm and is 

placed at the end of the furnace. To achieve elevated temperatures in the catalyst bed, the front 

zone in the furnace is used as a preheating unit as shown in Figure 3. Additionally, inert balls placed 

upstream of the catalyst bed guarantee sufficient heat transfer within the furnace. The inert balls 

positioned behind the catalyst bed are used for fixation, preventing the catalyst material from being 

blown out of the reactor. For measurement of the catalyst inlet and outlet temperature, Figure 3 also 

shows the axial position of two thermocouples (TI1 and TI2) placed in the bed. Pressure indicators 

(PI205 and PI206) in front of and behind the reactor allow the monitoring of the pressure drop over 

the reactor (catalyst bed and inert balls). For the described experimental set up, a contact time with 

the catalyst of at least 180 ms (GHSV < 20 000 h-1) is achieved.  

 

Figure 3: Setup of the quartz glass tube reactor in the furnace and position of the catalyst bed 

including thermocouples (not to scale) 

The product gas contains steam which is condensed by a water-cooler and separated downstream of 

the rWGS reactor. To adjust the pressure in the reactor, a control valve (V11 in Figure 2) is used 

downstream of the gas cooler. The entire test rig is controlled and visualized by the software Labview 

2019. A gas analyzer (Type ABB AO2020, ABB AG) is implemented in the product gas stream to obtain 

the online gas composition via ND-IR (CO2, CO, CH4) and thermal conductivity analyzer (H2:N2 ratio). 

The off-gas is combusted in a flare (stable CH4 flame) and released to the ventilation system.   
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2.3. Catalyst description 

Four different catalyst materials are used for the experimental tests. The first catalyst is a 

commercially available nickel-based catalyst, the second and third are based on a proprietary 

perovskite oxide catalyst mixed with different amounts of Al2O3 [20,21,30] and the last comprises 

solely the support material Al2O3. The compositions and geometric forms are given in Table 1.  

Table 1: Catalysts used for experimental tests 

Catalyst number  Catalyst composition  Catalyst geometry  

Catalyst 1 - Nickel Commercial nickel-catalyst  Cylinders 3.2 mm diameter, 3.2 mm height  

Catalyst 2 - 
Perovskite 80/20 

Perovskite catalyst, 20 wt.-% Al2O3 Pellets 6.0 mm diameter, 1.4 mm height 

Catalyst 3 - 
Perovskite 50/50 

Perovskite catalyst, 50 wt.-% Al2O3 Pellets 6.0 mm diameter, 2.2 mm height 

Catalyst 4 - Al2O3 Aluminum oxide Al2O3 Pellets 5.8 mm diameter, 4.2 mm height 

 

The perovskite oxide used for catalyst 2 and 3 was previously found to be a promising material for 

rWGS [21]. It has the composition Nd0.6Ca0.4Fe0.9Co0.1O3-δ (resulting in a Co-content of ca. 3 wt.-%) and 

exhibits the property of exsolution. During this process, upon reductive treatment, the Co is 

selectively reduced and migrates to the surface, where Co-rich nanoparticles well anchored in the 

support material are formed. These nanoparticles are highly active for rWGS. 

For the use in the reactor setup described in section 2.2., the synthesized perovskite powder 

(prepared as described in [21]) was tableted. For this, it was mixed with boehmite (γ-AlO(OH), 

provided by Sasol) acting as a binder, pressed into shape and sintered (which transforms the 

boehmite to Al2O3). The ratio of perovskite to boehmite was varied between catalyst 2 and 3 (cf. 

Table 1). Catalyst 4 was produced in the same way from pure boehmite. 

 

3. Experimental tests 

Before starting the series of experiments, the catalysts need to be activated. For this purpose, the 

manufacturer has defined an activation procedure for catalyst 1. Similarly, a procedure has been 

inferred for catalysts 2 and 3, based on previous results [30]. 

 Nickel-catalyst (catalyst 1): After placing the catalyst into the reactor, the system is flushed 

with nitrogen (10 NL/min) to remove all undesired gases (especially O2). The reactor is 

heated to a temperature of 550 °C. Once the temperature is reached, the gas composition is 

gradually changed from 100 vol.-% nitrogen to 100 vol.-% hydrogen within 20 minutes. The 

catalyst is then activated at 550 °C for 1.5 h at a constant temperature and ambient 

pressure.  

 Perovskite and Al2O3-catalysts (catalyst 2 to 4): The catalysts are flushed with air (5 NL/min) 

for 0.5 h up to 420 °C. Once the temperature of 420 °C is reached, the air is replaced by 

nitrogen (5 NL/min) for 10 minutes and then the catalyst is activated for 2 h with a gas flow 

of 10 NL/min and a composition of N2:H2 of 9.5:0.5 (5 vol.-% H2 in N2) at 625 °C and ambient 

pressure. To enable a direct and meaningful comparison, the Al2O3 material is also activated, 

although no active metals are placed on the material surface. 
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The temperature is varied for the nickel (catalyst 1) and Al2O3 catalyst (catalyst 4) from 550 – 950 °C, 

and for the perovskite catalysts (catalysts 2 and 3) from 550 – 850 °C, according to instructions of the 

manufacturers. The temperature is increased stepwise by 100 °C. Due to the flange connections 

used, the maximum pressure is set to 8 bara for the experiments with temperatures between 550 

and 650 °C, and 6 bara for higher temperatures. Higher pressures are not possible with the applied 

set-up, due to the limitation of the quartz glass material. Operating pressures of 1, 3, 6 and 8 bara 

are used for the catalyst tests. 

The impact of the GHSV on the product composition is also important to obtain a reactor design 

know-how, especially for the required catalyst bed length. The catalysts are operated at GHSV values 

of 8000 and 20 000 h-1 which corresponds to 4.71 NL/min and 11.78 NL/min, respectively, for the 

applied catalyst bed length of 200 mm. The temperature within the catalyst bed is strongly 

dependent on the volume flow of the gases. Therefore, the operation with GHSV values higher than 

20 000 h-1 are not feasible, since heat transfer to the reactor is limited, and for higher GHSV the 

achieved temperature level is not sufficient. 

The influence of temperature, pressure and GHSV is investigated for all catalysts (cf. Table 1). Based 

on the considerations for the main influencing operation parameters, the experimental plan for the 

respective catalysts is listed in Table 2. 

Table 2: Design of experiments for a H2:CO2 inlet ratio of 3:1 

Catalyst name Temperature in °C Pressure in bara GHSV in h-1 

Catalyst 1 – Nickel 550, 650, 750, 850, 950 
1, 3 and 6 (550-950 °C) 

8 (550 and 650 °C) 
8000, 20 000 

Catalyst 2 – Perovskite 
80/20 

550, 650, 750, 850 
1, 3 and 6 (550-850 °C) 

8 (550 and 650 °C) 
8000, 20 000 

Catalyst 3 – Perovskite 
50/50 

550, 650, 750, 850 
1, 3 and 6 (550-850 °C) 

8 (550 and 650 °C) 
8000, 20 000 

Catalyst 4 – Al2O3 550, 650, 750, 850, 950 
1, 3 and 6 (550-950 °C) 

8 (550 and 650 °C) 
8000, 20 000 

 

 

4. Results and discussion 

In this chapter, the results of the experimental tests of the four catalysts are presented and the 

influence of temperature, pressure and GHSV on the product composition are compared with the 

thermodynamic equilibrium. A detailed description of the mass and atom balance (inclusive error 

calculation) is provided in the supplementary material. Furthermore, a characterization of the used 

perovskite catalysts was performed, and the results are discussed in the supplementary material.  

4.1. Results of catalyst 1 – nickel based 

The experimental results obtained with catalyst 1 are shown in Figure 4, where the dry product gas 

composition is depicted as data points, and the corresponding theoretical thermodynamic 

composition as lines. Figure 4 summarizes the results obtained for GHSV 8000 h-1, temperatures of 

550, 650, 750, 850, and 950 °C, and pressures of 1, 3, 6 and 8 bara.  

The methane content exhibits a noticeable increase with decreasing temperature (< 750 °C) and 

rising pressure. This correlation was already predicted by the thermodynamic analysis conducted 

prior to the experiments. Moreover, it is worth mentioning that the reaction approaches 

thermodynamic equilibrium when operating at 650 °C (or higher) and a GHSV of 8000 h-1, but visibly 
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the convergence decreases at 550 °C. At 650 °C, convergence is also less complete with increasing 

pressure. The formation of methane is increasing with higher pressures for all temperatures. 

However, at 550 °C a significant lower CH4 formation is observed as predicted by the thermodynamic 

equilibrium. Consequently, CO is overproduced and exceeds the equilibrium line. This could be 

attributed to the GHSV, because the increase of GHSV (Figure 5) results in lower methane formation 

and in increasing CO formation for all operating pressures (1, 6 and 8 bara) and temperatures of 550 

and 650 °C. At these temperatures, the equilibrium is not fully reached, but there is a noticeable 

decrease in methane content observed with higher GHSV. The suppression of methane formation at 

higher GHSV values is a clear indication for the slower kinetics of this reaction compared to the 

obviously fast CO formation by the rWGS reaction. Methanation is slower due to the two-step 

reaction mechanism of CO2 to CH4 with an intermediate CO formation in the rWGS reaction [31].  As 

the residence time is not sufficient for full conversion, the faster CO formation is favored, which is 

evident by the higher CO concentration in the product gas at GHSV values of 20 000 h-1. However, 

where no methane is formed, such as at temperatures of 950 °C, the lower resident times of the gas 

in the catalyst bed do not have an influence. Thermodynamic equilibrium is then reached for both 

GHSVs. With increasing temperature, the methane production diminishes from a thermodynamic 

perspective, and the kinetic of CO formation in the rWGS reaction is so fast that no influence of GHSV 

can be observed under the investigated conditions.  

 

 

Figure 4: Product composition and thermodynamic equilibrium in a temperature range of 550 to 

950 °C and 1, 3, 6 bara, and additional for 550 and 650 °C at 8 bara for catalyst 1 (Nickel-based) and 

GHSV 8000 h-1 
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Figure 5: Product composition and thermodynamic equilibrium for GHSVs 8000 and 20 000 h-1 at 

temperatures of 550, 650, 750, 850 and 950 °C and 1, 6 and 8 bara for catalyst 1 (nickel-based) 

For catalyst 1, it can be concluded that the reverse water-gas shift reaction tends to approach 

thermodynamic equilibrium for all investigated operating conditions, where no methane is produced 

(in particular high temperatures). Methane production increases at lower temperature and elevated 

pressure which is attributed to thermodynamics of the methane formation reaction. Therefore, CO 

formation exceeding equilibrium is comprehensible in the temperature range between 550 and 

750 °C. The nickel catalyst is highly active for rWGS reaction at high temperatures (equilibrium at 

GHSV 20 000 h-1), but not selective if CH4 formation is thermodynamically favored. However, higher 

gas velocities, especially at lower temperatures and increasing pressure, suppress methane 

formation while favoring the rWGS reaction, due to the slow kinetics of methane formation.  

4.2. Results of catalyst 2 – perovskite catalyst 80/20 

The product composition for the experiments with catalyst 2 is depicted in Figure 6a and Figure 6b. 

Methane formation is almost completely suppressed, even at the temperature of 550 °C, where a 

methane fraction between 17.5 and 38 vol.-% is thermodynamically expected. In Figure 6b, CH4 

formation is neglected in the thermodynamic equilibrium calculation (Gibbs reactor with suppressed 

methane formation, no pressure dependency). However, the experimental results show that the 

increase in pressure from 1 to 3, 6 and 8 bara promotes the CO formation in a first step. At 

temperatures of 750 and 850 °C, the thermodynamic equilibrium without CH4 formation is reached. 

The experiments confirm that methane formation is basically negligible here (< 1 vol.-%). At lower 

temperatures, CO formation is enhanced when the pressure is elevated to 3 bara at constant 

temperature (e.g., 550 °C), and remains stable with further increasing pressure just below 

equilibrium (about 13.8 vol.-%). Methane formation is recognizable at this point, particularly when 

exceeding a pressure of 6 bara. Here, methane formation rises significantly from 0 and 0.2 vol.-% at 1 

and 3 bara to 1.2 and 2.7 vol.-% at 6 and 8 bara, respectively. Therefore, the optimum operating 

conditions for this catalyst are in a temperature range between 550 and 650 °C up to a pressure of 

154



6 bara. At these conditions, the CH4 formation is almost completely suppressed and the experimental 

results can be sufficiently described as a sole rWGS reaction.   

Overall, the initial experimental results are promising as the suppression of methane formation leads 

to a relatively high concentration of hydrogen in the product gas, since less hydrogen is consumed 

for undesired methane formation. It is also encouraging that the CO formation at temperatures 

below 650 °C is close to the thermodynamic equilibrium of the rWGS reaction. Applying higher 

pressure up to 6 bara has a slight positive effect on CO formation at a temperature of 550 °C (10.8 for 

1 bara and 13.9 mol-% for 6 and 8 bara), which can be attributed to the increasing reaction rate with 

higher partial pressure of the reactants.  

One drawback is that higher pressure also slightly promotes the formation of methane. The pressure 

level does not significantly influence the conversion to CO at higher temperature levels (750 and 

850 °C), as methane is not produced in these operating modes (thermodynamically lower methane 

formation at higher temperature) and higher temperature increases the reaction rate of CO 

formation according to the Arrhenius law. The thermodynamic equilibrium is reached in the 

experiments with temperatures above 650°C. This finding confirms that the assumption of a Gibbs 

reactor is feasible in process simulations with catalyst 2, where the small amount of formed methane 

can be neglected or treated as an inert gas (e.g., process chain optimization, where kinetics are not 

important). In these cases, the rWGS reaction can be simulated as a thermodynamically limited 

reaction, and needs no kinetic equation for this type of catalyst.  
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Figure 6: Product composition and thermodynamic equilibrium (a) with and (b) without 

consideration of methane formation in a temperature range of 550 to 850 °C and 1, 3, 6 bara, and 

additional for 550 and 650 °C at 8 bara for catalyst 2 (perovskite catalyst 80/20) and GHSV 8000 h-1 

The GHSV significantly influences the gas composition of catalyst 2 (illustrated in Figure 7). Higher 

GHSV values result in a decrease in CO formation (e.g., 550 °C, 1 bara: 10.4 mol-% at 8000 h-1 to 

7.7 mol-% at 20 000 h-1). This trend is also noticeable in the methane formation, as it slightly 

decreases at 8 bara with higher GHSV and low temperature (2.7 mol-% at 550 °C and 8000 h-1 to 

1.9 mol-% at 550 °C and 20 000 h-1). However, the thermodynamic equilibrium is achieved for GHSV 

8000 h-1 and temperatures of 750 and 850 °C and all investigated pressures.  

There is a conspicuous deviation in carbon monoxide (CO) formation from the thermodynamic 

predictions at lower temperatures and both gas hourly space velocity (GHSV) values. This deviation 

could be attributed to kinetics, as the reaction rate increases with higher temperatures, reflecting 

the influence of temperature on the reaction rate constant. While the selectivity of CO of the catalyst 

is remarkable high at all tested conditions, the reduced conversion of CO2 to CO at higher GHSV 

values indicates that the activity of the catalyst can still be optimized. 
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Figure 7: Product composition and thermodynamic equilibrium (with and without consideration of 

methane formation) for different GHSV 8000 and 20 000 h-1, at temperatures of 550, 650, 750 and 

850 °C and 1, 6 and 8 bara for catalyst 2 (perovskite catalyst 80/20) 

 

4.3. Results of catalyst 3 – perovskite catalyst 50/50 

The evaluation of the results for catalyst 3 illustrates some minor differences compared to catalyst 2. 

Figure 8 compares the dry product gas composition with the thermodynamic equilibrium with (Figure 

8a) and without (Figure 8b) consideration of CH4 formation. As can be observed in Figure 8a, the 

composition of the dry product does not align with the thermodynamic equilibrium, including CH4 

formation. The methane formation is overestimated for the temperatures 550 and 650 °C and all 

investigated pressures. It becomes evident that the thermodynamic equilibrium without 

consideration of CH4 formation is achieved for 750 and 850 °C, where also thermodynamically no 

methane formation occurs. For lower temperatures of 550 and 650 °C, the equilibrium is approached 

with elevated pressure, but methane formation is also favored at higher pressure. At a moderate 

temperature of 550 °C the rate of CO formation is reduced according to Arrhenius' law. However, 

higher partial pressures of CO₂ and H₂ increase the reaction rate of CO formation, bringing it closer to 

equilibrium (without CH₄ formation). This becomes evident in Figure 8b, because thermodynamic 

equilibrium of CO formation is reached at 650°C at 6 bara compared to 750°C at 1 bara. The 

maximum CH4 content with 2.4 vol.-% is obtained for a pressure of 8 bara, an operating temperature 

of 550 °C and GHSV of 8000 h-1. A comparison of Figure 8a and 8b shows that the assumption of 

neglecting methane formation is approximately valid, since the formation of CH4 is low (< 2.4 vol.-%) 

and the product composition follows the trend shown in Figure 8b. 
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Figure 8: Product composition and thermodynamic equilibrium (a) with and (b) without 

consideration of methane formation in a temperature range of 550 to 850 °C and 1, 3, 6 bara, and 

additional for 550 and 650 °C at 8 bara for catalyst 3 (perovskite catalyst 50/50) and GHSV 8000 h-1 

The influence of GHSV (Figure 9) is also similar as observed with catalyst 2. With increasing GHSV 

values, CH4 and CO formation decreases. However, the influence of GHSV decreases with higher 

pressures, probably due to the higher reaction rate related to an increased rate constant at higher 

temperatures. Catalyst 3 shows a stronger dependence on the GHSV than catalyst 2, indicated by a 

significant decrease of the CO formation at lower pressures and temperatures. For example, the 
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thermodynamic equilibrium is not reached for a GHSV value of 20 000 h-1 at 1 bara and lower than 

850 °C, at 6 bara lower than 750 °C, and for 8 bara, it is not reached for both temperatures (550 and 

650 °C).  This may be caused by the different catalyst composition (higher proportion of Al2O3), which 

also means that the catalytically active surface is lower than for catalyst 2. Lower catalytic surface at 

higher GHSVs leads to a lower probability of contact between active centers and gas molecules. 

Nevertheless, thermodynamic equilibrium is reached for both GHSV values at 1 bara and 850 °C and 

at 6 bara already with 750 °C.  

 

 

Figure 9: Product composition and thermodynamic equilibrium for GHSV 8000 and 20 000 h-1 at 

temperatures of 550, 650, 750 and 850 °C and 1, 6 and 8 bara for catalyst 3 (perovskite catalyst 

50/50) 

4.4. Results of catalyst 4 – aluminum oxide 

Catalyst 4 reveals a completely different reaction behavior compared to the three other catalysts 1, 2 

and 3. The catalyst based on aluminum oxide is usually used as a support material [32]. Figure 10a 

again depicts the comparison of the experimentally determined gas composition with the 

thermodynamic equilibrium for the case with and Figure 10b for the case without methane 

formation. It is remarkable that no methane is produced at any of the operating temperatures and 

pressures across all experimental test points. Particularly and in contrast to the nickel catalyst, low 

temperature and high pressure have no impact on methane formation. As expected, catalyst 4 has 

no activity for methane formation since catalytically active materials promoting this reaction are 

lacking. Increased CO formation with higher pressure is also noticeable with this catalyst, but only 

weakly at 550 °C. This means that the activation energy for the reaction is not sufficiently reduced by 

the catalyst at low temperatures and therefore there is insufficient conversion. The production of CO 

becomes more pronounced at higher temperatures. The support material Al2O3 is observed as an 

active material for rWGS, which could be caused by the ability of CO2 adsorption described in 

literature [33]. The thermodynamic equilibrium is closely reached for a temperature of 950 °C and 
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pressure of 6 bara. However, the CO production starts already at temperatures of 550 °C (1.4 vol.-% 

at 1 bara) and 650 °C (3.2 vol.-% at 1 bara), and significantly increases at elevated pressures and 

temperatures, e.g. up to 23.6 vol.-% at 950 °C and 6 bara.   

 

Figure 10: Product composition and thermodynamic equilibrium (a) with and (b) without 

consideration of methane formation in a temperature range of 550 to 950 °C and 1, 3, 6 bara, and 

additional for 550 and 650 °C at 8 bara for catalyst 4 (aluminum oxide) and GHSV 8000 h-1 

The GHSV has a more pronounced impact on the CO formation compared to all other catalysts, as it 

is shown for catalyst 4 in Figure 11. On the one hand, higher GHSV reduces the CO production, but, 
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on the other hand, throughout all tests and independent of the GHSV, no methane is formed. 

Catalyst 4 is very selective for rWGS, however, at the same time not very active. Thus, shorter 

residence times with higher GHSV reduce the conversion drastically due to the non-satisfying 

promotion of the kinetics. The thermodynamic equilibrium is almost reached only at higher pressures 

(> 6 bara), 950 °C and a GHSV of 8000 h-1.   

 

Figure 11: Product composition and thermodynamic equilibrium for different GHSV at 

temperatures of 550, 650, 750, 850 and 950 °C and 1, 6 and 8 bara for catalyst 4 (aluminum oxide) 

4.5. Summary and comparison of the four catalysts used in this study 

 

5. Conclusion and outlook 

For the utilization of an rWGS reactor, it is evident that the catalyst selection, process design and the 

optimization of the operation conditions are of high importance. The conventional nickel catalyst 

requires high temperatures and low pressures for the suppression of methane formation. 

Consequently, the requirements for reactor design are demanding particularly in terms of material 

selection, but also for the heat management. The undesired methane formation at lower 

temperatures and higher pressures leads to increased hydrogen demand for an unwanted by-

product, thereby reducing the overall efficiency of the process chain further. It is also crucial to 

consider how downstream processes (such as Fischer-Tropsch or methanol synthesis) are affected by 

the undesired components (specifically methane) and whether additional purification efforts are 

imposed. The evaluations for the nickel catalyst performed in this study show that a minimal amount 

of CH4 is produced at operating conditions of 950 °C and 1 to 6 bara, which brings the experimental 

results almost in line with the theoretical thermodynamic equilibrium. This justifies the assumption 

of a Gibbs reactor used for many simulations in literature [3,5,6,9]. Additionally, higher values for 

GHSV have a negative influence on methane formation, which is advantageous in these applications.  

The utilization of the novel perovskite catalysts enables a fundamentally simpler process design 

compared to catalyst 1 (nickel-based). When using the perovskite catalysts, the rWGS reaction occurs 
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dominantly already at lower temperatures around 550 °C, however, due to the thermodynamic 

equilibrium, the maximum possible CO2 conversion is smaller at this temperature. The formation of 

methane increases with growing pressure for both perovskite catalysts (catalyst 2 and 3) for 

temperatures of 550 and 650 °C, but the content in the product gas is always significantly smaller 

compared to the nickel catalyst (catalyst 1). The CO concentration in the product gas remains 

constant independent from the operating pressure, thus following solely the rWGS reaction due to 

the suppression of possible side reactions. Reducing the catalyst contact time, indicated by a higher 

GHSV, negatively impacts CO production and subsequently reduces CO₂ conversion at lower 

temperatures. This suggests that the reaction kinetics are slow and that these catalysts have 

potential for improvement. Additionally, enhancing the geometry and surface area of catalysts 2 and 

3 could increase the contact probability between the catalytically active phases and gas molecules, 

thereby improving their performance.  

The Al2O3 material is also found to be catalytically active for the rWGS reaction at high temperature. 

With increasing temperature and pressure, the CO product concentration approaches 

thermodynamic equilibrium. It is almost achieved at 950 °C and 6 bara. Consequently, at these high 

temperatures, specially prepared nickel catalysts could be omitted and the better available and lower 

cost Al2O3 could be used. Increasing GHSV has a significant negative effect on the CO formation for 

this catalyst, but CH4 formation remains suppressed for all operating points, independent of 

pressure, temperature or GHSV.  

In the first tests using the pre-heating tube, methane was produced due to the catalytic activity of 

the stainless-steel tube at temperatures of 350 °C. The experiments revealed that CH4 in the feed gas 

is not converted to CO and H2 by the perovskite catalysts and Al2O3, but steam reforming occurs on 

the nickel catalyst. Therefore, CH4 can be treated as an unreactive (inert) gas for catalysts 2, 3 and 4, 

which means that CH4 fed to the reactor is neither produced (or only small amounts) nor converted. 

This is a very important insight, as CH4 and higher gaseous hydrocarbons are usually recycled to the 

rWGS reactor from downstream processes like the Fischer Tropsch tail gas stream [3,6,9]. In the case 

of using these novel perovskite catalysts, the process design needs to be adjusted to avoid CH4 in the 

feed stream to the rWGS reactor, for example by implementing a reformer in the recycle.  

Further to the presented results, subsequent experiments will be designed to determine the kinetics 

of the rWGS reaction with the tested catalysts, compare them with existing literature, and simulate 

the corresponding plug flow reactor in ASPEN Plus. Moreover, further research will be dedicated to 

the production of perovskite catalysts, including surface enhancement and improved catalytic activity 

to obtain thermodynamic equilibrium also with higher GHSV. On the process operation side, the next 

step will involve adapting the existing experimental setup to target pressures up to 15 bara to obtain 

additional experimental results for both catalyst types at elevated pressures. Higher pressures are of 

particular interest, since industrial plants will be operated most likely with pressures around 15 – 

20 bara. Furthermore, higher pressures promote undesired side reactions. In addition, catalyst 

performance tests should be conducted over an extended period of time to analyze the thermal and 

performance stability of the catalyst material. These investigations will also have a higher impact on 

understanding catalyst behavior and provide extensive experience for the industrial application of 

the rWGS reaction. 

  

162



6. Highlights (max. 85 characters incl. spaces) 

 Comparison of nickel, perovskite and Al2O3 catalysts for rWGS reaction 

 Quartz-glass reactor setup for temperatures up to 950 °C and pressures up to 8 bara 

 Impact of operating conditions on CO and CH4 formation for four catalysts 

 Identification of optimum operation conditions to minimize CH4 and maximize CO in product 

gas 
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10. Abbreviations 

ND-IR   Nondispersive infrared sensor  
FT  Fischer-Tropsch  
FTS  Fischer-Tropsch synthesis   

GHSV  Gas hourly space velocity [h-1]   

IPCC   International Panel on Climate Change   

PtL  Power-to-liquid   

rWGS  reverse water-gas shift  
S(CO)  Selectivity of CO [-]  
S(CH4) Selectivity of CH4 [-] 
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Supplementary Material 

The rWGS reaction and the resulting product gas composition are discussed in detail in the 

manuscript. This supplementary material should expand the manuscript with additional information 

regarding the carbon and mass balance of the reaction and the material analysis of the perovskite-

based catalysts. In the first chapter, the calculation steps for the calculation of the carbon and mass 

balance are carried out, whereas the analysis of the materials is described in the second chapter. 

 

1. Calculation of the carbon and mass balance of the reaction for each catalyst 

In the results and discussion section of the manuscript (chapter 4), the product composition is 

described for all catalyst materials in detail and the impact of operation conditions (temperature, 

pressure and GHSV) on the product gas composition are discussed. Nevertheless, it is crucial to 

calculate the atom balance for carbon, hydrogen and oxygen, as well as the mass balance in order to 

investigate whether the analysis is correct and if carbon is formed during the process. Carbon 

formation has a strong influence on catalyst deactivation and must be largely prevented. 

In this study, the product gas is analyzed with an online gas analyzer (ABB AO2020, ABB AG). The 

device analyzes the components CO2, CO and CH4 via ND-IR, whereas H2 is determined with a thermal 

conductivity analyzer. The data of the gas analyzer only provides the volumetric ratio of the output 

gases (xେ୓ଶ,ୢ୰୷, xେ୓,ୢ୰୷, xେୌସ,ୢ୰୷, xୌଶ,ୢ୰୷), without any quantification of these products. The 

accuracy of the gas analysis is limited to max. +/-1 vol.-% for all gases. The mass flow controllers 

(Bronkhorst) guarantee an accuracy of max. +/- 0.5 % for the feed gases H2 and CO2, which leads to a 

possible deviation of 0.225 NL/min. The thermodynamic equilibrium is investigated (Figure 1, 

detailed description is in chapter 2.1 in the manuscript) for an input gas composition of H2:CO2 equal 

to 3:1. 
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Figure 1: Thermodynamic equilibrium of a feed gas stream (H2:CO2=3:1) for a temperature range of 300-1100 °C and 
pressures of 1, 10 and 30 bara 

The evaluation of the thermodynamic equilibrium supports the assumption to consider only the 

occurring species CO2, CO, CH4, H2 and H2O. The formation of higher hydrocarbons (e.g., ethane, 

propane or ethylene) and carbon is not observed in the thermodynamic simulation. Nevertheless, 

the mass and atom balances (carbon, oxygen, hydrogen) should confirm this assumption. 

In the experiments, the amount of the produced water cannot be determined. A mathematical 

approach is intended to remedy this problem. The first approach is to calculate the mole flow of the 

feed gas (nሶ in in mol/min) with the total inlet mass flow stream (mሶ in in kg min-1) divided by the 

product of the volume fraction of the inlet gas compound i (x୧,୧୬ in vol.-%) and the molar mass of the 

compound i (M୧ in g mol-1). The volume flow (Vሶ ୧୬ in NL min-1) of the feed gas is calculated with the 

mole flow (assuming ideal gas behavior). 

nሶ inൌ
mሶ in

∑ xi,in*Mii
          Equation 1 

Vሶ ୧୬ ൌ nሶ in* 22.414
NL

mol
         Equation 2 

The wet product gas composition is calculated with the known dry gas composition and the use of 

the mass and atom balance in the reactor. The calculation is performed in “Matlab 2020b” by 

applying the “fmincon” function to minimize the deviation of the balances and to obtain the amount 

of produced water in the product gas. Therefore, the content of water is initially set to 0.1 and the 

following equations are defined for the wet outlet composition:  

xେ୓ଶ,୭୳୲ ൌ xେ୓ଶ,ୢ୰୷ ∗ ሺ1 െ xୌଶ୓,୭୳୲ሻ        Equation 3 

xେୌସ,୭୳୲ ൌ xେୌସ,ୢ୰୷ ∗ ሺ1 െ xୌଶ୓,୭୳୲ሻ       Equation 4 

xେ୓,୭୳୲ ൌ xେ୓,ୢ୰୷ ∗ ሺ1 െ xୌଶ୓,୭୳୲ሻ        Equation 5 

xୌଶ,୭୳୲ ൌ xୌଶ,ୢ୰୷ ∗ ሺ1 െ xୌଶ୓,୭୳୲ሻ        Equation 6 
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With this approach, the mole outlet flow of the wet gas can be determined (coking is not 

considered): 

nሶ outൌnሶ ୧୬ ∗
୶ిోమ,౟౤∗୑ిోమା୶ౄమ,౟౤∗୑ౄమ

୶ిోమ,౥౫౪∗୑ిోమା୶ిౄర,౥౫౪∗୑ిౄరା୶ిో,౥౫౪∗୑ిోା୶ౄమ,౥౫౪∗୑ౄమା୶ౄమో,౥౫౪∗୑ౄమో
  Equation 7 

The atom balances of carbon (CBil), hydrogen (HBil) and oxygen (OBil) are calculated according to the 

following equations: 

CBil ൌ nሶ ୧୬ ∗ xେ୓ଶ,୧୬ െ nሶ ୭୳୲ ∗ ሺxେ୓,୭୳୲ ൅ xେ୓ଶ,୭୳୲ ൅ xେୌସ,୭୳୲ሻ     Equation 8 

HBil ൌ nሶ ୧୬ ∗ 2 ∗ xୌଶ,୧୬ െ nሶ ୭୳୲ ∗ ൫2 ∗ xୌଶ,୭୳୲ ൅ 4 ∗ xେୌସ,୭୳୲ ൅ 2 ∗ xୌଶ୓,୭୳୲൯  Equation 9 

OBil ൌ nሶ ୧୬ ∗ 2 ∗ xେ୓ଶ,୧୬ െ nሶ ୭୳୲ ∗ ሺxେ୓,୭୳୲ ൅ 2 ∗ xେ୓ଶ,୭୳୲ ൅ xୌଶ୓,୭୳୲ሻ    Equation 10 

According to the previous defined variables, the mass balance is verified by Equation 11: 

MBil ൌ nሶ ୧୬ ∗ ሺxେ୓ଶ,୧୬ ∗ Mେ୓ଶ ൅ xୌଶ,୧୬ ∗ Mୌଶሻ െ nሶ ୭୳୲ ∗ ሺxେ୓,୭୳୲ ∗ Mେ୓ ൅ xେ୓ଶ,୭୳୲ ∗ Mେ୓ଶ ൅
xେୌସ,୭୳୲ ∗ Mେୌସ ൅ xୌଶ,୭୳୲ ∗ Mୌଶ ൅ xୌଶ୓,୭୳୲ ∗ Mୌଶ୓ሻ     Equation 11 

The variable “obj” in Equation 12 represents the deviation in the balances. The value is minimized by 

the function “fmincon” and the suitable content of water is determined to achieve a representative 

mass and atom balance. Since all carbon-relevant species are measured in the input stream (mሶ େ୓ଶ,୧୬) 

and the concentrations in the outlet stream (xCO,out, xCO2,out, xCH4,out), the deviation of the carbon and 

oxygen balance is weighted higher (optimized factor ‘a’ equal 15) in the minimization process.  

objൌHBil2൅2*a*CBil2൅a*OBil2൅MBil2       Equation 12 

According to this analysis, the CO2 conversion (Equation 13), the CO selectivity (Equation 14) and the 

CO yield (Equation 15) are calculated and depicted in the evaluation diagrams. 

COଶ conversion ൌ
୬ሶ ౟౤∗୶ిోమ,౟౤ି୬ሶ ౥౫౪∗୶ిోమ,౥౫౪

୬ሶ ౟౤∗୶ిోమ,౟౤
      Equation 13 

CO selectivity ൌ
୬ሶ ౥౫౪∗୶ిో,౥౫౪ି୬ሶ ౟౤∗୶ిో,౟౤

୬ሶ ౟౤∗୶ిోమ,౟౤ି୬ሶ ౥౫౪∗୶ిోమ,౥౫౪
       Equation 14 

CO yield ൌ
୬ሶ ౥౫౪∗୶ిో,౥౫౪ି୬ሶ ౟౤∗୶ిో,౟౤

୬ሶ ౟౤∗୶ిోమ,౟౤
        Equation 15 

The relative deviation of the carbon balance can give an evidence of carbon formation in the reaction 

zone and is calculated as: 

Relative deviation of C balance in % ൌ ൬1 െ
୬ሶ ౥౫౪∗ሺ୶ిో,౥౫౪ା୶ిోమ,౥౫౪ା୶ిౄర,౥౫౪ሻ

୬ሶ ౟౤∗୶ిోమ,౟౤
൰ ∗ 100 Equation 16 

Relative deviation of O balance in % ൌ ൬1 െ
୬ሶ ౥౫౪∗൫୶ిో,౥౫౪ାଶ∗୶ిోమ,౥౫౪ା୶ౄమో,౥౫౪൯

୬ሶ ౟౤∗ଶ∗୶ిోమ,౟౤
൰ ∗ 100 Equation 17 

Relative deviation of H balance in % ൌ ൬1 െ
୬ሶ ౥౫౪∗൫ଶ∗୶ౄమ,౥౫౪ାଶ∗୶ౄమో,౥౫౪ାସ∗୶ిౄర,౥౫౪൯

୬ሶ ౟౤∗ଶ∗୶ౄమ,౟౤
൰ ∗ 100Equation 18 

The accuracy of the gas analysis is also taken into account, whereas the error is calculated for each 

operating point. 
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1.1. Results of catalyst 1 – Nickel-based catalyst 

The calculated composition of the wet product gas is depicted in Figure 2 for the nickel catalyst at 1, 

3, 6 and 8 bara in a temperature range of 550 to 950 °C (GHSV 8,000 h-1). The input composition of 

the gas mixture is set to a H2:CO2 ratio of 3:1 for each catalyst. The ratio was checked with the gas 

analysis before each experiment and the H2:CO2 ratio was reported in the range between 2.8 and 3.1. 

The selectivity of CO reaches 100 % at 1 bara and temperatures higher than 750 °C. This trend 

changes for higher pressures, whereas increasing temperatures are required to achieve 100 % CO 

selectivity. Higher pressures favor the methane formation and this is reflected in lower CO 

selectivities. Low CO selectivity also affects the CO yield, which approaches the CO2 conversion only 

at high temperatures (> 750°C at 1 bara, > 850 °C at 3 bara, 950 °C at 6 bara). 

 
Figure 2: Calculated product gas composition (with error bars), CO2 conversion, CO selectivity and CO yield at 1, 
3, 6 and 8 bara in a temperature range of 550 to 950 °C for catalyst 1 

 

1.2. Results of catalyst 2 – Perovskite 80/20 material 

Figure 3 depicts the calculated composition of the wet product gas for the perovskite 80/20 catalyst 

at 1, 3, 6 and 8 bara in a temperature range of 550 to 850 °C (GHSV 8,000 h-1). The figures show high 

CO selectivities of approximately 100 % at 1 and 3 bara and the entire temperature range. The CO 

selectivity slightly decreases with pressures higher than 6 bara due to the formation of methane. As a 

conclusion, the diagrams for 1 and 3 bara state that only the rWGS reaction takes place in the reactor 

(xH2O,out = xCO,out, xCH4,out = 0). This assumption changes for higher pressures of 6 and 8 bara, as a 

measurable formation of CH4 is detected. This also explains the higher proportion of water, as the 

CO2 methanation reaction (Equation 3 in the manuscript) produces from a stoichiometric perspective 

more water than the rWGS reaction (Equation 1 in the manuscript) (xH2O,out > xCO,out, xCH4,out > 0). 
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Figure 3: Calculated product gas composition, CO2 conversion, CO selectivity and CO yield at 1, 3, 6 and 8 bara 
in a temperature range of 550 to 850 °C for catalyst 2 

 

1.3. Results of catalyst 3 – Perovskite 50/50 material 

Figure 4 shows the calculated composition (and error bars) of the wet product gas for the perovskite 

50/50 catalyst at 1, 3, 6 and 8 bara in a temperature range of 550 to 850 °C (GHSV 8,000 h-1). The 

figures show similar results as catalyst 2, with a CO selectivity of approximately 100 % at 1 and 3 bara 

and the entire temperature range. The CO selectivity is also slightly decreasing at pressures higher 

than 6 bara, where again methane formation occurs.  

 
Figure 4: Calculated product gas composition, CO2 conversion, CO selectivity and CO yield at 1, 3, 6 and 8 bara 
in a temperature range of 550 to 850 °C for catalyst 3 
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1.4. Results of catalyst 4 – Al2O3 material 

Figure 5 depicts the calculated composition of the wet product gas for Al2O3 at 1, 3, 6 and 8 bara in a 

temperature range of 550 to 950 °C (GHSV 8,000 h-1). No methane formation is observed for all 

operating points. The investigation shows for the operated pressure levels that only the rWGS 

reaction occurs. This result is again shown by the same H2O and CO concentration (xH2O,out = xCO,out, 

xCH4,out = 0). In contrast to the nickel or perovskite catalysts, the CO concentration does not reach 

thermodynamic equilibrium when Al2O3 is involved. 

 
Figure 5: Calculated product gas composition, CO2 conversion, CO selectivity and CO yield at 1, 3, 6 and 8 bara 
in a temperature range of 550 to 950 °C for catalyst 4 

1.5. Calculation of the deviations in the atom balances 

The atom balance is intended to provide proof that the model has been set up correctly and is 

balanced well. It should be mentioned at the outset that balancing is difficult due to the fact that the 

water content in the product gas is not measured and must be calculated based on a number of 

assumptions. The atom balance for carbon is shown in Figure 6, for oxygen in Figure 7 and for 

hydrogen in Figure 8. The optimization of Equation 12 is carried out using Matlab, which minimizes 

the deviations. The species CO2, CH4, CO, H2 and H2O are considered in this study, and these are 

included in the calculation. 

The relative deviation in the carbon balance (Figure 6) is between -0.7 and approx. +1.5 % for all 

catalysts. A similar picture emerges for the relative deviation in the oxygen balance (Figure 7). The 

deviation is for catalyst 1 between -0.8 and +0.9 %, for catalyst 2 between -2.05 and +0.3 %, for 

catalyst 3 between -1.4 and +1.05 % and for catalyst 4 between -2.35 and 0.78 %. In summary, it can 

also be stated that the trend of the carbon and oxygen deviation for catalysts 1, 2 and 3 correlates. 

This effect is due to the fact that CO2 as a feed gas is composed of the two feed atoms C and O. In 

contrast, the trend is different for catalyst 4, where the oxygen deviation does not follow the carbon 

deviation. 

The atom balance of hydrogen shows different relative deviations, which result in maximum values 

between -9 and +12.5 %. This can be attributed to the fact that the gas composition is provided with 

two flow controllers for CO2 and H2, respectively, which are calibrated for an operating flow rate of 
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up to 45 NL/min. In this setup, hydrogen is fed at a rate of approx. 3.5 NL/min for a GHSV value of 

8000 h-1. The accuracy of the mass flow controllers is +/-0.5 % which allows a deviation of +/- 0.225 

NL/min. The observed deviations in the hydrogen balance can therefore be attributed to a slight and 

dynamic change of the H2:CO2 ratio in the feed gas composition.  

 

Figure 6: Carbon balance of all four catalysts in the temperature range of 550-950 °C (catalyst 1 and 4) or 550-850 °C 
(catalyst 2 and 3) and pressure levels of 1, 3, 6 and 8 bara 

 

Figure 7: Oxygen balance of all four catalysts in the temperature range of 550-950 °C (catalyst 1 and 4) or 550-850 °C 
(catalyst 2 and 3) and pressure levels of 1, 3, 6 and 8 bara 
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Figure 8: Hydrogen balance of all four catalysts in the temperature range of 550-950 °C (catalyst 1 and 4) or 550-850 °C 
(catalyst 2 and 3) and pressure levels of 1, 3, 6 and 8 bara 

 

2. Material analysis 

The perovskite based catalysts 2 and 3 have been characterized before and after testing. A 

PANalytical X'Pert Pro diffractometer in Bragg–Brentano geometry (with separated Cu Kα1,2 

radiation) and an X’Celerator linear detector was used to perform X-ray diffraction (XRD) 

measurements. Data analysis and reflex assignment were performed with the HighScore Plus 

software (PANalytical) and the PDF-4+ 2023 database (ICDD - International Centre for Diffraction 

Data). Scanning electron microscopy (SEM) images were recorded with secondary electrons on a 

Quanta 250 FEGSEM (FEI Company) microscope with an Octane Elite X-ray detector (EDAX Inc). An 

acceleration voltage of 5 kV was used for satisfactory surface-sensitivity. 

For both perovskite based catalysts, XRD (figure 9) confirmed the presence of the perovskite phase. It 

is partly retained after the catalytic test runs, however, several new phases appear. In both cases a 

CoFe metallic alloy phase was observed, which can be attributed to the formation of catalytically 

active metal nanoparticles (exsolution process). Additionally, further phases due to segregation and 

beginning decomposition appeared. For catalyst 2, a segregation of Ca took place, leading to the 

formation of carbonate (CaCO3). Catalyst 3 showed stronger decomposition, leading to Nd-oxide and 

–hydroxide phases. In accordance, also the exsolution phase is more intense in comparison to the 

retained perovskite phase than for catalyst 2. In terms of stability during operation, the higher 

amount of Al2O3 binder in catalyst seems to be detrimental. 
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Figure 9: XRD patterns of catalyst 2 and 3 before and after the catalytic testing. For both, exsolution (CoFe alloy) could be 
observed, as well as a segregation/decomposition phase (Ca/Nd-containing phases). 

 

SEM images go in line with observations from XRD. Figures 10 and 11 compare images of the pristine 

catalysts (a,b) with the ones after testing (c-f) for catalysts 2 and 3, respectively. Different parts of 

the used catalysts are shown, which feature different morphological changes related to several 

processes going on during pretreatment and operation. Exsolved particles with sizes of 80-100 nm 

are visible as brighter small dots (Figure 10c+d and Figure 11c). For catalyst 2, formation of CaCO3 

(Figure 10e, larger smooth crystallites) could be seen, in accordance to the XRD results. In addition, 

coking was observed in the form of carbon nanotubes (Figure 10f). For catalyst 3, the stronger 

decomposition as seen with XRD led to a higher degree of surface roughening (Figure 11d). 
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Figure 10: SEM images of catalyst 2 – perovskite 80/20. a, b) Pristine catalyst at different magnifications. c-f) Material after 
the catalytic testing. Exsolved nanoparticles can be observed (bright spots in c and d), but also formation of carbonate 
(larger smooth crystallites in e) and coking (carbon nanotubes in f). 
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Figure 11: SEM images of catalyst 3 – perovskite 50/50. a, b) Pristine catalyst at different magnifications. The Al2O3 (seen in 
a with chunks of perovskite on top) and the perovskite sheets (b) have a distinguished morphology. c, d) Material after the 
catalytic testing. Some exsolved particles (c) and surface roughening (d) can be observed. 
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