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Abstract 

Methanation of CO/CO2 mixtures 
 

Methanation of CO/CO2 can be used to store renewable electric energy in the form of the well-
known transportable gaseous energy carrier methane, which makes it a crucial technology to 
transform our existing fossil-based energy infrastructure. Methanation plants suitable for 
industrial-scale capacity at low complexity are necessary to produce cheap renewable 
synthetic natural gas (SNG) from fossil or biogenic carbon sources. To achieve highly 
optimized methanation reactors for CO/CO2 feed, such as from high temperature Co-
electrolysis (Co-SOEC), the limiting mechanisms of existing reactor systems were identified. 
Several reactors with different dimensions, natural air-cooling or thermal-oil cooling and under 
variation of process conditions including pressure and catalyst load were experimentally 
investigated. A 1D plug-flow reactor model in MATLAB and a 2D CFD reactor model in 
COMSOL Multiphysics were developed and used to verify experimental findings and deepen 
the understanding of the methanation process. Based on a combined modelling and 
experimental approach tuning parameters were derived to overcome process limitations and 
a strategy to design high performance methanation reactors was elaborated. Thermodynamic 
and kinetic limitations along the reactor axis could be identified and significantly reduced by 
optimizing the axial temperature curve based on appropriate reactor dimensions and operation 
parameters. The 1D model works as a reactor optimization and design tool for CO/CO2 
mixtures and other feed gases, such as biogas or CO2. Reactor and process design examples 
for single-stage Co-SOEC syngas methanation, high-capacity methanation at 100.000 h-1 
GHSV (gas hourly space velocity) and energy efficient dual-pressure stage methanation are 
presented. The findings and proposals formulated in this thesis significantly improved the 
process of CO/CO2 methanation with the aim to contribute to a liveable future for upcoming 
generations on our planet. 

  



 

 

Kurzfassung 

Methanisierung von CO/CO2-Mischungen 
 

Durch die Methanisierung von CO/CO2-Mischungen kann erneuerbare elektrische Energie in 
den leicht transportierbaren, gasförmigen Energieträger Methan umgewandelt und 
gespeichert werden. Dadurch ist die Methanisierung eine Schlüsseltechnologie für die 
Transformation unseres fossilen Energiesystems. Effiziente, einfach skalierbare und 
kostengünstige Methanisierungsprozesse sind erforderlich, um konkurrenzfähiges 
synthetisches Erdgas (SNG) aus CO2 aus fossilen oder biogenen Quellen erzeugen zu 
können. Um optimierte Reaktorsysteme für CO/CO2 Mischungen, beispielsweise aus einer 
Hochtemperatur-Co-Elektrolyse (Co-SOEC), auslegen zu können, müssen zunächst die 
limitierenden Mechanismen in bestehenden Reaktoren identifiziert werden. Dazu wurden 
verschiedene Reaktoren mit unterschiedlichen Dimensionen unter Variation von 
Prozessbedingungen Druck und Katalysatorbelastung mit natürlicher Luftkühlung oder mit 
Thermalölkühlung unter realen industrienahen Bedingungen in einer Versuchsanlage 
experimentell untersucht. Ein 1D Pfropfenströmungsmodell in MATLAB und ein 2D CFD-
Modell in COMSOL Multiphysics wurden zur Verifizierung der experimentellen Ergebnisse 
herangezogen, um ein vertieftes Verständnis für den Methanisierungsprozess zu erlangen. 
Aus der Kombination aus verifizierter Modellierung und Experimenten konnten 
prozesslimitierende Einflüsse abgeleitet und eine Strategie zur Reaktorauslegung 
ausgearbeitet werden. Thermodynamische und kinetische Limitierungen entlang der 
Reaktorachse konnten durch die Auswahl der richtigen Reaktor- und Prozessparameter 
identifiziert und signifikant reduziert werden. Das 1D Modell dient als Design- und 
Optimierungstool von Reaktoren für die Methanisierung von CO/CO2-Mischungen, aber auch 
anderen Feedgasen wie Biogas oder reinem CO2. Beispiele für Reaktorauslegung für Co-
SOEC-Synthesegas in einer Reaktorstufe sowie für sehr hohe Reaktorbelastung von 100.000 
h-1 GHSV (gas hourly space velocity) in zwei Reaktorstufen und eine effiziente 
Prozessverschaltung mit zwei Druckstufen wurden in dieser Arbeit dargelegt. Mit den 
Ergebnissen dieser Arbeit wurden wertvolle Vorschläge für die effiziente Methanisierung von 
CO/CO2-Mischung erarbeitet, womit auch ein positiver Beitrag zum Erhalt unserer 
Lebengrundlage auch für zukünftige Generationen geleistet werden konnte. 
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1 Introduction 
1.1 Motivation 
The increasing consumption of fossil energy threatens all living conditions on our planet. Due 
to man-made greenhouse gas emissions the global temperature already rose by 1.2 °C 
between 1850 and 2021, as illustrated in Figure 1. Only 400 gigatons of CO2 can be emitted 
starting from 2020 to prevent global warming to rise beyond 1.5 °C at a 67 % chance. At the 
current rate of emission this CO2 budget will be used before 2030. By 2100 (my kids would 
turn 77 and 79 by then) the IPPC estimates a global warming of 3.2 °C including devastating 
consequences. [1]  

  

Figure 1: Yearly global surface temperature (bars) and atmospheric carbon dioxide (grey line) 
(1850-2022) [2]  

The secretary-general of the United Nations António Guterres summed up the current situation 
of the climate crisis. [3] 

“Half of humanity is in the danger zone, from floods, droughts, extreme storms 
and wildfires. No nation is immune. Yet we continue to feed our fossil fuel 

addiction. […] We have a choice. Collective action or collective suicide. It is in 
our hands.”  

(Secretary-general of the United Nations António Guterres, 18th of July 2022) 
[3] 

The technical solution to this problem is to prevent CO2 emissions. This requires an extremely 
rapid transfer of our energy system from a linear consumption of fossil fuels to renewable 
energy sources and carbon recycling or disposal strategies. While many industrial processes 
can in principle be directly switched to renewable energy input, some CO2 sources from hard-
to-abate industries such as biogas plants, waste incineration plants or cement plants simply 
cannot be substituted. Furthermore, carbonaceous species will remain a valuable feedstock 
for the chemical industry. High-temperature heat for processes such as cement, glass or steel 
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production today rely to a large extent on high-temperature heat from incineration of mostly 
natural gas. Methanation in combination with an electrolyzer unit can be used to convert 
renewable energy into the molecule CH4, which is the main component of natural gas. For 
such a renewable synthetic natural gas (SNG) a complete energy infrastructure already exits, 
including long-term energy storage in natural gas reservoirs and a dense global distribution 
network. As a result, power-to-gas as a combination of electrolysis and methanation will play 
a key role to reduce industrial CO2 emissions and contribute to prevent ecological collapse. 

This work aims to contribute to a power-to-gas technology in particular a combination of high-
temperature Co-electrolysis (Co-Solid oxide electrolyser cell - Co-SOEC) and catalytic 
methanation. The Co-SOEC uses renewable electric energy to produce syngas consisting of 
hydrogen, carbon monoxide and carbon dioxide at high energy efficiency from water and CO2. 
In the second step the Co-SOEC syngas will be transformed in catalytic fixed bed reactors to 
synthetic natural gas (SNG). This SNG product meets all the requirements for direct injection 
into the natural gas grid. The combination of Co-SOEC and methanation enables global 
distribution and long-time storage of renewable electric energy. The focus of this work lies in 
the development of the catalytic methanation reactor system and its interplay with the Co-
SOEC system. This thesis aims to contribute to cost-effective, high-capacity and industrially 
applicable CO/CO2 methanation plants. 

1.2 Problem formulation 
Capital expenditure and renewable electric energy consumption are the two main cost-driving 
factors of SNG production made from a combined Co-SOEC and methanation plant. [4] In 
order to achieve competitive SNG prices low plant complexity, high energy efficiency at 
excellent plant performance and process stability are essential.  

The methanation reactor needs to be designed as simple and cost-effective as possible to 
reduce the total capital expenditure. At the same time all performance requirements in terms 
of product quality and process stability have to be met. The specific SNG costs of industrial 
scale methanation systems are directly linked to the reactor size and therefore to the volume 
specific capacity of a methanation reactor.  

Furthermore, the energy efficiency of combined Co-SOEC and methanation power-to-gas 
plants needs to be optimized. This can be achieved by coherent interplay of all plant 
components. The excess heat of the methanation reaction can be used to preheat the Co-
SOEC feed. A suitable actively cooled methanation reactor is required to enable internal heat 
recycling. This cooling system is also necessary to control the maximum catalyst bed 
temperature and the process performance. If available, external thermal energy sources can 
be used to reduce the primary electric energy demand in the high-temperature Co-SOEC. The 
pressure loss in high-capacity reactors may also play a crucial role for the overall plant 
efficiency. In addition, reactors with low or moderate operation pressure perfectly match with 
electrolyzers operating at low pressures and thus significantly reduce the gas compression 
effort. To find an optimum reactor design with highest overall efficiencies all influences of 
operation and design parameters not only on the methanation reaction behaviour but also on 
the down- and upstream process units have to be considered.  
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To achieve a cost effective green SNG product, the limiting factors and essential mechanisms 
of the catalytic reaction need to be fully understood and depicted. Subsequently, it is essential 
to derive the optimum design and process parameters for a high-capacity CO/CO2 methanation 
reactor, while also incorporating an efficient cooling method. 

1.3 State of the art 
The catalytic methanation of syngas to form SNG has been investigated since its discovery by 
Sabatier and Senderens in 1902. [5] In the 1970s efforts for methanation of syngas from coal 
gasification for SNG production intensified as a consequence of the oil crisis. The first 
commercial syngas methanation plant, the Great Plains Synfuels Plant, was completed in 1984 
in North Dakota with a daily output of 4.8 Mio m³ SNG. [6] Since then, several industrial and 
pilot scale applications were developed and realized for methanation of syngas from coal and 
biomass gasification, of which only some reached the commercial stage. All industrial scale 
plants are based on at least one or several adiabatic reactors using gas recycling or excess 
steam addition for temperature moderation. Adiabatic reactors were used for the “Lurgi 
process”, the “TREMP process” established by the company Haldor Topsøe, the 
“Conoco/BGC process”, the “RMP process” and the “ICI/Koppers”. The HICOM process does 
not characterize its process as adiabatic but uses steam injection and gas recycling for 
temperature control. The “Vesta” process from Clariant and Foster Wheeler uses three fixed 
bed reactors with steam injection for temperature control. [6] A combination of isothermal and 
adiabatic reactors was considered for methanation in a process by the company Linde, which 
was not brought into commercial application for methanation, but for methanol synthesis. [6,7] 
According to Rönsch [7] several commercial CO methanation applications based on TREMP, 
HICOM and Lurgi were realized mainly in China for coal gasification. Syngas methanation 
based on adiabatic reactor systems can be considered TRL 9. [6] However, several drawbacks 
result from adiabatic reactors, steam injection and gas recycling. Adiabatic reactors are 
generally limited in capacity and can easily suffer from temperature hotspots, especially for 
CO/CO2 methanation. [8] Product gas recycling requires additional recycling equipment such 
as recycle compressors and prior steam removal. Excess steam can lead to catalyst 
degradation for certain catalysts [9–11]. Foremost, both temperature control strategies lead to 
more necessary catalyst volume and additional cost driving process equipment. [12]  

Methanation of syngas from biomass or waste gasification in pilot scale was conducted in 
honeycomb reactors in the DemoSNG project [13] and via fluidized bed methanation in 
Güssing, Austria [14] and in the project GAYA [15]. Fluidized bed reactors profit from high heat 
transfer rates, but lack high capacity due to limiting kinetics in the almost isothermal system 
and require higher operational effort. [7] Honeycomb reactors allow for less pressure drop over 
the reactor length. [7] Although heat transfer within the monolithic structure is higher compared 
to a fixed bed of bulk catalyst, the gap between reactor wall and the honeycomb structure 
significantly reduces overall radial heat transport of honeycomb reactors. [16,17] As a result, 
low-complexity fixed bed reactor process concepts with direct bed temperature control, which 
is essential for cost-effective operation of the highly reactive process, are neither in pilot nor in 
commercial scale available.  
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Methanation of CO2, biogas and syngas was intensively addressed in research papers in the 
last decades to establish new process and reactor strategies especially for CO2 [18–25] and 
biogas [26]. Besides fixed bed reactors [19–21,23,24,27], also trickle-bed reactors [26], 
fluidized bed reactors [28–30], heat pipe reactors [31–33], heat exchanger reactors [18,22] or 
micro reactors [25,34] were investigated based on experiments and models. Furthermore, the 
development of new catalysts in terms of active material and support [35,36] has been 
intensively studied. 

The methanation of CO-containing feed gas, such as Co-SOEC syngas, is especially 
challenging because of higher reaction enthalpy and extremely high reaction rates. In the field 
of CO methanation, CO/CO2 methanation or syngas methanation a lot of research on catalyst 
development [37–39] and reaction mechanism [40,41] is available. Meyer experimentally 
investigated the transient behaviour of CO/CO2 methanation with a 4.5 mm diameter reactor 
and <200 µm catalyst particles. [42] Gómez used a 6.8 mm sorption-enhanced reactor for 
CO/CO2 methanation on Ru catalyst. [43] No literature could be found addressing industrially 
applicable fixed bed reactors with active cooling for CO/CO2 methanation on commercially 
available Ni/Al2O3 catalyst. The TRL for Co-SOEC syngas methanation could be increased to 
5-6 within the research project HydroMetha. [44] The project HydroMetha funded by the 
Austrian “Klima- und Energiefonds” and the AVL List GmbH (grant no. 864578) was a main 
funding source for this work. 

1.4 Research gap 
The main technical challenges of the methanation process have been accurately summarized 
by Neubert [45] as the “trilemma of methanation” as shown in Figure 2. This analysis is 
especially true for Co-SOEC syngas methanation, as high reaction rates are most decisive for 
CO methanation design. 

 

Figure 2: Trilemma of decentralized methanation by Neubert [45] 

The methanation process is characterized by contrary dependencies in terms of temperature. 
Lower temperature at the reactor outlet is necessary to achieve high product concentrations 
due to the thermodynamic nature of the reactions. In contrast, higher temperatures within the 



Chapter 1 - Introduction 7 

   

catalyst bed favour high reaction rates according to Arrhenius law, which leads to less 
necessary reaction volume and therefore higher reactor capacities. Those two important 
factors lead to a third, the complexity of the methanation system. The methanation system 
should be designed in a way to achieve all performance goals at lowest possible complexity. 
Sophisticated cooling methods such as product gas recycling or costly gas cleaning steps lead 
to more plant complexity, less energy efficiency and are contradictory to a cost-effective 
system.  

As a result, the research gap on the way to effective fixed bed CO/CO2 methanation systems 
lies in the design of a simple reactor, the understanding of its current system limitations, and 
strategies to overcome these. The dependencies of all operational and design parameters 
need to be derived in detail, which is necessary to achieve high capacity, avoid problematic 
hot-spots and reach sufficient educt conversion. Furthermore, an adequate cooling method is 
not only essential for the reactor operation but can also contribute to the overall plant efficiency 
by heat recycling, e.g. to the Co-SOEC system. Balanced thermo-management of the catalytic 
fixed bed is necessary to steer the reactor temperature between all given boundary conditions, 
including kinetics, thermodynamics and catalyst degradation. The methanation of CO/CO2 
should facilitate sufficient conversion rates for the SNG product to be directly injected into the 
natural gas grid. Austrian natural gas grid requires full conversion of CO and <2.5 vol.-% of 
CO2 left in the product gas [46]. A reactor design capable of producing injection quality would 
save additional gas upgrading steps, and has not been resolved prior to this work for the 
methanation of Co-SOEC syngas. 

1.5 Research questions 
Based on the presented status quo and research gap the research questions were formulated. 
These questions refer to methanation in catalytic fixed beds in general, but with a main focus 
of Co-SOEC syngas as a feed gas. The answers to these questions are aimed to be derived 
from the research results compiled in chapter 3. 

1. What are the limiting factors of fixed bed methanation of CO/CO2 feed gas and what 
are the relevant design and operation parameters to reduce these limiting effects?  

2. Is CO/CO2 methanation limited by thermodynamics or kinetics and what is the influence 
of reactor cooling? 

3. What is the dependency of heat and mass transfer from operational and design 
parameters and what is the sensitivity to enhance methanation performance? 

4. What reactor and process design strategies can be derived to overcome limiting effects 
and achieve maximum methanation performance? 

5. What are potential efficiency enhancements of a combined Co-SOEC and methanation 
plant? 

1.6 Methodology 
The investigation of Co-SOEC syngas methanation was conducted by experiments with a 
laboratory test plant combined with 1D and 2D reactor models. Each of these two methodical 
approaches have drawbacks and advantages, but combined they complement one another.  
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Experiments in a real test setup allow to measure hard and reliable data and understand the 
systems behaviour under realistic conditions. The drawbacks of experimental investigation 
encompass not only measurement errors and the potential influence of the measurement 
procedure on the process, but also the limitation in the quantity of punctual measurements. 
Temperature data collection within the reactor is limited to the number of inserted 
thermocouples. The more thermocouples, the more space is occupied by thermocouple wire 
affecting the fixed bed. Gas concentration and pressure measurement is restricted to one value 
at the input and output of the reactor. 

These drawbacks can be balanced with proper reactor modelling. In a digital twin created to 
represent the real reactor, any corner of the fixed bed is covered and almost any necessary 
physical property can be derived from mathematical relations. However, a model is based on 
simplifications, since no mathematical equation is able to fully represent the complexity of 
reality, nor would there be enough computation power available if it was. Therefore, the 
simplified model must be verified by hard data from experiments to ensure its accuracy. In 
conclusion, by combination of the two methodical approaches, experiment and model, a 
complete and realistic picture of the investigated methanation process could be drawn.  

The existing lab-scale methanation test plant was modified several times along the research 
progress, to improve its performance and process condition measurement quality. The 2D CFD 
and the 1D plug-flow reactor models were established in the course of this work. The lab-scale 
test plant was numerous times adapted and improved in cooperation with my PhD-colleges. 
Test plant and models are described in detail in the research papers presented in chapter 3 
and referenced work.  

1.7 Framework of the thesis 
The cumulative dissertation includes three accepted peer-reviewed scientific articles as first 
author and one published book chapter. The book chapter is included in the fundamentals 
section. The three extensive papers form the research section of this thesis. In Table 1 an 
overview of the structure of the thesis is presented. 
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Table 1: Structure of the thesis including all publications 

Introduction 

 Motivation 
 Problem formulation 
 State of the art 
 Research gap 
 Research questions 
 Methodology 
 Framework 

Written chapter 

Fundamentals 

Fundamentals of Co-SOEC 
syngas methanation Book chapter 

Fundamentals of fixed bed 
reactor modelling Written chapter 

Research activity 

Methanation reactor 
development 

Paper I 

Paper II 

PtG process development Paper III 

Conclusive part 
Summary and discussion Written chapter 

Conclusion and outlook Written chapter 

 

1.7.1 Book chapter – Co-SOEC and methanation 
A book chapter containing the fundamentals of methanation of Co-SOEC syngas was 
published in the book “High Temperature Electrolysis – From fundamentals to applications” 
edited by Sitte and Merkle [47]. This book chapter outlines the basic theory of the investigated 
methanation reactions including thermodynamics, kinetics, catalysts, reactor types, carbon 
deposition, energy efficiency and socio economic impact. 

1.7.2 Paper I – 2D heterogeneous model of a polytropic methanation reactor 
In the first presented paper the results of the combined experimental and modelling 
investigation of a 80 mm fixed bed methanation reactor are presented. Thorough experiments 
were the basis to understand the reactors behaviour under different operation conditions 
regarding pressure and volume flow. In addition, a 2D CFD model was established in COMSOL 
Multiphysics and validated with the experimental results. The model allowed deriving process 
limitations and proposing improvements in terms of reactor dimensioning and cooling. These 
results were the basis for paper II. 

1.7.3 Paper II – High-capacity CO/CO2 methanation reactor design strategy 
based on 1D PFR modelling and experimental investigation 

The second paper builds on the results and proposals of the first paper. A new reactor design 
with and without active cooling with thermal oil was assessed. Again, extensive experiments 
were conducted accompanied by appropriate modelling effort. A 1D PFR approach was 
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developed, working accurately, a lot faster and more flexible than the 2D COMSOL model. 
With the new reactor many of the identified limitations could be overcome or reduced leading 
to much better reactor performance. The model revealed very good accuracy. Based on these 
results a reactor design strategy for high-capacity methanation of Co-SOEC syngas was 
proposed. 

1.7.4 Paper III – Dual Pressure Level Methanation of Co-SOEC Syngas 
The third paper addresses the overall Co-SOEC and methanation process and suggests an 
operation strategy to improve the total plant efficiency. Based on experiments and mass- and 
energy balance calculations a dual-step methanation was proposed, leading to a significant 
reduction in necessary compression power compared to the base case process variant. 
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2 Fundamentals 
2.1 Book chapter - Co-SOEC and methanation 
The book chapter in "High-Temperature Electrolysis – From Fundamentals to Applications" 
[47] provides a comprehensive summary of the current knowledge on Co-SOEC syngas 
methanation, similar in depth and scope to an extensive review paper. The combination of Co-
SOEC and methanation enables to transform CO2 in SNG at high efficiencies by reuse 
exothermic waste heat from the methanation process to reduce the primary energy demand of 
the electrolysis. The book chapter highlights the core principles of syngas methanation 
including reactor concepts, methanation catalysts and fundamentals of kinetics. In addition, 
the thermodynamic limitations regarding carbon deposition and equilibrium composition as a 
function of pressure and temperature for typical Co-SOEC syngas feed gas are addressed. 
Based on the discussed fundamentals, the necessary requirements for the successful 
application of Co-SOEC syngas methanation are examined. Finally, the possible energy 
efficiency and the socioeconomic impact of this valuable PtG approach are presented. 
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Chapter 15

Co-solid oxide electrolysis and methanation

Andreas Krammer and Markus Lehner

A reduction in industrial CO2 emissions can be achieved by recycling it back into the
energy system using renewable energy sources. Using a combined co-solid oxide
electrolysis cell (SOEC) and methanation power-to-gas (PtG) plant, it is possible to
transform CO2 into a valuable substitute natural gas for long-term energy storage.
This chapter presents the requirements for the successful methanation of co-SOEC
syngas at the catalyst, reactor, and plant levels. Reaction kinetics and thermody-
namics define the baseline for well-balanced reaction conditions. The catalytically
active materials, carrier materials, and catalyst forms used for chemical methanation
need to be considered to maximize performance. Several reactor designs for co-
SOEC syngas methanation are available, which differ in their combinations of
phases, cooling characteristics, and complexity. Heat integration strategies and
reactor arrangements substantially influence the methanation performance and the
overall system efficiency. The economic viability of this combined co-SOEC and
methanation system depends on an optimally tuned design at all system levels.

15.1 Power-to-Gas as an option for chemical storage of

renewable energy

The decarbonization of our existing energy systems will be based on an enormous
increase in sustainable but also fluctuating power sources, such as wind and solar
energy. PtG is an efficient strategy for transforming surplus electric energy into
valuable gaseous energy carriers suitable for long-term storage [1–3]. The key
element of a PtG plant is the electrolysis unit. The electrolyzer uses electric energy to
reduce water to hydrogen. As an option, when co-electrolysis is used, carbon dioxide
can also be fed together with water to produce a syngas product. Either way, a
subsequent methanation reactor can transform both hydrogen and carbon oxides
(CO, CO2) into methane. Figure 15.1 shows a schematic process diagram of a PtG
system consisting of co-electrolysis and methanation.
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A PtG unit allows electric energy to be stored in the form of highly calorific gases
(at the terawatt-hour scale) for an almost unlimited time period in former natural
gas reservoirs, for example. Hydrogen, as well as methane, can be transformed back
to electric energy when needed, used directly in industrial processes, or used for
heating or transport. While the production of methane requires an additional
production step that leads to higher transformation losses, it benefits from important
technical advantages. Existing infrastructure for the storage, distribution, and
utilization of methane is already available in the form of the existing natural gas
grid. Furthermore, CO2 from industrial sources can be reused by methanation, thus
recycling carbon back to the energy system. While some industrial CO2 sources will
certainly be replaced, e.g. by direct electrification, certain processes cannot be fully
decarbonized. The carbonates in mineral raw materials, such as the limestone used
for cement production, some sorts of iron ore used for steel production, or those
used in the course of refractory material production, release CO2-based materials
due to calcination. Furthermore, waste incineration and biogas production are, if
not indispensable, very valuable technologies which cause CO2 emissions. Therefore,
it is necessary to establish solutions that can handle unavoidable CO2 emissions
efficiently. CO2 can be captured post-combustion (e.g. by amine scrubbing), trans-
formed into CH4, e.g. by a combined electrolysis and methanation system, and then
injected into the natural gas grid as a substitute for primary natural gas. As a result,
methanation will play a substantial role in the energy transformation from fossil
fuels to renewables. Several different methanation process designs are possible in
terms of reactor type, catalyst form, and thermal management. However, the focus
of this chapter is the field of catalytic methanation, whereas biological methanation
in stirred tank reactors plays a minor role in direct combination with high-temper-
ature co-electrolysis.

Figure 15.1. Schematic illustration of a PtG system that includes co-electrolysis and methanation.
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15.2 The fundamentals of catalytic methanation

The methanation process is based on the Sabatier reactions first discovered by
Sabatier and Senderens in 1902 [4]. These two Sabatier reactions, the CO2

methanation reaction (equation (15.1)) and the CO methanation reaction (equation
(15.2)), are always accompanied by a third, the reverse water gas shift reaction
(equation (15.3)). The reverse water gas shift reaction links the two methanation
reactions by linear combination.

HCO methanation: CO 4H CH 2H O 176.4
kJ

mol
(15.1)R

K
2 2 2 4 2

553+ ⇌ + Δ = −

HCO methanation: CO 3H CH H O 215.9
kJ

mol
(15.2)R

K
2 4 2

553+ ⇌ + Δ = −

HReverse water gas shift: CO H CO H O 39.5
kJ

mol
(15.3)R

K
2 2 2

553+ ⇌ + Δ =

The Boudouard reaction is an adverse side reaction that, among other side
reactions, leads to carbon deposition [5]. It is favored at low pressures and low
H2/CO or H2/CO2 ratios in the methanation feed, which are addressed in greater
detail in section 15.3.

HBoudouard reaction: CO C 2CO 173.8
kJ

mol
(15.4)R

K
2

553+ ⇌ Δ =

The methanation process can be performed in several reactor types that differ in
their operational methods and reactor cooling. Reactor performances can be
compared using the resulting gas product quality, the conversion rate of carbon
oxides, and temperature conditions. For comparability between reactor systems, the
gas hourly space velocity (GHSV) must be considered, which represents the catalytic
load and is always expressed under standard conditions as shown in equation (15.5).

V

V

T

T

p

p
GHSV (15.5)STP

in

catalyst

in

STP

STP

in

=
̇

15.2.1 Methanation reactors

In the most prevalent and mature packed-bed reactors, the catalyst is mostly applied
in the form of a spherical or cylindrical bulk material that fills a tubular system. For
adiabatic packed-bed reactors without direct cooling, intermediate cooling of the
process gas can be used between several serial reactors. Further temperature control
strategies for adiabatic reactor systems are product gas recycling, staged feed injection,
or steam injection, which have the disadvantages of higher operational costs and lower
CO2/CO conversion. However, adiabatic systems are easily exposed to hot spots,
lower space-time yields, and generally lower CO/CO2 conversions. Due to highly
active catalysts, the limiting factor of packed-bed methanation is heat removal from
the catalyst bed (and to a lesser extent reaction kinetics), especially for high GHSV
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and CO-containing feed gases, such as co-SOEC syngas. Therefore, direct temper-
ature control of packed-bed reactors is essential [2, 6]. Packed-bed systems with direct
cooling can be realized in the form of tube-bundle reactors. Low-diameter reactor
pipes are important in order to reduce the high radial heat gradients within the catalyst
bed [7] and enhance radial heat transfer [6]. As an alternative to bulk catalysts,
catalytically active materials can also be applied on ceramic or metallic honeycombs.
These structured monolithic catalysts promise even higher radial heat transfer (by two
or three orders of magnitude) and less pressure loss [2]. Microstructured reactor
systems aim to achieve highly intensified heat transfer for improved temperature
control. Although the maturity level of this reactor design is lower, plate reactors for
intensified heat transfer are already commercially available for small-scale applica-
tions [8]. Furthermore, fluidized catalytic beds have been developed for enhanced heat
and mass transfer. However, those reactors place a high demand on the attrition
resistance of the catalyst. An additional reactor type is the three-phase bubble column
reactor, which benefits from enhanced heat transfer but also results in additional mass
transfer resistance between the reactants and the catalyst due to the required transfer
from the gas to the liquid phase [9].

Trickle-bed or continuously stirred tank reactors are used for biological metha-
nation, which makes use of microorganisms to catalyze the methanation reaction
within the liquid phase. Biological methanation is conducted at moderate temper-
atures (30 °C–70 °C) and benefits from high resistance to catalyst poisons (such as
sulfur components) compared to catalytic methanation. Figure 15.2 gives an
overview of reactor and plant types, including technical readiness levels.

Figure 15.2. Overview of methanation reactor types including technology readiness levels (TRLs) based on
[2, 10, 11].
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15.2.2 Methanation catalysts

Active materials for catalytic methanation can be found in the VIII to X groups of
metals. Although several metals have been investigated in terms of activity (Ru >Fe
>Ni >Co >Rh >Pd >Pt >Ir), nickel remains the most important active material for
methanation due to its high activity and high selectivity at low material cost [2, 12].
Mills and Steffgen [13] published a list of most relevant methanation catalysts:

Activity: Ru >Fe> Ni >Co >Mo
Selectivity: Ni >Co >Fe >Ru.
The most active catalyst material is ruthenium, but as a result of its immense

costs, its use is infeasible for commercial applications. Although iron is also very
active, its tendency to form higher hydrocarbons is highly adverse. Since cobalt is
more expensive, less active, and less selective towards methane, it also fails to
compete with nickel. Molybdenum has the highest reported sulfur stability in
comparison to all the substances mentioned above. On the other hand, molybdenum
is less active and less selective than nickel. As a result, nickel remains by far the most
important catalyst for industrial methanation applications, providing great perform-
ance at low cost. Most commonly, the active substance is applied to metal oxide
supports that usually consist of Al2O3, SiO2, or TiO2. As the main goal of the
catalyst support material is to provide a high surface area for the application of
active sites, the support material significantly influences the catalytic activity.
Certain catalyst properties can be tuned by substances that provide enhancements.
Ni/Al2O3 catalysts can be enhanced by MgO, which improves their carbon
resistance [14] and thermal stability [15], whereas La2O3 enhances catalytic activity
[16], and CeO2 leads to higher reducibility and long-term stability [17]. The thermal
stability, activity, and coke resistance of nickel catalysts can be improved by V2O3

[2, 18].
Industrial off-gases that serve as CO2 sources for PtG plants often contain

catalyst poisons such as sulfur compounds, heavy metals, tars, dust, chlorine
compounds, ammonia, or alkalis. While dust or tar can deactivate the catalyst by
mechanically blocking its active sites, other compounds such as sulfur can react with
nickel to form irreversible inactivating bonds. In addition, high temperatures
(especially in adiabatic reactors) can lead to thermal degradation by causing
sintering effects. Furthermore, the carbon deposition caused by undesired side
reactions that depend on the C–H–O ratio, temperature, and pressure can result in
the loss of active sites. Countermeasures against the formation of carbon can be
taken at the reactor and process design levels, as discussed in sections 15.3 and 15.4.

The exact methanation reaction mechanism on catalytic nickel or noble metal
sites is still object of research. There appears to be a consensus among authors that a
Langmuir–Hinshelwood–Hougen–Watson (LHHW) approach is the basis of the
methanation mechanism. The LHHW mechanism assumes that both reaction
partners first need to be adsorbed at the active sites to reach an activated state
before they can form covalent bonds with each other. Nevertheless, the exact
reaction mechanism and whether or not differences between CO2 and CO metha-
nation occur are not yet clear. However, two main reaction mechanisms are
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currently discussed among researchers: the ‘intermediate surface carbon mechanism’

and the ‘hydrogen-assisted mechanism.’ The rate-determining step (RDS) of the
reaction mechanism, namely the formation of COH* or CO dissociation, is under
ongoing discussion as well. The derivation of a formal kinetic expression is based on
the RDS of the reaction mechanism [7] (table 15.1).

15.2.3 Methanation kinetics

The kinetic expressions represent the reaction rates of the underlying reactions. In
general, in accordance with Arrhenius’ law, the reaction rates increase at higher
temperatures. However, the methanation reactions are characterized by an ignition
temperature (225 °C–285 °C according to [24–26]) that depends on gas concentration
and pressure. Below the ignition temperature, the reaction rate tends to zero.
Therefore, the reactor temperature needs to be kept above this temperature level to
keep the chemical reaction going. At the upper boundary of the temperature window,
the reaction kinetics decelerates when thermodynamic equilibrium is approached at
the particular pressure and temperature. The reaction rate is expressed by the formal
kinetic equations as a function of temperature, pressure, and gas concentration. As the
exact elementary reactions of the methanation mechanism are not yet fully under-
stood, formal kinetic expressions can only be experimentally measured and derived.
Formal kinetic formulations represent the reactions kinetics using a mathematical
correlation to the observed experimental results. Although the mathematical structure
of the kinetic law (LHHW or power law) is maintained, its physical parameters, such
as the activation energy or the reaction order, serve only as adjustable values to limit
the deviation between the experimental findings and the mathematical representation.
Nevertheless, the form of the formal kinetic expression is influenced by the RDS of the
reaction mechanism. Since the RDS is still part of the scientific discussion, as
mentioned above, different forms of expression have been proposed. A number of
power-law and LHHW kinetic approaches have been suggested for methanation in
the literature, which differed in their measuring procedures (integral reactor or

Table 15.1. Two methanation mechanisms on nickel or noble metal catalysts discussed
in the literature; ‘*’ indicates adsorption sites [7, 19–23].

Intermediate surface carbon mechanism Hydrogen-assisted mechanism

1: CO2 + 2* ↔ CO* + O* 1: CO2 + 2* ↔ CO* + O*
2: H2 + 2* ↔ 2 H* + 2: H2 + 2* ↔ 2 H* +

3: CO* + * ↔ C* + O* 3: CO* + H* ↔ CHO* + *
4: C* + H* ↔ CH* + * 4: CHO* + * ↔ CH* + O*
5: O* + H* ↔ OH* + * 5: CH* + 3H* ↔ CH4* + 3*
6: OH* + H* ↔ H2O* + * 6: CH4* ↔ CH4 + *
7: H2O* ↔ H2O + * 7: O* + H* ↔ OH* + *
8: CH* + 3H* ↔ CH4* + 3* 8: OH* + H* ↔ H2O* + *
9: CH4* ↔ CH4 + * 9: H2O* ↔ H2O + *
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differential reactor), catalyst forms (powder, pellets), catalyst materials (nickel,
ruthenium) as well as pressure and temperature ranges. Furthermore, the kinetics
can be formulated as single-step kinetics representing only one reaction (generally CO2

methanation) (equation (15.1)), or as multistep kinetics that includes two or three of
the methanation reactions (equations (15.1)–(15.3)).

In principle, in a power-law approach, the reaction rate depends on the rate
coefficient, the partial pressures of the contributing species, and the ‘driving force’ of
a reaction. The ‘driving force’ represents the deviation from thermodynamic
equilibrium and takes on a value between zero and one. The driving force and
therefore the reaction kinetics tend to zero if the species concentrations reach the
thermodynamic equilibrium. The principal power-law expression for the CO2

methanation reaction rate is shown in equation (15.6) [26].
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For the LHHW kinetic expression, the power-law expression is complemented by
the ‘adsorption term,’ which reflects the suppressing effects of the molecular
adsorption of reactants or the desorption of products such as methane or water.
The exponent of the adsorption expression corresponds to the number of active sites
taking part in the reaction [26, 27]. Equation (15.7) represents the principal LHHW
reaction rate of the CO2 methanation reaction.
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The kinetic factors are calculated based on the Arrhenius-type relation (equation
(15.8)) and the adsorption factors by the van ‘t Hoff-type (equation (15.9)) relation.
As already mentioned, the parameters of these equations (EA j, , k j

0, H iads,Δ , Ki
0) lose

their physical purposes and serve as fitting parameters to achieve best correlation
between the formal kinetic function and the experimental results.
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As early as 1950, the first LHHWkinetics for methanation was published by Binder
and White [28]. Numerous kinetic formulations have been published since then, most
often using the LHHW approach in recent publications [7, 20]. Gruber [26] presented
a list of detailed kinetic approaches for nickel catalysts with varying nickel loads
(5 w% to >55 w%), temperature ranges, and pressure ranges, which can be regarded as
the most important recent kinetic formulations in the literature (table 15.2).
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For packed-bed methanation reactor modeling, the kinetic approach described by
Xu and Froment [34] was often used directly or in an adapted version [2]. The three-
step kinetics used by Xu and Froment was later adapted by Parlikkad et al [36], Kang
and Lee [37], Klose and Baerns [38], and Zhang et al [39] [2]. Rönsch et al [19] again
recommended and adapted the latter two Xu and Froment adaptions. Kopyscinski
[21] modified findings byWeatherbee and Bartholomew [31] for COmethanation. The
authors’ kinetic expression was established for highly isothermal conditions and is
therefore especially suitable for fluidized-bed methanation. Furthermore, in the recent
work by Koschany et al [20], a single-step LHHW kinetics for CO2 methanation was
elaborated. Based on 200 data points within a temperature range between 180 °C and
340 °C and pressures of up to 15 bar, the authors found the best experiment-model fit
for a hydrogen-assisted reaction mechanism assumption. Comprehensive overviews
and comparisons of methanation reaction kinetic expressions are given by
Kopyscinski et al [21], Rönsch [19], Younas et al [12], Gruber [26], and Neubert [7].

The kinetic expressions discussed above represent intrinsic kinetics without any form
of mass transfer limitation. For packed-bed reactors filled with industrially applicable
catalyst particles, mass transfer limitations must often be taken into account [6, 24, 25,
35, 40–42]. Therefore, not only can the intrinsic kinetics be applied, but also external
factors limiting the chemical reaction rate. It is necessary to consider mass transfer
limitation due to diffusion from the gas bulk to the catalyst surface, as well as the
intraparticle diffusion limitation. Gruber [40], Sun and Simakov [41], Kiewidt [6], and
Kreitz [42] used catalytic effectiveness factors calculated based on a Thiele-modulus
approach within their packed-bed methanation models to consider mass transfer
limitations. Ducamp et al [35], Try et al [25], and Schlereth and Hinrichsen [24]
included a particle model to take mass transfer limitations into account.

15.3 Thermodynamics of catalytic methanation

Figure 15.3 gives the thermodynamic equilibrium compositions at varying temper-
atures and pressures, based on assumed co-SOEC product concentrations of

Table 15.2. Overview of detailed methanation kinetic expressions taken from Gruber [26].

No. Author Ni content T in °C p in bar Type

1 Martinez Molina [29] 54 w% 150–260 atmos. Single-step power law
2 Schollenberger [30] unknown 200–300 2–17 Single-step power law
3 Weatherbee [31] 3 w% 227–327 1.4–1.75 Single-step LHHW
4 Koschany [20] 58 w% 180–340 1–15 Single-step LHHW
5 Yang Lim [32] 12 w% 180–210 up to 20 Single-step LHHW
6 HELMETH kinetic [26, 33] >55 w% 250–350 15–25 Single-step LHHW
7 Xu & Froment [34] 15.2 w% 300–400 3–10 Multistep LHHW
8 Kopyscinski [21] 50 w% 280–360 up to 2 Multistep LHHW
9 Ducamp [35] 14–17 w% 280–400 1–10 Multistep LHHW
10 Rönsch [19] 18/50 w% 275–360 1–5 Multistep LHHW
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76.8 vol% H2, 18.3 vol% CO, and 4.9 vol% CO2. This composition contains
hydrogen at more than 3% above the stoichiometric concentration according to
equations (15.1) and (15.2) and is highly suitable for methanation purposes.

According to figure 15.3, moderate temperatures below 320 °C are necessary to
achieve full conversion at maximum CH4 concentration. In any event, temperatures
below 400 °C are necessary to achieve sufficiently high methane concentrations, even at
increased pressures above 4 bar. The beneficial effect of increased pressures between 1
and up to 10 bar is illustrated in figure 15.3 through different line styles. Increased
pressures of 4 bar and higher not only lead to higher equilibriummethane concentrations
but also reduce the tendency toward carbon formation between 500 °C and 700 °C.

In terms of the practical implications of the reactor temperature for reactor
performance, contrary effects must be expected based on thermodynamics and
kinetics. Starting from the ignition temperature (225 °C–285 °C [24–26]), the
reaction rate increases with rising temperature until the temperature approaches
the thermodynamic equilibrium value. On the other hand, based on thermodynamic
equilibrium, the highest methane concentration can be expected at moderate
temperatures, as already discussed according to figure 15.3. This antagonistic
interplay between thermodynamics and kinetics makes temperature control in
methanation systems highly important. A trade-off between high reaction rates at
higher temperatures and high equilibrium product concentrations at lower temper-
atures is necessary to achieve optimum heat management and therefore reactor
performance. Neubert [7] aptly called this crucial interaction between plant com-
plexity, thermodynamics, and kinetics the ‘trilemma of methanation.’ The issue of
optimum reactor temperature profiles is further addressed in section 15.4.

Figure 15.3. Dependence of the equilibrium composition of co-SOEC syngas on temperature and pressure
based on a co-SOEC syngas composition with a 3% hydrogen excess (76.8 vol% H2, 18.3 vol% CO, and 4.9
vol% CO2) [43].
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The Boudouard reaction (equation (15.4)) or the decomposition reactions of
methane or higher hydrocarbons lead to the formation of solid carbon, which is
deposited on the active catalyst sites. Different forms of carbon can be formed, such
as graphitic carbon, amorphous carbon, vermicular carbon, bulk Ni3C, or adsorbed
carbon species. The tendency toward carbon formation is influenced by the C–H–O
ratio and the temperature and the pressure of the process gas. High proportions of H
and O reduce the risk of carbon formation. In consequence, the higher the over-
stoichiometric excess of hydrogen, the lower the carbon formation risk. In addition,
the injection of water into the methanation feed is an option that reduces the carbon
formation tendency at the cost of hindering kinetic effects [26] and reducing
equilibrium concentrations. [5]

In figure 15.4, the ternary C–H–O diagram is shown, which describes the risk of
graphitic carbon formation. For each temperature-pressure pair, this diagram can be
divided by an equilibrium curve into an upper section, in which carbon formation is
thermodynamically possible, and a lower one, where it is not. Depending on the
process gas’s C–O–H ratio, the alignment within this diagram gives a good
indication of whether or not carbon formation is likely to happen. With an
increasing excess of hydrogen based on the same CO/CO2 ratio, the tendency

Figure 15.4. Ternary C–O–H diagram with pure gases and process gases (red ‘×’-markings) including co-
SOEC syngas with 0%, 3%, and 10% of excess H2 and an intermediate methanation product after water
removal. Graphitic carbon formation equilibrium lines for four temperature-pressure pairs (350 °C/1.1 bar;

600 °C/1.1 bar; 600 °C/5 bar; 600 °C/10 bar) divide the areas of thermodynamically possible carbon deposition.
Figure adapted from Krammer et al [43].
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toward carbon formation can be reduced, although even high proportions of
hydrogen do not completely eliminate the risk. In fact, the pressure has to be kept
elevated for typical co-SOEC compositions to prevent carbon deposition at any
temperature. The increased potential for the formation of carbon at around 600 °C
and 1.1 bar pressure in figure 15.4 is in alignment with stable equilibrium shares at
low pressures and similar temperatures in figure 15.3.

15.4 Requirements for the successful methanation of co-SOEC

syngas

The coordinated interplay between co-SOECs and methanation determines the
success of a combined PtG plant. The syngas concentration influences not only the
preferred reactor design, including the catalyst and the cooling method, but also the
necessary pressure and resulting temperature profile that avoid carbon deposition
and produce high-quality synthetic natural gas (SNG). This section discusses the
requirements for co-SOEC syngas, based on the fundamentals of thermodynamics
and kinetics elaborated in sections 15.2 and 15.3. Furthermore, a feasible reactor
concept and promising operating conditions are derived.

The syngas generated by a co-SOEC without further process gas treatment other
than water removal mainly consists of hydrogen and carbon monoxide, depending
on the electrolyzer’s feed concentration and recycling ratio. Small amounts of
carbon dioxide downstream from the electrolyzer are the unproblematic result of
incomplete CO2 reduction [44]. A feed gas mixture for methanation purposes needs
to follow certain criteria regarding minimum hydrogen content according to the
methanation reactions. The H2–CO ratio needs to be greater than three and the
remaining hydrogen should result in a H2–CO2 ratio of more than four to guarantee
an over-stoichiometric hydrogen concentration. As discussed in section 15.3 and
illustrated in figure 15.4, the tendency for the reaction to form solid carbon can be
reduced by increasing the hydrogen in the methanation feed to a level greater than
the stoichiometric level. In addition, higher hydrogen contents lead to higher
conversions of CO/CO2. On the other hand, the higher the excess of hydrogen in
the syngas, the more unconverted hydrogen remains in the SNG product down-
stream from the methanation, even at full CO/CO2 conversion. Due to a reduction
in the total process gas volume flow within the methanation reactor (a consequence
of the mole-decreasing reactions and the subsequent removal of formed water), the
relative volumetric proportion of hydrogen in the product is even higher than in the
syngas. For example, a share of 10 vol% excess hydrogen in the co-SOEC syngas
serving as the methanation feed would result in about 23 vol% of H2 in the dry SNG,
assuming complete methanation and full water removal. The option of hydrogen
recycling from the SNG product back to the feed is suboptimal, since it requires gas
separation equipment such as polymer membranes [45], which increase plant
complexity and decrease efficiency. Therefore, it is most feasible to omit recycle
lines and employ direct injection into the natural gas grid in one run, while allowing
the excess hydrogen to remain in the SNG. According to a joint report by the
European Network of Transmission System Operators for Gas (ENTSOG),
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Hydrogen Europe, and Gas Infrastructure Europe, moderate proportions of 10 vol
% of hydrogen are technically already feasible for natural gas grids in most areas of
Europe with no or little adaption [46, 47]. In Austria, 10 vol% of hydrogen is
tolerated since 2021, according to recent legislation [48]. In Germany, up to 10 vol%
of hydrogen, and, based on a recently released technical code starting in fall 2021,
even higher concentrations are tolerated, depending on local grid requirements [49].
In this regard, the aim should be a trade-off between reducing the carbon deposition
tendency and high conversion versus acceptable hydrogen proportions in the SNG
product. To give a concrete example, a typical co-SOEC concentration of 76.8 vol%
H2, 18.3 vol% CO, and 4.9 vol% CO2 was tested in experiments and by modeling
[43]. Based on this input concentration at full methanation, almost 90 vol% of
methane and 10 vol% of hydrogen could be generated after a final drying step, which
represents an attractive SNG product for direct grid injection. As a consequence, for
this suggested co-SOEC composition, a hydrogen excess of 3% in the methanation
feed results in a moderate hydrogen content of 10 vol% in the SNG product.
However, an elevated pressure of at least 4 bar should be considered to prevent
carbon deposition (figure 15.3).

The temperature profile within a catalytic two-phase reactor is an essential
performance parameter that determines the reaction kinetics, catalyst degradation,
and thermodynamic outlet concentration. The CO methanation reaction is accom-
panied by a higher exothermal reaction enthalpy compared to that of CO2

methanation (compare equations (15.1) and (15.2)), which makes heat removal in
co-SOEC syngas methanation even more relevant. As already discussed in section
15.2, the proven temperature-control concepts of adiabatic fixed beds are based on
intermediate heat removal, staged heat injection, product recycling, or steam
injection [2, 7]. However, the overall plant efficiency is higher and the required
catalyst mass and reactor volume are lower if the reaction heat is directly removed
from the catalyst in actively cooled polytropic reactors. Therefore, direct reactor
cooling in fixed-bed, structured, or microstructured systems is a promising approach
for cost-effective and high-capacity methanation. Recent research progress into
temperature control strategies for catalytic methanation is addressed in the follow-
ing section.

Reaction temperature control is an important area of recent research into
catalytic methanation. For two-phase catalytic methanation, two main tasks can
be accomplished by reactor cooling, as shown in figure 15.5. The first is to prevent
the maximum temperature of the catalyst from being exceeded, thereby preventing
sintering. The second is to guarantee a high thermodynamic equilibrium concen-
tration of methane at the reactor outlet [7].

Kiewidt and Thöming [6] determined an optimal temperature profile based on a
Semenov number-optimization method for single-stage methanation systems. The
space–time yield could be increased twofold by temperature profile optimization
based on the Semenov number, which can be tuned via the reactor diameter and gas
load. The authors emphasized the importance of heat transfer to a cooling medium.
Enhanced heat removal can also be realized with structured and microstructured
reactors at the expense of higher investment costs. Using 1Dmodeling, El-Sibai et al [50]
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found that the most cost efficient number of cooled fixed-bed reactors in a cascade
with intermediate water removal is two, whereas three reactors leads to a maximum
space–time yield. In addition, the authors found that a minimization of reactor
diameter is beneficial, since it enhances heat transfer to the cooling medium and
increases the area-to-volume ratio. Although research activity for microstructured
reactors is still high, plate reactors for small-scale applications are already
commercially available with a GHSV of 31 500 h−1 for CO2 methanation. The
catalyst is placed in microbeds stacked sequentially between cooling foils, ensuring
that the surfaces have very high heat transfer capabilities [8]. In contrast to two-
phase reactors, three-phase methanation allows for almost isothermal conditions at
the expense of lower gas/liquid mass transfer rates. As a result, three-phase systems
are not limited by heat transfer, but by mass transfer—to an extent that makes them
inferior in terms of space-time yield. A comparison of fixed-bed tube bundle reactor
and slurry bubble column reactor methanation revealed that a much higher GHSV
is possible for fixed-bed reactors. However, for transient conditions, the slurry
bubble column reactor is far more temperature stable, as the fixed-bed temperature
fluctuations are immense [9, 51]. In summary, tube-bundle reactors are an attractive
technology for large-scale PtG plants, as they allow for efficient heat removal at
moderate costs. Nevertheless, promising research progress in the field of heat-
transfer-optimized structured and microstructured systems might outweigh their
complexity drawbacks in future.

In terms of operational pressure, higher pressure is beneficial for both
thermodynamics (figure 15.3) and kinetics. The more the operational pressure
is increased, the more the methane concentration and the CO/CO2 conversion
downstream from a catalytic methanation reactor converting co-SOEC syngas
become higher [43]. However, higher pressures require more compression power,
which influences the overall PtG efficiency. As a result, the pressure level should
be held as low as possible to provide sufficient methanation performance. In
addition, carbon deposition should be taken into account, which can be reduced
by increased pressures. In addition, the downstream process, e.g. the gas grid

Figure 15.5. Schematic illustration of the two main purposes of active reactor cooling for methanation

systems. Reproduced based on a figure by Neubert [7].
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pressure level, should be considered in this regard. The compression of process
gas can be conducted at different stages within the process configuration. In
section 15.5, the influence of compressor alignment on process efficiency is
elaborated.

15.5 Energetic efficiency and the socioeconomic impact of co-SOEC

syngas methanation

The successful implementation of a PtG technology depends on its economic
feasibility in an existing energy market. The balance of the costs and revenues of
a PtG system needs to compete with conventional energy provision technologies,
such as fossil fuels, which have profited from decades of technical development. The
current economic situation and the future outlook for a combined co-SOEC and
methanation PtG plant was described by Böhm et al [52]. The authors considered
learning and scaling effects on capital expenditure (CAPEX) to evaluate the systems
competitiveness of renewable SNG in comparison to conventional natural gas. For a
10 MW plant in 2030, Böhm et al predict SNG costs of 8.5 c€/kWh, compared to an
average natural gas price of ~3.03 c€/kWh for non-household consumers in the first
half of 2021 for the EU-27 [53]. The most relevant ordering of the SNG production
costs is (in chronological order of contribution): electrical energy price>CAPEX>

OPEX>CO2 supply costs. The revenue generated by the electrolysis-side product,
oxygen, which can be directly used in the combined industrial processes, has a
beneficial cost effect. The savings in terms of CO2 certificates reduce the SNG
production costs further, but to a lesser extent than the oxygen. Higher CO2

certificate prices of at least 330 €/tCO2 would be necessary to achieve cost parity, even
in the long run. Based on a sensitivity analysis, the authors investigated the influence
of cost parameters on the SNG production costs. As electrical energy costs are
dominant, enhancing the energetic system efficiency results in the highest positive
impact on the SNG costs. A 10% improvement in efficiency results in about a 10%
reduction in SNG production costs. The second most sensitive influence parameter is
the system lifetime, which only leads to a single-digit percentage cost reduction for a
25% lifetime increase [52].

Therefore, the overall energetic efficiency of SNG production in a combined co-
SOEC and methanation plant that uses electric energy is critical to its economic
success. As the chemical equations show, the methanation process releases
significant quantities of reaction heat (equation (15.1) and equation (15.2)). This
thermal energy can be used to preheat and evaporate water before it is fed to the
co-SOEC system. Since the temperature range of the co-SOEC (600 °C–850 °C
[54]) exceeds the maximum methanation cooling temperature (300 °C [9]), only
preheating and evaporation of the co-SOEC feed water is possible. However, the
excess methanation heat can be used to cover part of the co-SOEC energy demand.
Posdziech et al found efficiencies for a SOEC system based on a lower heating
value (LHV) of 60.5% with a steam generator and compression, 72% if no steam
generator was necessary due to waste steam integration, and 84.5% without a
steam generator or a compressor. Based on the higher heating value (HHV) the
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authors found 84.4% system efficiency with heat integration [55]. In agreement
with these results, Ancona et al reported efficiencies of between 80% and 85% for a
combined co-SOEC and methanation system based on the HHV [54]. Wang et al

targeted realistic HHV efficiencies for SOEC-based power-to-methane plants of
between 70% and 75% [56].

The beneficial synergy effect of a combined co-SOEC and methanation system
can be concretely demonstrated using efficiency calculations. Equation (15.10) gives
the principal system efficiency of a combined co-SOEC and methanation PtG plant.
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For an example case of a 10 MW PtG unit, we now calculate the resulting LHV
system efficiency and SNG output with and without heat integration of a combined
co-SOEC and methanation plant in detail. The unit capacity is based on the co-
SOEC input power, which can be a combination of electric and thermal energy.
Losses from electricity conversion or CO2 removal from off-gases are not consid-
ered. Table 15.3 gives the nomenclature of all the calculation variables. Following
the published efficiency values mentioned above for SOEC systems, a co-SOEC
efficiency of 73% (which does not include waste heat integration or compression)
was considered in the calculations. As a result, 975.8 kg/h syngas can be produced
from 10 MW of power input, as demonstrated by equation (15.11), providing a
syngas concentration of 76.8 vol% of H2, 18.3 vol% of CO, and 4.9 vol% of CO2 on
a dry basis.
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Before it arrives at the methanation unit, the syngas needs to be compressed. For a
given pressure increase and gas mass flow, the electrical power consumption of the
compressor can be determined. The resulting temperature of isentropic compression
due to the pressure increase from 1.1 bar to 10 bar is demonstrated in equation (15.12).
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Table 15.3. Nomenclature.

Ea,j J mol−1 Activation energy of reaction j
cp,mix J K−1 mol−1 Heat capacity of the syngas mixture
GHSVSTP h−1 Gas hourly space velocity
Hl,CO kJ kg−1 Lower heating value of CO at stp
Hl,H2

kJ kg−1 Lower heating value of H2 at stp
Hl,SNG kJ kg−1 Lower heating value of SNG at stp
Hl,syngas kJ kg−1 Lower heating value of syngas at stp
Ki bar−a,b,c Adsorption constant for gas species i
Ki,0 bar−a,b,c Pre-exponential factor of adsorption
kj varying unit Reaction rate coefficient of reaction j
kj,0 varying unit Pre-exponential factor of reaction rate coefficient
Kp,CO2

-Meth bar−2 Equilibrium constant
MCO g mol−1 Molar mass of CO
MH2

g mol−1 Molar mass of H2

Mmix,syngas g mol−1 Molar mass of syngas mixture
ṁSNG kg s−1 Mass flow of SNG
ṁsyngas kg s−1 Mass flow of syngas
nĊO mol s−1 Mole flow of CO
nĊO2

mol s−1 Mole flow of CO2

Pel,compr W Electric power consumed by compressor
Pel,Co SOEC−

W Electric power consumed by Co-SOEC

pi bar Partial pressure of gas species i
p

in
bar Low pressure level at compressor input

Pisentr.
W Power consumption for isentropic compress.

Pl,syngas W Calorific power of syngas based on lower heating value
Pl,SNG W Calorific power of SNG based on lower heating value
p
out

bar High pressure level at compressor output

Preaction heat
W Thermal power by methanation reaction heat

pSTP bar Standard pressure
R J K−1 mol−1 Ideal gas constant
rj mol kg−1 s−1 Reaction rate of reaction j
T K Temperature
Tin

K Temperature at compressor input

Tout,isentr.
K Temperature at compressor output for isentropic compression

TSTP K Standard temperature
UCO CO conversion

UCO2
CO2 conversion

Vcatalyst m3 Catalyst bed volume
V ̇

in m3 h−1 Input operating volume flow
y
CO

Mole fraction of CO in syngas

y
H2

Mole fraction of H2 in syngas

ΔHads,i J mol−1 Enthalpy of adsorption for gas species i
Hr,COM

0
∆ J mol−1 Reaction enthalpy of CO methanation (STP)
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For a mass flow of 975.8 kg h−1 of process gas, the isentropic compression power is
calculated using equation (15.13). The electrical power consumed by the compressor,
assuming an isentropic compression efficiency of 65% (not to be confused with the
compression efficiency of the PtG system), can be expressed as shown in equation
(15.14). Equation (15.15) can be used to determine the contribution of the compres-
sion efficiency to the overall PtG efficiency (as used in equation (15.10)).
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The loss of exergy in the methanation process is based on the exothermic heat
released by the chemical reaction, which needs to be removed from the reactor
system. At full conversion, the maximum possible amount of exothermic heat is
produced. For full stoichiometric CO methanation, the thermodynamically deter-
mined efficiency based on the lower heating value is 80%; for stoichiometric CO2

methanation, it is 83% [7]. The efficiency of co-SOEC syngas methanation is
calculated as shown in equation (15.16).
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The efficiency values of co-SOEC, compression, and methanation without heat
integration add up to an overall PtG efficiency of 56.2% according to equation (15.17).

PtG co SOEC compression methanationη η η η= · ·
−

0.73  0.953  0.808  0.562 (15.17)= · · =

For heat-integrated PtG systems, the excess heat generated by the methanation
system can be used to reduce the electrical energy input and produce the same amount
of SNG. With heat integration, the system efficiency changes to equation (15.18).
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An efficiency of 65.4% would therefore be possible for a co-SOEC and
methanation PtG plant with heat integration, according to the assumptions used
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above; this efficiency is 9.2 percentage points higher than without heat integration.
1.4 MW of heat would be recycled back to the co-SOEC system, reducing the total
electric energy demand for the electrolysis from 10 MW to 8.6 MW. The system
efficiency could be increased even further if more waste heat from secondary
industrial processes were integrated into the co-SOEC. According to Sapountzi
et al [57], HHV efficiencies close to 100% are possible for SOECs with thermal
integration.

As Böhm et al [52] found, system efficiency plays an essential role in reducing
SNG costs. Accordingly, a sensitivity analysis was carried out to investigate the
most important parameters that enhance the efficiency of PtG systems.

As shown in figure 15.6, heat integration plays a fundamental role in enhancing
the efficiency of combined co-SOEC and methanation. The integration of 50% more
heat, starting from a base value of the methanation reaction heat, leads to an
increase of about six percentage points of system efficiency. Based on process
flowcharts, the recycling of methanation reaction heat to the co-SOEC input is
further explained in section 15.6. A reduction in CO/CO2 methanation conversion or
an increase in H2 excess also improves the system efficiency, since more H2 is simply
passed through the methanation. However, the gas quality regulations for SNG grid
injection require high methane and low hydrogen concentrations and therefore high
conversion rates and moderate H2 excesses. Furthermore, a reduction in compressor
power leads to higher efficiencies, which is a promising approach for PtG enhance-
ment. The compression energy can be reduced by the ‘dual-pressure-level

Figure 15.6. Sensitivity analysis of the overall co-SOEC and methanation PtG system.
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methanation’ concept further discussed in section 15.6. A reduction in methanation
pressure by 40% from 10 bar to 6 bar led to an increase in overall efficiency of only
one percentage point. Various other impacts such as methanation conversion and
carbon deposition have to be considered with pressure changes.

15.6 Promising plant designs for efficient SNG production

The main technical benefit of combining endothermic co-SOEC with exothermic
methanation lies in the possibility of transferring excess heat between these two
process steps and therefore increasing the overall energy efficiency of the combined
system. Using thermal integration, a combined co-SOEC and methanation system
can convert ‘green’ electrical energy into methane at high LHV efficiencies of around
74%, based on the assumptions presented in section 15.5.

Figure 15.7 shows a possible plant design for a heat-integrated PtG system that
includes co-SOEC and methanation. In addition to water, CO2 from industrial
sources is fed to the co-SOEC, producing a syngas mixture suitable for subsequent
methanation. The water of the wet syngas needs to be condensed before it reaches
the compressor. In order to reach a reactor pressure suitable for effective methana-
tion at a low carbon deposition potential, the syngas is compressed to at least 4 bar,
but usually up to 20 bar or higher. The methanation pressure level can be
coordinated with the subsequent drying step and in particular with the necessary
natural gas grid injection pressure. This PtG process design includes thermal
integration, which is achieved by transferring methanation reaction heat to the co-
SOEC water input. Thermal oil, pressurized boiling water, or molten salt can be
used as cooling media in combination with a tube-bundle methanation reactor.

The compression of hydrogen and carbon monoxide requires gastight equipment
that complies with increased safety standards. Furthermore, the position of the
compressor significantly influences its compression capacity and, as a result,
the overall plant efficiency. The compression of a higher volume flow of syngas at

Figure 15.7. Possible plant design for a combined co-SOEC methanation PtG plant.
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the co-SOEC outlet consumes a higher amount of electrical energy compared to
other positions within the plant. Two alternative plant designs that result in reduced
compression energy consumption are introduced below.

The ‘dual-pressure-level methanation’ concept is based on two sequential
methanation reactors with intermediate water removal, as shown in figure 15.8.
The compressor is placed between the first and the second reactor. As a result of a
partial reaction in Reactor 1, less process gas needs to be compressed due to the
volume-consuming reaction in the first reactor and intermediate water removal prior
to compression. The use of intermediate compression can reduce the required
compression capacity by up to 42% [43].

However, the carbon deposition risk within the second reactor is highly increased
due to the removal of water. The tendency of the intermediate process gas to form
solid carbon is shown in the ternary diagram of figure 15.4. Even at 10 bar of
pressure, carbon deposition must be expected at certain temperatures. Higher
pressures, higher hydrogen excesses, or excellent temperature control strategies
would be necessary to reduce the carbon formation risk [43].

As an alternative to intermediate compression, CO2 and H2O can be fed at
already increased pressures to the methanation system, as shown in figure 15.9. The
benefit of this design for the overall process is reduced energy consumption and
the technically simple and safe compression of liquid water and CO2 compared to
H2- and CO-containing syngas. On the other hand, the co-SOEC needs to be
operated under pressure. Brabandt and Poszdiech [58] overcame the mechanical
problems of pressurized SOEC operation and successfully operated at 15 bar of
pressure. The authors emphasized the efficiency benefits of the direct injection of
pressurized steam from industrial processes and the combination with high-pressure
downstream processes. Five percent to seven percent of the electrical energy demand

Figure 15.8. PtG plant design with dual-pressure-level methanation, including intermediate compression [43].
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can be saved by the direct provision of high-pressure steam instead of downstream
hydrogen compression [58]. On the other hand, high-pressure (co-)SOEC is more
complex due to the higher sealing effort required and suffers from increased cross
permeation, higher temperatures, and a higher necessary operational voltage [58, 59].

In a fully integrated PtG plant, the direct integration of cooling water with the co-
SOEC feed leads to the minimization of heat losses. Gruber et al [60] tried to directly
couple a SOEC with a methanation system using steam from cooling water cycle as
an SOEC feed. Unfortunately, it was not possible to control the steam mass flow to
the extent necessary for full-load operation. However, the authors emphasized the
positive effect on the overall efficiency. The use of water as a cooling medium would
require pressures of more than 75 bar to guarantee a liquid cooling medium.
Otherwise, the cooling water would evaporate, leading to a significant loss of heat
transfer.

Although the main application scenarios of catalytic methanation will certainly
be found in the area of industrial-scale energy provision, with the aim of preserving
the living conditions on our globe, some potential purposes of this technology may
go beyond the boundaries of planet Earth. An additional interesting aspect of the
methanation process is its potential for long-term manned space missions.
Hydrogen, a by-product of O2 production by the electrolysis of water in order to
provide air for breathing, can be used with exhaled CO2 or CO2 from Mars’
atmosphere to produce methane and water by methanation. Water can then again be
used for O2 production and liquid methane can be used as propellant. As a result,
closed-loop oxygen and water recycling is possible in space using methanation [61].
In 2011, a methanation system was installed at the International Space Station [62].
In 2012, a methanation system was demonstrated which was designed to produce
methane on Mars from eighteen times lighter (and therefore cheaper)
transportable hydrogen together with CO2 harvested from Mars’ atmosphere,
leading to a significant reduction in transport expenses [63].

Figure 15.9. PtG process design including a pressurized co-SOEC.
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15.7 Concluding remarks

The combination of co-SOEC and methanation enables carbon dioxide to be
recycled into a valuable natural gas substitute powered by renewable electrical
energy. Co-SOEC syngas methanation benefits from reactor designs with intensified
heat removal, such as tube-bundle reactors or microstructured reactors. Nickel
catalysts offer high activity and high selectivity at a low price, whereas promoting
agents, carrier materials, and form play substantial roles in the overall process. Both
kinetic and thermodynamic considerations must be kept in mind not only to achieve
the highest conversion rates, but also to prevent carbon deposition or catalyst
sintering. Therefore, reactor temperature control is important for achieving low
outlet temperatures which reduce the thermodynamic limitation and keep the
maximum temperature just below the catalyst’s limits, thus allowing high reaction
rates. Furthermore, for the feed gas composition used for methanation, a moderate
hydrogen excess should be considered to prevent carbon deposition and ensure high
conversions. Additionally, SNG is produced at a sufficient output quality for direct
grid injection in line with legal requirements and requires only a modest gas
conditioning effort. Since the electric energy price has a dominant effect on the
resulting SNG price, the overall system energy efficiency needs to be maximized.
Heat integration from exothermal methanation or external industrial sources into
the co-SOEC feed needs to be substantial to achieve high efficiencies. The reduction
of compression power by dual-pressure-level methanation can contribute to eco-
nomic competition against conventional energy carriers. In conclusion, for the
successful realization of a combined co-SOEC and methanation facility, all system
levels (catalyst, reactor, and plant design) should be optimized.
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2.2 Modelling of catalytic fixed bed reactors 
Mathematical modelling and simulation of chemical processes is a crucial tool to develop, 
optimize and scale technical apparatuses. The coupled balance equations enable to derive the 
process condition, which for chemical reactors is characterized by spatial and temporal 
distribution of temperature, concentration, velocity and pressure. [48] 

Simplification of a real process aims to enable its description with much lower complexity at 
sufficient accuracy. Tubular reactors can be accurately represented if the axial and radial 
dimensions are taken into account due to rotational symmetry. In some cases, even a one-
dimensional approach is sufficient if the radial component can be neglected, for example in 
thin pipes. The energy balance in most technical applications can often be reduced to a heat 
balance since only thermal forms of energy need to be considered. Furthermore, for stationary 
applications the time-dependency can be eliminated. [48] 

Ideal reactor concepts are simplified model approaches for certain applications. For tubular 
systems the two-dimensional diffusion model and plug-flow reactor (PFR) model are common. 
In the two-dimensional diffusion model convection only takes place in axial direction. 
Backmixing and fixed bed heat conduction is considered via effective diffusion and conduction 
in radial and axial direction. The angular dimension is eliminated. [48] 

The PFR is even more simplified, as this approach assumes the reactor can be divided in small 
fully mixed “plugs” flowing through the pipe without any gas mixing influence between one plug 
and another. Therefore, no temperature, concentration or velocity gradients occur in radial 
direction. Convection takes place solely in direction of the reactor axis, whereas in contrast to 
the two-dimensional diffusion model also axial conduction and diffusion is considered 
negligible. For pipes with high length-diameter ratios the PFR concept is more accurate. 
Laminar flow is characterized by a parabolic velocity profile and less axial backmixing. For 
turbulent flow radial velocity gradients are low, but also lead to higher axial mixing phenomena. 
Gas flow through fixed beds is typically approximated with plug-flow. However, deviations from 
the ideal state should not be disregarded and can be approximately assessed by common rule 
of thumbs (e.g. di/L>10) [49] or more thorough criteria [49–51] e.g. proposed by Mears [52], 
Gierman [53] and Sie [49]. Safe model robustness can be achieved by experimental 
verification.  

In the following section the fundamental laws and equations for modelling of fixed beds in 
tubular reactors are presented. 

2.2.1 Conservation laws 
In any technical process the sum of mass, energy and momentum within its system boundaries 
must be constant. Therefore, this fundamental principle of conservation of mass, energy and 
momentum is the basis of each model. A general formulation of a balance equation is 
presented in Equation 1. The temporal derivative of a state variable equals the sum of input 
and output flow added by a source term as shown in Equation 2. డ୻డ௧ = −𝑑𝑖𝑣 𝑗 +  𝑄̇        (Equation 1) 
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𝑑𝑖𝑣 𝑗 = 𝛻 ∙ 𝑗 = డ௝ೣడ௫ + డ௝೤డ௬ + డ௝೥డ௭        (Equation 2) 

2.2.2 General transport phenomena 
Transport of mass and heat within fluid systems such as most chemical reactors are described 
by convective or diffusive transport and radiation (Table 2). 

Table 2: Overview of heat and mass transport phenomena in chemical reactors 

 Convection Diffusion Radiation 

Mass transport Mass convection  (Mass) Diffusion - 

Heat transport Thermal convection Conduction (Heat) radiation 
 

Convective mass transport is the transport of mass by bulk motion (advection) superimposed 
by a mostly negligible mass diffusion influence. In chemical reactors (mass) convection is 
normally related to one fluid component. It can be presented as mole flow of a species 𝑖 through 
a given cross-sectional area as in Equation 3. 𝑗௜,௖௢௡௩ = ௡̇೔,೎೚೙ೡ஺ = ௠̇೔,௖௢௡௩ெ೔஺ = ఘ೔௏̇ெ೔஺ = 𝑐௜ ௏̇஺ = 𝑐௜𝑤 ቂ௠௢௟௠మ௦ቃ    (Equation 3) 

Heat convection is analogously caused by combination of bulk motion and random molecular 
motion. It is formulated as an enthalpy flux normally referring to a temperature of 0 °C (Equation 
4). 𝑗௜,௛௘௔௧ ௖௢௡௩ = ொ̇೎೚೙ೡ஺ = ௠̇௖೛்஺ = ఘ௏̇௖೛்ெ೔஺ = 𝜌𝑤𝑐௣𝑇 ቂ ௐ௠మ௦ቃ    (Equation 4) 

Mass diffusion and heat conduction is caused by concentration and temperature gradients 
within a fluid or a solid phase due to random molecular motion. The rate of diffusive transport 
is characterized by the substance-specific transport property, diffusion coefficient 𝐷௜ and heat 
conductivity 𝜆. Fick’s law describes mass diffusion in Equation 5 again for each species 𝑖.  𝑗௜,ௗ௜௙௙ = ௡̇೔,೏೔೑೑஺ = −𝐷௜ 𝑔𝑟𝑎𝑑 𝑐௜  ቂ௠௢௟௠మ௦ቃ      (Equation 5) 

 Analogously, in Fourier’s law heat conduction is defined according to Equation 6. 𝑗௖௢௡ௗ = ொ̇೎೚೙೏஺ = −𝜆 𝑔𝑟𝑎𝑑 𝑇 ቂ ௐ௠మቃ      (Equation 6) 

Heat and mass transfer also take place through a fluid-solid or fluid-fluid phase interface. 
Driving force for mass transfer from one phase to another is again the concentration difference 
multiplied with the mass transfer coefficient as shown in Equation 7.  𝑗௜,௠௧ = ௡̇೓೟஺ = 𝛽(𝑐௜,ଵ − 𝑐௜,ଶ) ቂ ௠௢௟௠మ ௦ቃ      (Equation 7) 

Heat transfer is analogously defined by the heat transfer coefficient driven by the difference in 
temperature between the two phases (Equation 8). 
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𝑗௛௧  = ொ̇೓೟஺ = 𝛼(𝑇ଵ − 𝑇ଶ) ቂ ௐ௠మቃ       (Equation 8) 

2.2.3 Transport phenomena in fixed beds 
The mass and heat transport in multiphase reactive flow such as in catalytic fixed beds with 
external cooling are manifold. Intra-pellet, inter-pellet, intra-bed and bed-wall transfer effects 
need to be considered as presented in an overview in Figure 3. 

 

Figure 3: Heat and mass transfer phenomena in fixed beds taken from [54] 

2.2.4 Mass transport in fixed beds 
The general mass balance equation is necessary to calculate the concentration array within a 
reactor. The balance equation includes convection, diffusion and the reaction source term for 
a species 𝑖 as given in Equation 9. The source term is defined by the reaction rate of each 
reaction 𝑗 involved and the corresponding stoichiometry factor.  డ௖೔డ௧ = −𝑑𝑖𝑣(𝑐௜  𝑤 − 𝐷௜ 𝑔𝑟𝑎𝑑 𝑐௜) +  ∑ 𝜈௜,௝ 𝑟௝௝      (Equation 9) 

Molecular diffusion has only subordinate influence. However, gas dispersion takes into account 
velocity maldistribution as a consequence of turbulence effects in fixed beds, which can be 
implemented via effective diffusion or dispersion coefficients in lateral and longitudinal 
direction. Longitudinal dispersion in fixed beds was empirically investigated by Edward and 
Richardson [29] (Equation 10) and lateral dispersion can be derived by the Gunn correlation 
[30] (Equation 11).  ஽೔,೗೚೙೒஽೔,೘ = 0.73𝜀 + 0.5 ൬1 + ଽ.ସଽ ఌோ௘೛ ௌ௖൰ 𝑅𝑒௣𝑆𝑐    (Equation 10) 
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஽೔,೗ೌ೟஽೔,೘ = ఌଵ.ଽଵ + ோ௘೛ௌ௖ଵଵିସ ୣ୶୮൬ି ళೃ೐೛൰      (Equation 11) 

For cylindrical fixed beds the angular coordinate can be eliminated in assumption of rotational 
symmetry. The radial velocity component can be neglected, especially for high length-
diameter-ratios. These assumptions lead to the two-dimensional diffusion model (also called 
dispersion model) for tubular (fixed bed) reactors according to Equation 12. [48] డ௖೔డ௧ = − డ(௖೔௪೥)డ௭ᇲ + 𝐷௜,௥,௘௙௙( డమ௖೔డ௥ᇲమ + ଵ௥ᇲ  డ௖೔డ௥ᇲ) + 𝐷௜,௭,௘௙௙ డమ௖೔డ௭ᇲమ + ∑ 𝜈௜,௝ 𝑟௝௝   (Equation 12) 

Under stationary conditions the time derivative of the concentration on the left side of the 
equation can be eliminated. Further simplifications can be made by assuming constant axial 
velocity, neglecting the radial component in a one-dimensional approach or by neglecting the 
dispersion influence. [48] 

The mass balance for a PFR is presented in Equation 13 neglecting radial and axial dispersion. డ௖೔డ௧ = − డ(௖೔௪)డ௭ᇲ + ∑ 𝜈௜,௝ 𝑟௝௝        (Equation 13) 

2.2.5 Heat transport in fixed bed reactors 
The heat balance is used to calculate the temperature of the reactor system and takes all 
relevant heat transport phenomena into account. The general heat balance is formulated in 
Equation 14. డ(ఘ௖೛்)డ௧ = −𝑑𝑖𝑣(𝜌𝑤𝑐௣𝑇 − 𝜆 𝑔𝑟𝑎𝑑 𝑇) + ∑ 𝑟௝௝ (−Δ𝐻ோ௝)    (Equation 14) 

Heat and mass balance are coupled via the reaction rate, which is dependent on 
concentrations and temperature. Also thermodynamic properties such as 𝑐௣ or transport 
properties such as 𝜆, 𝐷௜,௟௢௡௚ or 𝐷௜,௟௔௧ cannot be calculated independently from the respective 
other balance equation. The same simplifications discussed for the mass balance also apply 
to the heat balance. The heat balance of the two-dimensional diffusion model is presented in 
Equation 15.  డ(ఘ௖೛்)డ௧ = − డ(ఘ௪೥௖೛்)డ௭ᇲ + 𝜆௥,௘௙௙( డమ்డ௥ᇲమ + ଵ௥ᇲ  డ்డ௥ᇲ) + 𝜆௭,௘௙௙ డమ்డ௭ᇲమ + ∑ 𝑟௝௝ (−Δ𝐻ோ௝) (Equation 15) 

The ideal PFR can be calculated based on a simplified heat balance as given in Equation 16. 
In addition, heat loss by radiation to ambient air was included in Equation 16, as was conducted 
for the 1D model in paper II [55]. డ(ఘ௖೛்)డ௧ = − డ൫ఘ௪௖೛்൯డ௭ᇲ + ∑ 𝑟௝௝ ൫−Δ𝐻ோ௝൯ − 𝑘 ସௗೝ (𝑇 − 𝑇௖) − 𝑞௥௔ௗ௜௔௧௜௢௡  (Equation 16) 

 

2.2.6 Radial heat transport in fixed beds 
For reactor modelling and design the radial heat transport is of utmost importance. Therefore, 
radial heat transport phenomena in fixed beds will be addressed here in greater detail. 

Radial heat transport in 1D models 
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The heat transition coefficient 𝑘 for the radial heat transition through a reactor pipe of an ideal 
PFR can be calculated from inner and outer heat transfer coefficients and the heat conductivity 
of the steel wall as shown in Equation 17 to Equation 19. [48] ଵ௞ ஺ = ଵఈ೔ ஺೔ + ଵఒೞ೟೐೐೗ ஺೘ + ଵఈ೚ ஺೚         (Equation 17) 𝐴௠ = ஺೔ି஺೚௟௡ ಲ೔ಲ೚ = ௗ೔ିௗ೚௟௡ ೏೔೏೚  𝜋 𝐿        (Equation 18) 

𝑘 = ଵௗ೔ ൮ ଵఈ೔ ௗ೔ + ଵఒೞ೟೐೐೗ ೏೔ష೏೚೗೙ ೏೔೏೚
+ ଵఈ೚ ௗ೚൲ିଵ        (Equation 19) 

Numerous formulations for the inner bed-wall heat transfer coefficients for tubular fixed beds 
are compared by Winterberg [56]. For the 1D model presented in paper II [55] the formulation 
by Specchia [57] was used to calculate the bed-wall heat transfer coefficient (Equation 20).  𝛼௕௘ௗି௪௔௟௟ =  ఒ೒ೌೞௗ೛ (0.0835 𝑅𝑒଴,௣଴.ଽଵ + 2 𝜀௕௘ௗ + ଵିఌ್೐೏ഊ೒ೌೞഊೞ೚೗೔೏ାଵ)   (Equation 20) 

The outer heat transfer coefficient between the reactor wall and the coolant can be calculated 
according to Nusselt correlations, such as by Gnielinski for cooling by thermal oil or based on 
Equation 21 for natural air cooling. 𝛼௢,௪௔௟௟ି௔௜௥ = 1.32ට்ೢೌ೗೗ି்ೌ೔ೝௗೝ,೚ర        (Equation 21) 

In a 1D PFR model approach radial heat transport within the fixed bed is assumed to be very 
fast, therefore the radial temperature gradients within the fixed bed are considered as zero.  

Radial heat transport in packed beds in 2 dimensional models 

For the two-dimensional approach and for better assessment of reactor design improvement 
in addition to heat transfer through the reactor wall the effective fixed bed conductivity is 
essential. Winterberg [56] thoroughly compared the two most common models to describe 
radial heat transport within a fixed bed, the α௪-model and the Λ௥(𝑅)-model. The well-known α௪-model is based on the assumption that the effective bed heat conduction is constant due 
to constant velocity and porosity distribution over the bed radius (as shown in Equation 15). 
[58] The effective heat conduction for spherical fixed beds can be calculated by the model of 
Zehner, Bauer and Schlünder [59–61] as was done in the 2D reactor model in paper II [55]. 
According to the α௪-model at the fixed bed-wall interface an immediate change in temperature 
occurs. This assumed temperature change is represented by the heat transfer coefficient α௪ 
(or 𝛼௕௘ௗି௪௔௟௟), which can be calculated based on Nusselt correlations such as from Specchia 
[57] as in paper II. The α௪-heat transfer model was applied for the 2D reactor model in paper 
I, whereas it was additionally distinguished between the solid and gas phase via two heat 
balance equations.  

In contrast, the Λ௥(𝑟)-model assumes that there is no discontinuity at the interface between 
bed and wall, but rather the temperature of the fixed bed and of the wall at the interface is 
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equal (boundary condition: T௪௔௟௟ = T௕௘ௗ,(௥ୀோ)). In the Λ௥(𝑟)-model the heat transfer between 
fixed bed and wall is described by the effective heat conductivity as a function of the reactor 
radius considering velocity and porosity distribution in radial direction. Within the boundary 
layer close to the reactor wall the effective bed conductivity significantly decreases. The Λ௥(𝑟)-
model is described in Equation 22-27. [58] Λ௥(𝑟) = 𝜆௕௘ௗ(𝑟) + 𝐾ଵ𝑃𝑒଴ ௨బ,೎௨బ 𝑓(𝑅 − 𝑟)𝜆௙     (Equation 22) 

0 < R − r ≤ Kଶ𝑑 → 𝑓(𝑅 − 𝑟) = ቀோି௥௄మௗቁ௡
     (Equation 23) Kଶ𝑑௥,௜ < R − r ≤ R → 𝑓(𝑅 − 𝑟) = 1      (Equation 24) Kଵ = 1/8         (Equation 25) Kଶ = 0.44 + 4 exp ቀ− ோ௘బ଻଴ ቁ       (Equation 26) 𝑛 = 2          (Equation 27) 

Diameter influence on radial heat transport 

In Equation 28 a mean value over the radial distance for the effective fixed bed heat 
conductivity Λ௥(𝑟) can be integrated which was conducted numerically in MATLAB. 𝜆̅௥,௕௘ௗ = ଵௗ೔/ଶ ∫ Λ௥(𝑟)ௗ೔/ଶ଴  𝑑𝑟       (Equation 28)  

This mean effective bed conductivity 𝜆̅௥,௕௘ௗ was used to study the effect of the reactor diameter 
on the radial heat transfer of catalytic fixed bed for methanation. As shown in Equation 29 an 
artificial heat transition coefficient 𝑘௕௘ௗି௢௜௟ based on Gruber [62] can be formulated including 
the mean effective bed conductivity. This bed-to-oil heat transition coefficient includes all heat 
thermal resistances including the effective fixed bed heat conduction via a mean conductivity 
value, the bed-wall heat transfer via 𝛼௜, the wall conductivity via 𝜆௦௧௘௘௟ and the wall-oil heat 
transfer via 𝛼௢. This artificial transition coefficient was not used in the 1D PFR and also not in 
the 2D model, but was used to derive the diameter dependency of the radial heat transition 
coefficient. 

𝑘௕௘ௗି௢௜௟ = ଵௗ೔ ൮ ௗ௜଼ ఒഥೝ,್೐೏ ௗ೔ + ଵఈ೔ ௗ೔ + ଵఒೞ೟೐೐೗ ೏೔ష೏೚೗೙ ೏೔೏೚
+ ଵఈ೚ ௗ೚൲ିଵ     (Equation 29) 

To give a precise picture on how the reactor diameter affects overall radial heat transfer the 
radial heat flux under exclusion of the reactor-coolant temperature difference 𝑞ᇱ௥ must be 
determined. Otherwise, the temperature difference profile along the reactor axis would 
interfere with the diameter effect on the heat transition coefficient (Equation 30 and 31). In 
Equation 30 and 31 this heat flux is presented based on the heat transition coefficient between 
wall and cooling oil 𝑘 (Equation 19) neglecting fixed bed conductivity consistent with a 1D PFR 
assumption. 𝑞௥ =  −𝑘 ସௗೝ (𝑇 − 𝑇௖)       [𝑊 𝑚ିଷ]     (Equation 30) 
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𝑞ᇱ௥ = ௤ೝ(்ି ೎்) = −𝑘 ସௗೝ        [𝑊 𝑚ିଷ 𝐾ିଵ]   (Equation 31) 

With the artificial heat transition coefficient 𝑘௕௘ௗି௢  an artificial heat flux 𝑞ᇱ௥,௕௘ௗି௢௜௟ taking the 

fixed bed heat conductivity into account can be calculated according to Equations 32 and 33.  𝑞௥,௕௘ௗି௢௜௟ =  −𝑘௕௘ௗି௢௜௟ ସௗೝ (𝑇 − 𝑇௖)       [𝑊 𝑚ିଷ]     (Equation 32) 𝑞ᇱ௥,௕௘ௗି௢௜௟ = ௤ೝ,್೐೏ష೚೔೗(்ି ೎்) = −𝑘௕௘ௗି௢ ସௗೝ        [𝑊 𝑚ିଷ 𝐾ିଵ]   (Equation 33) 

Equation 31 and Equation 33 were used to derive Figure 19. 

2.2.7 Mass transport limitation 
In heterogeneous gas catalysis the reaction takes place on the active sites exposed on the 
catalyst surface. Mass transfer from bulk gas to the catalyst surface and back are fundamental 
process steps of heterogeneous gas catalysis. The 7 steps of heterogeneous gas catalysis are 
illustrated in Figure 4 and include: 

1. Diffusion of reactant from the bulk gas through the gas boundary layer 
2. Diffusion of reactant through pores into the porous catalyst 
3. Adsorption of the reactants on the active site 
4. Reaction in an adsorbed state to form product species 
5. Desorption of the product 
6. Diffusion of the product out of the porous catalyst 
7. Diffusion of the product through the gas boundary layer to the bulk gas  
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Figure 4: 7 steps of heterogeneous gas catalysis (reproduced based on [63]) 

For thorough research based on modelling of catalytic methanation it is important to take the 
rate determining step of the described steps of heterogeneous gas catalysis into account. The 
overall process may be determined by the intrinsic rate of reaction (step 4) in many cases. 
Empirically determined intrinsic kinetic models allow deriving the reaction rate without any 
other rate limiting influences. However, the mass transfer steps between bulk gas and active 
sites, which mainly are based on diffusion phenomena, can also be limiting under certain 
reactor conditions. The mass transfer between gas and catalyst depends on the gas flow and 
catalyst characteristics. The reaction rate is a function of partial pressures, temperature and 
catalyst activity. Therefore, the combination of these variables defines if mass transfer 
limitation occurs and in what intensity. As illustrated in Figure 5, any of the 7 steps of 
heterogeneous gas-catalysis can be rate determining, which influences the concentration 
profile between gas bulk and porous catalyst. The adsorption and desorption steps are 
included in Langmuir-Hinshelwood-Houghen-Watson kinetic models in adsorption terms as 
explained in detail in chapter 2.1. 
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Figure 5: Reactant concentration profile as a consequence of rate determining phenomenon 
(reproduced based on [62]) 

Two approaches have been used in scientific publications to include mass transfer limitation 
in catalytic fixed bed reactors. The catalytic efficiency via the Thiele-modulus approach 
[19,22,24,25,62] was also used in this thesis. Another method is to integrate a separate particle 
model [20,21,23] into the main reactor model, which represents the mentioned diffusion 
phenomena. 

2.2.7.1 Catalyst efficiency via Thiele-modulus 

The catalytic efficiency takes the rate limiting transport effects to the catalyst surface and into 
the catalyst pores into account. It is based on the dimensionless Thiele-modulus. [19,51,62] 
The effective reaction rate of reaction 𝑗 due to mass transfer limitation is calculated by 
multiplication of the intrinsic reaction rate with a catalytic efficiency factor as presented in 
Equation 34.  𝑟௝,௘௙௙ = 𝑟௝,௜௡௧௥ 𝜂௘௙௙,௝        (Equation 34) 
The catalyst efficiency is calculated in consideration of external and pore diffusion, which are 
a function of the Thiele-modulus (Equation 35–Equation 37). 𝜂௘௙௙,௝ = 𝜂௘௫௧,௝ 𝜂௣௢௥௘,௝        (Equation 35)  𝜂௣௢௥௘,௝ = ଵఃೕ ( ଵ௧௔௡௛൫ଷఃೕ൯ − ଵଷఃೕ)       (Equation 36) 

 𝜂௘௫௧,௝ = ଵଵ ା బ.లೄ೓ ఃೕ  ௧௔௡௛൫ఃೕ൯       (Equation 37) 

The Thiele-modulus for spherical particles is calculated according to Equation 38. 

𝛷௝ = ௗ೛଺ ඨ௡ೕାଵଶ ௞ೕ,ೇ ఘ೛ ௖಴ೀ೙ೕషభ஽೐೑೑,಴ೀ         (Equation 38) 
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The volumetric reaction constant can be derived from the intrinsic kinetic model, although it is 
important to keep the correct unit in mind, which depends on the reaction stoichiometry of the 
reaction (Equation 39 and Equation 40). 𝑘஼ைெ,௏ = 𝑘஼ைெ,௠ ோ்௣మ       [ ௠య௞௚೎ೌ೟ ௦]      (Equation 39) 

𝑘ௐீௌ,௏ = 𝑘ௐீௌ,௠𝑅𝑇     ቂ ௠య௞௚೎ೌ೟ ௦ቃ      (Equation 40) 

Effective diffusion coefficient depends on catalyst tortuosity, porosity, molecular and Knudson 
diffusion (Equation 41 and Equation 42). 𝐷௘௙௙,஼ை = ఌ೎ೌ೟ఛ೎ೌ೟ ଵభವ಴ೀ೘  ା ஽ೖ೙ೠ,಴ೀ       (Equation 41) 

𝐷௞௡௨,஼ை = ௗ೛೚ೝ೐ଷ ට ଼ ோ ்గ ெ಴ೀ        (Equation 42) 

For high mass transfer limitation and therefore low catalyst efficiencies (<<10 %) the basic 
Thiele modulus approach as presented above is not the most accurate. The calculation 
approach by Roberts and Satterfield [64] is more suitable for small values of the effective 
reaction rate, because it takes adsorption directly into account (Equation 43). If the 
concentration of educts tends to zero due to significant mass transfer limitation, as shown in 
Figure 5, adsorption effects are significant.  𝜂௘௙௙ ௟௛௛௪,௝ = √ଶ஍ೕ ቀଵା௄ ௣಴ೀ௄ ௣಴ೀ ቁ (𝐾 𝑝஼ை − ln(1 + 𝐾 𝑝஼ை))ଵ/ଶ    (Equation 43) 

2.2.8 Fixed bed characteristics 
The porosity of catalytic fixed beds is an important factor influencing the gas flow including gas 
dispersion, the distribution of catalytically active substance and the mass transfer limitation. 
Hence, it is very important for the design of well performing methanation reactors.  

A fixed bed in a tubular system is characterized by porosity distribution caused by the reactor 
walls. The reactor wall disturbs the even distribution of a fixed bed and leads to higher porosity 
close to the wall. Higher porosities close to the reactor wall can result in near-wall gas 
channelling. [65–67] 

In the appendix of paper II [55] the fixed bed characteristics of tubular reactors are thoroughly 
discussed. Conservative and more realistic rules of thumbs in terms of the dr,i/dp ratio for evenly 
distributed fixed beds according to Andrigo [68] and Sie [49] are assessed. Furthermore, radial 
distribution profiles of bed porosity for a 14 mm reactor were calculated and compared based 
on formulations by Giese [66] and De Klerk [67]. Finally, recent findings from Eppinger [65] 
based on a DEM method for the gas flow characteristics in low dr,i/dp ratio pipes were taken 
into account to evaluate the inhomogeneity of fixed bed porosity and its consequences for 
methanation performance. 
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3 Research 
3.1 Experimental and modelling investigation of Co-SOEC syngas 

methanation in a high diameter ratio polytropic reactor 
 

Scientific article I: “2D heterogeneous model of a polytropic methanation reactor” 

A. Krammer, M. Peham, M. Lehner, 2D heterogeneous model of a polytropic methanation 
reactor, Journal of CO2 Utilization 62 (2022) 102059. 
https://doi.org/10.1016/j.jcou.2022.102059. 
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2D heterogeneous model of a polytropic methanation reactor 
Andreas Krammer *, Martin Peham , Markus Lehner 
Chair of Process Technology and Industrial Environmental Protection, Montanuniversität Leoben, Austria   

A R T I C L E  I N F O   

Keywords: 
CO methanation 
Co-SOEC syngas methanation 
Uncooled methanation 
Effective reaction kinetics 
Mass transfer limitation 

A B S T R A C T   

The paper presents a heterogeneous 2D model of a polytropic fixed bed methanation reactor for Co-SOEC syngas. 
The reactor with 80 mm inner diameter is operated without active cooling. Lab-scale experiments were used for 
model validation under variation of gas hourly space velocity (GHSV) (2000 h-1, 4000 h-1, 6000 h-1 and 8000 h-1) 
and pressure (1 bar, 2 bar, 4 bar, 6 bar, 8 bar, 10 bar). The conversion of Co-SOEC syngas containing a mixture of 
H2, CO and CO2 was calculated based on a two-step methanation kinetic model. Effective methanation kinetics 
was implemented based on a novel approximation of two different reaction efficiency approaches. The catalytic 
efficiency approximation combines conventional power law related and a Langmuir-Hinshelwood type reaction 
efficiency correlation by Roberts and Satterfield. It was found that mass transfer limitation is substantial for 
highly temperature sensitive polytropic methanation reactor modelling. Despite high exothermic behaviour 
without active cooling, a stable model set-up was managed entirely without parameter fitting to experimental 
data for a naturally cooled methanation reactor with highly reactive and undiluted syngas feed. The modelled 
results of Co-SOEC syngas methanation agree well with the experiments over a wide variety of pressure and 
GHSV. The interaction and limiting factors of mass diffusion, reaction heat removal, kinetics and thermody-
namics can be thoroughly analysed based on the established model, which is a key step for developing highly 
efficient methanation reactor systems in industrial scale.   

1. Introduction 

Successful decarbonisation of our energy sector is substantial to 
ensure stable development for all coming generations on this planet. To 
cover the continuously increasing demand for energy of this world and 
end the emission of greenhouse gases at the same time, renewable en-
ergy generation needs to be multiplied in a short period of time. As a 
result, efficient strategies to store volatile electric energy from renew-
able sources will be needed. [1] Under the term power to gas (PtG) all 
technologies aiming to transfer electric energy to gaseous energy car-
riers are summarized. The methanation of CO2 with renewable hydrogen 
to methane is likely to play an important role in storing surplus electric 
energy. This catalytic process can be described by the Sabatier reactions 
(Eq. 1 and Eq. 2) and the reverse water gas shift reaction (Eq. 3), for 
which Nickel is the most common catalytic material. [2,3]. 

CO2methanation : CO2 + 4H2 ↔ CH4 + 2H2O ΔHR
553 = − 176.4

kJ

mol
(1)  

CO methanation : CO+ 3H2 ↔ CH4 +H2O ΔHR
553 = − 215.9

kJ

mol
(2)  

Reverse water gas shift : CO2 +H2 ↔ CO+H2O ΔHR
553 = 39.5

kJ

mol
(3) 

The methanation technology not only provides high potential for 
long term seasonal storage and future electric grid stabilization, it also 
benefits from the long-lasting experience, existing infrastructure and the 
continuing requirement for methane in the chemical industry. In the 
project “HydroMetha” a consortium of industrial and academic partners 
aim to develop and realize a coupled Co-SOEC and methanation plant to 
achieve the demonstration of an highly efficient PtG system. This work 
on reactor modelling intends to contribute to these methanation 
development tasks. [4]. 

Several recent publications addressing methanation reactor model-
ling can be found. In a substantial work by Gruber et al. [2,5] a 2D CO2 
methanation model including boiling water cooling of a 3 cm diameter 
packed bed reactor was realized. Based on a comprehensive numeric 
analysis of available intrinsic kinetic approaches the authors chose the 
single-step LHHW (Langmuir-Hinshelwood-Hougen-Watson) kinetic by 
Koschany [6] in an adapted version for the model implementation. In 
line with our experience, the author argues that an intrinsic kinetic alone 
is not sufficient to obtain functioning methanation models. Gruber 
therefore considered mass transport limitations through the 
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implementation of an adapted Thiele modulus approach. After some 
numeric adjustments the model results were compared by Gruber to 
experimental findings and reveal good agreement. 

In Table 1 recent methanation modelling publications are listed and 
compared by their reactor and model characteristics. It can be seen that 
all models are based on cooled reactor systems leading to a more stable 
modelling setting with lower risk of thermal runaway. In contrast, the 
underlying work aimed at modelling an uncooled, far more adiabatic 
reactor system with cooling only by natural convection. Uncooled 
methanation reactors are used in pilot and industrial scale in the 
TREMP® process by Haldor Topsoe A/S, which come to use for the 
methanation of gasified biomass within the project GoBiGas. [16,17] 
Furthermore, exclusively CO2 methanation was investigated in the listed 
studies, most often in stoichiometric mixtures with H2 in the feed. 

Based on a comparison of recent publications on two-phase catalytic 

methanation reactor modelling a research gap can be derived including 
following important aspects:  

• Methanation of gas mixtures containing carbon monoxide  
• Methanation of over-stoichiometric hydrogen shares  
• Reactor systems with natural cooling at ambient air  
• Reactor systems with diameters > 30 mm resulting in high radial gas 

velocity gradients 

This works aim is to contribute in closing the above mentioned 
research gap in methanation modelling. 

Most methanation modelling studies include effective methanation 
reaction kinetics by power law related Thiele modulus approach or 
through implementation of a particle model. Mass transfer limitation in 
methanation reaction models was considered via a catalytic efficiency 

Nomenclature 

Abbreviations 
0D, 1D, 2D, 3D zero dimensional, one dimensional, two 

dimensional, three dimensional 
CFD Computational fluid dynamics 
COx Carbon oxides (carbon monoxide, carbon dioxide) 
Co-SOEC High-temperature co-electrolysis 
GHSV Gas hourly space velocity 
LHHW Langmuir-Hinshelwood-Hougen-Watson 
Nl Standard litre 
PtG Power to Gas 
wt Weight 
Symbols 
a Reactor inlet cross-sectional aream2 

Ainlet Reactor inlet cross-sectional aream2 

Aparticle Molar heat capacity W
mol•K 

Cp Molar heat capacity W
mol•K 

cp Specific heat capacity W
kg•K 

Dik Particle diameter of catalyst/inert pellet m 
Dm

i Particle diameter of catalyst/inert pellet m 
Dreactor Particle diameter of catalyst/inert pellet m 
dparticle Particle diameter of catalyst/inert pellet m 
dreactor Inside diameter of the reactorm 
hreactor Molar massmol

kg 
M Molar massmol

kg 
I Identity vectorm2 

ji Diffusive flux of species i kg
m2•s 

Kp,COM Equilibrium constant (pressure based) CO 
methanationPa−2 

Kp,rWGS Equilibrium constant (pressure based) for reverse WGS- 
kb Boltzmann constant W

m2K4 

Nu Nusselt-number- 
p Prandtl-number- 
Pr Prandtl-number- 
q Heat flux (conduction) W

m2 

Q Heat sourceW
m3 

RaH Rayleigh-number- 
Rgas TemperatureK 
Ri TemperatureK 
rj TemperatureK 
Sv TemperatureK 
T TemperatureK 
u Collision integral- 

V̇in Collision integral- 
Vparticle Collision integral- 
wi Collision integral- 
xi Collision integral- 
α Collision integral- 
Ω Collision integral- 
ε/kb Potential energy minimum of the Lennard-Jones/ 

Stockmeyer potential divided by the Ludwig-Boltzmann 
constantK 

εbed Bed porosity- 
εrad Emissivity- 
η Heat conductivity W

m•K 
κ Heat conductivity W

m•K 
λ Heat conductivity W

m•K 
μ Dipole momentC • m 
μD Dipole momentC • m 
ν Stoichiometric factor- 
νij Stoichiometric factor- 
ρ Characteristic length of the Lennard-Jones/Stockmayer 

potentialm 
σ Characteristic length of the Lennard-Jones/Stockmayer 

potentialm 
Subscripts and superscripts 
cond Conduction 
conv Convection 
diff Diffusion 
ext External 
eff,Thiele Effective conventional Thiele-based approach 
gas Gaseous phase 
gas − wall From gas to wall 
i Species i 
j Reaction j 
k Species k 

lam Laminar 
rad Radiation 
reactor Reactor 
reaction Reaction derived 
RobSat Method by Roberts and Satterfield 
solid Solid phase 
solid − gas From solid pellet bed material to gas 
solid − wall From solid to wall 
sup Superficial 
turb Turbulent 
vis Viscosity  
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factor in Schlereth and Hinrichsen [12], Kiewidt and Thöming [15] and 
Kreitz et al. [20]. Schlereth and Hinrichsen used a particle model based 
on an adapted dusty-gas approach by Skrzypek et al. [21] to calculate 
the catalytic efficiency factor. Schlereth and Hinrichsen [12] found 
values lower than 0.05 and up to 0.8 for a 20 mm reactor and 5 mm 
particles. Kiewidt and Thöming [15] calculated the effectiveness factor 
from the Thiele modulus for first-order reactions with CO2 as the 
limiting species. The calculated effectiveness factor varies between 0.05 
and 0.4 for a 25 mm reactor and 3 mm pellets. [15] Kreitz et al. 
modelled a 2 mm reactor with a particle size of 0.4 mm and found cat-
alytic efficiencies between approximately 0.45 and above 0.95. The 
authors Kreitz et al. referenced the approach shown by Schlereth and 
Hinrichsen [12] and Ducamp et al. [14] for the calculation of the cata-
lytic efficiency. Gruber et al. [2,5] found lowest values for catalyst ef-
ficiencies at temperature peaks of external catalyst efficiency to be 
around 0.35 and intra-particle catalyst efficiency of roughly 0.03. [2,5] 
Ducamp [14] reported catalyst efficiencies based on a pellet model 
below 0.2 over a wide range of reactor length and around 0.08 at the 
lowest point for both methanation reactions. The modelling and 
experimental trials were conducted at 4 bar and 25 Nl/min of stoi-
chiometric CO2/H2 mixture together with 50 Nl/min of argon to limit 
reactor temperature. 

Furthermore, the modelled reactor in this work has a significantly 
wider diameter of 80 mm resulting in high gas velocity gradients in 
radial direction, compared to those 2D models in literature (2–30 mm). 
While some studies deal with wall coated catalysts [9,22]) or very fine 
catalyst pellets [11], Gruber [2] (~5 mm), Schlereth and Hinrichsen 
[12] (3 mm), Lefebvre [7] (3 mm), Sun and Simakov [13] (3 mm) along 
with our working group (2.8–6.3 mm) focused on using larger catalyst 
pellets in a commercially available and industrial scale. 

In the underlying work a large focus was placed on reaction effi-
ciency investigation. As can be drawn from Eqs. 47–50 the catalytic 
efficiency is a function of the catalyst particle diameter and the Sher-
wood number, which again is a function of the Reynolds number and 
therefore the gas velocity. The lower the gas velocity and the larger the 
catalyst pellet the lower the catalytic efficiency. For the used setup with 
a relatively large reactor diameter of 80 mm and therefore low gas 

velocities and large catalyst particles even lower catalytic efficiency 
than found in literature must be expected. The effective catalyst effi-
ciency is calculated via a common nth-reaction order Thiele modulus 
approach for power law kinetics and a method proposed by Roberts and 
Satterfield [23] for LHHW kinetics. This expression was a key step to 
enable stable and accurate modelling of the uncooled methanation 
system. 

2. Model design 

For the simulation of a laboratory scale methanation reactor a 2D 
axisymmetric model was created with the simulation software Comsol 
Multiphysics®, which will be thoroughly described in the following 
chapter. 

2.1. Model geometry and packed bed characteristics 

The geometry of the model corresponds to the laboratory reactor 
design. The main dimensions, such as inner and outer diameter, catalyst 
bed height, inert bed heights and reactor wall thickness represent the 
original size. Furthermore, it is of particular importance to include gas 
inlet and gas outlet pipes in the original dimensions, because the high 
incoming gas velocity as a consequence of the small inlet diameter of 
4 mm has a significant influence on the gas distribution within the 
catalyst bed and therefore the modelling results. Nevertheless, the exact 
flange design was not considered to be important, therefore, the reactor 
flanges were neglected in the model geometry. The simplified reactor 
geometry includes smoother transitions via relatively large transition 
radii between the small inlet and outlet diameter of 4 mm and the 
reactor diameter of 80 mm to enhance the stability of the model. In 
Fig. 1 and Fig. 2a schematic representation of the reactor model and the 
corresponding model geometry is shown. 

As can be derived from Fig. 2 four domains are distinguished, rep-
resenting the lower inert bed domain including the inlet pipe, the upper 
inert bed domain including the outlet pipe, the catalyst bed domain in 
the centre and the reactor wall domain. The spherical catalyst pellets 
have significant polydisperse character, leading to a decrease in bed 

Table 1 
Overview of established methanation reactor models including model characteristics.  

Author Exp. verif./ 
Catalyst eff. 

Model Reactor (active 
catalyst mat.) 

dReactor 
dparticle 
[mm] 

GHSV [h-1] Feed gas Pressure 
(abs.) 
[bar] 

Kinetic 
approach 

This work Yes/Yes 2D 
stationary 

Uncooled packed bed 
(Ni) 

80 
2.8–6.3 

2000–8000 H2/CO/CO2; 
3% 
overstoich. 

1–10 Rönsch[18] (LHHW) 

Gruber[2,5] (2020) Yes/Yes 0D/2D/3D 
stationary 

Cooled packed bed 
(Ni) 

30 
5 

7692–38462 H2/CO2: 
4/1 

1–30 Koschany[6] (modified, 
LHHW) 

Lefebvre[7] (2020) No/Yes 1D 
stationary/ 
transient 

Cooled packed bed 
tube bundle (Ni) 

20 
3 

59683 H2/CO2/ 
CH4: 
4/1/1 

20 Lefebvre[8] (power law) 

Vázquez[9] (2018) Yes/No 1D/2D 
stationary 

Heat exch. reactor (Ni) 2 
wall 
coated 

4400 H2/CO2: 
4/1; 6/1 

atm.; 5 Xu and Froment[10] 
(adapted, LHHW) 

Try[11] (2018) Yes/Yes 2D 
stationary/ 
transient 

Cooled packed bed 
(Ni) 

6 
0.34 

15000 H2/CO2: 
4/1 

2.5 Xu and Froment (LHHW) 

Schlereth and 
Hinrichsen[12] 
(2014) 

No/Yes 2D 
stationary 

Cooled packed bed 
(Ni) 

20 
3 

5000 H2/CO2: 
4/1 

10 Xu and Froment (LHHW) 

Sun and Simakov[13] 
(2017) 

No/No 1D transient Heat exch. reactor (Ni) 200 
3 

100–50000 H2/CO2: 
4/1 

5 Xu and Froment (LHHW) 

Ducamp[14] (2017) Yes/Yes 2D 
stationary 

Cooled packed bed 
(Ni) 

20 
1.5–6 

15157 (excl. 
Ar) 

H2/CO2/Ar: 
4/1/10 

4, 8 Xu and Froment (LHHW) 

Kiewidt and Thöming 
[15] (2015) 

Yes/Yes 1D 
stationary 

Cooled packed bed 
(Ru) 

25 
3 

6000, 15500 H2/CO2: 
4/1 

1–20 Lunde and Kester[19] 
(Ruthenium) 

Kreitz[20] (2019) No/No 1D 
stationary/ 
transient 

Cooled packed bed 
(Ni) 

2 
0.4 

2000–5000 H2/CO2: 
0.25–8 

8 Koschany (LHHW)[6]  
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porosity. According to formulations by Tsotsas [24] for polydisperse 
spherical pellet beds a catalyst bed porosity of 0.389 was calculated 
including a manual measurement of the pellet size distribution of the 
catalyst spheres. Starting from this minimum value in the centre of the 
bed the radial increase of catalyst bed porosity towards the reactor wall 
was included by an approach presented by Winterberg et al. [25]. The 
intra-particle porosity of the catalyst particles is necessary to enable 
calculation of volume specific reaction rates and was experimentally 
determined to be 0.67 by weighing and dimension measurement. The 
size of the inert stoneware balls is with a diameter of about 9.5 mm 
larger compared to the catalyst spheres (2.8–6.3 mm) and its particle 
size distribution is less wide. A bed porosity of 0.37 was defined for the 
inert bed centre and its polydisperse character was neglected. The radial 
bed porosity distribution was considered analogously to the catalyst 
bed. Additionally, mixing of smaller catalyst pellets into the inert bed 
and vice versa likely occurred during reactor assembly at the bed in-
terfaces. As a consequence, the boundary between inert and catalyst bed 
should not be expected to be as perfectly sharp in the experimental setup 
as in the model. The most important reactor and bed parameters are 
listed in Table 2. 

2.2. Determination of pressure and velocity fields from mass and 
momentum equations 

The transport of mass and momentum in porous media was calcu-
lated for each of the three bulk domains described above. The bulk 
domains were defined as porous, thus the Brinkman equations were 
chosen to compute the gas velocity and pressure fields in porous media. 
[26] The Brinkman equations are always solved as a combination of 
continuity equation and momentum equation and are given in the ap-
pendix for stationary flow of compressible Newtonian fluids excluding 
gravity and the Forchheimer drag. 

The permeability κ of the packed bed is calculated by the Kozeny- 
Carman equation in Equaiton 4, whereby all particles are considered 

Fig. 1. Schematic drawing of the methanation reactor of the laboratory test 
plant including a multi-thermocouple with seven measurement points. 

Fig. 2. Graphical representation of the methanation reactor system as the basis 
for a model in Comsol Multiphysics including 4 domains: Catalyst bed (1); 
Upper inert bed (2); Lower inert bed (3); Reactor wall (4). 

A. Krammer et al.                                                                                                                                                                                                                               



Journal of CO2 Utilization 62 (2022) 102059

5

as spheres. 

κ = dparticleεbed
3

180(1 − εbed)2
(4) 

The value dparticle corresponds to the mean particle diameter of the 
catalyst spheres respectively the inert stoneware balls of the upper and 
lower inert beds. The particle diameters were determined based on a 
representative manual size measurement [26–28]. 

The feed gas volume flow is defined in the model via the input gas 
velocity. For comparability of different reactor systems the volume flow 
can be transferred into the gas hourly space velocity (GHSV) according 
to Eq. 5 and Eq. 6 serving as plant capacity, respectively catalyst load. 
The GHSV is calculated as the quotient of input gas flow at standard 
pressure and temperature and total catalyst bed volume. Nevertheless, 
for the comparison of different reactor systems based on the GHSV (Eq. 5 
and Eq. 6) further important performance influences, such as reactor 
pressure, active material load or catalyst density need to be taken into 
account. 
V̇ in = uin • A inlet (5)  

GHSV = V̇ in

Vreactor

Tin

TN

pN

preactor

(6)  

2.3. Determination of species concentrations from mass transport 
phenomena 

The mass balance was implemented according to Eq. 7 including 
convective mass transport and mass dispersion in the catalyst bed. 
∇ • ji + ρ(u • ∇)wi = Ri (7) 

Longitudinal dispersion was implemented based on the Edward and 
Richardson correlation [29] (Eq. 8) and lateral dispersion by the Gunn 
correlation [30] (Eq. 9). 
Di, long

Di, m

= 0.73 ε+ 0.5

(

1+ 9.49 ε

Reparticle Sc

)

Reparticle Sc (8)  

Di, lat

Di, m

= ε

1.91
+ Reparticle Sc

11 − 4 exp (− 7
Reparticle

(9) 

The molecular diffusion was determined by a mixture-averaged 
approach. The binary diffusion coefficients Dik for each species i in 
any other species k are calculated within the “Chemistry” interface of the 
program based on the kinetic gas theory (see also section “Determination 
of thermodynamic and transport properties”). [31,32] For this reactor 
model the thermal diffusion, the transport of mass driven by tempera-
ture gradients described as the Soret effect, is of irrelevant magnitude 
and therefore was neglected by setting all thermal diffusion constants DT

i 
to zero. [33]. 

An important value for the methanation performance is the com-
bined CO and CO2 conversion, which will be called COx conversion 
within this work. It is defined as the amount of transformed CO and CO2 
related to the amount of CO and CO2 fed to the reactor system as shown 
in Eq. 10. 

COX − conversion =
(

jCO,in − jCO,out

)

+
(

jCO2,in − jCO2,out

)

jCO,in + jCO2,in

(10)  

2.4. Determination of the temperature from heat balance equations 

For the heat balance of each of the three bulk domains it has been 
distinguished between a fluid phase (Eq. 11) and a solid porous phase 
(Eq. 12). While for the mass balances a homogenous porous phase was 
considered, a heterogeneous bulk phase was used concerning heat 
transfer. Thus, two predefined software heat transfer interfaces, a “Heat 
Transfer in Fluids” interface for the gaseous phase and a “Heat Transfer 
in Solids” interface for the solid porous phase, were set up. This parallel 
heat balances approach for both continua enables to determine the 
temperature for the solid as well as for the gaseous phase. 
ρgas cp,gas u • ∇Tgas +∇ • (λgas ∇Tgas) = Qsolid−gas (11)  

∇ • (λsolid ∇Tsolid) = −Qsolid−gas +QReaction (12) 
Two temperature values, one for the gas and one for the solid phase, 

enables to estimate if heat transfer limitation between solid pellets and 
gaseous phase exists. 

The reaction heat source QReaction is introduced to the solid phase 
within the catalyst bed domain because the exothermal reaction takes 
place at the active sites of the solid catalyst. The reaction heat term does 
not exist for the inert bulk domains. 

Also the heat transfer between gaseous and solid phase is imple-
mented in the form of a heat source Qsolid−gas and is based on Nusselt- 
relations for the particle-fluid heat transfer by fluid flow in bulk mate-
rial as described in Eqs. 13 to 22. [24]. 
Qsolid−gas = αsolid−gas Sv (Tgas −Tsolid) (13)  

αsolid−gas =
Nusolid−gas λgas

dparticle

(14)  

Nusolid−gas = fa (2 +
̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅

Nu2
sg,lam + Nu2

sg,turb

√

) (15)  

Nusg, lam = 0.664
̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅

Reparticle

√
̅̅̅̅̅

Pr
3
√ (16)  

Nusg, turb =
0.037 Re0.8

ε Pr

1 + 2.443 Re−0.1
ε (Pr

2
3 − 1)

(17)  

Reparticle =
usup dparticle

ν εbed

(18)  

Pr = ν

a
(19)  

fa = 1+ 1.5 ∗ (1− εbed) (20)  

Sv = (1− εbed)
Aparticle

Vparticle

(21)  

a = λgas

ρ cp

(22) 

The heat transport within the solid phase of the catalyst bed was 
implemented by an effective heat conduction value for packed spherical 
beds λsolid calculated based on the well-known model by Zehner, Bauer 
and Schlünder [34–37]. 

Furthermore, heat fluxes from the gaseous phase to the wall qgas−wall 

Table 2 
Methanation reactor dimensions and packed bed parameters.  

Inner reactor diameter 80 mm 
Reactor wall thickness 4.45 mm 
Catalyst bed height 50 mm 
Catalyst pellet diameter 90% of catalyst mass between 2.8 mm and 6.3 mm 
Catalyst bed porosity 

(centre) 
0.389 

Catalyst intra-particle 
porosity 

0.67 

Catalyst composition Alumina (72.2 wt%), Calcium Oxide (5.6 wt%), Nickel 
(22.2 wt%) 

Inert stoneware ball 
diameter 

~9.5 mm 

Inert bed porosity (centre) 0.37 
Lower inert bed height 100 mm 
Upper inert bed height 150 mm  

A. Krammer et al.                                                                                                                                                                                                                               



Journal of CO2 Utilization 62 (2022) 102059

6

(Eq. 23) as well as from the solid phase to the wall qsolid−wall (Eq. 24) are 
implemented. 
qgas−wall = αgas−wall (Tfluid −Twall) (23)  

qsolid−wall = αsolid−wall (Tsolid −Twall) (24) 
The required heat transfer coefficient between gas and wall αgas−wall 

was defined by the Nusselt-relation for heat transfer in cylindrical pipes 
with laminar flow as shown in Eq. 25 and Eq. 26. [24]. 

αgas−wall =
Nugw, lam λgas

dreactor

(25)  

Nugas−wall, lam = 3.66 (26) 
For the description of the heat transfer between the packed pellet bed 

and reactor wall the solid-wall heat transfer coefficient αsolid−wall is 
determined as given in Specchia et al. [38] (Eq. 27). For spherical par-
ticles the equation can be reduced to a less complex form. The imple-
mentation of the heat transfer approach by Specchia was crucial, since it 
is based on low gas turbulences, and therefore fits well to the flow 
characteristics in the modelled reactor. 

αsolid−wall =
λgas

dparticle

(2 εbed +
1 − εbed

λgas

λsolid
+ 1

) (27) 

Finally, the heat balance for the reactor wall solves as shown in Eq. 
28. 
∇ • (λwall ∇Twall) = 0 (28) 

The heat fluxes at the inner boundaries of the wall, qsolid−wall and 
qgas−wall, were already described above and are implemented analogously 
to the heat balance of the wall domain only with an opposite sign up 
front. At the outside boundaries the heat flux from the reactor wall to the 
surrounding atmosphere by natural convection qext conv (Eq. 29 to Eq. 31) 
and external radiation qext rad (Eq. 32) read as 
qext conv = αext conv (Text −Twall) (29)  

αext conv =
λgas

hreactor

(4
3

(

7 RaHPr

5(20 + 21 Pr)

)1
4

+ 4(272 + 315Pr)hreactor

35(64 + 63Pr)Dreactor

)

(30)  

RaH =
g ρgas,ext cp,gas,ext

⃒

⃒ρgas,ext − ρwall

⃒

⃒hreactor
3

λgas, ext μgas,ext

(31)  

qext rad = εradkbTwall
4 (32) 

The emission coefficient εrad for the reactor material made of stain-
less steel was estimated at 0.55 [39]. 

2.5. Determination of reaction rates based on LHHW kinetic approach 
and catalyst efficiency 

Some methanation models [5] rely on a one-step kinetic approach 
based on the CO2 methanation reaction (Eq. 1), most use the three-step 
approach by Xu and Froment [10]. The intrinsic reaction kinetics for this 
work are based on a two-step kinetic approach by Rönsch et al. [18] 
presented in the form given by Gruber [2] as given in Eq. 33 and Eq. 34. 
In this transparent form the ‘Arrhenius term’ ( −
k1 KC KH

2pCO
0.5pH2), ‘driving force’ (1− pCH4pH2O

pCOpH23Kp,COM
) and ‘adsorption 

term’ ( 1
(1+KCpCO

0.5+KHpH20.5)3) can be easily distinguished. The two-step 
methanation kinetics formally represents the CO methanation reaction 
(Eq. 2) and the reverse water gas shift reaction (Eq. 3). In combination, 
these two reactions represent the CO2 methanation reaction path as 
well. 

rCOM, intr =
−k1 KC KH

2pCO
0.5pH2(1 − pCH4pH2O

pCOpH2
3Kp, COM

)
(1 + KCpCO

0.5 + KHpH2
0.5)3

[ mol

kgcat s
] (33)  

rrWGS, intr =
k2

pH2
pCO pH2o(1 − pH2pCO2

pCOpH2OKp,rWGS
)

(1 + KCOpCO + KH2pH2 + KCH4pCH4 + KH2O
pH2O

pH2
)2

[ mol

kgcat s
]

(34) 
For the underlying methanation model it is important to take heat 

and mass transfer limitations into account by using reaction efficiency 
factors, limiting the intrinsic reaction rate by a factor ranging between 
zero and one as given in Eqs. 35 and 36. Catalytic efficiencies above one 
would also be possible for highly exothermal reactions due to a decrease 
in inhibiting effects, e.g. by higher temperatures within the catalyst 
increasing the reaction kinetics compared to the pellet surface condi-
tions, although this was not found in the present study. [40,41] Inhi-
bition by diffusion limitation leading to catalyst efficiencies below one is 
in particular significant in methanation for highly active and undiluted 
feed gas, as was used in the underlying work. 
rCOM, eff = rCOM, intr • ηeff ,COM (35)  

rrWGS, eff = rrWGS, intr • ηeff ,rWGS (36) 
An approximation of the catalytic efficiency between a power law 

type and a LHHW type approach was established. The catalyst efficiency 
is on the one hand described based on a Thiele modulus approach 
intended for power law kinetics as given in Eq. 37 to Eq. 44. [2,42] The 
catalyst efficiency for power law equations via a nth-order Thiele 
modulus as discussed in Jess and Wasserscheid [42] and Gruber [5] was 
found to be sufficiently exact in our model for efficiency values above 
10%. 
ηeff pl,j = ηext, j ∗ ηpore,j (37)  

ηpore,j =
1

Φj

( 1

tanh
(

3 • Φj

)− 1

3 • Φj

)( 38)  

ηext,j =
1

1 + 0.6
Sh

Φj tanh
(

Φj

) (39)  

Φj =
dparticle

6
•

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅

nj + 1

2
•

kj,V ρparticle c
nj−1

CO

Deff , CO

√

(40)  

kCOM,V = kCOM,m • R • T

p2
[ m3

kgcat s
] (41)  

kWGS,V = kWGS,m • R • T

[

m3

kgcat s

]

(42)  

Deff ,CO = Ψcat

τcat

• 1
1

Dm
CO

+ Dknu,CO

(43)  

Dknu,CO = dpore

3
•

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅

8 R T

π MCO

√

(44) 

On the other hand for catalytic efficiencies < 10% the approximated 
function tends towards a different approach by Roberts and Satterfield 
[23]. This formulation shown in Eq. 45 was established particularly for 
LHHW kinetic approaches and for small catalytic efficiencies. In the 
course of the model development this approach was found to be more 
accurate for low catalytic efficiencies. 

ηeff lhhw,j =
̅̅̅

2
√

Φj

(1 + K pCO

K pCO

)(K pCO − ln(1 + K pCO))1/2 (45) 

As Robersts and Satterfield [23] explained, if diffusional resistance 
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within a particle is high (low catalytic efficiency) the reactant partial 
pressure might decrease from a higher value at the pellet surface to a 
value close to zero towards the pellet centre. As a result a wide range of 
concentrations occur within a catalyst pellet. The resistance of reaction 
rate by adsorption of educts onto or desorption of products from the 
active sites must be considered for the determination of catalyst effi-
ciency. Roberts and Satterfield [23] considered adsorption effects for 
LHHW type of rate equations. Conventional power law type catalytic 
efficiency equations may approximate LHHW rate expressions well in a 
narrow range of concentrations within a catalyst pellet, but are less 
accurate for very low catalytic efficiencies. As a consequence, for high 
catalytic efficiencies (>10%) the power law based formulation was 
found to sufficiently accurate and the LHHW based expression was far 
off. At low catalytic efficiencies (<10%) the LHHW based expression 
delivered the best results, while too small and therefore not useful cat-
alytic values were obtained with power law based efficiency equations. 
To find a practicable solution for the model the two strategies were 
merged via a hyperbolic tangent function to approximate the total cat-
alytic efficiency as given in Eq. 46. The hyperbolic function is set up to 
be dominated by the power law approach above a threshold of 0.01, and 
on the other hand mostly be defined by the LHHW efficiency when 
approaching this threshold. 
ηeff ,j = ηeff pl,j(tanh(10 • ηcat pl,j − 0.01))+ ηeff lhhw,j ∗ (1− tanh(10

• ηeff lhhw,j − 0.01)) (46) 
As a consequence, at higher values above 10% the conventional 

method for power law kinetics is dominating the final efficiency, while 
for low values the method by Roberts and Satterfield designed for LHHW 
kinetics takes over. However, the exact threshold of 0.01 remains a 
result of arbitrary definition in the course of model development. 

To obtain a volume related value the effective volume specific re-
action rate rj,eff ,V can be calculated as given in Eq. 47 with the total bed 
density ρbed which considers the bed porosity εbed as well as particle 
porosity εparticle . 
rj, eff , V = rj, eff • ρbed = rj, eff • ρsolid (1− εbed)(1− εparticle) (47) 

The equilibrium constants Kp,COM and Kp,rWGS were calculated from 
correlations published by Elnashaie and Elshishini [43] described in Eq. 
48 and Eq. 49, whereas for Kp,COM the unit [Pa−2] has to be considered. 

Kp,COM = 1

1.026676 • 1010
• exp

(

26830 [K]
Tsolid

− 30.11

)

[Pa−2] (48)  

Kp,rWGS = 1

exp
(

4400 [K]
Tsolid

− 4.063
) [ − ] (49) 

Finally, with the reaction rate rj of each reaction j the formation rate 
Ri of a species i can be determined as given in Eq. 50 and Eq. 51. 
Rij = νijrj (50)  

Ri =
∑

j

Rij (51)  

2.6. Determination of thermodynamic and transport properties 

In addition to the implementation of the kinetic expressions also the 
species related transport properties, such as the binary diffusion co-
efficients Di,k (Eq. 52), the viscosities μi (Eq. 53) and conductivities λiof 
the gas species (Eq. 54) are calculated within the model. The diffusion 
coefficients and the viscosity are determined based on the kinetic gas 
theory according to Brokaw [31] via the Collision integral Ω given in 
Neufeld et al. [44] as predefined in the model software. 

Di,k = 2.628 • 10−22

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅

T3(Mi + Mk)
/

(2 • 103MiMk)
√

pσiσkΩDiff

(52)  

μi = 2.669 • 10−6

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅

T Mi • 103
√

σi
2Ωvis

(53) 

The thermal conductivity λi is calculated via the Stiel-Thodos equa-
tion [45]. 

λi = μi •
1.15 Cp,i + 0.88Rgas

Mi

= 2.669 • 10−6

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅

T Mi • 103
√

σi
2Ωcond

• 1.15 Cp,i + 0.88Rgas

Mi

(54) 

The three gas transport property values for each of the gas species, 
the Lennard-Jones/Stockmeyer potential σ, the potential energy mini-
mum of the Lennard-Jones/Stockmeyer potential divided by the Boltz-
mann constant ε/kb (frequently listed form in literature) and the dipole 
moment μD were taken from literature [39,46,47] and are listed in the 
Appendix. 

The thermodynamic properties of each gas species such as the molar 
heat capacity Cp,i, the molar enthalpy hi and the molar entropy si were 
calculated based on NASA polynomials as shown in Eq. 55 to Eq. 57. The 
corresponding polynomial constants are listed in the Appendix. [26,32, 
48]. 
Cp,i = Rgas (a1,i + a2,i • T + a3,i • T2 + a4,i • T3 + a5,i • T4) (55)  

hi = Rgas (a1,iT + a2,i •
T2

2
+ a3,i •

T3

3
+ a4,i •

T4

4
+ a5,i •

T5

5
+ a6,i) (56)  

si = Rgas (a1,iln
T

T0

+ a2,i • T + a3,i •
T2

2
+ a4,i •

T3

3
+ a5,i •

T4

4
+ a7,i),T0

= 1[K]
(57) 

An extremely dense mesh was used for the model with a total number 
of 96731 elements of triangular shape. A central section of the used 
mesh is displayed in Fig. 3 including catalyst bed, lower and upper inert 
bed interface and reactor wall. The maximum size of a triangular 

Fig. 3. Section of the mesh used for model computation showing the catalytic 
bed, lower and upper interface to inert bed and reactor wall. 
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element within the packed bed section is 0.3 mm and for the reactor wall 
3.4 mm. A mesh test was conducted based on the temperature result in 
dependence of mesh density. The highly dense mesh was necessary since 
temperature peak within the first millimetres of the catalyst bed would 
slightly decrease at lower mesh density as Figure C.1 and Figure C.2 
indicate. 

3. Experimental 

An existing lab-scale setup has been used to acquire reference data 
from experiments for extensive model validation. The modelled reactor 
equals the real setup in all relevant properties, an uncooled 80 mm 
diameter packed bed reactor filled with Nickel-based commercial cata-
lyst spheres (Meth 134®). The nominal operating temperature is 260 ◦C 
and 510 ◦C, but it can withstand temperatures of 700 ◦C for short pe-
riods of time. The most important reactor parameters can be found in 
Fig. 1 and Table 2. For start-up and the catalyst activation procedure at 
elevated temperatures a reactor heater was installed. In operation the 
heaters can be flipped aside easily and then only cooling by natural 
convection of ambient air affects the polytropic reactor behaviour 
externally. The feed gas is mixed from gas bottles via mass-flow con-
trollers. The feed gas composition (Table 3) equals Co-SOEC syngas and 
is based on experimental experiences from our partners of the 

HydroMetha project. The syngas contains a hydrogen excess of 3% 
above stoichiometry, at full conversion of CO and CO2 this would result 
in a product concentration of roughly 9 vol.-% unconverted hydrogen 
and 91 vol.-% methane. However, full conversion could not be reached 
with the modelled setup including only one reactor, but conversions 
above 99% were achieved with three serial reactors of this kind not 
reported in this paper. A small excess of hydrogen in the feed gas reduces 
the carbon formation tendency significantly, which was explained in 
greater detail by Krammer et al. [4]. A proportional valve downstream 
the reactor equipment controls the plant pressure. The product gas can 
be analysed by a gas analysing system (ABB Advanced Optima AO2000). 
The axial reactor temperature distribution is measured with a 
multi-thermocouple inside the reactor (Fig. 1) which is placed with a 
radial offset of 25 mm from the centre axis. Plant pressure is determined 
by a pressure transmitters just downstream the reactor. Finally, a torch 
enables controlled burning of all the process gases. In the work of 
Krammer et al. [4] and Medved et al. [49] a detailed description of the 
used lab-scale methanation test plant can be found, the latter including a 
detailed corresponding piping and instrumentation diagram of the 
setup. 

The accuracy and quality of a model can be determined based on a 
thorough comparison to experimental results. Therefore, the model was 
compared to experiments under variation of GHSV, respectively input 
volume flow, and outlet pressures. For highly active Co-SOEC syngas 
feed modelling and experiments at GHSV values of 2000 h-1, 4000 h-1, 
6000 h-1 and 8000 h-1 and pressures in the range of 1 bar, 2 bar, 4 bar, 
6 bar, 8 bar and 10 bar were conducted. 

4. Results and Discussion 

Agreement of experimental and modelling results could be demon-
strated based on comparison of reactor temperature, COx conversion 
and output concentration to prove the good accuracy of the model. The 

Table 3 
Composition of Co-SOEC syngas used as methanation feed gas.  

Gas species 
/Process parameters 

Co-SOEC syngas 

H2 76.8 vol.-% 
CO 18.3 vol.-% 
CO2 4.9 vol.-% 
GHSV [h-1] 2000–8000 
Pressure [bar] 1–10  

Fig. 4. Experiment-model-comparison of axial temperature profiles at a radial offset of 25 mm from the central reactor axis for a lab-scale packed bed methanation 
reactor at 4000 h-1 GHSV and Co-SOEC syngas feed. 
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axial temperature profile with a radial offset of 25 mm from the central 
axis measured with the multi-thermocouple is compared to the modelled 
temperatures at the same position in Fig. 4, Fig. 6, Figure D.1 and 
Figure D.2. The characteristics of the axial temperature profiles can be 
thoroughly discussed based on the 4000 h-1 (equal to 16.7 Nl/min) 
experimental results shown in Fig. 4. The experimental and modelled 
temperature curves at 4000 h-1 were determined at pressures of 1.3, 4.1, 
6.3, 8.0 and 10.1 bar. 

All profiles are characterized by a rapid temperature increase from 
approximately 100 ◦C at the entrance of the lower inert bed (not inlet) to 
certainly above 600 ◦C and up to 735 ◦C in the initial catalyst zone as a 

consequence of exothermic reaction heat release. The steep axial tem-
perature curve close to the interface of lower inert and catalyst bed 
(<0.1 m) of approximately 14 K/mm clearly reflects the high initial 
reaction rate in the catalyst zone. By effective heat conduction and ra-
diation within the catalyst bed, the released reaction heat spreads not 
only downstream and in radial direction but also upstream into the 
lower inert bed preheating the incoming gas flow. Downstream heat 
transport is further enhanced by convective heat transport including gas 
dispersion in the packed bed. The temperature profiles peak less than 
1 mm at 10 bar and approximately 11 mm at 1.3 bar into the catalyst 
zone, followed by a continuous decrease of temperature further 

Fig. 5. Modelled effective reaction rate (left ordinate) of CO methanation and water gas shift (wgs) reaction along with catalyst temperature (right ordinate) at 
4000 h-1 and 8 bar. For better visibility the area marked by a red box on the left side is presented at higher resolution on the right. (Reaction rate outside of catalyst 
zone is calculated but does not come into use in the model). 

Fig. 6. Experiment-model-comparison of axial temperature profiles at a radial offset of 25 mm from the central reactor axis for a laboratory packed bed methanation 
reactor at 6000 h-1 GHSV and Co-SOEC syngas feed. 
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downstream. The ascending temperature curve is characterized by a 
small deviation between gas and catalyst temperature. This can be 
explained by heat transport. Only effective heat conductivity and radi-
ation within the solid particle bed transports heat upstream. Heat can 
only be transferred from hotter catalyst to the colder gas requiring 
higher temperature difference in this zone. Therefore, also the positions 
of gas and catalyst temperature peaks differ by a few millimetres. The 
initially high reaction rate at the catalyst entrance rapidly decreases at 
the temperature peak followed by a slow increase of the reaction rate at 
a low level, which is shown by the modelled reaction rate in Fig. 5. 

The increase of reaction rates starting at the temperature peak and 

continuing further downstream is caused by an increase of the ‘driving 
force’ term 1− pCH4pH2O

pCOpH23Kp,COM representing the deviation to thermodynamic 
equilibrium as can be seen in Eq. 33 and is illustrated in detail in 
Figure E.1. The deviation to the thermodynamic limit increases down-
stream the temperature peak as a result of temperature decrease. 

As a consequence, the thermodynamic equilibrium is most likely 
reached in the point of maximum temperature. Downstream of the 
temperature peak the reaction takes place at a far lower rate, and is 
bound to the amount of heat being removed from the catalyst bed. 
Hence, the reactor performance bottleneck in most of the catalyst bed 

Fig. 7. Parity plot of modelled solid temperature and experimentally determined reactor temperature for Co-SOEC syngas feed at 2000 h-1 to 8000 h-1 GHSV and 
1–10 bar pressure including a linear fit of the data. 

Fig. 8. Experiment-model-comparison based on COx conversions at different 
pressures and GHSV values for Co-SOEC syngas feed. Fig. 9. Experiment-model-comparison based on molar fractions at different 

pressures and GHSV values for Co-SOEC syngas feed at dry basis. 
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volume is the heat loss of the reactor system. In conclusion, only within 
the first Millimetres upstream of each temperature peak the reaction is 
determined by kinetics, whereas downstream it is limited by thermo-
dynamics. It should also be noted that the axial position of the tem-
perature peak can vary in radial direction. Although mostly 
thermodynamically limited, the whole reactor system was managed to 
be described correctly by the implemented kinetic expressions, which 
include termination terms. 

With increasing pressure the temperature profiles are lifted to higher 
temperature values in an approximately parallel manner. This tendency 
can be found for the model as well as for the experimental findings and is 
in line with earlier findings [3]. The peak temperature of 618 ◦C is 
reached at 11 mm from the entrance of the catalyst bed at 1.3 bar 
pressure, and 738 ◦C is reached at after less than 1 mm of catalyst bed at 
10 bar. In contrast, highest temperatures measured in the experiments 
were 602 ◦C at 1.3 bar and 687 ◦C at 10.1 bar 25 mm into the catalyst 
bed, hence a few Millimetres further downstream. The 
multi-thermocouple consists of 7 single thermocouples in a 6 mm steel 
encasement. Heat conduction within the multi-thermocouple may have 
dampened the maximum temperature values in the experiments. [2] 
Gruber [5] has taken the issue of heat conduction within a 
multi-thermocouple into account by including the heat conduction ef-
fect along a cylindrical steel encased multi-thermocouple, which was 
positioned in the centre of the reactor, to the model. Unfortunately, it 
was not possible to apply this method to our 2D model because of the 
radial offset of the instrument in our case. However, Gruber found the 
axial heat conduction of the multi-thermocouple to be less than 0.5 
Wm-1K-1, decreasing the measured maximum temperature in the cooled 
reactor system by less than 20 K. Furthermore, the inert bed-catalyst bed 
interface is not characterized by a perfectly sharp transition due mixing 
of spherical particles. Mixing of single spherical particles may have led 
to a fuzzy inert-catalyst interface resulting in distortion of reaction heat 
release and lower temperatures in the experiments. Moreover, a 
reduction of catalytic performance in highly temperature stressed zones 
cannot be ruled out. 

The temperature profile of the 6000 h-1 experiments are likewise in 
good alignment with the model findings. The previously discussed 
qualitative profile shape is again well represented by the model. 
Strongly ascending temperature from the reactor input into the catalyst 
zone is given in both model and experiment followed by slowly 
decreasing temperature. The temperature peaks again differ in value and 
axial position between model and experiment, whereas gas-solid devi-
ation is smaller at higher pressure. While at 10.9 bar pressure the 
highest temperature was modelled with 749 ◦C downstream less than 
1 mm into the catalyst bed, the highest temperature measurement point 
showed 743 ◦C at 14 mm downstream of the catalyst bed interface. 
Again it appears the multi-thermocouple was not sensitive enough to 
replicate the extreme temperature gradients in the catalyst bed and is 
influenced by heat conduction and fuzzy or even incorrectly positioned 
inert-catalyst interface may have influenced the axial temperature pro-
file. However, the pressure effect on the methanation reaction is well 
represented by the model with increasing temperatures at higher 
pressure. 

The experimental and model results from a catalyst load of 2000 h-1 

and 8000 h-1 are shown in Figure D.1 and Figure D.2 in the appendix. In 
analogy to the experiments with 4000 h-1 and 6000 h-1 the temperature 
profile characteristics determined by experiment and by model match 
well. 

A parity plot in Fig. 7 gives the complete picture of the temperature 
deviation between model and experiment for all trials with Co-SOEC 
syngas feed into the first reactor. 

While on the abscissa the modelled temperature is given, the ordi-
nate shows the experimental temperature. Most values are accumulated 
around the diagonal line indicating good temperature alignment of 
model and experiment at the same axial position. However, a group of 
values accumulate at lower experimental temperature than predicted by 
the model. This group of values have a similar offset of approximately 
150 K to their experimental counterpart. We assume that incorrect 
catalyst and inert bed heights in the experimental setup are the main 
reason for this offset. 

Fig. 10. Radial temperature profiles at the catalyst zone inlet (0.1 m reactor height), center (0.125 m reactor height) and outlet (0.15 m reactor height) of solid, gas 
and wall based on the 2D reactor model for a pressure of 8.03 bar and GHSV of 4000 h-1. 
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In addition to the temperature values discussed above, the experi-
mentally determined COx conversion and the concentrations of the 
species at the reactor exit is compared with the results of the model. In 

Fig. 8 and Fig. 9 the COx conversion and the output molar fractions from 
model and experiment are compared. 

The COx conversions evaluated with the model are in very good 
agreement to the experimental results, as can be derived from Fig. 8. As 

Fig. 11. 2D diagram of actual gas velocity (streamlines and color table) based 
on the 2D reactor model at 4.1 bar and 4000 h-1. (The maximum value in the 
color table is limited with 0.1 m/s for better readability of the diagram, 
therefore values higher than 0.1 m/s appear dark red.). 

Fig. 12. Catalytic efficiency (left ordinate) from power law, LHHW and new approximation approaches along with catalyst temperature (right ordinate) over the 
reactor height in the central reactor axis at 4000 h-1 and 8 bar including a closer look (red frame) with higher resolution of the catalyst zone in the right diagram. 

Table A.1 
Thermodynamic properties for all gas species.  

Polynomial factors for CH4 200K ≤ T < 1000 1000K ≤ T < 3500 
a1,CH4 5.15E+ 00 7.49E-02 
a2,CH4 -1.37E-02 1.34E-02 
a3,CH4 4.92E-05 -5.73E-06 
a4,CH4 -4.85E-08 1.22E-09 
a5,CH4 1.67E-11 -1.02E-13 
a6,CH4 -1.02E+ 04 -9.47E+ 03 
a7,CH4 -4.64E+ 00 1.84E+ 01 
Polynomial factors for H2O 200K ≤ T < 1000 1000K ≤ T < 3500 
a1,H2O 4.20E+ 00 3.03E+ 00 
a2,H2O -2.03E-03 2.18E-03 
a3,H2O 6.52E-06 -1.64E-07 
a4,H2O -5.49E-09 -9.70E-11 
a5,H2O 1.77E-12 1.68E-14 
a6,H2O -3.03E+ 04 -3.00E+ 04 
a7,H2O -8.49E-01 4.97E+ 00 
Polynomial factors for CO 200K ≤ T < 1000 1000K ≤ T < 3500 
a1,CO 3.58E+ 00 2.72E+ 00 
a2,CO -6.10E-04 2.06E-03 
a3,CO 1.02E-06 -9.99E-07 
a4,CO 9.07E-10 2.30E-10 
a5,CO -9.04E-13 1.68E-14 
a6,CO -1.43E+ 04 -1.42E+ 04 
a7,CO 3.51E+ 00 7.82E+ 00 
Polynomial factors for CO2 200K ≤ T < 1000 1000K ≤ T < 3500 
a1,CO2 2.34E+ 00 3.86E+ 00 
a2,CO2 8.98E-03 4.41E-03 
a3,CO2 -7.12E-06 -2.21E-06 
a4,CO2 2.46E-09 5.23E-10 
a5,CO2 -1.44E-13 -4.72E-14 
a6,CO2 -4.84E+ 04 -4.88E+ 04 
a7,CO2 9.90E+ 00 2.27E+ 00 
Polynomial factors for H2 200K ≤ T < 1000 1000K ≤ T < 3500 
a1,H2 2.34E+ 00 3.34E+ 00 
a2,H2 7.98E-03 -4.94E-05 
a3,H2 -1.95E-05 4.99E-07 
a4,H2 2.02E-08 -1.80E-10 
a5,H2 -7.38E-12 2.00E-14 
a6,H2 -9.18E+ 02 -9.50E+ 02 
a7,H2 6.83E-01 -3.21E+ 00 

The three gas transport property values for each of the gas species are taken from 
literature [39,46,47] and are listed in Table A.2. 

A. Krammer et al.                                                                                                                                                                                                                               



Journal of CO2 Utilization 62 (2022) 102059

13

expected, the COx conversion generally rises with increasing pressure 
and decreasing GHSV. This effect is predicted by the model as well as by 
the experiments. The deviation in COx conversion between model and 
experiment range from 9.1% underestimation of COx conversion at 
2000 h-1 and 1.2 bar to 4.9% points higher prediction of COx conversion 

than experimentally determined at 8000 h-1 and 8.0 bar. Hence, there is 
a clear offset tendency with GHSV and pressure. 

An analogous picture can obviously be drawn from the molar frac-
tion comparison diagram in Fig. 9. The higher the pressure and the lower 
the GHSV, the more methane is formed. Again, model and experiment 
both represent this trend similarly. Moreover, the prediction of the ab-
solute concentration value by the model is accurate for GHSV of 4000 h- 
1 and higher. In terms of methane mole fraction the absolute deviation 
between model and experiment is only 0.2–3.7% points for 4000 h-1, 
6000 h-1 and 8000 h-1. At 2000 h-1 the methane concentration were less 
accurately predicted with an error of up to 15.6% points at 1.2 bar 
pressure. The CO deviation ranges for all GHSV values from 0.11% to 
2.7% points and for CO2 between 0.05% and 0.76% points but on a 
lower absolute level. For the gas analysis results of the experimental 
investigation a significant error must be considered for higher pressures 
and higher GHSV. Less methane was measured in the product for 
example at 8000 h-1 and 8 bar in comparison the CO and CO2 amounts. 
This can be a result of carbon deposition within the reactor or an sys-
tematic error of the gas analysis. 

The significance of considering two dimensions instead of a 1D 
model for an 80 mm methanation reactor in the model can be validated 
by the results shown in Fig. 10 and Fig. 11. In Fig. 10 the calculated 
radial temperature profiles at the inlet, centre and outlet of the catalyst 
zone and additionally in the centre of the lower inert bed are exem-
plarily given for a pressure of 8 bar. 

As the axial profiles already indicated, at the inlet of the catalyst zone 
the temperature is higher than at the outlet. The radial profiles at the 
centre and the outlet have a similar shape but on a different temperature 
level. The radial profiles at the centre and outlet of the catalyst bed peak 
in the central axis and decrease in temperature in radial direction to-
wards the reactor wall by roughly 80 K. The assumption of a constant 
radial temperature in a 1D model would be a significant loss of model 
accuracy. The temperature difference between gas and solid phase is 
only about 10 K at the catalyst zone inlet and almost zero further 
downstream. The radial temperature profile at the catalyst inlet is 
almost constant with a peak close to the wall. Due to very low gas ve-
locities at the wall the temperature peaks almost immediately compared 
to a few millimetres downstream in the multi-thermocouple axis (Fig. 4), 
as explained earlier. Hence, this unexpected radial profile at the catalyst 
inert interface is a result of different axial gas velocities at different 
radial positions. The temperature within the wall varies only slightly by 
less than 20 K at the different axial positions. But the jump in temper-
ature between the reactor bed and the reactor wall is significant, with 
more than 350 K at the catalyst zone inlet. This shows clearly that an 
important limiting factor of the effective radial heat transport is the heat 
transfer from the reactor bed to the reactor wall. For the example case of 
8 bar and 4000 h-1 the calculated solid-wall heat transfer coefficient 
αsolid−wall (Eq. 37) ranges from 28 W/m2K to 65 W/m2K along the whole 
reactor. 

Moreover, the two-dimensional model allows solving for a gas ve-
locity distribution in axial and radial direction, which for the used 
reactor geometry seems to be crucial (Fig. 11). The small diameter of the 
inlet nozzle leads to very high axial flow in the centre of the lower inert 
bed. Significant gas velocity gradients occur in radial direction within 
the lower inert bed. The gas flow homogenise only within the catalyst 
zone. High transport of reactive gas in the axial centre of the catalyst bed 
and lower gas velocities at the reactor wall are modelled, which have a 
strong effect on the overall reactor performance. These specific flow 
characteristics would be completely omitted in a 1D model. 

The model revealed the importance of implementing the intra- 
particle and particle-bulk-interface mass transfer limitations on the 
effective catalyst performance. The intrinsic catalytic activity is reduced 
by an efficiency factor to an effective, transfer-limited reaction rate 
value (Eq. 47). As displayed in Fig. 12, the catalytic efficiency for the 
example case of 8 bar and 4000 h-1 was found to be in the range of 
0.013–0.016 in the central axis of the catalytic bed. Therefore, only a 

Table A.2 
Transport properties values [39,47].  

Species Potential characteristic 
length of the Lennard- 
Jones/Stockmeyer 
potential 
[angstrom] 

Potential energy 
minimum of the 
Lennard-Jones/ 
Stockmeyer potential 
[K] 

Dipole moment 
[C*m] 

CH4  3.758  148.6 0 
H2O  2.641  809.1 1.8546 * 3.34 * 10- 

30 

CO  3.690  91.7 0.1098 * 3.344 * 10- 
30 

CO2  3.941  195.2 0 
H2  2.827  59.7 0  

Fig. C.1. Comparison of central axial temperature profile at 10.07 bar and 
4000 h-1 with extra fine mesh at 6.8 mm maximum element size and extremely 
fine mesh at 3.4 mm maximum element size including red box marking the 
zoomed in area shown in Figure C.2. 

Fig. C.2. Zoomed in temperature peak central axial temperature profile at 
10.07 bar and 4000 h-1 with extra fine mesh at 6.8 mm maximum element size 
and extremely fine mesh at 3.4 mm maximum element size. 
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Fig. D.1. Experiment-model-comparison of axial temperature profiles at a radial offset of 25 mm from the central reactor axis for a laboratory packed bed 
methanation reactor at 2000 h-1 GHSV and Co-SOEC syngas feed. 

Fig. D.2. Experiment-model-comparison of axial temperature profiles at a radial offset of 25 mm from the central reactor axis for a laboratory packed bed 
methanation reactor at 8000 h-1 GHSV and Co-SOEC syngas feed. 
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small amount of less than 2% of the intrinsic catalytic potential of the 
catalyst can actually be utilized for the example case. The catalytic ef-
ficiency outside of the catalyst bed (0.1–0.15 m) was also calculated and 
is therefore displayed in Fig. 12, but did of course not come into use 
because reaction rate was set to zero in the inert bed zones. 

Moreover, it can be seen in the diagrams that the approximation 
between power law and LHHW approach for the catalytic efficiency was 
necessary for such small values. For low values the power law approach 
was not accurate enough predicting smaller values by approximately a 
factor of 10. However, the LHHW approach by Roberts and Satterfield 
[23] was designed in particular for small numbers and would lead to 
impossibly high values far above one as can be seen in the lower and 
upper inert bed area in Fig. 12. Unlimited reaction rates close to the 
catalytic interface would make computation of such a system highly 
instable and unpractical. The novel approach approximates between the 
two mentioned models and therefore combines the benefits of both 
allowing stability for higher numbers and accuracy at lower numbers at 
the same time. 

5. Conclusions and Outlook 

A detailed, stable and accurate model of a polytropic 80 mm diam-
eter packed bed methanation reactor system was established. The 2D 
model shows good correlation with experimental results over a wide 
variety of GHSV (2000 – 8000 h-1) and pressure (1 – 10 bar) for the 
methanation of Co-SOEC syngas, which was managed without any 
fitting of model parameters to experimental data. A parity plot (Fig. 7) 
was implemented to demonstrate the good reflection of the experi-
mentally found temperature values by the model. Deviations between 
model and experiment indicate potential for improvement in terms of 
temperature measurement sensitivity, incorrect axial positioning of the 
catalyst bed and fuzzy inert bed interface in the experiments. Small 
deviations in axial alignment of catalyst bed or temperature measure-
ments result in high quantitative differences between model and 
experiment because of high temperature gradients in axial direction. 
Furthermore, very good agreement of output concentration and COx 
conversion between model and experiments was determined. Model and 
experiments both approve already found pressure and GHSV de-
pendencies in methanation. [3] Existing methanation reactor models in 
literature have mostly included significant heat removal by active 

cooling which has a stabilizing effect to an exothermic system. The 
implementation of mass transfer limitation at the catalyst gas interface 
was a key step to correctly reduce extreme intrinsic values to effective 
reaction rates of the polytropic system with limited heat removal. This 
was managed through an approximation between a power law and 
LHHW based reaction efficiency calculation. This novel approach allows 
to accurately calculate reactor efficiency values not only for high values 
close to 1 but also for very low values smaller than 0.01. Existing 
modelling studies in literature found reaction efficiency values in a 
similar single digit percentage magnitude. Lower gas velocities and large 
catalyst particles in the underlying study explain efficiency values even 
beneath those found in current literature. In comparison to existing 
modelling approaches CO containing feed gas could be successfully 
realized by a two-step kinetic. As a consequence of the low reactor 
cooling rate, reaction heat removal by radial heat transport in the used 
setup is limiting, especially at the packed bed-to-wall interface. The 
reaction rate was found to decrease dramatically in the initial Milli-
metres of the catalyst zone as a consequence of almost immediate 
thermodynamic limitation. Certainly, there is potential of performance 
improvement in the limited cooling rate of this reactor, especially as a 
first reactor stage for Co-SOEC syngas. However, a naturally cooled 
polytropic system still has high technical relevance for simplified in-
dustrial implementation as second and third reactor stages and for less 
reactive gas mixtures such as steel gases or biogas. In consequence of the 
modelling findings the inlet geometry adaptions to improve evenly 
distributed gas velocity would be beneficial. Moreover, an increase in 
gas turbulence by reduction of the reactor diameter is expected to 
improve radial heat transport and decrease diffusion limitation Sec-
ondly, active cooling can reduce thermodynamic limitation and lead to 
higher COx conversion especially with increasing GHSV. It is for this 
reason that a subsequent reactor generation of 14 mm inner diameter 
with and without thermal oil cooling is planned to be tested in experi-
ments as well as with this existing model approach. In addition different 
feed gas concentrations such as mixtures of biogas, blast furnace gas or 
pure CO2 with hydrogen are planned to be tested. 
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Fig. E.1. Modelled effective reaction rate of CO methanation including its 
fractional mathematical terms and the solid temperature over reactor height. 
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Appendix 

See Table. A.1, A.2. 
See Fig. C.1, C.2, D.1, D.2, E.1. 
A - Thermodynamic gas property. 
Polynomial factors to calculate the thermodynamic properties for each species are listed below in Table A.1. Factors appropriate for a lower and 

higher temperature range were taken from literature [48]. 
B - Brinkman equation 

∇ • (ρu) = 0 (B.1)  

ρ

εbed

(u • ∇)u 1

εbed

= −∇p+∇ •
[

μ
1

εbed

(

∇u+(∇u)T
)

− 2

3
μ

1

εbed

(∇ • u)I
]

− μ

κ
u (B.2) 

The individual influences cumulated in the momentum equation (Eq. 5) are the terms. 
ρ

εbed (u • ∇)u 1
εbed 

representing the inertial forces of the fluid, 
−∇p representing the pressure forces, 
∇ •

[

μ 1
εbed

(

∇u+(∇u)T )−2
3 μ 1

εbed (∇ • u)I
]

corresponding to the viscous forces of the fluid. 
and −μ

κ
u representing the resistance forces caused by the porous medium. [26–28]. 

C – Figures of mesh test based on solid temperature. 
D – Figures of experiment-model-comparison. 
E – Figure of effective reaction rate and fractional terms. 
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P. Prabhakaran, S. Bajohr, Review on methanation – from fundamentals to current 
projects, Fuel 166 (2016) 276–296, https://doi.org/10.1016/j.fuel.2015.10.111. 

[4] A. Krammer, A. Medved, M. Peham, P. Wolf-Zöllner, K. Salbrechter, M. Lehner, 
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3.2 Experimental and modelling investigation of Co-SOEC syngas 
methanation in low diameter ratio cooled and uncooled 
reactors 
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High-capacity CO/CO2 methanation reactor design strategy based on 1D 
PFR modelling and experimental investigation 
Andreas Krammer *, Katrin Salbrechter , Markus Lehner 
Chair of Process Technology and Industrial Environmental Protection, Montanuniversität Leoben, Austria   

A R T I C L E  I N F O   
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A B S T R A C T   

An in-depth analysis of oil-cooled and naturally ambient air-cooled fixed bed reactors for catalytic methanation 
of a feedgas containing CO and CO2 has been performed. Combined investigation of modelling and experiments 
showed, that small tube-to-pellet diameters ratios and optimized reactor cooling are beneficial for high-capacity 
CO/CO2 methanation. Very good model accuracy was proven with a 1D approach for small diameter reactor 
pipes. It is shown that the reactor design sweet spot under consideration of input gas capacity, methane output 
concentration, catalyst degradation and pressure loss can be assessed by the experimentally validated reactor 
model. The study reveals insights to the mechanism of combined CO and CO2 methanation showing that initial 
CO methanation is kinetically limited, while subsequent CO2 methanation is ruled by the kinetics of the reverse 
water gas shift reaction. Finally, this works aim is to provide a design strategy for effective and cheap high- 
capacity CO/CO2 methanation reactors for industrial scale using commercial pellet catalysts in oil-cooled 
tube-bundle-reactors.   

1. Introduction 

Methanation of carbon oxides using renewably produced hydrogen 
plays a pivotal role in catalyzing the transition from fossil-based to green 
and decentralized energy generation. Enormous amounts of volatile 
green electric energy will need to be stored on a seasonal basis and 
transported in a multi-gigawatt scale, comparable to the capacity of 
today’s fossil energy carriers. [1] Long-term energy storage and 
high-capacity energy distribution is already possible with the existing 
infrastructure of natural gas grids and underground gas storage facilities 
in the form of synthetic methane potentially containing also shares of 
green hydrogen. [2,3] In addition, certain carbon dioxide sources are 
emitted from hard-to-abate-industries, such as from waste incineration 
plants, refractory production or calcination of lime in cement plants, and 
thereof rely on CO2 utilization. Furthermore, in a transitional period the 
natural gas demand of industrial processes can be satisfied without 
depending on unreliable fossil energy sources from instable regions. 
However, as the prior step an adequate electrolysis capacity is needed to 
produce hydrogen from green electricity. The high-temperature solid 
oxide electrolysis cell (SOEC), which can also be used to co-reduce CO2 
to CO (Co-SOEC), is known for its exceptional efficiencies [4]. With an 
SOEC excess heat e.g. from oil-cooled methanation reactors can be 

recycled to decrease the electric energy demand which allows for 
highest electric efficiencies [4]. However, lower TRL of 6–7 [5] and 
lower proven lifetime (<20,000 h) [6] were reported compared to 
alternative electrolysis technologies. In this paper, we will mainly 
address Co-SOEC syngas as methanation feed. However, other syngas 
sources with similar compositions, such as from biomass gasification, 
are also viable and can be treated similarly. 

Methane is formed with hydrogen from carbon monoxide or carbon 
dioxide according to the Sabatier reactions shown in Eq. 1 and Eq. 2. [7, 
8] The reverse water gas shift reaction couples both Sabatier reactions 
according to Eq. 3. In packed bed reactors, nickel has emerged as the 
most promising catalytically active material for catalytic methanation. It 
offers a compelling combination of low cost, excellent catalytic activity, 
and high selectivity [8]. 
CO2 methanation :

CO2 + 4H2 ↔ CH4 + 2H2O ΔHR
553K = −176.4

kJ

mol

(1)  

CO methanation :

CO + 3H2 ↔ CH4 + H2O ΔHR
553K = −215.9

kJ

mol

(2)  
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Reverse water gas shift :

CO2 + H2 ↔ CO + H2O ΔHR
553K = 39.5

kJ

mol

(3) 

The overall aim of this study is to highlight the most important 
factors to design efficient and cost effective CO/CO2 methanation re-
actors. Effective and cheap tubular reactor design needs to ensure 
compliance with maximum catalyst temperature, low pressure drop at 
high gas input capacity and high conversion rates. For capacity com-
parison of different reactor systems the “gas hourly space velocity” 

(GHSV), which can also be referred to as catalyst load, is calculated by 
the standard volume flow per reactor volume (Eq. 4). 

GHSV = V̇ in,op.

Vreactor

Tin

TSTP

pSTP

pin

(4) 

The first reactor stage with high exothermic heat release is the most 
challenging step of a methanation system and therefore is the focus of 
most papers, as well as in this work. It has been shown by modelling and 
experiments in Krammer [9,10], that highly reactive Co-SOEC product 
gas consisting of mainly CO, H2 and little amounts of CO2 can be 
methanized in naturally cooled 80 mm reactors at up to 8000 h-1 ca-
pacity with moderate conversion of 60% in the first reactor. Stoichio-
metric CO2 methanation in oil-cooled packed bed reactors was 
investigated based on experimentally validated models at up to 38, 
000 h-1 by Gruber [7], at up to approximately 15,000 h-1 by Ducamp 
[11], Try [12] and Kiewidt [13] and at up to 4400 h-1 by Vazquez [14]. 
Lefebvre [15], Schlereth and Hinrichsen [16], Sun and Simakov [17] 
and Kreitz [18] conducted CO2 methanation modelling at up to 60, 
000 h-1 but without experimental validation. Microchannel reactors for 

Nomenclature 

Abbreviations 
COM CO methanation 
GHSV Gas hourly space velocity 
PFR Plug-flow reactor 
rWGS Reverse water gas shift reaction 
WGS Water gas shift reaction 
Symbols 
ci Concentration of component i,mol m−3 

cp Heat capacity, J kg−1 K−1 

Di Diffusion coefficient of component i, m2 s−1 

dr,i Inside diameter of the reactor pipe, m 
dr,o Outside diameter of the reactor pipe, m 
dparticle Particle diameter of catalyst, m 
EA,j Activation energy of reaction j,J mol−1 

ΔGr,j Free reaction enthalpy of reaction j,J kmol−1 

ΔHads,i Adsorption enthalpy of component, J mol−1 

ΔHR Enthalpy of reaction, J mol−1 

kb Stefan Boltzmann constant, W m−2 K−4 

Ki Adsorption constant of component i, differs 
K0

i Pre-exponential factor of adsorption constant, differs 
kj Reaction rate coefficient of reaction j, differs 
k0

j Pre-exponential factor of reaction rate coefficient, differs 
Kp,COM Equilibrium constant (pressure based) CO methanation, 

Pa−2 

Kp,rWGS Equilibrium constant (pressure based) for reverse WGS, −
keff

w Effective wall heat transfer coefficient, W m−2 K−1 

L Reactor Length, m 
M Molar mass, kg mol−1 

ṅi Molar flow of species i, mol s−1 

nj Reaction order of reaction j, −
p Pressure, Pa. 
r Reaction rate, mol kg−1

cat s−1 

rr Control variable of reactor radius, m 
rV Volumetric reaction rate, mol m−3cat s−1 

R Ideal gas constant, J mol−1 K−1 

Rr Radius of reactor, m 
Re0,p Particle Reynolds number with superficial velocity, −
Rep Particle Reynolds number with “operating” velocity, −
Sc Schmidt number, −
Se Semenov number, −
Sh Sherwood number, −
T Temperature, K 

v Velocity, m s−1 

V̇in Input volume flow, m3 s−1 

Vreactor Reactor volume, m3 

q Heat flow density, W m−2 

ε Porosity, −
εrad Emissivity coefficient, −
α Heat transfer coefficient, W m−2 K−1 

η Dynamic viscosity / effectiveness factor, Pa s / −
λ Heat conductivity, W m−1 K−1 

μi Chemical potential of component i, J kmol−1 

νij Stoichiometric factor of component i of reaction j, −
ρ Density, kg m−3 

τcat Tortuosity of catalyst, −
Φ Thiele modulus, −
Subscripts and superscripts 
air Ambient air 
adapted Adapted within this study 
bed Packed bed 
bed − wall From packed bed to pipe wall 
cat Catalyst 
cool Cooling 
eff Effective 
gas Gas 
i Index of gas component 
in Input 
inside At the inside of the pipe 
intr Intrinsic 
j Index of reaction 
knu Knudson (diffusion) 
mix Mixture (diffusion coefficient of component i in gas 

mixture) 
outside At the outside of the pipe 
steel Steel 
STP Standard temperature and pressure conditions 
op. Operation condition 
out Output 
p Particle 
pore Pore 
rad Radiation 
radial Radial direction 
reactor Reactor 
solid Solid fraction without pores 
sup Superficial (velocity) 
V Volumetric 
wall − air From piping wall to ambient air 
∞ Of extended packed beds (bed porosity)  
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methanation were investigated by Engelbrecht [19], Vazquez [14] and 
Kreitz [18] for CO2 methanation at channel sizes between 0.45 and 
2 mm. Reddy [20] investigated CO/CO2 methanation on a ppm basis 
over Ru/γ-Al2O3 catalysts. A proven and valid strategy to control fixed 
bed methanation reactor temperatures is product gas recycling. How-
ever, this approach requires additional equipment in terms of recycling 
compressors, more piping and larger reactor volumes contradicting the 
focus on developing the most cost-effective solution for stable metha-
nation. [21] To our knowledge strategies for effective methanation 
reactor design, applicable for industrial scale CO-rich feed gases, are not 
sufficiently covered in literature. High reactivity of CO methanation 
results in extremely dense reaction heat production, which easily leads 
to undesired temperature peaks in the catalyst bed. 

This work aims to close the research gap in CO/CO2 methanation 
based on a combined experimental and modelling approach, with a 
focus on optimized heat management of fixed bed reactors, avoidance of 
hot spots, industrial applicability in large scale, high capacity reactors, 
and thus contribution to low-cost renewable SNG production. Therefore, 
commercial nickel-based catalyst pellets were used. A 1D PFR model 

under different process conditions and for a low diameter ratio (dr,i/dp 
=4.7) is developed and its high accuracy is demonstrated. Process pa-
rameters (pressure, GHSV) and reactor design parameters (diameter, 
length, cooling) are addressed and its effects on important performance 
parameters (methane output concentration/COx conversion, pressure 
drop, temperature profile) are derived. 

2. Method 

Three tubular reactors with the same inner diameter of 14 mm and 
varying catalyst lengths and cooling designs were used for the experi-
mental investigations. Reactor 1 with a 840 mm catalyst zone and 
without active cooling, reactor 2 with 700 mm catalyst zone and with 
active cooling, and reactor 3 with 600 mm catalyst zone also with active 
cooling (Fig. 2). Reactor 2 and reactor 3 are cooled by thermal-oil in a 
shell-tube reactor. Reactor 3 differs from reactor 2 by a 100 mm pre-
heating zone at the expense of catalyst height. The reactors were 
mounted into an existing lab-scale methanation plant, which was 
described in greater detail in Medved [22] and Krammer [10]. 

Fig. 1. Schematic scaled drawing of all three used types of 14 mm diameter tubular packed bed reactors with 840 mm (naturally cooled reactor 1), 700 mm (oil- 
cooled reactor 2) and 600 mm (oil-cooled reactor 3) catalyst bed length including eight temperature measurement points. 
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Reactor diameters in the range of 10 mm to 15 mm were suggested 
for tubular CO2 methanation reactors. [13,23] Considering the higher 
exothermic heat release of CO methanation (Eq. 2), a high radial heat 
transport in the catalyst bed to the reactor wall is important, which can 
be achieved by reactor diameter minimization under consideration of 
industrial catalyst pellet dimensions. Based on a 1D model for CO2 
methanation, El-Sibai [23] found the optimum reactor diameter at the 
lower bound of 10 mm, since the small reactor diameter enhances heat 
transfer to the cooling medium and increases the area-to-volume ratio. 
Furthermore, the authors postulated a tube-particle diameter ratio ≥10. 
According to Sie [24] the traditional rule of thumb of a tube-particle 
diameter ratio of at least 10 [25] for packed beds is not necessarily 
applicable, because the beneficial effects of radial dispersion of gas in a 
packed bed reduces the formation of a distinct radial velocity profile. 
Andrigo [26] argues, that extremely low diameter ratios of 4 or 5 are 
viable to increase radial heat transfer and counter hot spot formation in 
packed beds. For simplified but sufficient experimental representation of 
industrial catalytic packed beds even single pellet string reactors are 
used with the extreme diameter ratio slightly above 1. [24,27,28] Also 
industrial applications with very low reactor diameters of 20–25 mm 
and low pellet-pipe-diameter-ratios around 3 have been realized for 
catalytic reactions in multitubular packed bed reactors [29–31]. Further 
information of low diameter ratios in packed bed reactors and related 
consequences for gas and porosity distribution are presented in the 
appendix. 

Each reactor used for the experiments is equipped with eight single 
temperature measurement points with 1 mm diameter type K thermo-
couples (TI1 – TI8 in Fig. 1) within the reactor for measuring the axial 
temperature profile in order to facilitate a detailed model validation. 
Practical applicability of the experimental setup, such as implementa-
tion of eight thermocouples, resulted in 14 mm of inner reactor diameter 
as the possible lower limit. During experiments with the 600 mm long 
reactor the 6th thermocouple broke, resulting in a loss of temperature 
data. 

The commercial nickel-based catalyst Meth134 was used with an 
original particle diameter largely between 2.8 and 6.3 mm. However, 
the catalyst spheres were sieved with a mesh size of 4 mm for easier 
reactor filling. The maximum operation temperature without activity 
loss of Meth134 is specified with 510 ◦C, and 700 ◦C for short periods. 

The existing lab-scale plant was amended by an oil-thermostat 
LAUDA Integral IN 4 XTW to allow cooling temperatures precisely 
controlled up to 320 ◦C at the reactor cooling inlet. The cooling oil flows 
countercurrently to the gas flow direction. The counter current oil flow 
enables lowest cooling temperatures at the reactor output of about 
320 ◦C, and consequently equilibrium composition at this temperature 
level is achieved. In contrast, at the input side of the reactor, higher 
cooling oil temperatures are beneficial for preheating the gas to the 
reaction kick-off temperature. In the hot spot zone the driving force 
between peak temperature (about 600 ◦C) and oil (323 ◦C +/- 3 K) is not 
significantly affected by single-digit lower cooling temperatures. Ex-
periments showed that the maximum temperature increase of thermal 
oil over the reactor length is at its maximum about 6 K (from 320 ◦C to 
326 ◦C). For simplification a constant mean value of 323 ◦C for thermal 
oil cooling temperature in the model was chosen. As feed gas synthetic 
Co-SOEC syngas of 76.8 vol.-% H2, 18.3 vol.-% CO and 4.9 vol.-% CO2 
[9] was mixed from bottle gases via mass flow controllers. The dry 
product gas concentration was measured behind a condensation trap 
with the gas analysis system ABB Advanced Optima AO2000. Reactor 
pressure was measured with a pressure transmitter downstream the 
reactor outlet. Reactor design and experimental parameters are sum-
marized in Table 1. 

3. Model 

The 1D stationary homogenous packed bed methanation reactor 
model was realized in MATLAB® using the numerical ODE23 solver. The 
Gierman criterion [32] as well as a criterion given by Sie [24] support 
the plug-flow assumption, whereas flow quality and radial porosity 
distribution of the packed bed are discussed in greater detail in the ap-
pendix. [24,33] Schlereth and Hinrichsen [16] compared 2D and 1D 
modelling for CO2 methanation in 10 mm, 20 mm and 30 mm diameter 
reactors at 5000 h-1 (reference case) and found, that for basic under-
standing of the process characteristics a 1D model was sufficient. 
However, the authors found the radial temperature gradients may lead 
to an underestimation of temperature peaks. 

For the homogenous 1D model following assumptions in addition to 
steady-state plug-flow were made:  

• Axial mass transport only by convection, dispersion was neglected  
• Axial heat transport only by convection, heat transport by dispersion 

or effective bed heat conduction was neglected  
• No significant concentration and temperature gradients between 

packed bed and gas (homogenous model)  
• Ideal gas  
• Constant cooling oil temperature and velocity 

The exact same 1D plug-flow model was used to simulate all three, 
the naturally ambient air-cooled and the two actively oil-cooled reactor 
systems. As initial gas temperature for the model, experimentally 
determined values at the beginning of the catalyst zone were used for the 
840 mm and 700 mm reactors. For the initial temperature of the 
600 mm long reactor 3 the temperature values of the measurement 
points TI2 and TI3 (Fig. 2) were interpolated, since the exact interface 
between inert balls and catalyst bed cannot be determined. In the real 
reactor setup there is no explicit boundary layer between inert bed and 
catalyst as is considered in the model. The inert balls and catalyst balls 
mix at the interface during reactor filling and installation. As a conse-
quence, there is a bed section with diluted catalyst between the inert and 
catalyst bed and the exact initial catalyst temperature can hardly be 
determined. 

The mass balance for every gas species i and the energy balance are 
described in Eq. 5 and Eq. 6. 
δ

δz
(v ci) = ρbed(νi,COM rCOM + νi,rWGS rrWGS) (5)  

Table 1 
Experimental parameters, methanation reactor dimensions and packed bed 
parameters.  

Inner reactor diameter 14 mm 
Reactor wall thickness 2 mm 
Inner cooling tube 

diameter 
23 mm 

Catalyst bed height 840 mm, 700 mm, 600 mm 
Catalyst pellet diameter mainly 3–4 mm 
Catalyst bed porosity 

(centre) 
0.395 

Catalyst intra-particle 
porosity 

0.67 

Catalyst composition Alumina (72.2 wt.-%), Calcium Oxide (5.6 wt.-%), 
Nickel (22.2 wt.-%) 

Feed gas composition H2: 76.8 vol.-%, CO: 18.3 vol.-%, CO2: 4.9 vol.-% 
Cooling temperature 323 ◦C 
Reactor pressure 1–6 bar 
GHSV 4000–29,000 h-1  
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The effective reaction rate for CO methanation rCOM and the reverse 
water gas shift reaction rrWGS is calculated based on an adapted version 
of the intrinsic kinetic from Rönsch [34], which is extensively discussed 
in the appendix (Eq. 26 to Eq. 42). The effectiveness factor as presented 
in Gruber [7] is given in Eq. 7 to Eq. 18. 
rj,eff = rj,intr ηcat,j (7)  

ηcat,j = ηext,j ηpore,j (8)  

ηpore,j =
1

Φj

( 1

tanh
(

3 • Φj

)− 1

3 • Φj

) (9)  

ηext,j =
1

1 + 0.6
Sh

Φj tanh
(

Φj

) (10)  

Φj =
dparticle

6
•

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅

nj + 1

2
•

kj,V ρparticle c
nj−1
CO

Deff ,CO

√

(11)  

kCOM,V = kCOM,m • R • T

p2
[ m3

kgcat s
] (12)  

kWGS,V = kWGS,m • R • T

[

m3

kgcat s

]

(13)  

Deff ,CO = εcat

τcat

• 1
1

Dmix
CO

+ Dknu,CO

(14)  

Dknu,CO = dpore

3
•

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅

8R T

π MCO

√

(15)     

Rep =
dparticle v ρgas

ηgas

(17)  

Sc =
ηgas ρgas

Deff ,CO

(18) 

Fig. 2. Performance comparison based on experimentally found (bars) and modelled (‘x’-markings) COx conversion and modelled maximum temperature 
(‘▴’-markings) of three reactors with 14 mm diameter (840 mm naturally cooled, 700 mm oil-cooled and 600 mm oil-cooled catalyst zone) and a reactor with 80 mm 
diameter (50 mm naturally cooled catalyst zone) [9] in dependency of GHSV and pressure. 

δ

δz

(

Tρgascpv
)

= ρbed

(

reff ,COM(−ΔHCOM)+ reffrWGS(−ΔHrWGS)
)

− 4

dr,i

keff
w (T −Tcool)− qradiation (6)   

Sh =
⎛

⎜

⎝
2 +

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅

(0.664Rep
0.5 Sc

1
3)2

√

+ 0.037Rep
0.8 Sc

1 + 2.443Rep
−0.1

(

Sc
2
3 − 1

)

⎞

⎟

⎠

(

1 + 1.5(1 − εp)
) (16)   

A. Krammer et al.                                                                                                                                                                                                                               



Journal of CO2 Utilization 80 (2024) 102661

6

Radial heat flux according to Eq. 19 shows that lower reactor di-
ameters ensure higher radial heat transfer in tubular systems. 

qradial = − 4

dr,i

keff
w (T − Tcool) (19) 

The overall wall heat transfer coefficient through a reactor wall is 
mainly defined by the inner and outer heat transfer coefficient and to a 
lesser extent by the wall heat conduction (Eq. 20). 

keff
w = ( 1

αbed−wall

+ swall

λsteel

+ 1

αoutside

)−1 (20) 

The heat transfer coefficient between packed bed and wall αbed−wall is 
given in Eq. 21 as formulated by Specchia [35]. 

αbed−wall =
λgas

dparticle

⎛

⎜

⎜

⎝

0.0835Re0,p
0.91 + 2εbed +

1 − εbed

λgas

λsolid
+ 1

⎞

⎟

⎟

⎠

(21) 

For an oil-cooled reactor the outside wall heat transfer coefficient to 
the cooling oil αoutside,wall−oil is based on a Nusselt-correlation as described 
in Gnielinski [36]. For the naturally cooled system the outer heat 
transfer coefficient αoutside,wall−air is considered based on free convective 
flow at the outside of the reactor pipe (Eq. 22) [37]. 

αoutside,wall−air = 1.32

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅

Twall − Tair

dr,o

4

√

(22) 

The pressure loss in a packed bed can be calculated by the Ergun 
equation (Eq. 23). 
Δp

ΔL
= 150

(1 − εbed)2

εbed
3

ηgas vsup

dparticle
2 + 1.75

(1 − εbed)
εbed

3

ρgas vsup
2

dparticle

(23) 

Furthermore, radiation at the outside of the reactor pipe is taken into 
account as shown in Eq. 24. Since radiation in the oil-cooled system to 
ambient does not occur due to insulation it can be neglected for these 
reactor set-ups. 

qradiation =
4

dr,o

εradkb(Twall
4 −Tair

4) (24) 

The CO/CO2 methanation performance parameter COx conversion is 
a combination of CO2 and CO conversion as explained in Eq. 25. 

COX conversion =
(

ṅCO,in − ṅCO,out

)

+
(

ṅCO2,in − ṅCO2,out

)

ṅCO,in + ṅCO2,in

(25) 

Calculation of physical properties such as gas viscosity, heat capac-
ity, heat conductivity and diffusion coefficients are based on empirical 
polynomial functions found in VDI Wärmeatlas [38]. 

4. Results and discussion 

While the outer heat transfer coefficient can independently be tuned 
by active cooling properties, the inner bed-wall heat transfer is a func-
tion of gas turbulence (Re0,p), particle diameter, porosity and gas and 
solid heat conductivity. In conclusion of Eq. 19 and Eq. 21 as given in 
Specchia [35], the inner heat transfer coefficient can be practically 
mainly influenced by the gas velocity. A reduction of particle diameter 
has only limited beneficial effect on the coefficient, but it directly affects 
the radial transport distance. 

However, an increase of gas velocity not only enhances radial heat 
transport but also increases the pressure loss according to the Ergun 
equation (Eq. 24) as discussed in [39]. In order to maintain a constant 

pipe-to-pellet diameter ratio and avoid excessive pressure loss, it is not 
possible to reduce the particle size to the same extent as the tube 
diameter. Decreasing the particle size to match the tube diameter would 
result in even higher pressure losses. [40]. 

Improved heat removal allows more heat to be produced at higher 
reaction rates or higher GHSV without a temperature increase. As a 
result, improved temperature control can be achieved by higher gas 
velocity (Eq. 18 and Eq. 22), lower reactor diameter (Eq. 20) and 
enhanced active cooling at the outer reactor wall (Eq. 21). 

Fig. 2 is an accumulation of experimental and model-based findings 
for 4 different reactor designs. The COx conversion and the related 
maximum temperatures are shown in dependency of reactor design, 
pressure and GHSV. 

Fig. 2 shows that the conversion of all the 14 mm reactors is signif-
icantly better than with the 80 mm naturally cooled system [9]. The 
reactor diameter reduction from 80 mm to 14 mm (both naturally 
cooled) resulted in a significant improvement of COx conversion, for 
example from 67.5% to 97.5% at 6000 h-1 and 6 bar. The radial heat 
transport within the packed bed was enhanced by lower radial distance 
(Eq. 20) and higher gas velocity (Eq. 18 and Eq. 22). 

Comparison of actively oil-cooled reactor 1 and naturally cooled 
reactor 2 both with 14 mm diameter shows an improvement of perfor-
mance by cooling. At 6 bar and 6000 h-1 almost full conversion of 99.6% 
was achieved with cooling, compared to 97.5% without cooling. At the 
same time the maximum temperature could be reduced from 830 ◦C to 
761 ◦C. 

For the oil-cooled 14 mm reactors with and without preheating zone 
very similar results were found. Almost the same conversions can be 
detected. However, the maximum temperature increases as a result of 
preheating. At the one hand lower gas velocities occurred in reactor 3 
(lower catalyst volume at the same GHSV), and additionally higher 
starting temperatures caused the peak temperature to increase. 

In each of the oil-cooled 14 mm reactors the peak temperature de-
creases with increasing GHSV. This is again caused by an increase of 
radial heat transport due to higher gas velocities (Eq. 18 and Eq. 22). On 
the other hand, in the naturally cooled 14 mm reactor the peak tem-
peratures increase with increasing GHSV. Without cooling the overall 
heat transfer is limited at the outer wall-air interface, not (only) at the 
inside. As a result, an increase of gas velocity has no significant bene-
ficial effect on the overall radial heat transfer (Eq. 21) in the naturally 
cooled 14 mm reactor. 

Furthermore, it can be seen that ‘X’-markings and bars closely match, 
which indicates, that the model very accurately represents the experi-
mental findings in terms of COx conversion. 

Finally, this diagram illustrates that peak temperatures are way too 
high at high capacities and high pressures, even in oil-cooled 14 mm 
reactors. Such extreme temperatures exceed not only the long term 
maximum temperature of 510 ◦C by far for the used catalyst, but also the 
the short term specification of 700 ◦C. Since no loss of activity could be 
detected throughout all the experiments, slightly higher temperatures 
around 550 ◦C may be feasible for long term methanation with this 
specific catalyst. A maximum temperature of 531 ◦C was achieved based 
on model and experimental data with the oil-cooled 14 mm reactor 2 at 
6000 h-1 and 1.4 bar, resulting in 95.5% COx conversion. The dry 
product gas concentration in this case was 75.7 vol.-% CH4, 21 vol.-% 
H2, 3.3 vol.-% CO2, which would require a second reactor stage or gas 
processing to achieve recent natural gas injection requirements of 
Austria [41] and most European countries [2,3] of maximum 10 vol.-% 
H2. At equal conditions (1.5 bar, 6000 h-1) the 80 mm reactor achieved 
only 61.5% COx conversion. 

The experiment-model consistency is presented in greater detail in  
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Fig. 3. Parity plot of modelled and experimentally found reactor temperatures in the 14 mm diameter and 840 mm length naturally cooled reactor for different 
pressures and GHSV (same symbols represent quasi-axial temperature profile). 

Fig. 4. Parity plot of modelled and experimentally found reactor temperatures in the 14 mm diameter and 700 mm length oil-cooled reactor for different pressures 
and GHSV (same symbols represent quasi-axial temperature profile). 
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Figs. 3–5, which present parity plots of measured and modelled tem-
perature data for each of the three reactor types. 

As Fig. 3 illustrates, for the naturally cooled 14 mm reactor at higher 
temperatures above 500 ◦C the model accuracy is very good, as the 
markings align closely with the 45◦ line. However, at cooler zones the 
model tends to underestimate the reactor temperatures roughly by about 
100 K at 100 ◦C and about 50 K at 400 ◦C in regard to the linear data fit. 
In addition, tests at lower reactor pressure at around 1 bar (‘x’-mark-
ings) show the highest deviation, while higher reactor pressures (4 bar: 
‘□’-markings, 6 bar: ‘▽’-markings) are more accurate. 

The overall model accuracy for the oil-cooled 700 mm long 14 mm 
diameter reactor is very good. However, in contrast to the naturally 
cooled system the maximum temperature values are overestimated by 
about 120 K throughout all pressure values, while measured and 
modelled temperatures below 400 ◦C are almost identical. 

For the 14 mm reactor with preheating and 600 mm catalyst zone, 
GHSV between 10,000 h-1 and 25,000 h-1 was investigated. The overall 
model accuracy is again very good, whereas maximum temperature 
values are slightly overestimated and moderate temperatures slightly 
underestimated by the model. Deviation tends to be higher for higher 
GHSV values, while low GHSV values have almost no deviation in 
measured and modelled temperature. An increasing trend in error 
almost perpendicular to the 45◦ line with increasing GHSV can be seen 
in Fig. 5. This trend in error implies the relations implemented in the 
model should be reconsidered for further investigations at higher gas 
velocities. 

The parity plots give a good collective overview of the model- 
experiment consistency and allow to derive certain tendencies with 
pressure or GHSV as discussed above. However, axial temperature and 
mole fraction profiles enable a deeper insight in the reasons for the 
identified model inaccuracies. Therefore, in Figs. 6 and 7 axial 

temperature and mole fraction profiles for selected cases are presented. 
As exemplarily shown for three GHSV and pressure pairs in Fig. 6, the 

overall model-experiment alignment in terms of the axial temperature 
profile is extremely good. The information gained from the 1D model in 
terms of maximum temperatures is substantial, since extreme tempera-
ture gradients found by the model could hardly be identified accurately 
by punctual experimental measurement with thermocouples (Fig. 6c 
and Fig. 6e). Small errors in axial thermocouple alignment would result 
in a significant temperature measurement deviation due to the extreme 
axial temperature gradients. 

A slightly higher model-experiment deviation in temperature at low 
pressures can be seen in Fig. 6a compared to Fig. 6c and Fig. 6e, which is 
likely caused by a lower accuracy of the kinetic model at low pressures 
as also shown for the naturally cooled reactor in Fig. 3. Although the 
temperature is initially rising at the catalyst bed inlet, the exponential 
increase of temperature is not high enough in Fig. 6a. This indicates too 
low reaction rate coefficients and therefore too low pre-exponential 
factors or too high activation energy for this low pressure range (Eq. 
27 to Eq. 43) as similarly discussed by Gruber [7]. As a result, the 
achieved water and methane concentration shown in Fig. 6b is too low, 
while H2, CO and CO2 remain at too high levels compared to the ex-
periments. Hence, these deviations in modelled and measured concen-
tration and temperature results are likely connected to reaction kinetics 
of the reverse water gas shift reaction (Eq. 28) and of the CO metha-
nation reaction (Eq. 27), which may require further improvement of the 
intrinsic kinetic model at low pressures. 

In Fig. 6c at 6 bar and 6000 h-1 the temperature profile shows a sharp 
increase to 827 ◦C as a consequence of significantly higher reaction rates 
predicted by the kinetic model at elevated pressure. Downstream the 
maximum temperature value, the profile almost linearly decreases as the 
system cools down by natural convective cooling against atmospheric 

Fig. 5. Parity plot of modelled and experimentally found reactor temperatures in the 14 mm diameter and 600 mm length oil-cooled reactor for different pressures 
and GHSV (same symbols represent quasi-axial temperature profile). 
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Fig. 6. Axial profiles of modelled (lines) and experimentally determined (‘x’-markings) temperature and molar fractions of the 14 mm diameter and 840 mm long 
naturally cooled reactor at 6000 h-1 and 1 bar (a and b), 6000 h-1 and 6 bar (c and d) and 8000 h-1 and 6 bar (e and f) (COx conversions, Reynolds numbers, heat 
transfer coefficients and maximum temperature (blue ‘x’-marking) included). 

A. Krammer et al.                                                                                                                                                                                                                               



Journal of CO2 Utilization 80 (2024) 102661

10

Fig. 7. Axial profiles of modelled (lines) and experimentally determined (‘x’-markings) temperature and molar fractions, equilibrium composition (dashed line) and 
reaction rates for the 14 mm diameter, 700 mm long reactor 2 at 25,000 h-1 and 6 bar (a and b), 600 mm long reactor 3 at 10,000 h-1 and 6 bar (c and d) and 
25,000 h-1 and 6 bar (e and f) (COx conversions, cooling temperature, Reynolds numbers, heat transfer coefficients, dry output concentration and maximum tem-
perature (blue ‘x’-marking) included). 
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temperature. A slight dip in the linear temperature decrease is given 
around 0.3 m length, which is aligned with the full consumption of CO 
(Fig. 6d). Downstream of this point CO2 is consumed at a significantly 
higher rate. Upstream of this point in Fig. 6d and f, a CO2 formation may 
be assumed, but the mole fraction only increases because the total 
number of moles decreases due to the ongoing chemical reactions. 
However, the mole fraction of CO downstream of 0.3 m in Fig. 6d does 
not increase, because it is immediately converted to CH4. Interestingly, 
the mentioned dip in temperature calculated from the 1D model can be 
seen as well in the experimentally found data at the almost same 
position. 

In Fig. 6e an increase in GHSV value of 8000 h-1 compared to 6000 h- 
1 in Fig. 6c leads to generally higher temperatures in the naturally cooled 
system (the opposite tendency was found for oil-cooled reactors). The 
linear temperature decrease downstream the temperature peak is less 
steep with higher GHSV, which is a result of a heat transfer limitation. 
While the inner heat transfer coefficient at 6000 h-1 and 6 bar with 
approximately 547 W m-2 K-1 increases due to an increase in Reynolds 
number to 680 W m-2 K-1 at 8000 h-1, the outer heat transfer coefficient 
stays constant with 19.5 W m-2 K-1 (each value calculated at the point of 
maximum temperature). Therefore, the naturally cooled systems radial 
heat transfer rate is limited by the outer pipe-to-air heat transfer. As a 
result, an increase in feed gas flow at almost the same conversion leads 
to more produced reaction heat, which results in higher reactor tem-
peratures because the heat cannot be adequately removed in radial di-
rection. These findings show, that the extreme temperature values and 
outer heat transfer limitation have to be addressed by active cooling, e.g. 
with thermal oil. A detailed discussion of the oil-cooled 14 mm diameter 
methanation results based on axial profiles derived from model and 
experiments is conducted in Fig. 7. 

As in Fig. 6, also in Fig. 7 the alignment of modelled and experi-
mental temperatures and gas composition is very accurate. 

It can be seen that the starting temperature at the catalyst bed 
entrance of the preheated reactor 3 is with 646 ◦C (Fig. 7c) and 590 ◦C 
(Fig. 7e) significantly higher, than for the 700 m long reactor without 
preheating given in Fig. 7a (39 ◦C). The reason for the high initial 
temperature is the above mentioned 100 mm long preheating zone in 
reactor 3, which is missing in reactor 2. In this preheating zone the hot 
thermal oil at around 323 ◦C significantly heats up the inert packed bed, 
and consequently the incoming gas. As a result, the reactor temperature 
quickly spikes to 826 ◦C only a few millimetres downstream the catalyst 
bed entrance (Fig. 7c and e), due to higher initial kinetics. In contrast, in 
reactor 2 without preheating the incoming gas needs to be heated to the 
kick-off temperature within the catalyst bed until it spikes roughly 
100 mm downstream of the inlet (Fig. 7e). The maximum temperature 
in reactor 2 is lower compared to reactor 3 at the same GHSV of 
25,000 h-1, because part of the gas is already converted upstream of the 
spike leading to lower maximum reaction rates. The maximum tem-
perature decreases in the oil-cooled reactor with increasing GHSV (both 
reactor 3) from 826 ◦C at 10,000 h-1 to 786 ◦C at 25,000 h-1 due to 
higher inner heat transfer coefficients according to Eq. 18 and Eq. 22 as 
already discussed. 

In all presented cases with reactor cooling subsequently to the tem-
perature peak a rapid decrease can be observed which finally ap-
proaches the cooling temperature of 323 ◦C. Analogously to the 
temperature spike in the first 8 mm of the catalyst zone in Fig. 7c, a steep 
decrease in reactant gas concentration within 8 mm can be seen in 
Fig. 7d due to the high reaction rates at 10,000 h-1 and 6 bar. Within this 
length of 8 mm CO is almost fully converted to CH4, similar to the 
findings of the naturally cooled reactor (Fig. 6). However, only 8 mm of 
reactor length are necessary for complete CO consumption with the oil- 

cooled system compared to around 30 mm of reaction length at the 
naturally cooled set-up with comparable operation conditions of 8000 h- 
1 and 6 bar (Fig. 6e). In conclusion, the capacity limiting pipe-to-air heat 
transfer of the naturally cooled 14 mm reactor was significantly reduced 
by oil cooling, resulting in less necessary reactor volume for the same 
conversion. Correspondingly, the outside heat transfer coefficient was 
increased from roughly 20 W m-2 K (pipe-to-air) to 2800 W m-2 K (pipe- 
to-oil). Therefore, the naturally cooled reaction is limited by the 
resulting packed bed temperature which indicates thermodynamic 
limitation between catalyst bed inlet and point of full CO conversion. By 
active oil-cooling, this thermodynamic limitation could be reduced. 

The section of the temperature curve close to the reactor outlet 
(second half of catalyst zone) is characterized by a more flat form, slowly 
approaching the cooling temperature in all cases in Fig. 7a, c and e. 
Similar to the naturally cooled reactor discussed above, the turning 
point of the temperature curves corresponds to the points of full CO 
conversion (Fig. 7b, d, f). From this point on, CO2 is converted to CO, 
which again immediately reacts to CH4. 

In Fig. 11 in the appendix the deviation to the thermodynamic 
equilibrium at each point of the oil-cooled reactor length is presented. In 
accordance to Fig. 7b and d (as well as Fig. 11 in the appendix) the 
catalyst zone of the oil-cooled reactors can be divided into two zones 
with different limitations. First, a short initial zone of kinetic limitation 
of the CO methanation reaction of about 8 mm to the point of full CO 
consumption can be derived. The CO methanation kinetic limited zone is 
followed by a limitation of the reverse water gas shift reaction in the 
larger rest of the catalytic bed. This is also reflected by the reaction rates 
of CO methanation and rWGS. The reaction rate of CO methanation is 
limited to the rate of rWGS, which almost perfectly align in this section. 
Hence, a further increase in rWGS reaction rate would speed up the 
overall process. This could be achieved by blending the nickel catalyst in 
the second half of the reactor with rWGS specific catalyst, such as iron- 
chromium or copper-zinc based catalysts [42,43]. 

In Fig. 7e the temperature values of the experiment are not as well 
aligned as in Fig. 7c. Inaccurate estimation of the initial temperature at 
the reactor inlet or deviation due to a significant radial temperature 
profile are two possible explanations for model-experiment misalign-
ment. A higher starting temperature leads to an increase in peak tem-
perature and a horizontal shift of the curve to the right of the diagram, 
which becomes apparent when Fig. 7a and Fig. 7e are compared. On the 
other hand, experimental determination of extreme temperature gradi-
ents with 1 mm thick thermocouples, including a deviation in their exact 
axial and radial position in the catalyst bed, is a relevant source of error. 
Furthermore, the neglect of effective heat conduction within the catalyst 
bed may have resulted in model inaccuracy. 

5. Design strategy for high-capacity methanation systems 

As Böhm [44] suggested, the CAPEX costs are the second most 
important cost factor after electrical energy costs for SNG production of 
a combined Co-SOEC and methanation PtG plant. In order to consider-
ably reduce methanation costs, the reactor size and complexity for a 
given volume flow should be minimized. Tube-bundle reactors are 
simple, easily scalable to industrial capacities, suitable for commercially 
available catalyst and thermal oil cooling. Furthermore, it is inevitable 
to keep the reactor temperature below catalyst deactivation temperature 
(510 ◦C long-term stability temperature for Meth134). Low pressure loss 
contributes to moderate operation costs. 

In this regard, the PFR reactor model was used to investigate the 
effects of reactor design and operation parameters for industrial appli-
cation outside its validation range. At first temperature reduction by 
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high gas velocities at high GHSV values were tested. At 100,000 h-1 and 
4 bar outlet pressure the temperature of the 14 mm diameter and 
600 mm long reactor is calculated to peak at 608 ◦C (83.9% conversion), 
which is significantly lower compared to 25,000 h-1 and 741 ◦C 
(Fig. 7c). However, with increasing gas velocity also the pressure loss 
increases ten-fold from 0.2 bar to 2.2 bar for the given example, leading 
to a significant increase in compression effort and overall inefficiency. 
Additionally, higher pressure loss contradicts efforts for temperature 
reduction, as higher absolute input pressures are necessary to maintain 
the outlet pressure. 

Secondly, the maximum temperatures can be reduced by applying 
lower reaction pressures, but only on the expense of less favourable 
thermodynamic and kinetic conditions. In addition, the pressure for Co- 
SOEC syngas methanation should be kept above 4 bar to reduce the risk 
of carbon deposition as shown in an earlier study [10]. In consequence, 
moderate pressures between 4 bar and 6 bar for Co-SOEC syngas 
methanation should be aimed at. 

If volume flow and pressure tuning is limited to achieve acceptable 
packed bed temperatures, the reduction of reactor diameter is the 
remaining tuning parameter in high-capacity reactors. As has been 
already suggested by El-Sibai [23] and Sie [24], the reactor diameter 
was further reduced to 10 mm for increased heat removal without the 
drawback of pressure loss. A reactor length of 429 mm at constant 
diameter-to-length ratio and constant particle diameter of 3 mm for low 
pressure loss was defined. On the downside, the low diameter ratio of 
3.3 likely leads to more inhomogeneous bed porosity and velocity 
maldistribution compared to larger reactors, which was thoroughly 
addressed in detail in the appendix. Model-based testing resulted in 
503 ◦C maximum temperature, 80.7% conversion and 0.84 bar pressure 
loss. Furthermore, it was found that with 10 mm diameter a catalyst bed 
length of 300 mm is sufficient to achieve almost equal 80.4% COx con-
version with only 0.3 bar pressure loss and 513 ◦C temperature peak in 
the 10 mm reactor. Such small reactor dimensions would lead to an 
enormous number of reactor pipes in tube bundle reactors built for in-
dustrial scale volume flows, if the relative capacity was not adequately 
increased. For the presented design examples, 14 mm diameter, 600 mm 
length, 25,000 h-1 vs. 10 mm diameter, 300 mm length, 100,000 h-1, the 
absolute capacity per reactor pipe remains constant with about 2.3 
Nm3 h-1, while the avoidance of hot spots in the catalyst bed can only be 
achieved in the latter case. As a result of the suggested design adaption 
from 14 mm to 10 mm diameter the absolute number of pipes would 
stay the same for a given volume flow, whereas with 10 mm reactor 
pipes, only half of the total reactor pipe length and one quarter of the 
amount of catalyst would be necessary. In Table 2 an overview of the 

performance at several reactor dimensions and operation parameters are 
summarized. 

The only reactor design, other than the 10 mm reactor, that was 
found to be capable of meeting moderate maximum temperature around 
550 ◦C is the 14 mm reactor at only 1.4 bar and 6000 h-1 GHSV 
including high probability of carbon deposition due to low pressure. 
Obviously, the reactor diameter cannot be reduced infinitely due to 
practical installation and catalyst filling issues. Catalysts with high 
temperature tolerance [45] would benefit CO methanation at multiple 
levels, as higher reactor diameters and higher kinetics would be 
possible. A reduction of catalyst pellet size for higher diameter ratio 
would lead again to higher pressure loss. Further investigation of the 
proposed 10 mm reactor design is necessary with a focus on adverse 
impacts by flow and porosity maldistribution. However, industrial ap-
plications of catalytic packed bed reactors with 20 mm diameter and a 
diameter ratio of 3 have been successfully realized. [29–31] The benefits 
of maximum catalyst temperature compliance may outweigh adverse 
flow characteristics. Moreover, the presented example shows that 
model-based reactor dimension optimization with simple 1D models can 
lead to highly-optimized methanation systems as the main characteris-
tics of the process can be sufficiently represented. A design strategy for 
highly reactive syngas methanation feed to maximize capacity can be 
summarized in the following points:  

• <600 ◦C peak temperature is necessary to avoid catalyst sintering  
• Active cooling is necessary to omit outer heat transfer limitation  
• >4 bar pressure is necessary for Co-SOEC syngas to avoid carbon 

deposition 
• Pressure reduction (max. to the 4 bar limit) reduces peak tempera-

tures (at the expense of conversion)  
• GHSV/volume flow increase reduces inner heat transfer limitation, 

leads to lower peak temperatures (only in oil-cooled systems) but is 
limited by maximum pressure loss  

• Further temperature peak decrease can only be achieved by a 
reduction of reactor diameter (at the expense of bed maldistribution 
or practical applicability) 

6. Conclusion 

A combined experimental and modelling investigation of a packed 
bed methanation reactor with and without cooling for Co-SOEC syngas 
methanation was conducted. A 1D PFR model including an adapted two- 
step kinetic approach by Rönsch [34] was established. Generally good, 
and partially very good accuracy in terms of temperature and product 

Table 2 
Comparison of performance results of different reactor dimensions.   

GHSV Volume flow per reactor (STP) Pressure COx-conv. Max. Temp. Pressure loss 
dr,i=80 mm 

L=50 mm 
6000 h-1 25 L min-1 1.3 bar** 61.7% 613 ◦C < 0.1 bar 
6000 h-1 25 L min-1 4 bar 64.8% 721 ◦C < 0.1 bar 

dr,i=14 mm 
L=700 mm 

6000 h-1 10.7 L min-1 1.4 bar** 95.5% ~531 ◦C* 0.03 bar 

dr,i=14 mm 
L=600 mm 

10,000 h-1 15.4 L min-1 4 bar 97.2% 756 ◦C 0.05 bar 
25,000 h-1 38.5 L min-1 4.5 bar 94.1% 741 ◦C 0.2 bar 
100,000 h-1 153.9 L min-1 4 bar 83.9% 608 ◦C 2.2 bar 

dr,i=10 mm 
L=429 mm 

100,000 h-1 56.1 L min-1 4 bar 80.7% 503 ◦C 0.84 bar 

dr,i=10 mm 
L=300 mm 

100,000 h-1 39.3 L min-1 4 bar 80.4% 513 ◦C 0.3 bar  

* maximum temperature was derived by experiments 
** pressure < 4 bar may lead to carbon deposition with Co-SOEC syngas [10] 
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gas concentration between model and experiments in the range of 
4000 h-1 to 29,000 h-1 and 1 bar to 6 bar was proven. However, for 
cooled reactor 3 more measurement points and a higher density of 
temperature measurements in the temperature peak section would 
improve model experimental data for validation of the model and is 
therefore aimed at for future investigations. In addition, the initial cat-
alytic bed temperature has a significant impact on the exact temperature 
profile but. The results of 14 mm diameter reactors (840 mm, 700 mm, 
600 mm catalyst bed length) were compared to a similar investigation of 
a 80 mm packed bed reactor [9]. As models and experiments confirmed, 
a decrease in diameter from 80 mm to 14 mm and active cooling with 
thermal oil increased the performance from 8000 h-1 GHSV and 61% 
COx (80 mm diameter, naturally cooled reactor) conversion to 93.5% at 
29,000 h-1 both at 6 bar (14 mm diameter, oil-cooled reactor). In addi-
tion, it was shown that the thermodynamic limitation and maximum 
temperatures of a 14 mm naturally cooled reactor could be reduced by 
active oil-cooling. The rate limitation in the actively cooled reactor is the 
reverse water gas shift reaction, which could be enhanced by catalyst 
blending. Despite cooling and improved radial heat transfer at high gas 
velocities, the modelled packed bed peak temperatures mostly exceeded 
the tolerable maximum catalyst temperature (510 ◦C) by far (720 ◦C at 
29,000 h-1 and 6 bar). Acceptable bed temperatures below 550 ◦C were 
proven by model and experiments for the 14 mm oil-cooled reactor only 
at low pressures of 1.4 bar and 6000 h-1 reaching 95.5% of COx con-
version. Since carbon deposition below 4 bar for the investigated gas 
mixture likely occurs [10], further reactor designs for increased radial 
heat transfer were tested with the established model. A sweet spot of 
reactor dimension and operation parameters was found for Co-SOEC 
syngas methanation at 10 mm diameter with 3 mm catalyst pellets at 
a length of 300 mm, 4 bar pressure and a capacity of 100,000 h-1, which 
resulted in 80.4% COx conversion, only 513 ◦C temperature peak and a 
pressure loss of 0.3 bar. With this 10 mm design for a first reactor stage 
for Co-SOEC syngas methanation all boundary conditions are met and 
due to the extreme capacity the total reactor length and catalyst volume 
can be minimized at constant total volume flow. An adequately designed 
second reactor stage for complete methanation would be necessary in 
any viable case, especially at such high capacities and this requires 
further investigation. A general design strategy for high-capacity syngas 
methanation reactors suitable for industrial scale tube-bundle systems 

including most important boundary conditions and possible tuning pa-
rameters was presented. However, further steps to avoid catalyst bed hot 
spots such as a reduction in cooling temperature should be analysed. 
Lower cooling temperatures can have a positive effect on the maximum 
temperatures at the tolerable expense of conversion in a first reactor 
stage. High temperature resistant catalysts [45] would allow higher 
conversions and capacities without the drawback of catalyst 
deactivation. 
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Appendix 

A – Adaption of kinetic model by Rönsch [34] 

In Eq. 26 and Eq. 27 the reaction rates of CO methanation and rWGS reaction based on the two-step kinetic approach by Rönsch [34] in the form 
presented in Gruber [7] are listed. In Eq. 28 and Eq. 29 the principle approach to calculate the kinetic rate coefficients via an Arrhenius type equation 
and the adsorption constants via the Van’t Hoff type relation are given. Furthermore, the explicit formal kinetic rate coefficients (Eq. 30 to Eq. 32) and 
adsorption constants (Eq. 33 to Eq. 38) according to Rönsch [34] are listed. Two different kinetic rate coefficients for the CO methanation were given, 
one valid for a catalyst with 18% nickel (Eq. 30) and one with 50% nickel (Eq. 31). 

rCOM,intr =
−kCOM KC KH

2 pCO
0.5 pH2(1 − pCH4 pH2O

pCO pH2
3 Kp,COM

)
(1 + KC pCO

0.5 + KH pH2
0.5)3 [ mol

kgcat s
] (26)  

rrWGS,intr =
krWGS

pH2
pCO pH2o(1 − pH2 pCO2

pCO pH2O Kp,rWGS
)

(1 + KCO pCO + KH2 pH2 + KCH4 pCH4 + KH2O
pH2O

pH2
)2[

mol

kgcat s
] (27)  

kj = k0
j • exp(− EA,j

R T
) (28) 
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Ki = K0
i • exp(−ΔHads,i

R T
) (29)  

kCOM,18%Ni =
35

18
• 1010 • exp

(

− 10300
[

J mol−1
]

R T

)[

mol kgcat
−1 s−1] (30)  

kCOM,50%Ni =
4.8

3.6
• 109 • exp

(

− 10300
[

J mol−1
]

R T

)[

mol kgcat
−1 s−1] (31)  

krWGS = 87

40
• 106 • exp

(

− 62000
[

J mol−1
]

R T

)[

mol kgcat
−1 s−1] (32)  

KC = 5.8 • 10−4 • exp

(

42000
[

J mol−1
]

R T

)[

bar−0.5] (33)  

KH = 1.6 • 10−2 • exp

(

16000
[

J mol−1
]

R T

)[

bar−0.5] (34)  

KCO = 8.23 • 10−5 • exp

(

70650
[

J mol−1
]

R T

)[

bar−1] (35)  

KH2
= 6.12 • 10−9 • exp

(

82900
[

J mol−1
]

R T

)[

bar−1] (36)  

KCH4
= 6.65 • 10−4 • exp

(

38280
[

J mol−1
]

R T

)[

bar−1] (37)  

KH2O = 1.77 • 105 • exp

(

− 88680
[

J mol−1
]

R T

)[

− ] (38) 

In Eq. 39 and Eq. 40 the used approximations for the partial pressure based equilibrium constants for CO methanation and rWGS according to 
Elnashaie and Elshishini [46] are given. 

Kp,COM = 1

1.026676 • 1010
• exp

(

− 26830

T − 30.11

)

(39)  

Kp,rWGS = exp

(

− 4400

T − 4.063

)

(40) 

For the PFR model used in this study the calculation of the kinetic rate coefficient of the CO methanation kCOM (Eq. 41) and the adsorption constant 
for H2O of the rWGS reaction KH2O (Eq. 42) were adapted. 

kCOM,adapted = 4.1632 • 109 • exp

(

− 10300
[

J mol−1
]

R T

)[

mol kgcat
−1 s−1] (41)  

KH2O,adapted = 1.77 • 105 • exp

(

− 88680 • 0.63
[

J mol−1
]

R T

)[

−] (42) 

For the calculation of kCOM the pre-exponential factor k0
COM was interpolated between the provided value for 18% (Eqs. 30) and 50% Nickel (Eq. 31). 

This adaption was performed to correct the amount of available catalytically active sites in a proportional manner for the used Meth134 catalyst with 
about 22% Nickel (in an activated state) (Eq. 41). 

The aim of the adaption of KH2O through adjusting the adsorption enthalpy ΔHads,H2O from 88,680 kJ mol-1 K-1 to 55,868 kJ mol-1 K-1 was to 
increase the inhibition by formed water of the reverse water gas shift reaction. A similar strategy was pursued by Gruber [7], who also fitted the formal 
adaption constant for water of a CO2 methanation kinetic given by Koschany [47] to the experimental data. A significant inhibition by formed water 
was also found by Hubble [48] and Yang Lim [49]. Hubble [48] shows that a single LHHW kinetic approach, representing one limiting reaction step, is 
likely not sufficient to describe the methanation reaction over a wide range of conversion. He states that a LHHW approach might be a mathematical 
simplification of the complex reaction process. With regard to these literature findings, the exact description of methanation reaction rates appears far 
from completed. Therefore, with the conducted numerical adaptions we aimed to contribute to an improvement of the existing empirically found 
formal methanation kinetics based on the broad experimental results of this study. In Fig. 8 for the example case of 10,000 h-1 and 6 bar the tem-
perature and mole fractions profiles are shown with and without adapted H2O adsorption constant equation. 
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Fig. 8. Axial profiles of modelled (lines) and experimentally determined (‘x’-markings) temperature and molar fractions of the 14 mm in diameter, 600 mm long 
reactor at 10000 h-1 and 6 bar with (a and b) and without (c and d) kinetic model adaption (COx conversions, Reynolds numbers, heat transfer coefficients and 
maximum temperature (blue ‘x’-marking) included). 
. 

From the mole fraction profiles in Fig. 8d can be drawn, if the original kinetic coefficients of Rönsch [34] are used, the reverse water gas shift 
reaction consuming CO2 is active at any point of the reactor. CO2 is fully consumed at about 0.5 m upstream of the end of the reaction zone. As a result, 
at this point the modelling algorithm stopped and no further data was calculated. On the other hand, in Fig. 8b the mole fraction curves obtained with 
adapted kinetics show different reaction behaviour. As discussed in chapter “Results and Discussion”, in the first 8 mm of the reaction zone the water 
gas shift reaction is dominating, subsequently the reaction direction is changed to the reverse water gas shift reaction transforming CO2 to CO. The 
remaining amounts of CO2 and accordingly higher fractions H2 left in the product gas throughout all examined cases with varying parameter settings 
are well confirmed by the experimental results. With the naturally cooled reactor at low pressure of 1.3 bar at 12,000 h-1 even more CO2 was found in 
the product (6.9 vol.-%) than was injected in the educt (4.9 vol.-%), proving that in this case the CO2 producing water gas shift reaction was active. In 
conclusion, the chosen adaption of the rWGS kinetic is supported by the experimental findings, however further examinations of dependencies based 
on the experimental findings would be necessary to confirm or further improve the given LHHW kinetic approach. 

B – Comparison of 14 mm and 10 mm diameter reactors at 100,000 h-1 and 4 bar 

As already discussed, the model and experiments show that an increase in GHSV can be used to tune the maximum reactor temperature. However, 
GHSV increase also results in a severe increase of pressure loss. Therefore, a reduction in diameter is an alternative approach to achieve higher radial 
cooling. The axial temperature and mole fraction profiles for 14 mm and 10 mm reactors at equal process conditions are shown in Fig. 9. The cooling 
oil volume flow was increased to further reduce heat transfer limitation at the outer reactor surface in this investigation. 
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Fig. 9. Axial profiles of modelled temperature and molar fractions of the 14 mm diameter, 600 mm long reactor at 100.000 h-1 and 4 bar (a and b) in comparison to a 
10 mm diameter reactor with 429 mm (c and d) and 300 mm (e and f) length at the same GHSV and pressure (COx conversions, Reynolds numbers, heat transfer 
coefficients and maximum temperature (blue ‘x’-marking) included). 
. 

A reduction in diameter increases radial heat transfer at constant GHSV. At the same time the necessary reactor length can be reduced to achieve 
similar conversion at a constant diameter-length ratio consistent with geometric similarity [50], which results in lower absolute gas velocities and 
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therefore less pressure loss (at a constant catalyst particle diameter of 3 mm as in this case). In Fig. 9c and Fig. 9 d the reactor diameter reduction from 
14 mm to 10 mm at a constant GHSV of 100,000 h-1, constant diameter/length ratio and 4 bar results in a lower maximum temperature (503 ◦C vs. 
608 ◦C) and almost the same COx conversions (80.7% vs. 83.9%). The reactor length at 10 mm diameter was further reduced to 300 mm length for 
even lower pressure loss, without a significant decrease of performance (Fig. 9 e and Fig. 9 f). Due to a lower absolute volume flow in the shorter 
reactor at constant GHSV the maximum temperature is slightly higher (513 ◦C) and the conversion almost equal (80.4%). The pressure loss could be 
reduced from 0.84 to 0.3 bar in the shorter 10 mm reactor. 

C – Packed bed quality and flow characteristics assessment in 14 mm tubular reactors 

A catalytic fixed bed reactor must follow fundamental bed-scale quality principles to ensure relevance for industrial application. The strong 
exothermic behaviour of the CO/CO2 methanation requires very small reactor diameters and relatively large catalyst particles, to enable highest radial 
heat transport rates at acceptable pressure loss. Therefore, the deviation from ideal plug-flow will be estimated to assess the quality of the packed bed 
characteristics in regard to industrial application. High radial gradients in porosity can result in near-wall gas channelling. Axial dispersion can lead to 
a spread in residence time at low gas velocities. For radial uniformity in bed porosity and therefore gas velocity the dr,i/dp ratio is determining. To 
prevent axial dispersion the L/dr,i ratio is relevant. [24–26,33]. 

According to Andrigo [26] the dr,i/dp ratio of packed beds should be 8 to 50, however to reduce the hot spot tendency through high radial heat 
transfer extreme values of 4 to 5 are possible. Sie [24] argues, that the traditional rule of thumb of at least 10 [25] for the dr,i/dp ratio is not valid, 
because the beneficial effects of radial dispersion of gas in a packed bed reduces the effect of a radial velocity profile. As a result, tube-to-particle ratios 
of 5 or smaller may still meet plug-flow conditions due to nullification of wall-effects by radial dispersion. For the presented reactor system with 
14 mm diameter and estimated 3 mm pellet diameter used for modelling the tube-particle ratio is 4.7. The suggested reduction in reactor diameter to 
10 mm at a constant pellet size for improved process performance results in a dr,i/dp ratio of 3.3. 

The porosity of extended packed beds of monodisperse spheres is between 0.36 and 0.42, the porosity of polydisperse beds is lower and can be 
calculated according to Eq. 43 and Eq. 44 [38]. 
εpd bed = εbed,∞

(

− 0.112ζ3 + 0.017ζ2 − 0.259ζ+ 1
) (43)  

ζ =
(
∑

Qk

/

dk
2

(∑Qk/dk)2 − 1

)0.5

(44) 

A simple size distribution investigation of the sieved catalyst material was conducted by manual measurement with a slide gauge. The results of the 
size distribution measurement of a sample of 100 pellets revealed, that about 90 w.-% of the material is between 3.5 mm and 4 mm, and 10 w.-% is 
between 3 mm and 4 mm. Based on Eq. 44 and Eq. 45 a global polydisperse porosity of 0.395 with an estimated monodisperse porosity of 0.4 was 
computed. As a result, a significant polydispersity cannot be derived. 

Giese [51] investigated the radial distribution of monodisperse sphericals in pipes, which was found to be similar for non-spherical and poly-
disperse pellet beds in cylindrical pipes. According to findings of Giese [51] the radial porosity distribution can be estimated based on the empirical 
exponential method shown in Eq. 45 with limited influence of non-sphericity or polydispersity. 

εbed(r) = εbed,∞

(

1+ 1.36exp

(

− 5
Rr − rr

dp

))

(45) 

Contrary to Gieses findings, Schulze [52] investigated the porosity and flow distribution in polydisperse packed bed via the discrete elements 
method and found the gas velocity close to the tube wall increases by roughly 25% for polydisperse beds (largest-to-smallest pellet diameter ratio 2, 5 
and 10) in comparison to monodisperse beds. In addition, the sinusoidal behaviour, which can be found in monodisperse beds, is significantly 
supressed with increasing polydispersity. [38,52]. 

In a more recent CFD-based study Eppinger [53] investigated random packed beds generated by DEM-code with low diameter ratios (3 <dr,i/dp 
<10). The author showed that the existing empirical method for the global porosity by Dixon [54] (Eq. 46) and the local porosity calculation by de 
Klerk [55] for low diameter-ratio reactors are in very good accordance to the DEM-based data. De Klerk established two correlations in dependence of 
the normalized wall distance (Eq. 49), one for z ≤ 0.367 (Eq. 47) and one for z > 0.367 (Eq. 48). 

εbed,∞ = 0.4+ 0.05

(

dp

dr,i

)

+ 0.412

(

dp

dr,i

)2

(46)  

εbed(r),z≤0.637 = 2.14z2 − 2.53z + 1 (47)  

εbed(r),z>0.637 = εbed,∞ + 0.29exp( − 0.6z) • [cos(2.3π (z − 0.16) ) ] + 0.15exp(−0.9z) (48)  

z = Rr − rr

dp

(49) 

In Fig. 10 the radial porosity profiles for the 14 mm and 10 mm packed bed with 3 mm particle diameter according to methods by Giese [51] and 
de Klerk [55] are presented. 
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Fig. 10. Radial porosity distribution of 14 mm and 10 mm diameter reactors based on empirical methods by Giese [51] and de Klerk [55] (reactor radius is 0 at the 
reactor wall). 
. 

Eppinger [53] reported very good accordance of Eq. 49 with the data acquired by the DEM method with the exception, that for a very low dr,i/dp 
ratio of 4 the porosity rises to roughly 0.8 at about two pellet diameters distance from the tube wall. As a result, a channel is formed in the central axis 
of the packed bed. This effect likely occurs in the analysed 10 mm and also 14 mm reactors. 

Eppinger [53] found gas channelling behaviour for all investigated diameter ratios between 4 and 10. For example, he found that the gas velocity 
locally increases to a factor of 11 compared to the average inlet velocity for Rep = 100 and dr,i/dp = 7. On the other hand, in dense areas within the 
packed bed the velocity can tend to zero or even backflow occurs. The backflow effect increases with increasing Reynolds number. For laminar flow 
(Re=1), transitional flow (Re=100) and turbulent flow (Re=1000) the area with axial velocity equal to or smaller than zero accounts for 1%, 11% and 
12.5% (dr,i/dp =6). 

In conclusion, perfect plug-flow did most certainly not occur under the used experimental condition in the 14 mm reactors. Considering the 8 
thermocouples of different length gas channelling likely occurred. Furthermore, a strong indication for high fluctuation of porosity is given. However, 
also at higher reactor diameter and reactor-pellet diameter ratios similar problems, such as porosity distribution and backflow were reported. Small 
reactor diameters (and small diameter ratios of approximately 3 or lower) in industrial [29,31,40] and experimental [27,28] applications were 
successfully realized. The strong need for temperature reduction by a reduced reactor diameter still may outweigh the decreasing conformity to ideal 
plug-flow. The presented good accordance of the modelled and experimental results speaks for sufficient representation by ideal plug-flow. For very 
exact results including back-flow and detailed porosity distribution, at least a 2D model based on DEM would be necessary. 

D – Thermodynamic limitation analysis based on driving force 

The ‘driving force’ as given in Eq. 50 is a term of the CO methanation reaction rate formulation (Eq. 26) and represents the deviation from 
thermodynamic equilibrium. The driving force term is a function of partial pressures and equilibrium constant (Eq. 39). 
(1− pCH4 pH2O

pCO pH2
3 Kp,COM

) (50) 

The thermodynamic equilibrium is reached if the driving force equals 1. With higher deviation from 1, the gap from equilibrium concentration 
increases for the given gas mixture. The driving force of the CO methanation reaction was calculated along with the axial mole fraction profiles at 6 bar 
and 10,000 h-1 in the 14 mm diameter and 600 mm long oil-cooled reactor in Fig. 11. While the driving force within the initial 8 mm of reactor length 
indicates no thermodynamic limitation, it tends to 1 as the CO concentration approaches full consumption. However, the limiting factor for the CO 
methanation step most likely is the lack of CO. As a result, the overall process is limited in a short initial section by CO methanation kinetics, followed 
by a limitation of CO production by the rWGS reaction starting from the point of full CO consumption. 

A. Krammer et al.                                                                                                                                                                                                                               



Journal of CO2 Utilization 80 (2024) 102661

19

Fig. 11. Axial mole fraction profiles of the 14 mm diameter, 600 mm long reactor including driving force of CO methanation reaction at 6 bar and 10000 h-1.  

. 

E – Equilibrium condition assessment at reactor outlet 

To verify if the equilibrium was reached at the outlet of the reactors the free reaction enthalpy at the outlet was calculated based on Eqs. 51–57 for 
the given outlet temperature, pressure and mole fractions for the CO2 methanation reaction, the CO methanation reaction and the water gas shift 
reaction as shown in Table 3. The molar chemical potential μi for each species i and the equilibrium composition was calculated with the “Cantera” 

toolbox in MATLAB. [56] For ΔGR = 0 thermodynamic equilibrium is reached. For ΔGR < 0 the reaction runs spontaneously from thermodynamic 
perspective. For ΔGR > 0 the reverse reaction runs spontaneously at the given temperature, pressure and concentration. [57]. 

ΔGR =
(

dG

dξ

)

p,T

(51)  

dG = μeduct dneduct + μproduct dnproduct = −μeduct dξeduct + μproduct dξproduct (52)  

dG = (μproduct−μeduct)dξproduct (53)  
(

dG

dξ

)

p,T

= μproduct−μeduct (54)  

ΔGR,CO2M = μCH4 + 2μH2O − μCO2 − 4μCO2 (55)  

ΔGR,COM = μCH4 + μH2O − μCO − 3μCO2 (56)  

ΔGR,rWGS = μH2O + μCO − μCO2 − μH2 (57) 
In addition, the difference between gas concentration as measured at the outlet and its corresponding equilibrium concentration is included in 

Table 3. Smaller than 1 vol.-% difference between the measured and thermodynamic equilibrium was reached at higher pressures and lower GHSV, 
such as in reactor 2 at 6000 h-1 and 6 bar and in reactor 3 at 1000 h-1 and 8 bar.  

Table 3 
Gas concentration difference between measured output concentration and its chemical equilibrium and the free reaction enthalpy ΔGR for the CO2 methanation 
(“CO2M”), the CO methanation (COM) and the reverse water gas shift reaction (“rWGS”) for every experimental case including the used reactor, GHSV, outlet pressure 
and outlet temperature value.   

GHSV 
[h-1] 

outlet 
pressure 

[bar] 

outlet 
temp. 
[◦C] 

Difference of product gas concentration to 
equilibrium concentration [vol.-%] 

ΔGR, CO2M 
[J/kmol] 

ΔGR, COM 
[J/kmol] 

ΔGR, rWGS 
[J/kmol] 

CH4 H2 CO CO2 H2O 
Reactor 1, 840 mm length, 14 mm 

diameter, air-cooled 
4000 1.0 34 6.73 -14.14 0.00 -3.61 11.02 -1.24E+ 08 8.08E+ 08 -9.32E+ 08 
6000 1.3 87 5.00 -10.26 0.00 -2.75 8.02 -1.23E+ 08 8.92E+ 08 -1.01E+ 09 
8000 1.1 45 10.83 -22.36 -0.08 -5.52 17.14 -9.63E+ 07 -1.15E+ 08 1.84E+ 07 
6000 1.3 101 14.66 -29.65 -0.75 -6.86 22.62 -7.52E+ 07 -8.99E+ 07 1.48E+ 07 
4000 2.2 29 6.19 -12.92 0.00 -3.27 10.00 -1.05E+ 08 1.35E+ 09 -1.46E+ 09 
6000 4.1 76 3.22 -6.76 0.00 -1.72 5.25 -1.33E+ 08 5.12E+ 08 -6.45E+ 08 
8000 4.0 156 4.22 -8.83 0.00 -2.25 6.86 -1.11E+ 08 1.18E+ 09 -1.29E+ 09 

(continued on next page) 
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Table 3 (continued )  
GHSV 
[h-1] 

outlet 
pressure 

[bar] 

outlet 
temp. 
[◦C] 

Difference of product gas concentration to 
equilibrium concentration [vol.-%] 

ΔGR, CO2M 
[J/kmol] 

ΔGR, COM 
[J/kmol] 

ΔGR, rWGS 
[J/kmol] 

CH4 H2 CO CO2 H2O 
12,000 4.2 322 7.40 -15.30 -0.14 -3.77 11.82 -7.64E+ 07 -9.15E+ 07 1.52E+ 07 
6000 6.1 75 2.47 -5.18 0.00 -1.33 4.04 -1.31E+ 08 5.86E+ 08 -7.17E+ 08 
8000 6.1 159 2.52 -5.30 0.00 -1.36 4.14 -1.19E+ 08 9.53E+ 08 -1.07E+ 09 

Reactor 2, 700 mm length, 14 mm 
diameter, oil-cooled, no preheating 
zone 

4000 1.3 329 2.32 -4.86 0.00 -1.25 3.79 -8.12E+ 07 1.71E+ 09 -1.79E+ 09 
6000 1.4 332 3.25 -6.80 0.00 -1.74 5.29 -8.29E+ 07 1.73E+ 09 -1.81E+ 09 
8000 1.6 333 4.22 -8.79 0.00 -2.23 6.80 -8.45E+ 07 1.74E+ 09 -1.82E+ 09 

10,000 1.8 334 4.65 -9.71 0.00 -2.47 7.52 -8.63E+ 07 1.74E+ 09 -1.82E+ 09 
12,000 1.9 334 5.03 -10.51 0.00 -2.67 8.16 -8.74E+ 07 1.75E+ 09 -1.83E+ 09 
15,000 2.2 335 5.81 -12.12 -0.01 -3.06 9.38 -8.90E+ 07 -1.02E+ 08 1.32E+ 07 
20,000 2.6 335 6.68 -13.93 -0.02 -3.52 10.79 -9.10E+ 07 -1.06E+ 08 1.51E+ 07 
25,000 3.0 335 7.30 -15.22 -0.02 -3.83 11.77 -9.24E+ 07 -1.08E+ 08 1.53E+ 07 
29,000 3.4 336 7.75 -16.15 -0.03 -4.06 12.48 -9.32E+ 07 -1.09E+ 08 1.55E+ 07 
6000 4.1 325 1.10 -2.30 0.00 -0.59 1.80 -8.36E+ 07 1.71E+ 09 -1.79E+ 09 
8000 4.0 326 1.97 -4.12 0.00 -1.05 3.20 -8.29E+ 07 1.72E+ 09 -1.81E+ 09 

10,000 4.0 327 2.32 -4.86 0.00 -1.24 3.78 -8.44E+ 07 1.73E+ 09 -1.81E+ 09 
6000 6.0 325 0.37 -0.77 0.00 -0.20 0.60 -8.18E+ 07 1.70E+ 09 -1.78E+ 09 
8000 5.9 325 1.30 -2.73 0.00 -0.69 2.12 -8.26E+ 07 1.71E+ 09 -1.79E+ 09 

10,000 6.0 326 1.47 -3.08 0.00 -0.79 2.40 -8.43E+ 07 1.71E+ 09 -1.80E+ 09 
12,000 5.9 327 1.71 -3.58 0.00 -0.92 2.79 -8.53E+ 07 1.72E+ 09 -1.81E+ 09 
15,000 6.0 328 2.28 -4.79 0.00 -1.22 3.73 -8.70E+ 07 1.73E+ 09 -1.82E+ 09 
20,000 6.0 330 3.25 -6.81 0.00 -1.74 5.30 -8.97E+ 07 1.74E+ 09 -1.83E+ 09 
25,000 6.0 331 4.20 -8.80 0.00 -2.24 6.84 -9.13E+ 07 1.75E+ 09 -1.84E+ 09 
29,000 5.9 333 5.07 -10.59 0.00 -2.69 8.21 -9.25E+ 07 1.77E+ 09 -1.86E+ 09 

Reactor 3, 600 mm length, 14 mm 
diameter, oil-cooled, 
100 mm preheating zone 

10,000 4.0 327 2.309 -4.829 0.000 -1.227 3.747 -8.39E+ 07 1.72E+ 09 -1.8E+ 09 
12,000 4.0 328 2.610 -5.464 0.000 -1.390 4.244 -8.51E+ 07 1.73E+ 09 -1.81E+ 09 
15,000 4.0 329 3.217 -6.736 0.000 -1.712 5.231 -8.64E+ 07 1.743E+ 09 -1.83E+ 09 
20,000 4.0 331 4.185 -8.756 0.000 -2.224 6.795 -8.84E+ 07 1.764E+ 09 -1.85E+ 09 
25,000 4.5 331 4.624 -9.669 0.000 -2.457 7.502 -8.97E+ 07 1.777E+ 09 -1.87E+ 09 
10,000 6.0 326 1.498 -3.140 0.000 -0.800 2.441 -8.33E+ 07 1.715E+ 09 -1.8E+ 09 
12,000 6.0 327 1.719 -3.605 0.000 -0.920 2.806 -8.45E+ 07 1.723E+ 09 -1.81E+ 09 
15,000 6.0 328 2.408 -5.039 0.000 -1.280 3.912 -8.58E+ 07 1.736E+ 09 -1.82E+ 09 
20,000 6.0 329 2.969 -6.222 0.000 -1.585 4.838 -8.79E+ 07 1.751E+ 09 -1.84E+ 09 
25,000 6.0 331 3.617 -7.576 0.000 -1.931 5.890 -8.93E+ 07 1.768E+ 09 -1.86E+ 09 
10,000 8.0 324 0.888 -1.866 0.000 -0.478 1.457 -8.35E+ 07 1.709E+ 09 -1.79E+ 09 
15,000 8.0 328 1.566 -3.287 0.000 -0.840 2.561 -8.54E+ 07 1.728E+ 09 -1.81E+ 09 
20,000 8.0 329 2.377 -4.979 0.000 -1.267 3.870 -8.73E+ 07 1.743E+ 09 -1.83E+ 09 
25,000 8.0 330 3.049 -6.378 0.000 -1.622 4.951 -8.90E+ 07 1.756E+ 09 -1.85E+ 09  
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3.3 Plant level optimization concept for the methanation of Co-
SOEC syngas for higher overall efficiency 
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Koytsoumpa already showed that intermediate compression of
syngas between serial connected, adiabatic syngas methanation
reactors can lead to a significant decrease in required compressor
power.[13] The authors found that by smart positioning of the
compressor between a bulk methanation reactor at 18.9 bar
and a trim methanation reactor at 77.9 bar reduction of compres-
sor power by 72% can be achieved. Koytsoumpa used thermody-
namic and kinetic modeling approaches for their findings, which
is certainly sufficient to prove the main concept advantage of
decreased compression power. Neubert et al.[14] correctly con-
cluded, that intermediate compression is particularly useful if
the hydrogen is generated at moderate pressures. The proposed
PtG concept of combined Co-SOEC and methanation with inter-
mediate compression represents an alternative to upstream syn-
gas compression. Two options for the pressurization of syngas
and hydrogen, respectively, are available: compression within
a polytropic compressor or by pressurized electrolyzers.
Whereas pressurized PEM electrolysis is already widely devel-
oped,[15–20] it is not yet state of the art for (Co-)SOEC although
research has strongly gained momentum in recent years.[1,21]

Brabandt and Posdziech successfully tested high-pressure
SOEC operation at 15 bar. The authors argue that high-pressure
steam integration from industrial processes saves part of the
compression energy for hydrogen, and see potential in providing
hydrogen at elevated pressures for downstream processes.
Furthermore, they overcame mechanical issues at high differen-
tial pressure by placing the SOEC in a pressurized vessel.
However, increasing pressure led to slightly higher temperatures
and voltage as experiments showed. In conclusion, Brabandt and
Posdziech found that high-pressure SOEC operation is feasible
and leads to 5–7% less energy consumption by saving compres-
sion energy when steam is provided at a high-pressure level, but
resulted in increased heat loss, for example, due to insulation
performance decrease.[22,23] Bernadet et al. investigated pressur-
ized high-temperature coelectrolysis and found improvement of
cell-limiting current densities by a decrease in electrode gas dif-
fusion resistance at increased pressure.[24,25] Clausen et al. tested
a SNG production plant including Co-SOEC at 19 bar pressure
and determined that 16% of the methane was formed within
the Co-SOEC. The energetically optimal combination of exother-
mic methanation and endothermic reduction of water and car-
bon dioxide leads to very promising overall efficiencies of
84%.[26] For specific high-pressure-related processes pressurized
electrolysis can be more efficient regarding the overall system as
Bensmann et al.[16] found, although a higher energy demand for
the electrolysis itself would be the result with increasing pres-
sure.[1,16] Nevertheless, the main reason for high-pressure elec-
trolysis is based on the necessity of integrating the hydrogen
source into high-pressure applications, such as hydrogen drying,
compressed storage, pressure swing adsorption, downstream cat-
alytic conversions, or grid injection, rather than benefits for the
electrolysis system itself.[16,17] This statement applies for several
types of electrolyzers, as the open-circuit voltage increases with
increasing pressure according to the Nernst equation.[21] Hansen
showed that increased pressure lowers the overpotential due to
improved kinetics at the electrodes and reduced diffusion limi-
tation at higher operation voltage. He states that this effect,
caused by elevated pressures, decreases SOEC performance at
low current densities, but improves it at higher current densities.

In contrast to experimental findings by Brabandt and

Posdziech,[23] Hansen sees an improvement in heat transfer
by increased operation pressure in heat exchangers.[27] Also car-

bon deposition must be kept in mind for pressurized coelectrol-
ysis, as will be discussed in greater detail later in this work.

Additional drawbacks by high-pressure electrolysis were found,
such as increased cross permeation of hydrogen.[1] In contrast,

electrolysis at low or moderate pressure benefits from reduced
complexity and therefore lower system costs. Especially for the

high-temperature SOEC, the sealing effort for high-pressure levels

is disproportionate and still under development, as recent studies
show.[28–30] Due to aforementioned reasons, it is of paramount

importance to develop downstream processes for electrolysis in
a way to ensure simple and cost effective integration of electrolysis.

The aim of this work is the process optimization of a high

temperature coelectrolysis coupled with a two-stage catalytic
methanation in fixed bed reactors. To our very best knowledge,

in addition to the theoretical work of Koytsoumpa based on ther-

modynamic considerations, so far no investigations on alternat-
ing pressure levels in downstream methanation and their

influence on the process performance and energy efficiency have
been published.[13] The concept presented in this article is the

result of a holistic approach to overcome practical challenges
and drawbacks when realizing highly efficient PtG systems. In

contrast to the methods of Koytsoumpa, in the underlying study
both thermodynamic considerations as well as experimental

investigations in laboratory scale are used. Only the combination

of theoretical and practical methods enables to work out the addi-
tional advantages of the dual pressure level methanation concept.

The investigations for this work were conducted in the course

of the project “HydroMetha”, in which a highly efficient power to
gas system shall be demonstrated. The HydroMetha system con-

sists of a high-temperature coelectrolyzer (Co-SOEC) coupled
with a catalytic methanation unit (Figure 1). Renewable electric

energy fuels the electrochemical transformation of pure CO2

captured from industrial or biological off-gases and water into
valuable syngas.

The main advantage of the high-temperature electrolysis,

compared with other electrolysis technologies such as polymer

Figure 1. Functional scheme of a HydroMetha system.
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electrolyte membrane (PEM), is its capability to be cofueled by

heat. Hence, part of the energy for hydrogen production can
be introduced by surplus heat of industrial processes reducing

the electric energy demand. Furthermore, the HydroMetha
system allows integration of excess heat generated by the exother-

mal reactions of the methanation unit into the Co-SOEC. Due to
the different operating temperature levels of the methanation

(200–600 �C) and the Co-SOEC process (�800 �C), only preheat-
ing of the Co-SOEC feed is possible. The mentioned aspects

of heat integration make an overall efficiency of >90% for the

conversion of electric energy to hydrogen possible.
While the Co-SOEC operates well at atmospheric pressure, the

methanation reactions can be generally enhanced by increasing

pressures (2–10 bar) and reduced temperatures. At higher pres-
sures, the thermodynamic equilibrium of the methanation reac-

tions can be shifted toward products, as is shown in Figure 2,
whereby the data are created with Matlab including the open

source tool “Cantera” for thermodynamic data. The compression

of process gas before the methanation is therefore generally
beneficial, whereas the arrangement of multistep methanation

and compression significantly influences the energy efficiency
of the process.

The basic chemical reactions within the coelectrolysis process

are the electrochemical splitting of water and the prereduction of
CO2 to CO.[31]

Splitting of H2O

H2OðgÞ ↔ H2 þ
1

2
O2 ΔHR

1023K ¼ 248.1
kJ

mol
(1)

Prereduction of CO2

CO2 ↔ COþ
1

2
O2 ΔHR

1023K ¼ 282.3
kJ

mol
(2)

Due to incomplete reduction of CO2 in the Co-SOEC small

amounts of CO2 remain in the syngas.
Subsequently to syngas production within the second part of

the HydroMetha concept this syngas will be processed to a gas

consisting largely of methane and small amounts of hydrogen,
due to overstoichiometric hydrogen excess in the feed.[32,33]

The methanation process is described by the Sabatier reactions.
The methanation reaction of CO2 is a combination of the CO

methanation reaction and the reverse water gas shift reaction.[34]

CO2 methanation reaction

CO2 þ 4H2 ↔ CH4 þ 2H2O ΔHR
553K ¼ �176.4

kJ

mol
(3)

CO methanation reaction

COþ 3H2 ↔ CH4 þH2O ΔHR
553K ¼ �215.9

kJ

mol
(4)

Reverse water gas shift reaction

CO2 þH2 ↔ COþH2O ΔHR
553K ¼ 39.5

kJ

mol
(5)

Feeding excess H2 to the methanation reactor reduces the risk
of carbon deposition.[35] Moreover, excess H2 is beneficial for

methanation performance and potentially enables full CO/CO2

conversion.[33] In contrast, additional H2 in the feed will subse-

quently remain in the product gas stream. Due to mole-reducing

reactions and removal of water, 3% H2-surplus over the stoichio-
metric ratio at the input results in a H2 volume fraction of about

10% in the product stream. Without a further downstream H2

removal, the current legal restrictions for natural gas grid

injection would not be met but it is expected that in near future
10 vol% hydrogen will be permitted in the natural gas grid.

Figure 2. Equilibrium composition of Co-SOEC syngas in dependence of temperature and pressure.
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The dynamic operability of a combined Co-SOEC and metha-
nation plant is of major importance for power grid balancing
applications. For the proposed process concept of a PtG system
with intermediate compression, there is no indication of a
decrease in dynamic operability, hence it can be expected to
be similarly dynamic as its single components. Only for the
SOEC part promising results were reported based on experi-
ments. Posdziech et al. achieved very good load variation ability
at stack level.[22] From literature addressing the methanation sys-
tem, it can be concluded that load dynamics is not expected to be
the limiting factor, as it affects mainly the methanation bed tem-
perature.[36] Dynamic experiments have also been conducted by
our working group which basically confirm the knowledge from
literature. These results will be published separately.

Reactor pressure, temperature level, gas composition, and cat-
alyst are the key performance influences in terms of CO/CO2

methanation. Some boundary conditions such as input compo-
sition (Co-SOEC syngas) or output pressure (natural gas grid
injection) are predefined based on the specific application.
Nevertheless, other major performance factors fall within the
field of the process design. Temperature level and distribution
as well as reactor pressures are defined to a large extend by
the selected process arrangement and reactor design. This work
illustrates an overall performance improvement of a combined
Co-SOEC and methanation power-to-gas concept by minor pro-
cess arrangement adaptions. Within this article, two process
paths are compared by energy and mass balance considerations
validated by experiments. In the following section, the basic pro-
cess and the advantages of the proposed adaptions is outlined.
Subsequently, the experimental tests are described and the
results discussed.

2. Process Design

Two different process scenarios shall be compared within this
article. The basis process scheme consists of the Co-SOEC fol-
lowed by a compressor unit ensuring higher pressures at the

same level in both methanation reactors (Figure 3). In contrast,
the compressor of the adapted process scheme is placed not
upstream the methanation unit but in-between methanation
reactors 1 and 2 (Figure 4), and thus the first reactor is operated
at the same low-pressure level (atmospheric pressure) as the Co-
SOEC but the second reactor is affected by the pressure increase
in the compressor. Preprocessing of off-gases to achieve clean
CO2 as well as potential postprocessing of product gas (drying)
can be considered as equal in both process cases. Increasing reac-
tion pressure within the range of 2–10 bar leads generally to an
improvement in syngas methanation performance, as experi-
mental investigations have shown.[33] However, operating the
methanation reactors in the proposed dual pressure level mode
are supposed to lead to several advantages. 1) Reduction of
required compressor power; 2) Reduction of temperature peaks
in reactor 1; and 3) Improvement of overall methanation perfor-
mance (CO/CO2 turnover).

Advantage 1) The required electric power of a compressor is
linearly dependent on the volume flow of the compressed gas.
The Sabatier reactions are mole consuming by a factor of 0.5
and 0.6 for CO methanation and CO2 methanation, respectively.
The set of balance equations for the reactions according to
Equation (3) and (4) are given by Equation (6)–(13).

conversionCO ¼
ṅCO,in � n

:
CO,out

ṅCO,in
(6)

conversionCO2 ¼
ṅCO2,in � ṅCO2,out

ṅ2,in
(7)

conversionCO=CO2
¼

ðṅCO,in þ ṅCO2,inÞ � ðṅCO,out þ ṅCO2,outÞ

ṅCO,in þ ṅCO2,in

(8)

ṅH2,R1out ¼ ṅH2,in � ṅCO,in � con:CO � 3� ṅCO2,in � con:CO2 � 4 (9)

ṅCH4,R1out ¼ ṅCH4,in þ ṅCO,in � con:CO þ ṅCO2,in � con:CO2 (10)

ṅCO,R1out ¼ ṅCO,in � ṅCO,in � con:CO (11)

Figure 3. Basis process flow diagram of high-temperature coelectrolysis and catalytic methanation with compression upstream the methanation unit.
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ṅCO2,R1out ¼ ṅCO2,in � ṅCO2,in � con:CO2 (12)

ṅtot:,R1out ¼
X

n

i¼1

ṅi,R1out (13)

For example, considering 67.5% CO/CO2 conversion (83.4%
CO conversion and 8.3% CO2 conversion) for the methanation of
Co-SOEC syngas in the first reactor step, the standard volume
flow decreases by 31% due to the reaction according to
Equation (6)–(13).

In addition, water is needed to be removed in front of the com-
pressor to prevent compressor damage. This leads to a further
reduction of standard volume flow. In total, the standard volume
flow of the process gas would be reduced by 40% due to partial
conversion by the methanation reaction in the first reactor and
water removal for the given example. By these proposed
adaptions, a reduction of 42% in compressor power was calcu-
lated via isentropic compression and a compressor efficiency
of 65%.

Tcomp,out ¼ T comp,in � e
R
cp
ln

�

pcomp,out
pcomp,in

�

(14)

pcomp ¼ ntot,R2in � cp � ðT comp,out � T comp,inÞ (15)

Advantage 2.) As extensively explained by Kiewidt and
Thöming, the exothermic Sabatier reactions can lead to thermo-
dynamic limitations, especially in uncooled reactor systems.[37]

For thermodynamically limited reactors, a correlation of pressure
and temperature can be assumed. Accordingly, in the case of
thermodynamic limitation, the output concentration is bound
to its equilibrium at a certain temperature and pressure. For
higher pressures, the equilibrium will be shifted toward more
products, whereas higher turnovers produce more reaction heat
and therefore higher temperatures (Figure 2). On the opposite,
at lower pressures fewer products would be formed until the
thermodynamic equilibrium is reached leading to less reaction
heat and lower temperatures in the reactor. In other words,
pressure control is a key influence to limit catalyst temperature
peaks in highly reactive and therefore often thermodynamically

limited reaction systems, such as upstream methanation reactor
stages.

Advantage 3.) As comprehensively shown by El-Sibai interme-
diate condensation leads to a significant improvement of the
space–time yield.[38] The authors described that removal of the
methanation byproduct water downstream the first reactor step
leads to an increase in overall performance. This effect applies also
for the proposed process scenario because a significant amount of
water must be condensed and removed before the compressor.

Unfortunately, intermediate water removal increases the risk
of carbon deposition, as Figure 5 and 6 show.

Figure 5 show a ternary diagram including the three process
relevant atoms, namely carbon, hydrogen, and oxygen. Within
this diagram, several gas compositions can be displayed by its
C─O─H ratio, such as the Co-SOEC syngas and the intermediate
methanation product gas determined downstream reactor 1 at
4000 h�1 and 1.2 bar pressure. Furthermore, the carbon deposi-
tion equilibrium lines have been drawn in this diagram, dividing
the areas where carbon deposition is thermodynamically possible
(area above lines), or not (area beneath lines). As the thermody-
namic behavior is not only dependent on composition but also on
temperature and pressure, three lines for critical temperature-
pressure pairs were drawn. This diagram shows that Co-SOEC
syngas is thermodynamically not likely to form solid carbon,
as the C─O─H ratio of this concentration (lower red cross)
is positioned beneath all three carbon equilibrium lines.
Nevertheless, the composition of the intermediate methanation
process gas after removal of water is critical, because it is posi-
tioned within the area of carbon deposition (upper red cross).
Further detailed information of ternary C─O─H diagrams can
be found in the study by Neubert.[9]

Figure 6 shows the equilibrium mole fraction lines of
all relevant gas molecules (CH4, H2O, H2, CO, CO2) and carbon
(C) for only one composition (ordinate), in this case, the inter-
mediate methanation product after water removal. On the
abscissa, the temperature is visualized, whereas different line
styles represent different pressures. The risk of carbon deposi-
tion is present for carbon mole fractions (green lines) above
zero. From Figure 6, it can be concluded that carbon shares

Figure 4. Adapted process flow diagram of high-temperature coelectrolysis and methanation with intermediate compression.
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(green lines) tend to zero for low temperatures and higher pres-

sures (e.g., <350 �C at 1 bar, <550 �C at 10 bar).
As a result reactor temperature and pressure are essential to

prevent carbon deposition after intermediate water removal

as proposed within 3). Higher risks of carbon deposition by

water removal can be countered by lower temperatures
and higher pressures (e.g., <350 �C at 1 bar) for the second

reactor.

Figure 5. Ternary carbon–hydrogen–oxygen-proportion diagram including solid carbon equilibrium lines at three different temperature–pressure

pairs (marked by lines) and the position of process gases (marked by red crosses) representing the thermodynamic carbon formation property

due to C─O─H ratio.

Figure 6. Temperature and pressure dependence of the equilibrium composition for the intermediate dual pressure stage methanation product

after H2O removal.
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3. Experimental Section

The experimental work comprised in this article refers only to the
optimization of the catalytic methanation, but not of the whole
system coupled with a Co-SOEC. The aim of the experimental
work was to substantiate the theoretically estimated benefits of
converting Co-SOEC syngas via two pressure levels by interme-
diate compression. Therefore, synthetic Co-SOEC syngas was
generated from bottle gases and fed to a laboratory methanation
plant at different pressures. The Co-SOEC syngas concentration
containing of 76.8 vol% H2, 18.3 vol% CO, and 4.9 vol% CO2

included a H2 excess of 3% above methanation stoichiometry
level. It had been expected that this composition allows achieving
goodmethanation results, staying on a reduced carbon formation
risk level and having an attractive SNG composition at full
methanation of COX. Due to volume decrease and water conden-
sation throughout the process (see Equation (3) and (4)) SNG
containing 90 vol% CH4 with an acceptable share of 10 vol%
H2 can be obtained at full methanation. This SNG quality is
likely to find broad industrial application and therefore makes
expensive H2 separation or major infrastructure modifications
obsolete. The feed gas composition from Co-SOEC for the
methanation was suggested and approved by partners within
the project HydroMetha based on their experience and test
results of Co-SOEC operation. In addition to gas flow, the impor-
tant parameter “gas hourly space velocity” (GHSV) is used as a
tantamount to catalyst load. It is calculated by the standard input
volume flow divided by the catalyst volume.

GHSV ¼
V̇N,in

Vcat

½h�1� (16)

The base and the adapted design were validated at values of
4000 h�1 (Figure 8) and 6000 h�1 (Figure 9) equaling a volume
flow input for reactor 1 of 16.8 and 25.1 Nl min�1, respectively.

The laboratory test plant for methanation used for the experi-
ments consists of up to three fixed-bed reactors in series each
filled with 0.25 L of commercial bulk catalyst, whereas also
bypassing of reactors is possible. Details of the experimental
set-up can be found in the studies by Kirchbacher et al.[33,34]

A wide range of gas concentrations and total gas flows could
be adjusted via five Bronkhorst mass-flow controllers for CH4,
H2, CO, CO2, and N2. The feed gas as well as the (intermediate)
products after each of the three reactors could be analyzed by a
gas analysis system (ABB Advanced Optima AO2000). Several
pressure measurements along with a pressure reduction valve
ensured pressure regulation up to 20 bar. A multithermocouple
including seven temperature measurement points along the
reactor axis made precise temperature recording along catalyst
bed depth for each reactor possible. In Figure 7a, schematic
drawing of one reactor is shown.

The inner diameter of the reactor was 80mm. The commer-
cial Ni-based catalyst (Meth134) was used with a bulk height of
50mm. Above and below the catalyst zone, inert stoneware balls
were positioned for homogenization of the incoming gas flow.
Five measurement points of the multithermocouple were located
within the catalyst bulk material, one closely beneath and one
above the catalyst zone, respectively. Measurement point 6
(TI6) was defined as the catalyst zone outlet temperature,

for example, used within Figure 10. Furthermore, the reactor
could be heated by infrared heaters, which was especially neces-

sary for heat up and catalyst activation phases. For experiments

causing low reaction heat, the heaters could be used to compen-
sate partly for cooling by natural convection, and keep reaction

temperature above 200 �C to prevent toxic nickeltetracarbonyl
formation.[39] Consequently, the reactor system could be consid-

ered as polytropic. To increase cooling by natural convection and
simplify reactor removal for modification, the heaters could be

folded to the sides.
The methanation experiments aimed on demonstrating the

methanation performance of single pressure level methanation

versus a dual pressure level process design. The single pressure

level scenario served as base case (Figure 4). Therefore, metha-
nation at 1.2, 2, 4, 6, 8, and 10 bar in two serial reactors both

operated at the same pressure was carried out with synthetic
Co-SOEC syngas.

In a second step, the dual pressure level methanation perfor-

mance was examined for comparison. Therefore, the second
reactor was fed with the product gas of reactor 1 operated at

1.2 bar pressure whereby the steam content of the product gas

Figure 7. Schematic drawing including multithermocouple of one of three

identical methanation reactors of the laboratory test plant.
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of reactor 1 was assumed to be fully condensed. The resulting
feed gas composition for reactor 2 was experimentally deter-
mined as 31.3 vol% CH4, 53.6 vol% H2, 5.9 vol% CO, 9.2 vol%
CO2. This feed gas for reactor 2, again synthetically mixed from
bottles, was inserted to reactor 2 at pressures of 1.4, 2, 4, 6, 8, and
10 bar. Reactor 2 had the same configuration as reactor 1, as
shown in Figure 7. This procedure was repeated for 6000 h�1

or 25.1 Nl min�1 under the same feed gas composition.

4. Results

4.1. Single Pressure Level Scenario at 4000 h�1

Starting with the base case scenario of methanation in a single
pressure level for 4000 h�1 (Figure 8 on the right) shows CO/
CO2 total conversions of 87.1%, 93.6%, and 95.1% at 1.2, 2,
and 4 bar pressure, respectively. At 6 bar pressure, 97.3% conver-
sion could be achieved, slightly increasing to 97.8% and 98.2%
when the pressure is increased to 8 and 10 bar. The conversion
generally increases in reactor 1 as well as in reactor 2 with higher
pressures in both reactors.

Themaximum temperatures in reactor 1 are always higher than
in reactor 2. While the maximum temperatures in reactor 1
steadily rise from 624 �C at 1.2 bar to 700 �C at 10 bar, the temper-
atures of reactor 2 barley increase from 434 �C (1.4 bar) to 438 �C
(4 bar) but decrease significantly to 394 �C at 10 bar. Therefore, the
differences of the maximum temperatures of reactor 1 and reactor
2 increases from 190 K at 1.2 bar to 305 K at 10 bar.

4.2. Dual Pressure Level Scenario at 4000 h�1

The settings of the first pressure stage within the dual pressure
level scenario were kept at the same level of 1.2 bar throughout

this scenario. The dual pressure level results (Figure 8 on the left)
reveal that the total conversions downstream the pressurized
reactor 2 are higher (or almost equal at 10 bar) compared with
the single pressure version. The better overall conversion and
higher methane concentrations are achieved howbeit reactor 1
has lower conversions due to its continuous operation under
atmospheric pressure. At 4 bar 97.5% and at 6 bar 98.3%, conver-
sion can be reached compared with 95.1% and 97.3%, respec-
tively, under equal pressure operation of both methanation
stages. To reach a conversion value of 98.7% in the single pres-
sure level scenario 10 bar are necessary, for the dual pressure
operation only 6 bar. The methane concentration in the product
gas follows the same trend and reaches after the second reactor at
8 bar 88.5% for the dual pressure levels scenario compared with
82.2% in the base case. These results show that in the dual pres-
sure level scenario, the improved performance of the second
reactor even overcompensates for the weak performance of reac-
tor 1 at atmospheric pressure.

The temperatures in reactor 2 of the dual pressure level sce-
nario are lower than in the single pressure level scenario, espe-
cially for 4000 h�1. The settings of reactor 1 in the dual pressure
level scenario are identical to those at 1.2 bar for the base case and
therefore equal temperatures and turnovers are the logical
consequence.

4.3. Single Pressure Level Scenario at 6000 h�1

At a GHSV of 6000 h�1 (Figure 9, on the right) a similar perfor-
mance is observed as for 4000 h�1, except with slightly lower con-
versions and higher temperatures what is based on the
thermodynamic limitation behavior of the methanation reac-
tions. The conversion in the single pressure level scenario does
not reach values above 94% at all, whereas at 4 bar, it even stays

Figure 8. Experimental results of single and dual pressure level methanation at 4000 h�1 (bars for COx conversion, black crosses for methane

concentration, black squares for temperatures).
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below 90%, referring to a methane concentration of 70.3 and
61.4 vol%, respectively.

The maximum temperatures of reactor 1 again increase and in
reactor 2 analogously decrease with higher pressures, just like for
4000 h�1. The differences between reactor 1 and reactor 2 in
terms of temperature are smaller for the higher volume flow
(6000 h�1).

4.4. Dual Pressure Level Scenario at 6000 h�1

The dual pressure level results of 6000 h�1 show a similar trend
as for the same experiments at 4000 h�1. The conversions
downstream the second reactor in the dual pressure level mode
(90.4–97.3%) are again generally higher compared with the
results of the single pressure level scenario at the same catalyst
load of 6000 h�1 (86.5–93.9%). Analogously behaves the concen-
tration of methane reaching higher values at intermediate
compression (64.64–84.22 vol%) compared with compression
upstream of the methanation reactors (53.3–70.3 vol%).

Compared with the same dual pressure level scenario at
4000 h�1, the conversion for higher pressures (2–8 bar) down-
stream reactor 2 is only 1 to 1.2 percentage points lower with
6000 h�1, although the catalyst load was increased by 50%.
Interestingly, at the lowest pressures (1.2/1.4 bar), the difference
in turnover is four percentage points, about four times as much.

Temperatures of reactor 2 in the dual pressure level scenario
are in a similar range as the temperatures in the single pressure
level operation.

In Figure 10a, correlation of thermodynamic equilibrium with
experimental and modeling results is presented. The experimen-
tally determined CH4 mole fraction downstream reactor 1 was
validated by a 2D CFD FEM reactor model elaborated in
Comsol Multiphysics. A detailed description of this methanation

reactor model will be published in a follow-up publication. For
the determination of the average temperature over the cross-sec-
tional area at the catalyst zone outlet, the reactor model was indis-
pensable. Other than the model, the experimental setup in terms
of temperature measurement (Figure 7) gives only information
on the axial temperature profile in the catalyst bed, but provides
only the temperature at a single radial position at the catalyst bed
outlet. The model-based radial temperature profile was averaged
over the total cross-sectional area. The modeled and experimen-
tally determined CH4mole fractions and the averaged outlet tem-
peratures indicate thermodynamic behavior, as the values clearly
follow the respective thermodynamic equilibrium lines in
Figure 10. With increasing pressure, the results shift to higher
methane mole fractions, but also higher temperatures. To dem-
onstrate comparability of experiment and model, also the CH4

mole fractions obtained by the model are shown in Figure 10,
which only slightly differ from the experimentally determined.
In total, a very good correlation between the experimental/
modeling results and the thermodynamic equilibrium is shown
in Figure 10.

5. Conclusions

Mass and energy balance calculations combined with experimen-
tal investigations were conducted to approve significant perfor-
mance improvements of catalytic methanation operated under
dual pressure levels.

As a general result of the methanation experiments with
Co-SOEC syngas the achieved CO/CO2 conversion under the
defined input specification of 3% H2 excess are promising.
Nearly full conversion of >97% leading to methane and
hydrogen shares of 84.2 and 13.2 vol%, respectively, was achieved

Figure 9. Experimental results of single and dual pressure levels methanation at 6000 h�1 (bars for COx conversion, black crosses for methane

concentration, black squares for temperatures).
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with the existing equipment for a wide range of process param-

eters for GHSV values of up to 6000 h�1. Furthermore, conver-
sions of >98% and methane concentrations of 88.5 vol%

including a rest share of 9.1 vol% hydrogen were possible for
GHSV values of 4000 h�1.

The experimental results show that full methanation of

Co-SOEC syngas is possible also with only a small H2 excess
of 3%, demonstrating that H2, costly produced by electric energy,

can be used to a large extent for CO2 utilization. As a conse-
quence, most of the PtG plant’s CO2 recycling potential can

be exploited. At the same time, the generation of an attractive
product of mainly CH4, 10–16% H2 and amounts of CO2 smaller

than 2% could be demonstrated. The produced SNG is likely to

find broad application in industrial infrastructure as well as for
natural gas grid injection.[40–42]

Moreover, it could be shown that methanation in two pressure

levels has significant advantages compared to methanation in a
single pressure level scenario. The benefit of significantly less

necessary compression power by changing the process flow arrange-
ment (thesis no. 1), similar to the findings of Koytsoumpa,[13]

was confirmed by simple mass flow calculations. 42% compres-
sor power reduction was calculated for an experimentally vali-

dated example case (67.5% conversion at 1.2 bar behind
reactor 1, see Figure 8) by the proposed process rearrangement.

To substantiate the findings from energy- and mass balance

calculations also experimental tests series were conducted.

Initially, reactors 1 and 2 were operated at the same pressures
(1.2–10 bar) for the single pressure level tests. In comparison,

in the dual pressure level scenario, the pressure was kept around
atmospheric in reactor 1, and has been increased only in reactor

2 (1.2–10 bar).The stated reduction in reactor peak temperatures

by the advanced process scheme (thesis no. 2) could be con-
firmed by experimental results. At 6000 h�1, the peak tempera-

tures in reactor 1 could be reduced from 691 to 743 �C in the
single pressure level scenario to 613 �C in the dual pressure
mode. The peak temperatures of reactor 1 at 4000 h�1 could

be also lowered from 621 to 700 �C by 21–98 K. The reason of
lower temperature peaks with lower pressure is the thermody-
namic limitation of the methanation reactor 1. The general ther-
modynamics of methanation reactions are widely described.[10,43]

Thermodynamically dominated behavior in reactor 1 for the used
setup was shown by comparing the experimental results to its
corresponding thermodynamic equilibrium under the same con-

ditions. In Figure 10, the measured methane concentrations for
reactor 1 correlate with the thermodynamic equilibrium concen-
trations at the detected temperatures and pressures. For the

determination of the corresponding average temperatures at
the catalyst bed outlet, a Comsol Multiphysics model has been
elaborated which accurately predicts the measured CH4 mole
concentrations. The proven thermodynamic limitation character-

istic of reactor 1 leads to a temperature-pressure-dependency. For
higher pressures, the thermodynamic equilibrium will be
reached at higher temperatures. On the other side, low, almost

atmospheric pressure in reactor 1 (�1.2 bar) leads to lower reac-
tor temperatures (Figure 10).

In conclusion, keeping the pressures in reactor 1 low
(dual pressure level scenario) prevents from temperature peaks.

In contrast, increased pressure in reactor 1, (single pressure level
scenario, reactors 1 and 2 at the same pressure level) leads to
temperature peaks in the catalyst bed of reactor 1 with conse-
quent limitations in the conversion performance. In other words,

pressure control is a key influence to limit catalyst temperature

Figure 10. Thermodynamic equilibrium concentration of methane over temperature at different pressures in comparison to methane concentrations

determined by experiment as well as by model (only reactor 1, 6000 h�1) over cross-sectional averaged temperatures at the catalyst zone outlet obtained

by a Comsol Multiphysics reactor model.
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peaks in highly reactive exothermic, and therefore often
thermodynamically limited, reaction systems, such as upstream
methanation reactor stages.

As a consequence, the demonstrated temperature decrease by
pressure reduction could result in a significant benefit in catalyst
lifetime. High temperatures of 700 �C and higher can lead to sin-
tering and deactivation phenomena of nickel-based methanation
catalysts.[44] Therefore, the proven temperature reduction in reac-
tor 1 could save elaborate cooling or recirculation process steps
for an industrial plant.

In terms of reactor performance improvement (thesis no. 3),
the experimental results show that by methanation in two pres-
sure levels, the conversion can be increased by 3.4–7.1percentage
points at 4000 h�1 and 0.5–3.9 percentage points at 6000 h�1,
whereas the largest improvements occurred at low pressure oper-
ation. This performance increase from single-to-dual pressure
level design is assumed to be caused mainly by water condensa-
tion of the intermediate feed. It can be concluded that removal of
the side product water from the intermediate feed enhances ther-
modynamics as well as kinetics within reactor 2, which can also
be derived from studies by El-Sibai et al.[38]

The intermediate output compositions of reactor 1 at almost
atmospheric pressures (1.2 bar at 4000 h�1 and 1.4 at 6000 h�1)
are equal for both scenarios, dual and single pressure levels. At
higher pressures (2–10 bar), the intermediate output composi-
tions of reactor 1 vary between single and dual pressure scenar-
ios. While the conversion downstream reactor 1 increases with
every pressure step for the single pressure scenario; for the dual
pressure scenario in reactor 1, steady conditions result in steady
output composition. This means that for higher pressures, the
process gas entering reactor 2 is less converted in the dual pres-
sure level scenario compared with the single pressure mode. In
conclusion, the positive influence of reduction in water vapor
outweighs the negative effect that the intermediate process
gas entering reactor 2 is less converted (higher COþ CO2 to
H2 ratio) in the dual pressure level scenario.

From Figure 5 and 6, it can be drawn that carbon deposition
could have appeared in reactor 2 for lower pressures. For pres-
sures of 1.2–4 bar, the reactor temperature was not low enough
to have certainly prevented carbon formation. Nevertheless,
at higher pressures of 6–10 bar measured temperatures of
<480 �C exclude carbon formation thermodynamically.

In summary, it can be confirmed that methanation with
intermediate compression including water condensation leads
to higher conversions of CO/CO2 in comparison with operating
a compressor before both methanation reactors.

This article intends to emphasize the benefits of intermediate
process gas compression independent of the exact number of the
lower and higher pressure level. Similar benefits may occur for
a different pair of pressure stages, which should certainly be
chosen according to available upstream steam pressure and
the required downstream SNG pressure available at a potential
industrial application. The pressurized electrolysis operation has
been accomplished and recent studies show the high efficiency
potential due to direct high pressure steam integration, parallel
exothermic methanation reaction, if CO2 is cofed, and reduced
diffusion limitations.[22–24,26] Therefore, it can be assumed as an
attractive alternative to or even a potential technology to be
combined with the proposed dual pressure level methanation

process. The most efficient strategy must be determined accord-
ing to the existing boundary conditions. Nevertheless, the pro-
cess proposed in this work offers experimentally proven and
energy efficient process path to generate SNG at a high down-
stream pressure, while allowing to keep electrolyzers at moderate
pressure. Benefits considering the electrolyzer can be expected
from reduced complexity and investment costs. Similar benefits
can be expected, if a SOEC is used instead of a Co-SOEC system,
as the findings of this article apply for both systems. Which solu-
tion is the most energy efficient, depends on the specific PtG
application.

In further works, a full picture of the temperature behavior of
the reactors shall be achieved by pursuing different temperature
measurement strategies. This includes temperature measure-
ment at several radial and axial positions within the catalyst
bed in upcoming experimental campaigns.

Furthermore, biogas plants are expected to be an attractive
application for PtG technologies based on high-temperature
electrolysis combined with catalytic methanation plants.
Temperature peak issues and performance optimization is also
fundamental in biogas methanation applications. Therefore, the
dual pressure level approach shall be extended to process gases
from biogas plants.
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4 Summary and Discussion 
The pathway to optimum CO/CO2 methanation reactors can be summarized based on set of 
five research questions including their answers. At first the limiting factors of fixed bed 
methanation reactors and the set of operation and design parameters which are relevant for 
optimization in order to reduce the found limitations need to be determined (research question 
1). The exact influence and interdependencies of the operation and design parameters on the 
methanation performance have to be understood in a second step (research question 2 and 
3). Finally, an optimization strategy and process design rules for high CO/CO2 methanation 
performance were derived (research question 4). In addition, potential efficiency 
enhancements for CO/CO2 methanation on the process level for a combined Co-SOEC and 
methanation plant were elaborated (research question 5). 

4.1 Answer to research question 1: What are the limiting factors of 
fixed bed methanation of CO/CO2 feed gas and what are the 
relevant design and operation parameters to reduce these 
limiting effects? 

The methanation of CO and CO2 is a process consisting of a sequence of interlinked process 
steps including mass transport, heat transport and chemical reaction (Figure 3). All of these 
steps interfere with each other and with any design or operation parameter. No transport or 
transformation phenomena can be influenced independently. For example, the reaction 
kinetics is a function of pressure and temperature and determines the amount of reaction heat 
formed in the catalyst bed. Higher pressure in the reactor triggers more reaction heat to be 
released. Consequently, higher bed temperatures occur, which affects the effective gas 
velocity, which influences mass and heat transfer, which again relates to temperature and 
therefore kinetics. For a given process condition setting one of these physical or chemical 
phenomena is the limiting factor, because the overall process rate marches to the beat of the 
slowest step. The limiting or process dominating factor can differ in different sections within 
the reactor bed. For example, the process can be initially kinetically limited, followed by a 
thermodynamically limited zone in the latter section of the fixed bed. 

In Figure 6 the performance of a variety of reactor dimensions for Co-SOEC syngas at several 
“gas hourly space velocity” (GHSV) and pressure values is presented. For capacity 
comparison of different reactor systems, the GHSV, which can also be referred to as catalyst 
load, is calculated by the standard volume flow per reactor volume (Equation 44). 𝐺𝐻𝑆𝑉 =  ௏̇೔೙,೚೛.௏ೝ೐ೌ೎೟೚ೝ ்೔೙்ೄ೅ು ௣ೄ೅ು௣೔೙        (Equation 44) 

The essential performance parameter COx conversion is defined by Equation 45. 𝐶𝑂௑ 𝑐𝑜𝑛𝑣𝑒𝑟𝑠𝑖𝑜𝑛 = ൫௡̇಴ೀ,೔೙ି௡̇಴ೀ,೚ೠ೟൯ା൫௡̇಴ೀమ,೔೙ି௡̇಴ೀమ,೚ೠ೟൯௡̇಴ೀ,೔೙ା௡̇಴ೀమ,೔೙     (Equation 45) 

With increasing pressure, the COx conversion but also the temperature peaks increase. 
Furthermore, increasing GHSV leads to lower conversion rates. For only naturally air-cooled 
reactors with increasing GHSV also the peak temperatures increase at constant pressure. 
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However, in oil-cooled reactors the maximum temperature decreases with higher GHSV at 
constant pressure. The reactor performance generally increases with smaller diameters or 
enhanced cooling (80 mm diameter naturally cooled < 14 mm naturally cooled < 14 mm actively 
cooled) as shown in Figure 6. The performance could be significantly increased by improving 
the limiting factor for a given reactor design and operation condition. 

 

Figure 6: Performance comparison based on experimentally found (bars) and modelled (‘x’-
markings) COx conversion and modelled maximum temperature (‘▲’-markings) of three 
reactors with 14 mm diameter (840 mm naturally cooled reactor 1, 700 mm oil-cooled reactor 
2 and 600 mm oil-cooled reactor 3) and a reactor with 80 mm diameter (50 mm naturally cooled 
catalyst zone) [8] in dependency of GHSV and pressure. 

The chemical methanation reactions accelerated by nickel catalysts are in general intrinsically 
fast and highly exothermic. This means that the methanation reaction tends to initially generate 
a lot of heat in a small bed volume leading to a fast exponential increase in temperature. In 
Figure 7 the modelled axial temperature curves for an 80 mm reactor are presented.  
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Figure 7: Experiment-model-comparison of axial temperature profiles for a lab-scale packed 
bed methanation reactor at 4000 h-1 GHSV and Co-SOEC syngas feed 

The high rate of reaction heat in the initial section needs to be removed in the same magnitude 
as it is produced in order to be able to control the temperature profile. In a tubular system 
reaction heat can only be removed from the reactor system in radial direction. If this heat 
removal is not sufficiently done, the temperature rises until thermodynamic equilibrium 
conditions are reached and the reaction progress is thermodynamically hindered, which was 
the case in the 80 mm reactor. The three most relevant radial heat transport mechanisms are 
effective fixed bed heat conduction in radial direction, bed-wall heat transfer at the inner wall 
interface and wall-coolant heat transfer at the outer wall interface, which was also discussed 
in detail in paper II [55].  

Heat transport by effective fixed bed heat conduction for catalytic fixed beds is mainly a 
function of gas velocity, pellet diameter (particle Reynolds number), pellet heat conduction and 
radial distance as thoroughly presented in chapter 2.2.6. The dependencies can be derived 
from the Λ௥(𝑅)-model as shown in Equation 22. In practice, the tube diameter and the gas 
velocity are the most important tuning parameters to increase radial heat transport in terms of 
reactor design. Heat conductivity of fixed beds increases also with lower pellet diameter. 
However, the smallest pellet diameter is a question of the maximum acceptable pressure loss, 
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which is increasing with lower pellet diameters and therefore should not be significantly 
reduced.  

Bed-wall heat transfer for a given gas quality is determined mainly by gas velocity, whereas 
the particle diameter has only limited influence as discussed in paper II, using the formulation 
of Specchia [57]. The significant performance limitation in the 80 mm diameter naturally cooled 
reactor is caused by limited radial heat transfer, especially at the inner bed-wall interface. This 
is indicated by the considerable temperature jump between bed and wall (at radius 0,04 m) in 
radial temperature profiles of Figure 8 at already moderate GHSV of 4000 h-1.  

 

Figure 8: Radial temperature profiles of an 80 mm diameter fixed bed reactor at the catalyst 
zone inlet (0.1 m reactor height), center (0.125 m reactor height) and outlet (0.15 m reactor 
height) of solid, gas and wall based on the 2D reactor model for a pressure of 8.03 bar and 
GHSV of 4000 h-1 

Through significant reduction of diameter from 80 mm to 14 mm, the velocity was increased 
and the inner heat transfer limitation reduced. However, in the naturally cooled 14 mm reactor 
still severe hotspots were found. As shown in Figure 6, the radial heat transfer limitation of the 
naturally cooled 14 mm diameter reactor causes higher peak temperatures (e.g. 839 °C at 
8000 h-1, 6 bar) compared to a 14 mm reactor with oil-cooling (e.g. 757 °C at 8000 h-1, 6 bar) 
at equal process conditions despite lower reaction heat release due to lower conversion in the 
naturally cooled system. The 14 mm reactor with natural air-cooling is an example of radial 
heat transfer limitation at the outer wall interface, which was solved by active oil-cooling. Wall-
coolant heat transfer of clearly superior oil-cooling can be further enhanced by increasing the 
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coolant Reynolds number. As a consequence, especially coolant velocity is the relevant 
influence factor as shown by Nusselt correlations according to Gnielinski [69] for thermal oil. 
Furthermore, the coolant temperature plays a decisive role because it affects not only wall-
coolant heat transfer at the temperature peak, but also the catalyst temperature close to the 
input section and especially the product gas relevant output section of the reactor. 

Limited radial heat transport leading to temperature increase within the reactor easily results 
in thermodynamic limitation. The thermodynamic equilibrium depends on the set of process 
conditions including gas concentration, pressure and temperature. As is presented in Figure 
9, for Co-SOEC syngas an equilibrium composition with high methane concentration and CO2 
conversion can only be reached at temperatures below 350 °C and elevated pressures above 
4 bar. 

 

Figure 9: Equilibrium composition of Co-SOEC syngas in dependence of temperature and 
pressure based on Co-SOEC syngas composition with 3% hydrogen excess (76.8 vol.-% H2, 
18.3 vol.-% CO and 4.9 vol.-% CO2) 

The effective reaction rate is defined by the process conditions within the reactor and plays 
also a decisive role for the overall performance of Co-SOEC methanation in fixed beds. For 
the effective reaction rate it should be distinguished between intrinsic kinetics and mass 
transport limitation. The intrinsic reaction rate is a function of gas concentration, pressure 
and temperature, as mentioned before. Kinetics dependencies can be derived according to the 
intrinsic kinetic formulations by Rönsch [70] as used in paper I [8] and paper II [55]. Higher 
pressures, higher temperatures and higher educt concentrations lead to higher reactions rates. 

Mass transport between the bulk gas and the catalyst can be limiting, especially for low 
gas turbulences, as shown in paper I. In Figure 10 extremely low catalyst efficiencies around 
1 % were calculated for Co-SOEC methanation in the 80 mm reactor due to very low gas 
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velocities. Mass transport limitation between bulk gas and active sites on the catalyst surface 
depends on the pellet size and characteristics (pore diameter) as well as on the gas velocity.  

 
Figure 10: Catalytic efficiency (left ordinate) from a power law, a Langmuir-Hinshelwood-
Houghen-Watson and new approximation approaches along with catalyst temperature (right 
ordinate) over the reactor height in the central reactor axis at 4000 h-1 and 8 bar in a 80 mm 
diameter 50 mm length reactors including a closer look (red frame) with higher resolution of 
the catalyst zone in the right diagram 

In Figure 11 the catalytic efficiency for a 14 mm reactor is presented. High gas velocities in 
smaller reactor diameters generate high turbulences (high Reynolds numbers), which lead to 
high Sherwood numbers which consequently decreases mass transport limitation. [19] In the 
center and output section of the 14 mm reactor, which are due to lower reaction rates the 
essential zones for good reactor performance, the catalytic efficiency was roughly increased 
by an order of magnitude. In zones with highest temperatures and therefore already too high 
reaction rates catalytic efficiencies as low as 4 % were found in the 14 mm reactor at high 
GHSV values. 
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Figure 11: Catalytic efficiency (left ordinate) from a power law approach along with temperature 
(right ordinate) over the reactor length at 4000 h-1, 1.3 bar and 20000 h-1, 6 bar in a 14 mm 
diameter 700 mm length reactor 

For stable operation certain boundary conditions in terms of temperature, pressure and 
concentration have to be met to exclude hindering side effects. The two most important 
performance hindering side effects are catalyst sintering and carbon deposition, which can 
lead to lower conversion over time or even complete system failure.  

Hot spots caused by low radial heat transport and high kinetics can lead to catalyst sintering. 
Catalyst sintering can be avoided if the maximum reactor temperature is kept below the 
maximum allowed catalyst temperature stated by the supplier, such as 510 °C maximum 
temperature for the catalyst Meth134 used in paper I, II, III.  

Carbon deposition can be highly likely omitted, if explicit thermodynamic conditions for 
carbon formation are avoided. Thermodynamic carbon deposition is defined by the C-O-H 
ratio, temperature and pressure. Carbon deposition was discussed via ternary diagrams in 
paper III and is shown in Figure 12 [71]. In the ternary diagram is shown, that no carbon 
deposition is thermodynamically possible for the Co-SOEC syngas. However, if intermediate 
water removal is conducted between a first and second reactor stage, carbon deposition is 
thermodynamically possible. As a consequence, if a second reactor stage with intermediate 
water removal is used low temperature and high pressures should be aimed at to reduce 
carbon deposition (<400 °C, >4 bar) as shown in paper III [71]. Ideally, single stage Co-SOEC 
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syngas methanation without intermediate water removal is possible based on an advanced 
reactor design, as shown in chapter 4.4.  

 

Figure 12: Ternary carbon-hydrogen-oxygen-proportion diagram including solid carbon 
equilibrium lines at three different temperature-pressure pairs (marked by lines) and the 
position of process gases (marked by red crosses) representing the thermodynamic carbon 
formation property of Co-SOEC syngas. 

The most important rate and performance limiting factors can be summarized as: 

 Radial heat transport 
o Effective radial heat conduction (Inter-bed heat transport) 
o Heat transfer between fixed bed and wall 
o Heat transfer between wall and coolant 

 Thermodynamics 
 Intrinsic kinetics 
 Mass transfer between bulk gas and catalyst surface  
 Carbon deposition 
 Catalyst sintering  

The understanding of these limiting factors was the most important finding drawn from the 
extensive experimental and modelling investigation with the 80 mm reactor presented in 
scientific paper I. In scientific paper II these limitations could be significantly reduced in the not 
actively cooled and especially the oil-cooled 14 mm reactors. The maximum conversion 
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increased from 8000 h-1 GHSV and 61 % COx (80 mm diameter, naturally cooled reactor) 
conversion to 93.5 % at 29000 h-1 both at 6 bar (14 mm diameter, oil-cooled reactor).  

In Figure 13 the most relevant limiting factors for the design of fixed bed CO/CO2 methanation 
and its influential parameters are once again clustered in a graphic.  

 

Figure 13: Overview of performance limiting factors (green) of fixed bed CO/CO2 methanation 
and the influential design and operation parameters (yellow) including an indication of limitation 
how to reduce it by ↗ (increase to improve) and ↘ (decrease to improve). 

Increasing the gas velocity enhances several transport limitations in a fixed bed. For 
methanation at very high gas velocities the pressure drop at some point becomes an additional 
limiting factor, which was set aside in this chapter due to insignificancy under the used 
conditions.  

In addition, the gas channelling effects as a consequence of uneven porosity distribution can 
be relevant as is shown in Figure 14. The porosity distribution in radial direction calculated 
from Giese [66] and de Klerk [67] shows significant variation, especially for low diameters. In 
contrast, small reactor diameters (and small diameter ratios of approximately 3 or lower) in 
industrial [72–74] and experimental [75, 76] applications were realized with success. The focus 
on temperature reduction by higher radial heat transfer in small diameter reactors still may 
outweigh the decreasing conformity to ideal plug-flow. 
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Figure 14: Radial porosity distribution of 14 mm and 10 mm diameter reactors based on 
empirical methods by Giese [66] and de Klerk [67] (reactor radius is 0 at the reactor wall) 

4.2 Answer to research question 2: Is the CO/CO2 methanation 
limited by thermodynamics or kinetics and what is the 
influence of reactor cooling? 

It is of the essence for reactor optimization to investigate the kinetically and thermodynamically 
limited sections within a reactor at given process conditions for CO/CO2 methanation. 
Thermodynamics and intrinsic kinetics are both related to process condition parameters 
temperature, pressure and gas concentrations. While increased pressure and higher educt 
gas concentration favor kinetics as well as thermodynamics, the temperature dependency is 
contrary. If the thermodynamic is limiting, a reduction of temperature would speed up the 
process. If the thermodynamic is not limiting, it can be considered kinetically limited and a 
temperature increase according to Arrhenius law is beneficial.  

In Figure 15 temperature and mole fraction profiles of two reactors, one with natural air cooling 
and on with active cooling are compared at the same GHSV and pressure pair of 8000 h-1 and 
6 bar. This comparison reveals alternating kinetic and thermodynamic domination along the 
reactor axis highlighted via the background color, which also completely changes with the 
cooling method. Figure 15 and Figure 16 are based on the 1D PFR model and are presented 
in a very similar form in paper II. They were only supplemented in this thesis by a kinetic 
limitation analysis. This was achieved by simply checking within the model algorithm if a 
temperature increase (kinetic limitation) or a temperature decrease (thermodynamic limitation) 
leads to an increase of reaction rate of CO methanation and WGS reaction, as can also be 
described by Equation 46 and Equation 47.  
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Kinetic limitation: ௗ௥ೕௗ் > 0          (Equation 46) 

Thermodynamic limitation: ௗ௥ೕௗ் < 0          (Equation 47) 

  

Figure 15: Axial profiles of modelled (lines) and experimentally determined (‘x’-markings) 
temperature and molar fractions of the 14 mm diameter and 840 mm long naturally cooled 
compared to the 700 mm long actively oil-cooled reactor at 8000 h-1 and 6 bar including 
indication of kinetic limitation for CO methanation and WGS reaction by grey background (COx 
conversions, Reynolds numbers, heat transfer coefficients and maximum temperature (blue 
‘x’-marking) included). 

The naturally with ambient air (~20 °C) cooled system is due to an immediate temperature 
jump initially dominated by thermodynamic limitation, which means a reduction in temperature 
would increase the reaction rate for the first 500 mm of catalyst length until the temperature 
hits about 370 °C. This is confirmed by the modelled mole fraction profiles, which show little 
deviation to the equilibrium mole fractions in the first third of the reactor, also indicating 
thermodynamic limitation. Downstream of 500 mm catalyst length the temperature continues 
to drop due to cooling to 20 °C ambient air. At lower temperatures <370 °C the system is 
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hindered at the given pressure by kinetics. At first only regarding the CO methanation and 
about 100 mm further downstream also kinetic limitation of the WGS reaction occurs. As a 
result, oil-cooling at elevated temperature around 280-320 °C can play an important role in two 
respects. Reducing the temperature in the first half of the reactor to reduce thermodynamic 
limitation and increase the temperature in the second half to reduce kinetic limitation. 

In the oil-cooled reactor the temperature does not immediately spike but starts at low initial 
temperature around 90 °C, as no preheating of the gas was conducted in reactor 2. This leads 
to low initial kinetics for CO methanation and WGS reaction, but kinetic is rapidly increasing 
with increasing temperature. This zone between reactor input and temperature peak is a typical 
example of a kinetically limited section with an exponentially increasing temperature profile. 
Only 747 °C maximum temperature appears due to oil cooling, instead of 835 °C in the 
naturally cooled reactor. A faster decrease of temperature in the actively oil-cooled reactor 
shortens the reactor length with thermodynamic limitation compared to the air-cooled system 
until the reactor temperature approaches the oil-cooling temperature around 323 °C. 

Furthermore, the mole fraction profiles reveal, that CO is fully consumed as it is transformed 
to methane at some point along the reactor axis. Consequently, further downstream from 300 
mm reactor length in the naturally cooled and from 110 mm reactor length in the oil-cooled 
reactor, the water gas shift reaction becomes the limiting reaction. For both reactors, this is the 
greater part of the reactor length. A short zone of CO methanation kinetic limitation between 
180 and 280 mm reactor length occurs in the oil-cooled reactor. However, considering the 
WGS reaction is the rate dominating reaction, the oil-cooled reactor is still thermodynamically 
limited to a great extent of its length (93%), starting from the temperature peak until the reactor 
outlet.  

In Figure 16 the same temperature and mole fraction profiles are presented for two reactors 
with and without preheating zone both at higher GHSV of 25000 h-1. While reactor 2 has no 
preheating zone, in reactor 3 the incoming gas is heated up by the oil-cooling (~323°C) leading 
to significantly higher initial temperatures. Effective heat conduction in countercurrent direction 
leads to temperature increase above oil-temperature at the catalyst zone inlet of reactor 3.  
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Figure 16: Axial profiles of modelled (lines) and experimentally determined (‘x’-markings) 
temperature (left) and molar fractions (right) of the 14 mm diameter and 700 mm long oil- 
cooled reactor without preheating zone compared to the 600 mm long oil-cooled reactor with 
100 mm preheating zone at 25000 h-1 and 6 bar including indication of kinetic limitation for CO 
methanation and WGS reaction by grey background (COx conversions, Reynolds numbers, 
heat transfer coefficients and maximum temperature (blue ‘x’-marking) included). 

The temperature profile of reactor 2 is characterized by a typical exponential increase in 
temperature in a kinetically limited zone, as discussed in Figure 15 for reactor 2. With higher 
GHSV this kinetically limited zone widens from 46 mm at 8000 h-1 to 100 mm at 25000 h-1. Due 
to higher gas velocities and therefore higher radial heat transport the temperature peak 
decreases despite more reaction heat is released at more than 3 times higher mass flow. This 
is a strong indication, that the gas velocity and the radial heat transfer play a crucial role.  

In comparison, in reactor 3 the initially rising temperature slope is almost completely omitted 
due to the preheating zone and very high initial kinetics. As a consequence, the preheating 
also leads to a higher temperature peak of 786 °C compared to 714 °C with no preheating. 
Without preheating some of the educts already react at a lower reaction rate in the kinetically 
dominated section. Therefore, the thermodynamic limitation is reached at a lower temperature 
since already less educts and more products are present at the peak.  
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Downstream of the temperature peak both reactor 2 and reactor 3 are predominantly 
thermodynamically limited. Again, CO is soon fully consumed making the WGS reaction the 
dominant reaction. Consequently, the kinetic limitation of the CO methanation reaction in the 
last, roughly 450 mm long section in reactor 2 and reactor 3 is not relevant, as shown in Figure 
16.  

The dominance of the WGS reaction can also be seen in the reaction rate curves. At first the 
CO methanation reaction rate spikes in accordance with temperature. Roughly 120 mm 
downstream of the temperature peak the CO methanation reaction rate approaches the 
significantly lower and rate determining WGS reaction rate.   

In conclusion, the following list summarizes the essential points regarding thermodynamic vs. 
kinetic limitation and oil-cooling. 

 Oil-cooling of fixed bed CO/CO2 methanation reduces temperature peaks, reduces 
thermodynamic limitation in the first section of the catalyst bed and kinetic limitation in 
the latter section of the catalyst bed found in naturally air-cooled reactors. 

 CO/CO2 methanation is strongly dominated by the WGS reaction rate rather than the 
CO methanation reaction as CO is fully consumed. 

 The reaction rate of CO/CO2 methanation with oil-cooling at 320 °C cooling temperature 
can be still thermodynamically limited downstream of the temperature peak. Lower 
cooling temperatures can be favorable. 

 Preheating the feed gas leads to shorter catalyst zone lengths at the cost of higher 
temperature peaks (and preheating length) 

 Oil-cooled reactors and moderate GHSVs (8000 h-1) are limited by radial heat transfer 
inside the reactor (inter bed and bed-wall). However, an increase in GHSV (25000 h-1) 
and therefore higher gas velocity significantly reduces the temperature peak despite 
higher total reaction heat (similar conversion, 3-fold mass flow increase). 

Two consequences and proposal for further research can be drawn by the found results: 

 A reduction of oil-cooling temperature beneath 320 °C can improve process 
performance. 

 Using catalyst suitable to accelerate the WGS reaction, for example by doping nickel-
based catalyst, could have a decisive positive impact on CO/CO2 methanation. 

4.3 Answer to research question 3: What is the dependency of heat 
and mass transfer from operational and design parameters and 
what is the sensitivity to enhance methanation performance?  

Performance limitation can not only result from condition related thermodynamic and kinetic 
limitation (chapter 4.2) but also from heat and mass transport factors. To improve methanation 
reactor performance radial heat transport and gas-catalyst mass transfer needs to be 
enhanced through appropriate reactor dimension and operation parameters. Therefore, the 
dependencies of parameters influencing heat and mass transport were derived from the 1D 
PFR model in MATLAB. The relevant heat and mass transfer coefficients are listed below.   
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 Inner heat transfer coefficient (Equation 20) 
 Effective heat conductivity (Equation 28) 
 Catalytic efficiency (Equation 35-42) 
 Radial heat flux equivalent (Equation 31 and Equation 33) 
 COx conversion (Equation 45) 
 Maximum temperature 

In Figure 17 the dependency of the heat transfer coefficient at the inner fixed bed-wall interface 
and the effective fixed bed heat conductivity from the superficial input velocity is presented.  

 

Figure 17: Inner bed-wall heat transfer coefficient and effective fixed bed heat conductivity over 
superficial input gas velocity for 8000 h-1, 15000 h-1, 20000 h-1 and 25000 h-1 at 6 bar and for 
10 mm, 14 mm and 18 mm reactor diameter at 700 mm catalyst length. 

It can be seen that the heat transfer coefficient increases almost linearly by 165-182 W m-2 K-

1 and the heat conductivity by roughly 0.25-0.27 W m-1 K-1 per every 1 m s-1 velocity increase. 
Through an increase of the GHSV from 8000 h-1 to 25000 h-1, which is proportional to a velocity 
increase from 1.6 m s-1 to 4.9 m s-1 at constant reactor length, the bed-wall heat transfer 
coefficient could be increased by roughly 210 % and the effective bed conductivity on average 
by 138 % with only small deviations between the tested diameters. An increase in diameter 
from 10 mm to 18 mm leads to a maximum increase in bed wall heat transfer by 11 % and in 
bed conductivity by 13 % at 25000 h-1. The small enhancing effect of larger diameters on these 
heat transport coefficients is overcompensated when the complete diameter influence on the 
radial heat flux is considered making small diameters beneficial for radial heat transfer, as will 
be explained below. 
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Mass transport limitation within the porous catalyst pellet and between catalyst surface and 
bulk gas via gas diffusion can be obtained by the catalyst efficiency. In Figure 18 the catalyst 
efficiency over the superficial input velocity for the CO methanation reaction and the water gas 
shift reaction is presented.  

 

Figure 18: Catalyst efficiency for CO methanation (COM) and water gas shift reaction (WGS) 
over superficial input gas velocity for 8000 h-1, 15000 h-1, 20000 h-1 and 25000 h-1 at 6 bar and 
for 10 mm, 14 mm and 18 mm reactor diameter at 700 mm catalyst length. 

Figure 18 proves that the reaction efficiency of the CO methanation reaction increases by 80-
107 % due to an increase of gas velocity by 213 %, whereas the water gas shift reaction 
efficiency remains almost constant (3-7 % increase). The water gas shift reaction efficiency 
therefore could mainly result from low CO concentrations, consequently an increase in gas 
turbulence at higher velocities has almost no beneficial effect. Again, the diameter effect on 
the efficiency factor is limited with 10 % increase for the CO methanation and 12 % for the 
water gas shift reaction for 25000 h-1. 

As is explained in Equation 29 to Equation 33 the radial heat flux is a function of heat transfer 
coefficients, heat conductivity and diameter. The velocity and diameter dependency of the 
radial heat flux is presented in Figure 19. For a one dimensional approach the consideration 
of only the heat transfer coefficient between fixed bed and wall, the wall heat conduction and 
the wall-coolant heat transfer as in the heat flux 𝑞ᇱ௥ is viable (Equation 31). However, the 
effective fixed bed heat conductivity taking into account dispersion also plays a crucial role for 
radial heat transport. As a consequence, an artificial mean radial heat flux equivalent 𝑞ᇱ௥,௕௘ௗି௢௜௟ 
(Equation 33) considering all heat transfer resistances including effective conduction within the 



Chapter 4 - Summary and Discussion 117 

   

bed, transfer at the bed-wall interface, the wall conductivity and the outer wall-coolant interface 
is additionally presented in Figure 19.  

 

Figure 19: Mean radial heat flux equivalent without temperature difference influence (Equation 
31 and Equation 33) over superficial input gas velocity for 8000 h-1, 15000 h-1, 20000 h-1 and 
25000 h-1 at 6 bar and for 10 mm, 14 mm and 18 mm reactor diameter at 700 mm catalyst 
length. 

The superficial gas velocity increase from 1.6 m s-1 to 4.9 m s-1 leads to an increase in 
temperature difference omitted heat flux for a 1D PFR approach 𝑞ᇱ௥ by 148-165 %. The radial 
heat flux equivalent including all radial heat resistances 𝑞ᇱ௥,௕௘ௗି௢௜௟ was increased by 142-158 

% due to a 213 % velocity increase. For 25000 h-1 the diameter increase from 10 mm to 14 
mm led to an increase of heat flux 𝑞ᇱ௥  by 83 % and of heat flux 𝑞ᇱ௥,௕௘ௗି௢௜௟ by 121 %. 

Figure 20 displays the dependency of COx conversion and maximum temperature from gas 
velocity and reactor diameter. The COx conversion and the maximum temperature are 
important indicators for methanation performance. 
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Figure 20: COx conversion and maximum temperature over superficial input gas velocity for 
8000 h-1, 15000 h-1, 20000 h-1 and 25000 h-1 at 6 bar and for 10 mm, 14 mm and 18 mm reactor 
diameter at 700 mm catalyst length. 

In Figure 20 it is shown, that smaller reactor diameters and higher gas velocities lead to lower 
peak temperatures, which is a consequence of higher radial heat transport. The decrease of 
temperature peaks with higher GHSV values comes at the cost of lower COx conversions. 
However, smaller reactor diameters can partially compensate for the loss of conversion 
resulting from higher GHSV. 

In conclusion, the methanation performance is defined to a large extent by heat and mass 
transfer parameters, which are influenced by the reactor diameter and the gas velocity. The 
most important learnings from the analysis of the influence of transport factors are listed below: 

 Higher gas velocities in fixed bed methanation reactors have a significantly beneficial 
effect on heat and mass transport properties (bed-wall, bed conductivity, catalytic 
efficiency).  

 Higher diameters do not have a strong influence on these heat and mass transport 
properties. 

 The radial heat flux, corrected by the influence of temperature difference, is highly 
influenced by both diameter (+121% from 18 mm to 10 mm diameter reduction) and 
gas velocity (+158% from 1.6 m s-1 to 4.9 m s-1 velocity increase). 

 Temperature peaks can be significantly reduced by small reactor diameters and by 
higher gas velocities despite higher total reaction heat at higher loads.  

 The COx conversion decreases from a high level (>98 % at 1.6 m s-1) with increasing 
velocity (>93% at 4.9 m s-1) but again increases with lower reactor diameter (+2 %-
points).  
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As a consequence, one of the most hindering challenges for methanation of CO/CO2 mixtures 
in oil-cooled fixed bed reactors, extremely high temperatures, can be substantially addressed 
by using small diameters to minimize heat and mass transport limitation. In combination with 
pressure adjustment to lower levels and high-temperature catalyst (~600 °C maximum 
temperature), this problem can be fully solved. However, higher gas velocities at lower 
diameters also lead to increasing pressure loss. Practical limitations during the filling procedure 
of small reactor tubes with catalyst and adverse bed distribution at low catalyst pellet-reactor 
diameter ratios have to be considered. In a following step, the reactor length and the 
thermodynamic conditions at the reactor output must be adjusted accordingly to enable 
sufficient COx conversion in a single reactor stage, as is thoroughly discussed in the next 
chapter.  

4.4 Answer to research question 4: What process and design 
strategies can be derived to overcome limiting effects and 
achieve maximum methanation performance? 

The findings of the first three research questions led to the formulation of design rules, which 
can be understood as design principles supporting design decisions for methanation reactors 
converting CO/CO2 mixtures. The temperature curve is one of the most important performance 
indicators of a methanation reactor and is suitable to discuss the optimum design of 
methanation reactors. The temperature profile is influenced by all design and operation 
parameters, and it defines how much product gas per reactor volume and time (kinetics) in 
what quality (thermodynamics) can be produced. The axial temperature curve indicates what 
limitations occur in what zones of the reactor. This was elaborated in detail along the previous 
research questions. 

A good reactor and cooling design is therefore crucial to “steer” the temperature curve. A 
proposal of six main rules for adequate reactor and cooling design of a catalytic methanation 
reactor is listed below and is illustrated based on the typical shape of temperature profiles of 
CO/CO2 methanation reactors in Figure 21. Neubert [45] formulated 2 tasks of reactor cooling 
for fixed bed methanation reactors. These six rules are a further detailing of Neuberts proposal 
and are in particular meant for fixed bed methanation reactors especially for CO/CO2 
methanation with thermal oil cooling. In Figure 21 an illustration of the qualitatively optimal 
temperature curve including the 6 tasks of cooling are presented. 

1. The input temperature should be kept above the reaction kick-off temperature, depending 
on the input concentration, pressure and catalyst type (appr. >250-300 °C).  

2. The maximum catalyst temperature must be kept within the catalyst specification limits 
(usually 500–600 °C maximum temperature depending on catalyst) to avoid catalyst sintering. 
Without appropriate countermeasures such as active thermal oil-reactor cooling, almost the 
adiabatic maximum temperature would be reached, which is usually significantly above the 
maximum catalyst temperature (>700 °C depending on pressure and concentration).  

3. However, it is favourable for higher conversion rates and reactor capacity to operate only 
slightly below the maximum catalyst temperature at the temperature peak, since the reaction 
rate increases exponentially with higher temperatures. In contrast, isothermal methanation 
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such as in fluidized beds without moderate hot-spots leads to low reactor capacities due to 
kinetic limitation.  

4. Downstream of the temperature peak the reactor is highly likely thermodynamically limited 
for CO/CO2 methanation without active cooling. Therefore, reactor cooling should ensure a 
significant reduction of temperature.  

5. If the coolant temperature is too low (ambient air at 20 °C, water cooling at low pressure), 
kinetic limitation may occur in the rear section of the reactor. The theoretical optimum 
temperature profile can be reached if neither thermodynamic limitation, nor kinetic limitation 
occurs. The optimum cooling rate can be approximately met with thermal oil around 270-320 
°C depending on exact conditions. 

6. In addition, the output reactor temperature must be settled around 300 °C to ensure 
favourable thermodynamic conditions for high output methane concentrations. The 
thermodynamics of methanation of Co-SOEC was described in detail in paper I. The necessary 
output temperature depends on input concentration, pressure and aimed output concentration. 
For Co-SOEC syngas at 4 bar pressure at least 280 °C and at 6 bar 290 °C must be reached 
at the outlet to thermodynamically enable a dry output concentration of H2 <10 vol.-% and CH4 
> 90 vol.-% necessary for direct grid injection.  

 

Figure 21: 6 main tasks of temperature control in a catalytic fixed bed methanation reactor 
(idea based on illustration from Neubert [45]) 

If these six design rules regarding the temperature profile are met, the methanation reactor will 
perform well, since the limitations are reduced as much as possible with low-complexity. The 
most important tuning parameters for tubular fixed bed methanation reactors to form this 
favourable temperature profile are: 

1. the reactor diameter 
2. the gas input capacity 
3. the reactor pressure 
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4. the input gas temperature 
5. the coolant temperature and velocity 

Small reactor diameters increase radial heat transfer (Figure 17, Figure 19), enhance cooling 
and therefore especially reduce peak temperatures. At constant volume flow smaller diameters 
lead to an increase in conversion (Figure 20).   

High gas input capacity can have a cooling effect (if the system is not limited by wall-coolant 
heat transfer e.g. in air-cooled systems), due to higher gas velocities, but also increases the 
absolute amount of heat produced due to higher absolute number of moles converted. On the 
downside, high volume flow at constant reactor diameter and length reduces the residence 
time, therefore in almost every case higher volume flow leads to lower conversions and higher 
pressure loss (Figure 20). The influence of higher gas volume flow can be described as almost 
a downstream shift of the temperature curve towards the reactor outlet and flattening of the 
temperature profile.  

Higher reactor pressure reduces the kick-off temperature, increases the initial acceleration of 
the temperature increase (kinetics) and leads to higher temperature peaks. It mostly also leads 
to higher conversion rates and higher product concentrations since it is preferential in terms of 
thermodynamics, which is important especially at the outlet section. Pressure has no 
significant effect on the gas turbulence. 

The input gas temperature has no severe influence, as long as it is above the kick-off 
temperature. The comparison of oil-cooled reactors with and without preheating zone shows, 
that no preheating with lower input temperatures leads to slightly lower peak temperatures 
(Figure 6). The total reactor length did not change, as 100 mm catalyst zone was traded with 
100 mm preheating zone. However, preheating improves operation stability especially in 
flexibly operated systems as the kick-off temperature can be held no matter the pressure and 
volume flow. 

Coolant temperature and velocity are important design parameters. The oil velocity should be 
chosen to match the necessary heat removal rate defined by the heat transfer at the wall-
coolant interface under consideration of the chosen temperature value. As shown in Figure 15 
and Figure 16, a wall-coolant heat transfer coefficient above 2000 W m-2 K-1 should be aimed 
for. The cooling temperature should be chosen in the range of 250-350 °C, depending on the 
aimed output concentration, input concentration and pressure.  

One important parameter, which was not changed in the course of this thesis, is the hydrogen 
excess, as its effect is quite clear. Higher H2 excess above the stoichiometric minimum amount 
has several beneficial effects to the methanation process. More hydrogen improves 
thermodynamics, kinetics, carbon deposition prevention and thermal management, as more 
ballast gas increases velocity and heat capacity flow leading to lower temperatures. However, 
already a small excess in the feed leads to a significant concentration in the dry product gas 
due to the volume reducing methanation reaction. From Co-SOEC syngas feed with about 3 
% excess of H2 a dry product concentration of 9 vol.-% H2 and 91 vol.-% CH4 is formed at 100 
% conversion. To enable direct grid injection without downstream H2 removal, the H2 feed 



Chapter 4 - Summary and Discussion 122 

   

concentration should be chosen accordingly. In Austria and in most European countries the 
maximum H2 concentration for grid injection is currently 10 vol.-%. [46,77–79] 

Under consideration of the aforementioned design recommendations an example design for 
Co-SOEC syngas based on Meth134 catalyst and thermal-oil cooling was conducted. For the 
highly reactive feed gas a sweet spot at high gas input capacity of 100 000 h-1 was found for a 
10 mm reactor diameter, a reactor length of 300 mm and 4 bar pressure, as presented in paper 
I. The particular aim of keeping 510 °C of maximum catalyst temperature at maximum capacity 
was almost reached with 513 °C temperature peak in this design example. The input 
parameters led to 80.4 % conversion and a pressure loss of 0.3 bar. It is not possible to conduct 
single stage methanation with a fixed bed oil-cooled methanation reactor with applicable tube 
diameters if only 510 °C maximum temperature is allowed. 

If a high-temperature compatible catalyst was used with a maximum temperature of 630 °C 
and the focus is not on high capacity but on single stage methanation of Co-SOEC the optimum 
reactor design looks different. It is possible to achieve 99.9 % COx conversion in a single 14 
mm diameter reactor at 2.5 m length for 4.4 bar pressure as shown in Figure 22. However, this 
equals only 5000 h-1 catalyst load, hence 20 times more catalyst is necessary compared to the 
first reactor stage example at 100 000 h-1.  

 

Figure 22: Axial profiles of modelled temperature (left) and molar fractions (right) of a single 
stage reactor with 14 mm diameter and 2500 mm length with oil-cooled reactor at 340 °C input 
temperature including indication of kinetic limitation for CO methanation and WGS reaction by 
grey background (left) and equilibrium concentration (right) (COx conversions, Reynolds 
numbers, heat transfer coefficients and maximum temperature (blue ‘x’-marking) included). 

These results are based on modelling results of the developed 1D PFR model. For CO2 
methanation and especially biogas methanation the reactor diameter can be larger, because 
the feed gas is initially less reactive, meaning less heat is produced per catalyst volume and 
the radial heat transport can be lower. The 1D reactor model presented in Paper II is capable 
of simulating all kinds of feed gases, operation and design conditions. Therefore, it can be 
used as a reactor design tool, if the above rules are applied. Sweet-spot reactor designs over 
a wide field of parameter settings can be achieved by the model, however results should be 
experimentally verified for CO2 methanation and Co-SOEC syngas. The design can be 



Chapter 4 - Summary and Discussion 123 

   

optimized based on the feed gas or externally predefined pressure requirements of a 
methanation application, but also can prioritize capacity over high output concentration or vice 
versa. For Co-SOEC syngas methanation almost full conversion cannot be achieved with fixed 
beds in a single reactor within the boundary limits presented above, if the maximum catalyst 
temperature is 510 °C. For CO2 methanation almost complete conversion of CO2 to meet the 
grid injection requirements in Austria in one reactor stage is possible. Full conversion in the 
first reactor may be preferred in terms of investment and operational costs over high capacities, 
since this would completely spare the necessity of intermediate cooling and a second reactor 
stage. 

4.5 Answer to research question 5: What are potential efficiency 
enhancements of a combined Co-SOEC and methanation 
plant? 

After the discussion of how a reactor can be optimized based on operation parameters and 
dimensions to maximize specific performance goals, the aspect of combining several reactor 
stages and upstream electrolysis should be addressed too. The combination of an electrolyzer 
and a methanation system must be carefully coordinated to achieve the highest possible 
efficiencies of the overall plant. In particular, a (Co-)SOEC pairs very well with a methanation 
system because the excess heat generated during methanation can be utilized to preheat the 
feed for the (Co-)SOEC. The heat produced during methanation is sufficient to vaporize the 
water required for the Co-SOEC feed. 

Furthermore, compressing the feed gases for methanation, such as CO and H2, to achieve 
higher methanation pressure can be expensive. One solution to reduce investment and 
operational costs for a combined electrolysis and methanation system is to use pressurized 
electrolyzers. Pressurized alkaline electrolyzers [80,81] and pressurized PEM (Proton 
Exchange Membrane) electrolyzers [82] allow for the compression of water (and CO2) instead 
of H2 (and CO). Results for (Co-)SOEC in a pressurized environment have been promising. 
[83–86] 

If an increase in pressure downstream of the electrolyzer is required, as is the case for state-
of-the-art Co-SOEC, a dual pressure stage for the methanation process can be employed to 
minimize the overall energy consumption as shown in Figure 23.  
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5 Conclusion  
Methanation is the sole technology capable of converting renewable electrical energy into a 
gaseous energy carrier that can be transported and stored within our current energy 
infrastructure. This thesis endeavours to make a meaningful contribution to the development 
of highly flexible, high-capacity and low-complexity methanation systems. These systems are 
essential for producing low-cost green synthetic natural gas (SNG), which is crucial for meeting 
our industrial CO2 emission reduction goals. 

The complexity of catalytic methanation was accurately described by Neubert [45] as the 
trilemma of methanation. Contradicting limitations by kinetics and thermodynamics have to be 
overcome in a simple and cost-effective reactor. With this thesis an approach is proposed on 
how multi-tubular methanation reactors can be designed to overcome this trilemma of 
methanation. The list of important design and operation parameters for methanation is long 
and their interdependencies are complicated. However, a parameter sweet spot leading to high 
performance in simple oil-cooled tubular fixed beds is possible. In this thesis the main 
questions on how to overcome most relevant limitations and design a very well performing 
catalytic methanation reactor were answered. The focus of this work lies on CO/CO2 as 
methanation feed, such as syngas product from a Co-SOEC, but the outlined design rules are 
qualitatively also applicable to other carbon containing sources, such as concentrated CO2 or 
biogas.  

Based on an iterative method including a combination of reactor modelling and experimental 
investigation in a lab-scale test plant the limitations of methanation reactors were identified. 
The most crucial performance limitations relate from thermodynamics, effective kinetics 
(intrinsic kinetics, gas-catalyst mass transfer), heat removal properties (inter-bed, bed-wall and 
wall-coolant heat transport, cooling temperature and velocity), carbon deposition, catalyst 
sintering and at very high capacities also pressure loss.  

Subsequently, all the interdependencies of design and process parameters with the identified 
limiting physical phenomena were determined. Most importantly, the turbulence, hence the 
gas velocity, within the catalyst bed affects any heat and mass transfer. High gas velocity has 
a beneficial effect for most physical phenomena, whereas it also decreases COx conversion 
and increases pressure loss. In addition, catalyst and reactor design parameters combined 
with temperature, pressure and gas concentration are essential to steer the performance of 
the reactor. 

The most important feedback of the reactor performance is the axial temperature curve formed 
during operation within the catalyst bed. The axial temperature profile can be easily measured 
and compared to modelling data. It allows assessing limitations of a given setup and enables 
to conclude what measure have to be taken to improve reactor performance.  

Based on the axial temperature profile, six fundamental principles were derived to guide the 
design of an optimally performing reactor:  

1. Input temperature: Appr. >250-300 °C to ensure reaction kick-off temperature 
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2. The maximum catalyst temperature should be kept approximately at 500-600 °C to avoid 
catalyst sintering, which necessitates active cooling. 

3. Operate only slightly below the maximum catalyst temperature at the temperature peak to 
maximize reaction rates  

4. Intensive cooling and temperature reduction downstream of the temperature peak are 
important to reduce highly probable thermodynamic limitation (inner and outer radial heat 
transfer relevant) 

5. Cooling temperatures should be aimed at 270-320 °C to avoid kinetic limitation in the rear 
section of the reactor (optimum: neither thermodynamic limitation, nor kinetic limitation occurs) 

6. Finally, the output reactor temperature must be settled around 300 °C to ensure favourable 
thermodynamic conditions for high output methane concentrations.  

The exact values of the mentioned temperature ranges depend on input concentration, 
pressure, catalyst type and targeted output concentration. Adhering to these six principles 
enables the attainment of high reaction kinetics, prevention of catalyst degradation, mitigation 
of thermodynamic limitations, and the elimination of carbon deposition. Adjustment of the 
comprehensively discussed design and operational parameters allow the shaping of the 
temperature curve. Above all, varying the diameter of the reactor pipe remains the most 
effective method to enhance methanation performance and increase the specific reactor 
capacity. Additionally, factors such as the input gas volume flow and reactor pressure play a 
crucial role in shaping the ideal temperature profile. 

Finally, the process arrangement and integration of a complete power to gas unit, consisting 
of electrolyzer, methanation, compressor and gas post-processing is crucial for high overall 
energy efficiency. The combination of (Co-)SOEC and methanation is highly beneficial, 
because excess heat from the methanation system can be reused to preheat the SOEC feed 
and reduce electric energy demand. Furthermore, the methanation reactor can be designed 
for low-pressure operation, which makes a combination with slightly pressurized electrolysers 
very attractive. Alternatively, dual pressure levels with intermediate compression between first 
and second methanation reactor stage allows the reduction of the compression power by up 
to 42 %.  

Nevertheless, there remains untapped potential in achieving cost-effective renewable SNG by 
leveraging high-capacity and flexible methanation reactors. Monolithic catalysts with high 
radial heat conductivity could enable the utilization of larger reactor diameters. Moreover, 
employing high-temperature sustaining catalysts could lead to increased reaction rates 
allowing single stage methanation with only downstream steam removal and direct grid 
injection. Both of these catalyst advancements have the potential to raise the specific capacity 
of reactors, subsequently reducing reactor costs. Furthermore, proper reactor dimensioning 
can also enable the full methanation of biogas or CO2 methanation in fixed beds with thermal 
oil-cooling, including the direct injection of the methanation product into the gas grid. The 
developed 1D model can serve as a valuable tool for designing optimal reactor and cooling 
dimensions.  
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The goal of this thesis, which is to contribute to the decarbonization of the current energy 
system by designing cost-effective, high-capacity catalytic methanation reactors with an 
emphasis on CO/CO2 containing feed gases, has been accomplished. Nevertheless, there is 
still much more to discover and understand in this field.  
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Abbreviations 
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CO2M   CO2 methanation 

GHSV   Gas hourly space velocity 
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WGS   Water gas shift reaction 

 

Symbols 𝐴 Area 𝑚ଶ 𝑐௜ Concentration of component 𝑖 𝑚𝑜𝑙 𝑚ିଷ 𝑐௣ Heat capacity 𝐽 𝑘𝑔ିଵ 𝐾ିଵ 𝐷 ௜ Diffusion coefficient of component 𝑖 𝑚ଶ 𝑠ିଵ 𝑑 Diameter 𝑚 𝑑௣௔௥௧௜௖௟௘ Particle diameter of catalyst 𝑚 Δ𝐻ோ Enthalpy of reaction 𝐽 𝑚𝑜𝑙ିଵ 𝑗 Mass or heat flow variable 𝑚𝑜𝑙 𝑚ିଶ𝑚ିଵ 𝑜𝑟   𝑊 𝑚ିଶ𝑚ିଵ 𝐾ଵ, 𝐾ଶ Coefficient of Λ௥(𝑟)-model  − 𝐾௜ Adsorption constant of component 𝑖  differs 𝑘௝ Reaction rate coefficient of reaction 𝑗  differs 𝑘 Overall heat transfer coefficient 𝑊 𝑚ିଶ 𝐾ିଵ L Reactor Length 𝑚 M Molar mass 𝑘𝑔 𝑚𝑜𝑙ିଵ 𝑚̇௜ Mass flow of species i 𝑘𝑔 𝑠ିଵ 𝑛̇௜ Molar flow of species i 𝑚𝑜𝑙 𝑠ିଵ 𝑛௝ Reaction order of reaction j − 
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p Pressure 𝑃𝑎 𝑄̇ Heat flow  𝑊 𝑞 Heat flow (volumetric) density 𝑊 𝑚ିଷ 𝑟 Control variable of reactor radius 𝑚 𝑟௝ Reaction rate of reaction j 𝑚𝑜𝑙 𝑘𝑔௖௔௧ିଵ  𝑠ିଵ 𝑟௏ Volumetric reaction rate 𝑚𝑜𝑙 𝑚௖௔௧ିଷ  𝑠ିଵ 𝑅 Radius of reactor or ideal gas constant 𝑚 𝑜𝑟 𝐽 𝑚𝑜𝑙ିଵ 𝐾ିଵ 𝑅𝑒଴,௣ Particle Reynolds number with superficial velocity − 𝑅𝑒௣ Particle Reynolds number with “operating” velocity − 𝑆𝑐 Schmidt number − 𝑆ℎ Sherwood number − 𝑇 Temperature 𝐾 𝑡 Time 𝑠 𝑉̇ Volume flow 𝑚ଷ 𝑠ିଵ 𝑉௥௘௔௖௧௢௥ Reactor volume 𝑚ଷ 𝑤 Velocity 𝑚 𝑠ିଵ 𝛼 Heat transfer coefficient 𝑊 𝑚ିଶ 𝐾ିଵ 𝛽 Mass transfer coefficient 𝑚𝑜𝑙 𝑚ିଶ 𝐾ିଵ Γ State variable − 𝜀 Porosity − 𝜂 Dynamic viscosity / effectiveness factor 𝑃𝑎 𝑠 𝑜𝑟 − 𝜆 Heat conductivity 𝑊 𝑚ିଵ 𝐾ିଵ Λ௥(𝑟) Effective fixed bed heat conductivity as function of 
radial position r 

𝑊 𝑚ିଵ 𝐾ିଵ 𝜈௜௝ Stoichiometric factor of component 𝑖 of reaction 𝑗 − 𝜌 Density 𝑘𝑔 𝑚ିଷ τ௖௔௧ Tortuosity of catalyst − Φ Thiele modulus − 
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Subscripts and superscripts 𝑎𝑖𝑟 Ambient air 𝑏𝑒𝑑 Fixed bed 𝑏𝑒𝑑 − 𝑜𝑖𝑙 From fixed bed to coolant oil 𝑏𝑒𝑑 − 𝑤𝑎𝑙𝑙 From fixed bed to pipe wall 𝑐𝑎𝑡 Catalyst 𝑐𝑜𝑛𝑣 Convection 𝑐𝑜𝑛𝑑 Conduction 𝑐𝑜𝑜𝑙 Cooling 𝑑𝑖𝑓𝑓 Diffusion 𝑒𝑓𝑓 Effective 𝑔𝑎𝑠 Gas ℎ𝑒𝑎𝑡 𝑐𝑜𝑛𝑣 Heat convection 𝑖 Index of gas component or at the inside of the pipe 𝑖𝑛 Input 𝑖𝑛𝑡𝑟 Intrinsic 𝑗 Index of reaction 𝑘𝑛𝑢 Knudson (diffusion) 𝑙𝑎𝑡 Lateral 𝑙ℎℎ𝑤 Langmuir Hinshelwood Hougen Watson 𝑙𝑜𝑛𝑔 Longitudinal 𝑚 Molecular or mean 𝑚𝑖𝑥 Mixture (diffusion coefficient of component 𝑖 in gas mixture) 𝑚𝑡 Mass transfer 𝑜 At the outside of the pipe 𝑜𝑝. Operation condition 
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𝑜𝑢𝑡 Output 𝑜𝑖𝑙 Oil 𝑝 Particle 𝑝𝑜𝑟𝑒 Pore 𝑟 Reactor (pipe) or radial 𝑟𝑎𝑑𝑖𝑎𝑡𝑖𝑜𝑛 Radiation 𝑠𝑜𝑙𝑖𝑑 Solid fraction without pores 𝑠𝑡𝑒𝑒𝑙 Steel 𝑆𝑇𝑃 Standard temperature and pressure conditions 𝑠𝑢𝑝 Superficial (velocity) 𝑉 Volumetric 𝑤𝑎𝑙𝑙 (𝑜𝑟 𝑤) Reactor wall 𝑤𝑎𝑙𝑙 − 𝑎𝑖𝑟 From piping wall to ambient air 

 



Chapter 0 - Figures 138 

   

Figures 
Figure 1: Yearly global surface temperature (bars) and atmospheric carbon dioxide (grey 

line) (1850-2022) [2] ....................................................................................................... 3 

Figure 2: Trilemma of decentralized methanation by Neubert [45] ......................................... 6 

Figure 3: Heat and mass transfer phenomena in fixed beds taken from [54] ........................40 

Figure 4: 7 steps of heterogeneous gas catalysis (reproduced based on [62]) .....................45 

Figure 5: Reactant concentration profile as a consequence of rate determining phenomenon 
(reproduced based on [61]) ...........................................................................................46 

Figure 6: Performance comparison based on experimentally found (bars) and modelled (‘x’-
markings) COx conversion and modelled maximum temperature (‘▲’-markings) of three 
reactors with 14 mm diameter (840 mm naturally cooled reactor 1, 700 mm oil-cooled 
reactor 2 and 600 mm oil-cooled reactor 3) and a reactor with 80 mm diameter (50 mm 
naturally cooled catalyst zone) [8] in dependency of GHSV and pressure. .................. 102 

Figure 7: Experiment-model-comparison of axial temperature profiles for a lab-scale packed 
bed methanation reactor at 4000 h-1 GHSV and Co-SOEC syngas feed ..................... 103 

Figure 8: Radial temperature profiles of an 80 mm diameter fixed bed reactor at the catalyst 
zone inlet (0.1 m reactor height), center (0.125 m reactor height) and outlet (0.15 m 
reactor height) of solid, gas and wall based on the 2D reactor model for a pressure of 
8.03 bar and GHSV of 4000 h-1 ................................................................................... 104 

Figure 9: Equilibrium composition of Co-SOEC syngas in dependence of temperature and 
pressure based on Co-SOEC syngas composition with 3% hydrogen excess (76.8 vol.-
% H2, 18.3 vol.-% CO and 4.9 vol.-% CO2) .................................................................. 105 

Figure 10: Catalytic efficiency (left ordinate) from a power law, a Langmuir-Hinshelwood-
Houghen-Watson and new approximation approaches along with catalyst temperature 
(right ordinate) over the reactor height in the central reactor axis at 4000 h-1 and 8 bar in 
a 80 mm diameter 50 mm length reactors including a closer look (red frame) with higher 
resolution of the catalyst zone in the right diagram ...................................................... 106 

Figure 11: Catalytic efficiency (left ordinate) from a power law approach along with 
temperature (right ordinate) over the reactor length at 4000 h-1, 1.3 bar and 20000 h-1, 6 
bar in a 14 mm diameter 700 mm length reactor ......................................................... 107 

Figure 12: Ternary carbon-hydrogen-oxygen-proportion diagram including solid carbon 
equilibrium lines at three different temperature-pressure pairs (marked by lines) and the 
position of process gases (marked by red crosses) representing the thermodynamic 
carbon formation property of Co-SOEC syngas. .......................................................... 108 

Figure 13: Overview of performance limiting factors (green) of fixed bed CO/CO2 
methanation and the influential design and operation parameters (yellow) including an 
indication of limitation how to reduce it by ↗ (increase to improve) and ↘ (decrease to 
improve). ..................................................................................................................... 109 



Chapter 0 - Figures 139 

   

Figure 14: Radial porosity distribution of 14 mm and 10 mm diameter reactors based on 
empirical methods by Giese [65] and de Klerk [66] (reactor radius is 0 at the reactor wall)
 .................................................................................................................................... 110 

Figure 15: Axial profiles of modelled (lines) and experimentally determined (‘x’-markings) 
temperature and molar fractions of the 14 mm diameter and 840 mm long naturally 
cooled compared to the 700 mm long actively oil-cooled reactor at 8000 h-1 and 6 bar 
including indication of kinetic limitation for CO methantion and WGS reaction by grey 
background (COx conversions, Reynolds numbers, heat transfer coefficients and 
maximum temperature (blue ‘x’-marking) included). .................................................... 111 

Figure 16: Axial profiles of modelled (lines) and experimentally determined (‘x’-markings) 
temperature (left) and molar fractions (right) of the 14 mm diameter and 700 mm long 
oil- cooled reactor without preheating zone compared to the 600 mm long oil-cooled 
reactor with 100 mm preheating zone at 25000 h-1 and 6 bar including indication of 
kinetic limitation for CO methanation and WGS reaction by grey background (COx 
conversions, Reynolds numbers, heat transfer coefficients and maximum temperature 
(blue ‘x’-marking) included). ........................................................................................ 113 

Figure 17: Inner bed-wall heat transfer coefficient and effective fixed bed heat conductivity 
over superficial input gas velocity for 8000 h-1, 15000 h-1, 20000 h-1 and 25000 h-1 at 6 
bar and for 10 mm, 14 mm and 18 mm reactor diameter at 700 mm catalyst length. ... 115 

Figure 18: Catalyst efficiency for CO methanation (COM) and water gas shift reaction (WGS) 
over superficial input gas velocity for 8000 h-1, 15000 h-1, 20000 h-1 and 25000 h-1 at 6 
bar and for 10 mm, 14 mm and 18 mm reactor diameter at 700 mm catalyst length. ... 116 

Figure 19: Mean radial heat flux equivalent without temperature difference influence 
(Equation 31 and Equation 33) over superficial input gas velocity for 8000 h-1, 15000 h-1, 
20000 h-1 and 25000 h-1 at 6 bar and for 10 mm, 14 mm and 18 mm reactor diameter at 
700 mm catalyst length. .............................................................................................. 117 

Figure 20: COx conversion and maximum temperature over superficial input gas velocity for 
8000 h-1, 15000 h-1, 20000 h-1 and 25000 h-1 at 6 bar and for 10 mm, 14 mm and 18 mm 
reactor diameter at 700 mm catalyst length. ................................................................ 118 

Figure 21: 6 main tasks of temperature control in a catalytic fixed bed methanation reactor 
(idea based on illustration from Neubert [45]) .............................................................. 120 

Figure 22: Axial profiles of modelled temperature (left) and molar fractions (right) of a single 
stage reactor with 14 mm diameter and 2500 mm length with oil-cooled reactor at 340 
°C input temperature including indication of kinetic limitation for CO methanation and 
WGS reaction by grey background (left) and equilibrium concentration (right) (COx 
conversions, Reynolds numbers, heat transfer coefficients and maximum temperature 
(blue ‘x’-marking) included). ........................................................................................ 122 

Figure 23: Optimized process flow diagram of high-temperature co-electrolysis and 
methanation with intermediate compression. ............................................................... 124 



Chapter 0 - Figures 140 

   

 



Chapter 0 - Tables 141 

   

Tables 
Table 1: Structure of the thesis including all publications ....................................................... 9 

Table 2: Overview of heat and mass transport phenomena in chemical reactors..................39 

 



Chapter 0 - Publications 142 

   

Publications 
Articles in peer-reviewed journals 
A. Krammer, A. Medved, M. Peham, P. Wolf-Zöllner, K. Salbrechter, M. Lehner, Dual Pressure 
Level Methanation of Co‐SOEC Syngas, Energy Technol. 202 (2020) 2000746. 
https://doi.org/10.1002/ente.202000746. 

A. Krammer, M. Peham, M. Lehner, 2D heterogeneous model of a polytropic methanation 
reactor, Journal of CO2 Utilization 62 (2022) 102059. 
https://doi.org/10.1016/j.jcou.2022.102059. 

A. Krammer, K. Salbrechter, M. Lehner, High-capacity CO/CO2 methanation reactor design 
strategy based on 1D PFR modelling and experimental investigation, Journal of CO2 Utilization 
80 (2024) 102661. https://doi.org/10.1016/j.jcou.2023.102661. 

Book chapter 
A. Krammer, M. Lehner, Co-solid oxide electrolysis and methanation, in: W. Sitte, R. Merkle 
(Eds.), High-Temperature Electrolysis, IOP Publishing, 2023, pp. 365–390. 

Conference contributions 
A. Medved, A. Krammer, P. Wolf-Zöllner, M. Lehner, 2019. Methanisierung von 
Hochofengichtgas [Methanation of blast furnace gas], oral contribution in: Jahrestreffen der 
ProcessNet-Fachgruppe Energieverfahrenstechnik, Frankfurt, Germany, 07.03.2019. 

A. Krammer, A. Medved, P. Wolf-Zöllner, M. Lehner, Methanation of Co-SOEC syngas - 
Presentation and first resultsof a novel power to gas concept, oral and written contribution 
in: Conference Proceedings of 15th Minisymposium Verfahrenstechnik and 6th Partikelforum, 
Montanuniversitaet Leoben, Austria, 29th-30th April 2019. p. 85, 15th Minisymposium 
Verfahrenstechnik and 6th Partikelforum, Leoben, Austria, 29/04/19. 

A. Krammer, A. Medved, P. Wolf-Zöllner, S. Salbrechter, M. Lehner, 2020. Effizienzsteigerung 
einer katalytischen Methanisierung durch Zwischenverdichtung [Efficiency enhancement of 
catalytic methanation by intermediate compression], oral contribution in: Jahrestreffen der 
ProcessNet-Fachgruppe Energieverfahrenstechnik , Frankfurt, Germany, 04.03.2020. 

P. Wolf-Zöllner, A. Krammer, A. Medved, S. Salbrechter, M. Lehner, 2020. Dynamische 
Methanisierung von Prozessgasen – reale Anwendungsfälle aus der Industrie [Dynamic 
methanation of process gas – real applications from industry], oral contribution in: 
Jahrestreffen der ProcessNet-Fachgruppe Energieverfahrenstechnik , Frankfurt, Germany, 
04.03.2020. 

A. Krammer, P. Wolf-Zöllner, S. Salbrechter, M. Lehner, 2021. Effizienzsteigerung einer 
katalytischen Methanisierung durch Zwischenverdichtung [Efficiency enhancement of catalytic 
methanation by intermediate compression], oral contribution in: NEFI  - New Energy for 
Industry 2021, online, Austria, 2021. 



Chapter 0 - Publications 143 

   

A. Krammer, P. Wolf-Zöllner, S. Salbrechter, M. Lehner, 2021. Effizienzsteigerung einer 
katalytischen Methanisierung durch Zwischenverdichtung [Efficiency enhancement of catalytic 
methanation by intermediate compression], oral contribution in: 5th Nuremberg Workshop 
Methanation and 2nd Generation Fuels, Nuremberg, Austria, 28.5.2021. 

A. Krammer, M. Lehner, 2023. Solution proposal for the “trilemma of methanation” by high-
capacity tube-bundle reactors, oral contribution in: 6th Nuremberg Workshop Methanation 
and 2nd Generation Fuels, Nuremberg, Austria, 17.5.2023 

A. Krammer, S. Salbrechter, M. Lehner, 2023. High-capacity multi-feedstock methanation – 
from model to 20 kW pilot plant (part 1), oral contribution in: 11th International Freiberg 
Conference on Circular Carbon Technologies, Rotterdam, Netherland, 25.9.2023 

 (Co-)Supervised Bachelor’s and Master’s Theses 
Peham M., 2019. Konstruktion einer Versuchsanlage zur katalytischen Reformierung [Design 
of a lab-scale test plant for catalytic reforming], Master‘s Thesis. 

Lindebner M., 2020. Reaktor-Temperaturvermessung zur verbesserten thermischen Analyse 
der katalytischen Methanisierung [Reactor temperature measurement for optimized thermal 
analysis of catalytic methanation], Master‘s Thesis. 

Zawodnik V., 2021. Herstellung und Testung von Wabenkatalysatoren für die Methanisierung 
von kohlenstoffhaltigen Prozessgasen im Labormaßstab [Production and testing of 
honeycomb catalysts for methanation of carbon based process gases in laboratory-scale], 
Master‘s Thesis. 

Khodier T., 2023. Modellierung der katalytischen Methanisierung mit einem Plug-Flow-
Reaktormodell [Modelling of catalytic methanation in a plug-flow-reactor model], Bachelor‘s 
Thesis. 

Kienast P., 2023. Modellierung der Methanisierung von Co-SOEC-Synthesegas in einem Plug-
Flow-Reaktor [Modelling of methanation of Co-SOEC syngas in a plug-flow reactor model], 
Bachelor‘s Thesis. 

Allgäuer R., 2023. Kinetische und thermodynamische Analyse des katalytischen 
Reformierungsprozesses mit Bezug auf eine Versuchsanlage [Kinetic and thermodynamic 
analysis of catalytic reforming], Bachelor‘s Thesis. 

Sorger G., 2023. Wärmetransportevaluierung eines elektrisch geheizten Reformingreaktors 
[Evaluation of an electrically heated reforming reactor], Bachelor‘s Thesis. 

 


	Chapter 15 Co-solid oxide electrolysis and methanation
	15.1 Power-to-Gas as an option for chemical storage of renewable energy
	15.2 The fundamentals of catalytic methanation
	15.2.1 Methanation reactors
	15.2.2 Methanation catalysts
	15.2.3 Methanation kinetics

	15.3 Thermodynamics of catalytic methanation
	15.4 Requirements for the successful methanation of co-SOEC syngas
	15.5 Energetic efficiency and the socioeconomic impact of co-SOEC syngas methanation
	15.6 Promising plant designs for efficient SNG production
	15.7 Concluding remarks
	 References

	2D heterogeneous model of a polytropic methanation reactor
	1 Introduction
	2 Model design
	2.1 Model geometry and packed bed characteristics
	2.2 Determination of pressure and velocity fields from mass and momentum equations
	2.3 Determination of species concentrations from mass transport phenomena
	2.4 Determination of the temperature from heat balance equations
	2.5 Determination of reaction rates based on LHHW kinetic approach and catalyst efficiency
	2.6 Determination of thermodynamic and transport properties

	3 Experimental
	4 Results and Discussion
	5 Conclusions and Outlook
	CRediT authorship contribution statement
	Declaration of Competing Interest
	Acknowledgment
	Appendix
	References

	High-capacity CO/CO2 methanation reactor design strategy based on 1D PFR modelling and experimental investigation
	1 Introduction
	2 Method
	3 Model
	4 Results and discussion
	5 Design strategy for high-capacity methanation systems
	6 Conclusion
	CRediT authorship contribution statement
	Declaration of Competing Interest
	Data availability
	Acknowledgement
	Appendix
	A – Adaption of kinetic model by Rönsch [34]
	B – Comparison of 14 mm and 10 mm diameter reactors at 100,000 h-1 and 4 bar
	C – Packed bed quality and flow characteristics assessment in 14 mm tubular reactors
	D – Thermodynamic limitation analysis based on driving force
	E – Equilibrium condition assessment at reactor outlet

	References

	Dual Pressure Level Methanation of Co-SOEC Syngas
	1. Introduction
	2. Process Design
	3. Experimental Section
	4. Results
	4.1. Single Pressure Level Scenario at 4000&thinsp;h-1
	4.2. Dual Pressure Level Scenario at 4000&thinsp;h-1
	4.3. Single Pressure Level Scenario at 6000&thinsp;h-1
	4.4. Dual Pressure Level Scenario at 6000&thinsp;h-1

	5. Conclusions


